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PREFACE 


This book is about the application of scientific principles and 
engineering experience to chemical processing. Major 
chemical engineering operations are organized under the 
principles of analysis in order to facilitate the consideration 
of new technologies from a chemical engineering point of 
view. 

New applications have emerged in chemical engineer- 
ing practice. Microchemical systems, for example, 
require attention to design parameters not important at 
larger scales. The shift from commodity chemicals to 
chemical products by many smaller companies is creating 
a demand for chemical engineers with a broader view of 
design than the traditional capstone design experience 
(Cussler and Moggridge, 2001). Biocatalysis and the 
chiral technology industry call for the support of under- 
graduate curricula. Opportunities for the chemical engi- 
neering graduate in the development of medical devices 
and drug manufacture call for more emphasis on the life 
sciences and physiology. 

There is therefore a call to introduce a degree of flexibility 
into traditional undergraduate chemical engineering 
curricula for those who wish to serve a broader industrial 
base. An alternative is to concentrate the basic chemical 
engineering training in a minimal core designed to secure 
the distinguishing technical character of the chemical engi- 
neer and to provide the ground both for further specialization 
in traditional chemical engineering and for coherent studies 
in other areas. The minimization decisions regarding the 
required topics and the depth of coverage are local decisions 
that reflect the mission of the program. 

This text can support such a local decision process as a 
consolidation of normally separate courses in material and 
energy balances, transport phenomena, reactor design, and 
separations. While not a replacement for these courses, it is 


a functional treatment of the underlying skills that charac- 
terize them. The selection of major operations reflects the 
intention of establishing a minimum competency level 
required to be differentiated as a chemical engineer in an 
undergraduate engineering curriculum. 

Although the book is primarily meant for chemical 
engineering undergraduates, it may be appropriate for con- 
version programs designed to prepare graduates of other 
engineering and science programs for matriculation in 
chemical engineering master’s programs. 

Graduate engineers in both academic and industrial posi- 
tions may find it convenient to have a single resource with 
wide coverage. 

CONTENT 

The principles referred to above consist of the conservation 
of mass, energy, and momentum at the macroscopic and 
microscopic levels as well as the principle of the increase of 
entropy and characterization of equilibrium states by equi- 
librium thermodynamics. The production of entropy pro- 
vides an important measure of process efficiency and 
underpins the conservation laws by providing a theoretical 
foundation for the nonconvective flows. In addition, the 
balance equations and equilibrium relations are used to 
develop models of the chemical process operations from 
the rate or equilibrium stage point of view, respectively. 
Efficiency is a link between the two. 

The chemical engineering operations that are discussed in 
the text are as follows: 

• Separators 

• Heat exchangers. 
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Organization. 


A process flow diagram for the manufacture of acrylic 
acid is presented at the outset and used for an introduction 
to chemical processing and equipment. Reference to the 
acrylic acid process is continued thereafter for presentation 
of new material in a process context. Example calculations 
in the text are compared with simulator results pertaining to 
equipment sizes and operating conditions in the acrylic acid 
plant. 

Heuristics are regarded as fundamental tools and are 
stated extensively. They are used in calculations and are 
compared with some independent calculations. Degrees of 
freedom are employed throughout the earlier sections of the 
book. 

Process control, economics, and safety are not included. 

ORGANIZATION 

Two major divisions of the subject matter in the text are 
made on the basis of a macroscopic and a microscopic view: 
The balance equations for mass, energy, momentum, and 
entropy are applied at the macroscopic level confined to the 
equipment ports, through completely mixed and staged 
systems to the continuous variations within equipment 
(see Organization). 

The “macroscopic view” ensures the conservation of 
mass, energy, and momentum at the equipment and process 
levels with consideration only of the conditions at the 
entrances and exits of the process equipment. The exception 
is completely mixed systems where the uniform interior 
conditions appear at the outlet. The macroscopic view is 
taken at the level of process synthesis where the conditions 
are consistently set for each processing step to establish the 


overall process design and economics. The microscopic 
view is subsequently adopted to arrive at the detailed design 
of the processing equipment and the final economics. This 
viewpoint can provide conditions at every location within 
the equipment boundaries. For multistaged systems consist- 
ing of completely mixed subsystems, the conditions vary 
stepwise throughout the equipment. The microscopic view 
ensures the local conservation of mass, energy, and momen- 
tum. The macroscopic view is therefore the net effect of this 
local role, which can be seen by integration over the system 
volume, thereby “closing the circle.” 

CALCULATIONS 

Many examples are provided within the chapters throughout 
the text to elucidate the discussion. Two process-related 
threads are carried through the examples (see Tables 1.7 and 
1.8) in order to provide a broad process perspective for the 
calculations. Questions for discussion and encouragement to 
complete the argument or calculation appear periodically. A 
variety of problems are suggested at the end of chapters in 
order to initiate the problem-solving activity as a learning 
tool and to provide experience with scientific and engineer- 
ing databases. The collection can be augmented to meet 
specific course objectives or a desired orientation without 
modifications to the chapters. 

Scientific Notebook (MacKichan Software) and Micro- 
soft Excel are primarily used in the example calculations. 
Scientific Notebook was chosen because the students who 
used the notes had prior experience with this software in 
their mathematics courses and they preferred this software 
over others that were available to them. Moreover, this 
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software is particularly compatible with the notation used 
throughout this book. 

Excel was used because the ease with which objects could 
be moved on graphs, the magnification options, and the 
ability to construct multifunctional plots greatly facilitated 
stepping off stages and other graphical constructions. The 


tabular formulation of recursive calculations is readily 
accomplished in Excel. 

Some experience with the use of this software in an 
introductory course is available in DeLancey (1999). 

George DeLancey 
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CHEMICAL PROCESS PERSPECTIVE 


The objective of this chapter is to provide an introduction to 
chemical processing and chemical processing equipment 
and to establish a realistic context for much of the more 
quantitative developments of the same topics appearing in 
the remaining chapters. A preliminary design of an acrylic 
acid process (Turton et al., 2003) with a complete flow sheet 
and stream table provides this context. A connected set of 
examples and exercises concerned with equipment sizing, 
material and energy balances, or stream and operating 
conditions threaded throughout the text are related to the 
acrylic acid process. The location and nature of these 
examples are summarized in Table 1.7. 

Catalytic aspects of chemical processing are raised in the 
acrylic acid process and in biocatalytic systems with an 
introduction to enzyme catalysis. Industrial biotransforma- 
tions are discussed and the production of hexyl glucoside is 
selected to provide the context for a second connected thread 
of examples and exercises throughout the text. In contrast to 
the acrylic acid thread, this selection is based on a proposed 
new process with much less information. The examples are 
therefore in the categories of scale up and process develop- 
ment. The location and nature of the examples in the 
subsequent chapters are summarized in Table 1.8. 

1.1 SOME BASIC CONCEPTS IN CHEMICAL 
PROCESSING 

It will be useful in the following discussion to have in mind 
what is meant by equilibrium, the steady state, and driving 
force. These ideas primarily underpin the steps in chemical 


processing and fall into the three thermodynamic categories: 
thermal, chemical, and mechanical. The first two categories 
are discussed below. The third is left to the reader (see 
Problem 1.1). 

Thermal Refer to Figure 1.1a. Here we imagine that two 
fluids not necessarily of the same phase are introduced into 
the two chambers of a rigid insulated container with 
impermeable walls. The two chambers are separated by 
a rigid dimensionless barrier (to allow the transfer of heat 
without mass transfer) and the fluids fill the two mixed 
chambers. The temperature of the hot fluid (A) will 
decrease and the temperature of the cold fluid (B) will 
increase, each approaching the same temperature at the 
equilibrium state. 

If, on the other hand, the fluids are drawn at the same rate 
they are fed, they will reach a steady-state temperature that 
is constant throughout each phase except for a narrow region 
near the dimensionless diathermal wall where the tempera- 
ture decreases continuously from the high to the low value. 
The same equilibrium temperature is approached from either 
side of the interface. The two phases are prevented from 
reaching the intermediate state by the continual replacement 
and removal of the transferred energy. 

If the flows are stopped, the system will equilibrate as in 
Figure 1.1a. We therefore think of the steady state being 
subjected to a driving force proportional to the distance 
from equilibrium as in Figure 1.1c where the flux of thermal 
energy is the response to the force. Since each approaches 
zero together, we take the linear approximation that the flux 
is proportional to the force. 
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FIGURE 1.1 Rate and equilibrium in thermal processes. 


We can focus on one phase and think of the driving force 
as the distance from the equilibrium value or we can think of 
the overall driving force as the difference between the 
phase temperatures. Both driving forces refer to the same 
flow of energy at steady state and each approaches zero at 
equilibrium. 

Chemical — Unreactive Reaction Refer to Figure 1.2a. 
We again consider an insulated container with rigid 
impermeable walls. Here we charge the container with 
two immiscible liquid phases containing components that 
are partially soluble in both phases. We will assume for 
simplicity that the dissolution process of any one of the 
components in either phase involves no heat effect. Other- 
wise we would need to repeat the “thermal” discussion. We 
also assume that no reactions take place. Chemical reactions 
will be discussed separately. 

Similar to the temperature in thermal phenomena, the 
concentration of each species will increase or decrease 
until a steady value is reached in each phase. This is a 
state of interphase chemical equilibrium. A fundamental 


difference from the thermal case is that the values are not the 
same in each phase. Whereas the potential for the transfer of 
thermal energy is the temperature, thermodynamics tells us 
that the chemical potential is a function of the temperature, 
pressure, and composition in each phase. 

If, as above, the fluids are withdrawn at the same rate they 
are fed, the concentrations will reach steady-state values that 
are constant throughout each phase, except for a narrow 
region near the dimensionless open barrier where the con- 
centrations change stepwise to the vales in the companion 
phase. 

If the flows are stopped, the system will equilibrate as in 
Figure 1.2a. We therefore think of the steady state being 
subjected to a driving force proportional to the distance 
from equilibrium as in Figure 1 .2c where the flux of mass is 
the response to the force. Since each approaches zero 
together, we take the linear approximation that the flux of 
mass is proportional to the driving force. 

We can focus on one phase and think of the driving force 
as the distance from the equilibrium value for that phase or 
we can think of the overall driving force as the difference 
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FIGURE 1.2 Rates and equilibrium in chemical processes — interphase phenomena. 
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FIGURE 1.3 Reaction rates and equilibrium. 


between the phase compositions. Since the interphase equi- 
librium compositions are not the same, the overall driving 
force will need to be modified slightly to assure that the rate 
is the same as that calculated in either phase. 

Chemical — Single Ideal Gas-Phase Reaction The case of 
chemical reaction equilibrium is a bit more complicated in 
that reaction equilibrium is characterized by the chemical 
affinity, a linear combination of the chemical potentials 
mentioned in the preceding paragraph. We can, however, 
arrive at reaction kinetics, which are at least qualitatively 
correct and sufficient to understand some basic behavior of 
chemical reactors. We will consider a single ideal gas-phase 
reaction for which thermodynamics tells us that the ratio K 
in Figure 1.3a has a specific value at equilibrium K eq (T). 

We again consider a container with rigid impermeable 
walls. Here we take the walls to be diathermal in order to 
begin and end the reaction process at the same temperature. 
We charge the container with a reactive ideal gas mixture. 
The value of K will increase as shown in Figure 1.3a until the 
equilibrium value is attained after which no further change 
will take place. This is the intraphase chemical equili- 
brium condition. For irreversible reactions, the value of K is 
extraordinarily large. 

If gases are withdrawn at the same rate they are fed as 
illustrated in Figure 1.3b, the products will be prevented 
from accumulating and therefore the value of K eq will be 
prevented from being reached. The concentrations T and P 
will reach steady-state values that are constant throughout. 
If the flows are stopped, the system will equilibrate as in 
Figure 1.3a. We therefore think of the steady state being 
subjected to a driving force proportional to the distance 
from equilibrium as in Figure 1.3c where the rate of reaction 
is the response to the force. Since each approaches zero 
together, we take the linear approximation that the flux of 
mass is proportional to the driving force. The result shown in 
Figure 1.3c is the law of mass action. 


1.2 ACRYLIC ACID PRODUCTION 

Figure 1 .4 is a process flow diagram of a continuous process 
for the manufacture of 50,000 metric ton/year of 99.9 mol% 
acrylic acid from a one-step oxidation of propylene. One 
reactor is therefore used, which stands in contrast to the 
commonly used dual reactor system. The process is based 
upon the 1986 AIChE Student Contest Problem. The process 
conditions and equipment sizes are reported by Turton et al. 
(2003). 

There are a number of commercial software packages 
that are known to produce accurate designs of chemical 
processes in the hands of experienced engineers (Aspen 
Plus, Aspen Hysys, Chemcad, etc.). Turton et al. (2003) 
used Chemcad and expected the results to represent a 
preliminary process design. We will use the calculated 
results as if they were actual plant data. Actual plant data at 
this level of detail are neither available nor needed in light 
of the sophistication of the software to gain a familiarity 
with process concepts as well as equipment and basic ideas 
in chemical engineering analysis and design. However, any 
comparisons of approximate calculations with these cal- 
culations are comparisons with more rigorous calculation 
procedures, not actual data. 

Continuous processes are common in the chemical indus- 
try where such products as organic chemicals, plastics, and 
solvents are produced in large quantities to meet market 
demands. These products are referred to as bulk or com- 
modity chemicals. Batch processes on the other hand are 
commonly used by the pharmaceutical industry to produce 
a wide variety, but small amounts, of pharmaceuticals. 
These products fall under the category of fine chemicals. 
Semicontinuous process is the combination of batch and 
continuous processing, in which the chemical state of one or 
more chemical compounds is altered stepwise toward a well- 
defined target. A process flow diagram (PFD) is a schematic 
representation of the process. 
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FIGURE 1.4 Process flow diagram for acrylic acid production plant (Turton et al., 2003). Reprinted 
with permission of Pearson. 


In a chemical process, material is moved in streams by 
mechanical devices such as pumps and compressors from 
one process unit to another. A summary of the schematic 
representations of these items is given in Figure 1 .4. 

The streams are connected to the process units by pipes 
and ducts for fluids and by screw or belt conveyors in the 
case of solids, for example. The process units perform 
operations on the content of the streams to change their 
temperature, pressure, phase, and/or composition. These 
units are often referred to as unit operations and are carefully 
configured by the chemical engineer to transform raw 
materials into the desired products, economically and safely. 
Some units are combinations of unit operations. 

All of these processes consist of a sequence of operations 
in which the process streams begin at raw material storage 
and end with product storage. There are other streams called 
utilities, which are employed by the process units as sources 
or sinks of thermal energy. The supply and regeneration of 
the utility streams may be part of the process or these 
services may be supplied by a separate facility. In the latter 
case, the utility streams arrive and are returned after use to 
the utility site for regeneration. 

We will look more carefully into each of these aspects of 
chemical processing for the production of 50,000 metric ton/ 
year of acrylic acid via the process given in the flow diagram 


(Figure 1.4). Normally, the adopted chemical route is the 
result of an intensive search involving technical, economic, 
and safety considerations. More than one route may be 
simulated to better evaluate the economics of the final 
competitors. A two-step process comprised of the oxidation 
of propylene to acrolein followed by the oxidation of 
acrolein to acrylic acid (Speight, 2002) is the common 
industrial choice. In the present case, the partial oxidation 
of propylene has been selected from other alternative routes 
to acrylic acid, which may be viewed as an alternative 
proposition for a single-step process over a new catalyst. 

c 3 H 6 + ^o 2 ^c : ,h 4 o 2 + h 2 o (1.1) 

An economic view can be initiated at the outset of process 
development by considering only the raw material costs and 
product sales price. The net change for the chemical reaction 
must, of course, be positive or “economically endothermic” 
before the reaction is even considered to be a possibility for 
adoption. Some chemical prices are available in the Chemi- 
cal Market Reporter, available online by subscription. 
Professional publications such as Chemical and Engineering 
News and Chemical Engineering Progress publish limited 
pricing information. In general, there is a cost associated 
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FIGURE 1.5 Propylene versus crude oil spot price: 1993-2003 
( Market Watch, May 2003). Reprinted with permission of Platts 
and Global view. 


We have not considered the full reaction system. The 
main reaction is a accompanied by two undesirable side 
reactions [see Equations (1.2) and (1.3)]: 

C 3 H 6 + — > C 3 H 4 O 2 + H 2 0 + C0 2 ( 1 . 2 ) 

Propylene Acrylic acid 

C 3 H 6 +!|o 2 ->3C0 2 + 3H 2 0 (1.3) 

Propylene 


With some knowledge of the relative extent of the second 
two reactions, we could refine the economic evaluation. The 
second reaction [Equation (1.2)] has some economic com- 
pensation because acetic acid is a salable by-product. The 
third reaction [Equation (1.3)] is a complete liability. 

The reactions are catalyzed by a single catalyst deposited 
on the interior walls of a porous solid support. 


with obtaining chemical prices. Economic studies can also 
be a source of historical pricing. For example, the correlation 
between the price of propylene and the cost of crude oil is 
shown in Figure 1.5. 

These results agree with the data published by TIG 
(http://www.the-innovation-group.com/welcome.htm) for 
propylene, which report a high of $0.225/lb and a low of 
$0. 145/lb over the period from 1994 to 1999. The TIG 
profile for acrylic acid (propenoic acid) reports a high of 
$0.49/lb and a low of $0. 41/lb over the period from 1997 to 
2002. In the economic valuation of a sulfur dioxide genera- 
tion process (Schendel, 1993), the price of oxygen was 
estimated at $35/tonne. 

Based on the conservative side of these figures, we can 
use the following prices to develop an approximate, albeit 
dated, economic evaluation of the partial oxidation of 
propylene as shown in Table 1.1. 

The gross return per lb of propylene is $0,473. This 
means that for a 50,000 metric ton/year production of acrylic 
acid, there is $13,780/h available for all of the costs associ- 
ated with manufacturing the chemicals, such as paying off 
loans, salaries, taxes, shipping, and certainly profit. Can you 
think of other costs? An analysis such as this is an important 
consideration in the selection of a chemical route from 
alternative possibilities. 


1.2.1 Catalysis 

The conversion of reactants to products is often more than 
simply mixing the ingredients. Reactants are, in some 
limited sense, stable raw materials and must pass through 
some reactive intermediate state before the transformation 
to products can take place. A catalyst is a material that 
repeatedly promotes this intermediate condition from a 
renewed initial state with each repetition. The availability 
of a catalyst that, for example, acts only on the desirable 
reaction (chemoselective) and on a particular site within a 
molecule (regioselective) can determine whether or not a 
process is commercialized. Consequently, catalytic pro- 
cesses are common throughout the chemical industry. In 
addition, natural processes in living organisms are replete 
with examples of catalytic systems and chemical engineers 
are learning to use these sophisticated catalysts as a 
resource. 

The action of catalysis in both cases can be simply 
characterized as follows (after Denbigh, 1971). 

Consider the hypothetical reaction 

XY + Z = X+YZ (1.4) 

and refer to Figure 1.6. 


TABLE 1.1 Economic Analysis of Propylene Oxidation 


Species 

Cost ($/lb) 

Molecular Weight 

Cost ($/lb mole) 

Reaction Contribution 

Propylene 

0.2250 

42.081 

9.47 

-9.47 

Oxygen 

0.0175 

16.000 

0.28 

-0.142 

Acrylic acid 

0.4100 

72.065 

29.55 

29.55 

Total lb mole 




$19.94 
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FIGURE 1.6 Potential energy path for a simple reaction. 


Let us suppose that the potential energy of the system can 
be represented in three dimensions associated with distances 
between the reactant and product molecules. Three dimen- 
sions limits the number of atoms involved in the reaction to 
two molecules, say one free (Z) and one (Y) combined with 
others in a reactant (XY). There will be troughs in the 
surface at short atomic distances between the reactant and 
product molecules corresponding to stable molecular con- 
figurations (XY and YZ). Before reaching these troughs, the 
potential energy of the system will pass through very high 
peaks due to the repulsive forces between the reactants. 
These peaks are associated with the formation of molecular 
configuration in a transition state composed of both the 
original and final atoms (XYZ), the original (X) in a state of 
repulsion. The system falls into a trough when the transitory 
intermediates fall into the stable product configurations 
(YZ). The peak represents an energy barrier the system 
must overcome. A catalyst lowers that barrier. 

A catalyst can be present in the same phase as the 
reactants or it may be in a separate phase. The first case, 
referred to as homogeneous catalysis, is found often in 
liquids. For example, the absorption of carbon dioxide 
into carbonate-bicarbonate solutions is catalyzed by arse- 
nite (Danckwerts, 1970). The second case is referred to as 
heterogeneous catalysis where the catalyst is often solid. For 
example, vanadium pentoxide catalyzes the gas-phase oxi- 
dation of sulfur dioxide in sulfuric acid manufacture. Solid 
catalysts are most often supported on porous solids with very 
high internal surface areas, which serve primarily to retain 
the catalyst in the reactor with high availability. An internal 
area of 250 m 2 /g or approximately six football fields/quarter 
pound is common. 

Catalysis accounts for approximately 60% of chemical 
products and 90% of the chemical processes (Vision 2020 
Catalyst Report, 1997). In order to meet environmental 
regulations, for example, the chemical industry must 
desulfurize gas and diesel fuels (Bianchini et al., 2004). 
Much of the sulfur in fossil fuels is contained in thiophenic 
molecules of which benzothiophene (BT) is an example. 



FIGURE 1.7 Hydrogenolysis of benzothiophene (Bianchini 
et al., 2004). 


The hydrogenolysis of BT to 2-ethylthiophenol (ETP) and 
ethylbenzene with an Rh '-polystyrene catalyst is shown in 
Figure 1.7. 

The catalyst is bound to a flexible polystyrene matrix, 
which allows the cooperation between two adjacent metal 
sites, as shown in Figure 1.8. 

Many catalysts in the petrochemical industry are simply 
composed of a metal on a porous support. Figure 1.9 is an 
example of Pt catalyst particles on alumina. Additional 
examples of nonenzymatic commercial catalytic processes 
are shown in Table 1.2. 

Returning now to the acrylic acid process, the raw materi- 
als are propylene and oxygen, which is supplied by air. 

1.2.2 Feed Section — Pumps and Compressors 

Propylene and air are introduced in streams 1 and 3 on the left 
of the flow diagram shown in Figure 1.10. An important and 
ever present concern is safety. In this case, a hydrocarbon is 
present with oxygen, which can lead to ignition or explosive 
conditions. For this reason, steam is introduced in stream 2 in 


Rhl-polystyrene catalyst with two 
adjacent Rh atoms indicated (M) 



FIGURE 1.8 Adjacent metal sites in an Rh'-polystyrene catalyst 
(Bianchini et al., 2004). Reprinted with permission of Elsevier. 


ACRYLIC ACID PRODUCTION 9 



FIGURE 1.9 Stem image (a) and particle size distribution (b) of Pt on A1 2 0 3 (Abhay et al., 2006). 
Reprinted with permission of Elsevier. 


TABLE 1.2 Examples of Commercial Catalysts (Smith, 1981) 


Process 

Typical Catalysts 

Poisons 

Alkylation of hydrocarbons 

H 2 S0 4 (1), HF(1), A1C1 3 + HC1, H 3 P0 5 /kieselguhr 

Substances that reduce acidity 

Hydrocarbon cracking 

Crystalline synthetic Si02-Al 2 0 3 (zeolites) 

Nitrogen compounds, metals (Ni, V, Cu), 
coke deposition 

Chlorination of hydrocarbons 

CuC1 2 /A1 2 0 3 


Dehydration 

y-Al 2 0 3 , Si0 2 -Al 2 0 3 , W0 3 

Coke deposition 

Dehydrogenation 

Cr 2 0 3 /Al 2 0 3 , Fe, Ni, Co. ZnO, Fe 2 0 3 

h 2 o 

Desulfurization of petroleum fractions 

Sulfided Co-Mo/ A1 2 0 3 


Fischer-Tropsch process 

Ni/kieselguhr, Fe + Fe 2 C + Fe 3 0 4 


Hydrogen from naphtha, coal 

Ni/refractory 

Sulfur, arsenic, coke deposition 

Hydrogenation 

Ni/kieselguhr, NiO, Ni-Al (Raney nickel), 

Pt/Al 2 0 3 , Pd/Al 2 0 3 , Ru/A1 2 0 3 

Sulfur, chlorine compounds 

Hydrocracking of coal, heavy oil 

NiS, Co 2 0 3 -Mo 0 3 /A1 2 0 3 , W 2 0 3 , ZnCl 2 


Isomerization 

A1C1 3 + HC1, Pt/Al 2 0 3 


Oxidation, inorganic 

Pt, V 2 0 5 , Rh, CuCl 2 (HC1 to Cl 2 ) 

Arsenic, chlorine compounds 

Oxidation, organic (liquid phase) 

CuCl 2 (aq) + PdCl 2 , Pd/Al 2 0 3 , Co + Cu, acetates 


Oxidation, organic (gas phase) 

V 2 0s/A 1 2 0 3 , Ag-AgO, CuO, bismuth molybdate 


Polymerization 

A1(C 2 H 5 ) 3 , P 2 0 5 /kieselguhr, Mo0 3 -CoO/A 1 2 0 3 , 
Cr0 3 /(Si0 2 > A1 2 0 3 ), TiCl 3 -Al(CH 3 ) 3 

H 2 0, 0 2 , sulfur compounds, CO, C0 2 



parallel with the raw materials. The subsection shown in 
Figure 1.10 is then the primary feed section for the process. 

The two product streams are shown at the end of the 
process on the right of the diagram. 

The introduction of raw materials into the process and in 
fact the movement of all materials through the process 
requires suitable equipment. The movement of solids can 
be accomplished with conveyors. The equipment for gases 
and liquids provides the work required to overcome pressure 
differences. In both cases, the outlet pressure is higher than 
the inlet pressure. Blowers and compressors are used for 
gases and pumps are used for liquids. 

The centrifugal pump is popular for both commercial and 
domestic applications. A centrifugal pump is illustrated in 
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FIGURE 1.11 Centrifugal pump, (a) Vanes in volute casing of 
centrifugal pump. Reprinted with permission of MTH Tool Com- 
pany /MTH Pumps, (b) Standard centrifugal pump with motor. 


Figure 1.11, which includes a cutout side view (b) and an 
annotated picture of an actual installation (c). The liquid 
enters through the nozzle and the eye of the impeller. The 
impeller is composed of cavities formed by spiral-like vanes 
(see Figure 1.11a). The rotating cavities periodically com- 
municate with the discharge nozzle as the impeller rotates 
with the shaft driven by the motor (see Figure 1.11b). The 
liquid is discharged by the accompanying centrifugal force. 
A suction is produced at the eye of the impeller, which 
admits more fluid. Other types of pumps are available to 
meet the demands of pressure head and flow. 

Compressors are used to move gases. A reciprocating 
compressor, illustrated in Figure 1.12, uses the reciprocating 
action of a piston inside a cylinder to move a gas from a low 
to a high pressure. When the piston moves down, gas is 
sucked into the cylinder. When the piston moves upward, the 
intake valve closes and the gas in the cylinder is compressed. 
The exhaust valve opens when the pressure in the cylinder 
exceeds the pressure on the exhaust side and the gas is 
discharged. The following items are located on Figure 1.12. 

1. Intercooler relief valve 

2. Centrifugal, suction valve, or bleeder type unloader 

3. Stainless steel disk and spring valve assemblies 



FIGURE 1.12 Reciprocating compressor. Reprinted with per- 
mission of Curtis Toledo. 

4. Deep finned cylinders 

5. Intercooler 

6. High-pressure pistons 

7. Flywheel 

8. Connecting rods 

9. Crankcase 

10. Crankshaft 

1 1 . Main roller bearings 

12. Pressure lubrication 

When the compression ratio (outlet pressure/inlet pres- 
sure) is 2 or less, a blower is used instead of a compressor. A 
centrifugal blower, for example, resembles a centrifugal 
pump in appearance, except that the dimensions of the 
gas handling volumes are larger. A multistage centrifugal 
blower is shown in Figure 1.13. 

The air stream in the acrylic acid process, stream 1, is 
compressed (with the compressor C-301A/B) and combined 
with the steam and propylene before being blown into the 
reactor (R-301) in stream 4. The flow of all these streams is 
controlled and indicated (FIC) in the control room for the 
process. The mass flow rate of each stream and the individual 
components of the stream is not changed by the compressor, 
the connecting pipes, or the valves. All that arrives in streams 
1, 2, and 3 appears in stream 4. This can be seen in the stream 
table. Table 1.3 in the present case, which normally accom- 
panies a PFD. Check that the sum of the individual flows 
across streams 1, 2, and 3 equals the flow in stream 4. 

A stream table describes the state of each stream. The 
state variables are pressure, temperature, and flow rate of 
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TABLE 1.3 Stream Table for Acrylic Acid Process 


Stream No. 

1 

2 

3 

4 


5 

6 

7 

8 

9 

Temperature (°C) 

25 

159 

25 

191 


200 

310 

63 

40 

40 

Pressure (bar) 

1.0 

6.0 

11.5 

4.3 


3.0 

3.5 

2.0 

2.4 

2.4 

Vapor fraction 

1.0 

1.0 

1.0 

1.0 


0.0 

1.0 

0.0 

0.0 

0.0 

Mass flow (tonne/h) 

39.05 

17.88 

5.34 

62.27 


1075.0 

62.27 

3.08 

1895 

27.46 

Mole flow (krnol/h) 

1362.9 

992.3 

127.0 

2482.2 


- 

2444.0 

148.5 

85200.0 

1249.6 

Component mole flow (kmol/h) 





Hitec molten salt 





Propylene 

- 

- 

127.0 

127.0 


- 

14.7 

- 

- 


Nitrogen 

1056.7 

- 

- 

1056.7 


- 

1056.7 

- 

- 

- 

Oxygen 

280.9 

- 


280.9 


- 

51.9 

- 

- 

- 

Carbon dioxide 

- 

- 

- 

- 


- 

60.5 

- 

- 


Water 

25.3 

992.3 

- 

1017.6 



1165.9 

140.9 

78870 

1156.7 

Acetic acid 

- 

- 

- 

- 



6.54 

0.65 

415 

6.08 

Acrylic acid 




- 



87.79 

6.99 

5915 

86.81 

Solvent (diisopropyl ether) 



- 

- 


- 

- 




Stream No. 

10 

11 


12 

13 

14 

15 

16 

17 

18 

Temperature (°C) 

25 

48 


40 

40 

90 

13 

13 

89 

47 

Pressure (bar) 

5.0 

1.0 


2.4 

2.4 

0.19 

0.12 

3.0 

0.16 

0.07 

Vapor fraction 

0.0 

1.0 


0.0 

0.0 

0.0 

0.0 

0.0 

0.0 

0.0 

Mass flow (tonne/h) 

2.54 

37.35 


20.87 

143.0 

6.63 

155.3 

136.4 

6.26 

5.28 

Mole flow (kmol/h) 

141.0 

1335.4 

1156.9 

1591.2 

93.19 

1705.7 

1498.0 

86.85 

90.49 

Component mole flow (kmol/h) 











Propylene 

- 

14.7 


- 

- 

- 

- 

- 

- 

- 

Nitrogen 

- 

1056.7 


- 

- 

- 

- 

- 



Oxygen 

- 

51.9 


- 

- 

- 

- 

- 

- 


Carbon dioxide 

- 

60.5 


- 

- 

- 

- 

- 

- 


Water 

141.0 

150.2 

1156.6 

198.8 

0.30 

226.0 

198.5 

- 

4.28 

Acetic acid 

- 

0.46 


0.03 

6.08 

6.08 

- 

- 

0.05 

86.07 

Acrylic acid 


0.98 


- 

86.81 

86.81 

- 

- 

86.80 

0.14 

Solvent (diisopropyl ether) 


- 


0.30 

1299.5 

- 

1479.7 

1299.5 

- 

- 

Stream No. 


19 


20 


21 


22 


23 

Temperature (°C) 


47 


102 


60 


13 


40 

Pressure (bar) 


1.1 


1.1 


1.0 


3.0 


2.8 

Vapor fraction 


0.0 


0.0 


0.0 


0.0 


0.0 

Mass flow (tonne/h) 


0.37 


20.84 


37.37 


136.4 


136.4 

Mole flow (kmol/h) 

Component mole flow (kmol/h) 


6.34 


1156.43 


470.2 


1498.5 


1498.5 

Propylene 


- 


- 


- 


- 


- 

Nitrogen 


- 


- 


- 


- 


- 

Oxygen 


- 


- 


- 


- 


- 

Carbon dioxide 


- 


- 


- 


- 


- 

Water 


0.30 


1156.4 


126.8 


198.7 


198.7 

Acetic acid 


6.03 


0.03 


- 


- 


- 

Acrylic acid 


0.01 


- 


- 


- 


- 

Solvent (diisopropyl ether) 


- 




343.4 


1299.8 


1299.8 


each species. These variables are the individual standard 
bearers for the conservation of momentum, energy, and mass 
referred to in the introduction. For example, the pressure, 
temperature, and compositions can be used to calculate the 
entropy that is used in studies of energy conservation and 


efficiency. In most cases, these variables constitute all that is 
needed for process considerations. Note that the temperature 
of stream 4 is higher than that of any of the streams from 
which it was formed. From thermodynamics you know that 
this is due to the work done by the blower. 
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FIGURE 1.13 Centrifugal blower. Reprinted with permission of Gardner Denver, Inc. 


1.2.3 Reactor Section — Reactor, Heat Exchangers, and 
Gas Absorption 

The reaction and preliminary separation section is shown in 
Figure 1.14 and comes immediately after the feed section. 

The reactants are introduced in the gas phase into reactor 
R-301 in stream 4. The products of the reactions with the 
unreacted reagents and nitrogen, the only inert material, are 
removed in stream 6. Note that the flow rate of nitrogen is the 
same in both stream 1 and stream 6. 

The total rate of reaction in the reactor for each species 
can be computed from the difference between the input and 


output flow rates. In a steady flow process for which there 
can be no accumulation in the vessel, there would be no other 
possibility. You can verify the results shown in Table 1.4. 

We can scrutinize the reaction rates a little more carefully 
as follows. A single rate of reaction R. 1 for each reaction 
over the volume V of the system under consideration (J = 1, 
2, 3, . . . ) can be determined by dividing the rate of reaction 
for any species that participates in the reaction (only) by its 
stoichiometric coefficient, reckoned positive for product and 
negative for reactants. This is what we mean by the propor- 
tions indicated by the coefficients. Since acrylic acid and 



FIGURE 1.14 Reactor section. Reprinted with permission of Pearson. 
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TABLE 1.4 Reaction Rates in R-301 


/ 

Species 

Input Stream (4 kmol/h) 

Output Stream (6 kmol/h) 

Input — Output = Reaction Rate (kmol/h) 

1 

c 3 h 6 

127 

14.7 

-112.3 

2 

o 2 

280.9 

51.9 

-229.0 

3 

C 3 H 40 2 

0 

87.79 

87.9 

4 

c 2 h 4 o 2 

0 

6.54 

6.54 

5 

h 2 o 

1017.6 

1165.9 

148.3 

6 

co 2 

0 

60.5 

60.5 

7 

N 2 

1056.7 

1056.7 

0.0 


acetic acid only participate in the first and second reactions, 
respectively, and their stoichiometric coefficients are unity, 
the reaction rate for the first two reactions on the preceding 
page can be taken directly from the table of reaction rates 
(Table 1.4): 

St[ V) = 87.9kmol/h 
3lp = 6.54kmol/h 

Since 1 mol of water is produced in each of the first two 
reactions, these rates may be subtracted from the total rate of 
production of water, leaving the rate of water production by 
the third reaction (where the stoichiometric coefficient is 3). 
Consequently, 


^v) __ 148.3 - 87.9 - 6.54 

c/l") T 


17.953 kmol/h 


(1.5) 


The total reaction rates for carbon dioxide, oxygen, and 
propylene can then be generated as follows (making use of 
the constant ratio of rate to stoichiometric coefficient for 
each reaction): 

R COi = 3t l p + 3 Sip = 60.400 kmol/h 

r 0i = -^St!p -^Slp - = -228.99 kmol/h 

Rc 3 h 6 = -tip - Sip - 31 { P = -112.39 kmol/h 

( 1 . 6 ) 

Check these values against the values calculated from the 
steam table and summarized in Table 1.4. 

A well-mixed reactor has been provided here that consists 
of a bed of catalyst particles fluidized by the flowing gas 
mixture and a common wall shared with a flowing molten 
salt, which removes the thermal energy conducted through 
the wall and transfers it to cooling water in the heat 
exchanger E-301. A possible arrangement of a circulating 
fluid bed is illustrated in Figure 1.15 with heat transfer to an 
external fluid. 

The “Reactants” and “Products” streams in Figure 1.15 
correspond to Streams 4 and 6, respectively, in Figure 1 .4. 


The exchanger E-301 corresponds to the heat exchanger in 
the circulating salt loop, outside of the reactor. Stream 5 
corresponds to the inlet of this exchanger for the salt. The 
rate of thermal energy transfer from the reaction mixture to 
the circulating salt is denoted by Q, which is released to the 
cooling water in E-301. 

The circulating salt Hitec ® is currently sold (Coastal 
Chemical Co.) as a mixture of sodium nitrate (60wt%) and 
potassium nitrate (40wt%). It has the advantage of being 
able to store thermal energy at relatively low volumes: 42 
BTU/(ft 3 °F). 

Fixed-bed reactors where the catalyst is held stationary in 
a straight round tube is also used for gas-solid reactions. 
Multiple units are often arranged in the configuration of a 
shell and tube heat exchanger consisting of many tubes 
surrounded by a single shell containing a heat exchange 
fluid. 

A heat exchanger permits the efficient transfer of thermal 
energy between two streams without material mixing of the 
streams. Energy is transferred as heat between the two fluids 
that seek to reach thermal equilibrium during their time of 
contact. Because of energy conservation, the energy lost by 
one fluid must be gained by the other. A common type of 


Products 



FIGURE 1.15 Circulating fluid bed reactor. 
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Tube 

outlet 



I 


Tube 

inlet 

FIGURE 1.16 1-2 Shell and tube heat exchanger. Reprinted with permission of The Society 
of Naval Architects and Marine Engineers. 


heat exchanger is the shell and tube exchanger illustrated in 
Figure 1.16. 

One fluid is confined to the shell side outside of the tubes, 
normally the cold fluid. The second fluid, normally the 
corrosive or hot fluid, travels in the tubes. The area of the 
tubes represents the heat transfer area. The shell side fluid 
enters the nozzle and flows across the tubes in the transverse 
direction because of the baffles located along the tube bank 
at regular intervals. The tubes are mounted on tube sheets 
that are mounted on the shell with the heads at each end such 
that the shell fluid cannot escape. In the exchanger illustrated 
in Figure 1.16, the inlet head contains two chambers, each of 
which communicates with one half of the tubes; note there is 
no division at the opposite end of the exchanger. The fluid 
passes through one bank of tubes and returns through the 
other, thus providing two tube passes. Other similar arrange- 
ments are possible. 

In the reactor, energy is conducted through the solid wall 
that separates the molten salt from the reaction mixture and 
is represented entirely by an energy debit to the reaction 
mixture and a credit to the molten salt. There is, of course, no 
material motion or convection in solids. At the inlets and 
outlets, however, the convective term is much more impor- 
tant and conduction can be neglected. 

From a macroscopic view of the reactor, the net energy 
flow must be zero; that is, the energy flow into the reactor by 
the inlet streams 4 and 5 (upon exit from E-301) must be 
equal to the energy flow by the stream 6 and the outlet from 


the pump, P-301 A/B. The heat exchanger, E-301, is pro- 
vided to remove the thermal energy taken from the reaction 
mixture by the salt. 

Cooling water is a utility in the plant whereby cold water 
at approximately 90 °F is supplied at a cost by a central 
facility. The water is returned at a maximum temperature of 
120-130 °F after use. The facility cools the water to 90 °F for 
reuse as a coolant. Cooling often takes place in towers by 
partial evaporation of droplets sprayed into a warm air 
stream moving countercurrently to the droplets. The heat 
of evaporation is taken from the droplet. You can see the 
effect by spinning a wet cloth in the air. You also experience 
this cooling effect when you emerge from warm water into 
dry air. 

Heat exchange takes place very efficiently by the direct 
contact of two fluids called quenching. Mixing of the two 
fluids must of course be acceptable from a safety, as well as 
economic, point of view. Economics would be important if a 
subsequent and expensive separation step would be required 
in the process. 

In the present case, the liquid product from the gas 
absorber T-302 is used to further cool the reaction products 
(Figure 1.17). The gas absorber is used as the first step in the 
process of retrieving a pure product from the process. The 
absorber takes advantage of the much higher water solubility 
of the acids in the reaction products than the light gases. 
Water serves as the (mass) separating agent in the absorber 
and is supplied by the deionized water feed in stream 10. 
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TABLE 1.5 Mass Balance on Tower 302 



Stream 7 (kmol/h) 

Stream 11 (kmol/h) 

Stream 10 (kmol/h) 

Gas Feed (kmol/h) 

y in Gas Feed 

n 2 


1056.7 


1056.7 

0.7868 

0 2 


51.9 


51.9 

0.0386 

C 3 H 6 


14.7 


14.7 

0.0109 

co 2 


60.5 


60.5 

0.0450 

h 2 o 

140.9 

150.2 

141 

150.1 

0.1118 

c 3 h 4 o 2 

6.99 

0.98 


7.97 

0.0059 

c 2 h 4 o 2 

0.65 

0.46 


1.11 

0.0008 


Absorption equipment provides a large interfacial area 
between the water introduced at the top of the tower and 
the gaseous reaction products that flow countercurrently up 
the tower. Packing is present to create the required inter- 
facial area as illustrated below. 

The gas leaving the top of the tower consists of the light 
components (C 3 H 6 , N 2 , O 2 , CO 2 ) in the gaseous feed to the 
bottom of the tower and water. The streams are trying to 
equilibrate as they move through the tower. We might 
estimate the water flow rate overhead from this point of 
view, for example, by assuming that the gas product is 
saturated with water. The vapor pressure of water at the 
gas temperature of 48 °C is approximately 1.61 psia. A 
saturated ideal gas phase would have a mole fraction of 
0.110975. The corresponding water flow rate would there- 
fore be 148.2 kmol/h, which compares favorably with the 
value of 150.2 kmol/h given in Table 1.3. 

From a microscopic view at each vertical position in the 
tower, an interfacial mass transfer process is taking place 
between gas and liquid phases, which are being mixed by the 
tortuous routes provided by the packing and the counter- 
current flow of the two fluids. 

The interfacial mass transfer rate is proportional to a 
distance from equilibrium, the solubility limit. The liquid 


will be saturated when the concentration reaches the solu- 
bility limit. The mass transfer rate ultimately determines the 
linear dimension of the equipment containing the flowing 
fluid on the basis of a desired amount of absorption. 

The product losses to the overhead gas stream may be 
computed. The inlet gas flowing to the tower from the 
quench tower can be determined by a macroscopic mass 
balance over the absorber. What leaves in streams 7 and 11, 
less what comes in stream 10, equals what comes in the gas 
feed since there are no chemical reactions (Table 1.5). 

The product losses to the overhead off-gas being sent to an 
incinerator are seen to be 12.2% for acrylic acid and 41.4% 
for acetic acid. Depending on the market price for acetic 
acid, it may be worthwhile to increase the recovery of acetic 
acid. The product stream at this juncture is stream 9. 

Note that if the quench tower (T- 3 0 1 ) , the absorber (T- 302), 
the heat exchanger (E-302), and the pump (P-302 A/B) are 
considered as one processing unit, streams 6 and 10 and the 
cooling water inlet to the exchanger would be inlets and 
streams 9 and 1 1 and the cooling water outlet would be outlets. 
All other streams begin and end on one of the process units in 
the group and therefore cannot upset the accumulated mass in 
the system. Note that streams are combined and separated in 
process units called mixers and splitters, respectively. 
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FIGURE 1.17 Packed tower gas absorber. Reprinted with permission of Branch Environmental Corp. 
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From a mass balance point of view, the cooling water 
inlet and outlet can be considered separately, since they do 
not materially communicate with the other streams. Since 
there are no chemical reactions in the units, the individual 
flow rates in streams 6 and 10 must sum to the individual 
rates in streams 9 and 1 1 . 

Water and carbon dioxide are produced as undesirable 
by-products and must be removed continuously to avoid 
accumulation in the process. Also, nitrogen is an inert gas 
that is introduced with the oxygen and must also be removed 
for the same reason. The off-gas purge stream 1 1 consists 
mostly of these materials. The environment is a primary 
concern in the disposition of waste streams. The water 
introduced in stream 10 captures the reaction products, 
acrylic and acetic acid. The outlet stream 9 consists primar- 
ily of water and the acid products. The other streams that 
enter or leave the process are utility streams required by the 
unit operations: low-pressure steam (lps) and cold water 
(cw), for example. 

1.2.4 Downstream Processing — Distillation and 
Extraction 

The product stream from the reaction and primary separation 
section stream 9 is the primary feed for the “separation” or 
“downstream processing” section. This section consists of a 
solvent loop, an acid tower and a waste tower. 

The solvent loop consists of Towers 303 and 304 (see 
Figure 1.18). 

The loop primarily recovers the acids from the water 
solvent and returns pure diisopropyl ether (DIPE) to the 
extractor. 

The product stream 9 also contains the by-product acetic 
acid and a large amount of water. One basis of separation of 


TABLE 1.6 Boiling Points of Acids and Water (Green and 
Maloney, 1997) 


Species 

N.B.P. (°F) 

Atf vap (cal/(gmol)) 

Water 

212 

9745 

Acetic acid 

244 

5713 

Acrylic acid 

285 

6784 


mixtures is volatility: The application of heat to a mixture 
can produce a vapor phase that is richer in the more volatile 
components than the residual liquid. The normal boiling 
points and latent heat of evaporation for these components 
are given in Table 1.6. 

The difference in boiling points indicates that water is the 
most volatile and therefore the potential exists for driving off 
the water and leaving a residual liquid containing only the 
acids. However, the energy required would be extensive 
because of both the very large heat of vaporization for water 
and the very large quantity of water that must be removed. 
This translates into a large operating cost. 

Another possibility and the one adopted here is to make 
use of a difference in solubility in a solvent that forms a 
separate phase with a high affinity for the desirable compo- 
nents) and from which these can be easily removed and the 
solvent recycled. The process is called extraction and takes 
place in Tower 303: acid extractor. 

The solvent DIPE forms a second (organic) phase with 
water, has a low solubility in water, and has a high affinity 
for acrylic and acetic acids. The extraction equipment is 
designed to facilitate the transfer of the acid products to the 
DIPE phase. The DIPE phase is lighter than the water phase 
and will, analogous to the gas phase in the absorber, rise 
through the heavier organic solvent in a vertical tower. An 



FIGURE 1.18 Distillation and extraction units — downstream processing. Reprinted with permission 
of Pearson. 
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FIGURE 1.19 Scheibel extraction column (www.liquid-extraction.com). Reprinted with permission 
of Koch Modular Process Systems. 


extraction column is illustrated in Figure 1.19, where the 
heavy liquid is dispersed at the top of the tower. 

The column can be envisioned to consist of a series of 
equilibrium stages whereby the exiting streams from each 
stage are assumed to be in complete thermodynamic equi- 
librium (thermal, mechanical, and chemical). The ideal 
equilibrium stage provides sufficient time for the interfacial 
mass transfer rates to transfer the material required for 
equilibrium. The average contact time can be estimated 
as the volume of the stage divided by the flow rate. The 
interfacial area is the surface of the dispersed phase. 

Each equilibrium stage provides mixing and surface area 
generation to enhance the mass transfer process. In some 
cases this is done mechanically and in some cases, such as in 
Figure 1.17, a packing material is used. The equipment is 
sized on the basis of providing the volume necessary for the 
required holding time and a phase disengagement. In the 
equilibrium stage analysis, the number of stages is deter- 
mined. In the rate analysis, a size or dimension is calculated. 
Note that an inefficient equilibrium stage can be analyzed 
from a rate point of view, and the rate process is limited by 
equilibrium. 

The solvent DIPE is returned to the column in stream 23 
after the products have been removed and the low tempera- 
ture resulting from the removal process is increased in the 
heat exchanger E-309. Stream 22 includes a recycle stream 
of recovered solvent from a downstream operation. Heat 
exchanger E-309 condenses low-pressure saturated steam to 


a saturated liquid, making the latent heat of condensation 
available to the heating process. 

Like cooling water, saturated steam is a utility. It is 
normally supplied by an offsite boiler operation to which 
the steam condensate is returned for re-evaporation. Low- 
pressure steam is approximately 5 barg, medium pressure is 
10 barg, and high pressure is approximately 40 barg. The 
cost of process steam increases substantially with pressure. 

The inlet for stream 23 is shown at the top of the tower in 
the flow diagram, shown in Figure 1.4. It should be inter- 
changed with the inlet of the water or feed stream 9. The 
outlet water stream, stream 12, is nearly devoid of the acid 
products that have been transferred to the solvent stream, 
stream 13, which exits at the top of the tower. Since there are 
no chemical reactions, the inlet flow rates in steams 9 and 23 
of each component must equal the sum of the output flow 
rates in streams 12 and 13. For example, for water, 

1156.7+ 198.7 = 1156.6+ 198.8 (kmol/h) (1.7) 

The solvent (DIPE) phase, stream 13, exiting from the top of 
the tower contains the acid products and a small amount of 
water. The products need to be retrieved and the solvent 
returned to the extractor. The boiling point of DIPE is 156 °F, 
which makes this compound much more volatile than 
the other constituents of stream 13 as can be seen from 
Table 1.6. The removal of DIPE can therefore also be 
accomplished by exploiting the difference in volatility, as 
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FIGURE 1.20 Physical state and separation. 

mentioned above where this alternative was rejected in favor 
of extraction. 

Consider a binary mixture composed of A and B where A 
is more volatile than B. A more quantitative statement is that 
the vapor pressure of A is greater than B or that the relative 
volatility of A to B is greater than 1 . The relative volatility is 
defined as 



FIGURE 1.21 Waste tower — downstream processing. Reprinted 
with permission of Pearson. 


^AB 
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W) 
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Both vapor pressures increase with T, which makes a much 
less sensitive to temperature than either one of the vapor 
pressures. 

We wish to produce a pure A and a pure B stream where 
purity provides a limit on the second component but does not 
exclude it. If we fix the pressure and apply heat to the 
mixture, we can produce a vapor that is richer in A than the 
liquid. Of course, if too much heat is applied, we obtain the 
same mixture but in vapor form. This situation is illustrated 
in Figure 1.20. Distillation is a separation operation based on 
this principle but applied many times to obtain saturated 
product streams at the operating pressure. 

The overhead product from a distillation unit is referred 
to as the distillate and the bottom product as the residue. If 
possible, the column is operated at a pressure where the 
boiling point of the distillate is near 130 °F so that relatively 
inexpensive cooling water may be used in the reflux con- 
denser. Recall that cooling water is generally available at 
90 °F and can therefore be used as a heat sink under these 
circumstances. 

Tower 304 is provided to return essentially pure DIPE as 
the overhead product and to deliver the acid products for 
purification. Note that T-304 is a packed tower that provides 
for continuous contact. It therefore calls for a rate-limited 
analysis as discussed above for the gas absorption column, 
T-302. This completes the solvent loop. 

Stream 12, the bottoms product of Tower 304, is a product 
of this loop and is nearly pure water. It contains a trace 


amount of acetic acid (0.000026 mole fraction) and a small 
amount of DIPE (about 10 times the acetic acid). Except for 
the dissolved organic, this stream could be sent directly to 
the waste treatment facility. A separation step must be 
provided to remove the ether and recycle it to the extraction 
column. The boiling point of DIPE makes this compound 
much more volatile than acetic acid or water. This difference 
in volatility can be exploited with distillation to provide a 
separation. This is accomplished by the waste tower T-306, 
shown in Figure 1.21. The waste tower (Tower 306) returns 
trace amounts of acid and DIPE to the process and dis- 
charges the process water to the water treatment facility. 

The distillate from T-304, stream 16, contains the two 
most volatile compounds, water and DIPE. These are 
returned to the extraction unit. There is no loss of DIPE 
to the bottom stream so that no makeup is required. 

The bottoms product, stream 14, contains the acid prod- 
ucts and a trace amount of water. Acrylic acid is present at 93 
mol%. Acrylic acid may dimerize at high temperatures or 
rapidly polymerize with a large release of thermal energy 
resulting in an explosion (Center for Process Safety, 1995). 
Although effective inhibitors are used, the temperature is 
kept low in the separation operations involving the acid. The 
solvent tower (Tower 304) and acid tower (Tower 305), 
shown in Figure 1.22, are therefore operated at reduced 
pressures to keep the temperature low in the reboiler. The 
flash point of glacial acidic acid is 54 °C (Center for Process 
Safety, 1995). The overhead from the acid tower is the by- 
product acetic acid stream and the bottoms is the acrylic acid 
product stream. 
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FIGURE 1.22 Acid tower — downstream processing. Reprinted 
with permission of Pearson. 

1.2.5 Storage 

Storage is provided in processing systems for the most part 
to compensate for variability in, for example, delivery and 
shipment schedules, upsets caused by shutdowns for routine 
and emergency maintenance and repairs, off-grade materi- 
als, and intermediate products. Storage tanks are often 
arranged in tank farms such as that shown in Figure 1.23. 

Solids can be stored in silos, while liquids with vapor 
pressures less than 1.5 psia (Amrouche et ah, 2002) are 
stored in tanks with fixed roofs of various shapes including 
flat, conical, and dome shaped. Solid products may be stored 
in the packaging used for distribution. 



FIGURE 1.24 External floating roof of large diameter storage 
tank (www.hghouston.com). Reprinted with permission of The 
Hendrix Group, Inc. 

Floating roofs are used for storing liquids with vapor 
pressures up to 11 psia. An external floating roof floats 
directly on the surface of the liquid with a sealing system 
attached to the roof (see Figure 1 .24). Inside floating roofs also 
rest on the surface of the liquid but are under a fixed roof. 

Small quantities of gases are stored as gases at ambient 
temperature, while larger quantities are stored as liquids. 
This requires pressurized facilities and refrigeration. Refrig- 
eration may also be required to condense vent gases during 
filling. As an example of storage tank design considerations, 
refer to Figure 1.25. 

• Net working capacity contained between the high and 
low liquid level controls. The volume for an in-process 
tank is determined by the desired hold-up time for the 



FIGURE 1.23 Oil tank farm. 
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FIGURE 1.25 Design considerations for aboveground storage tanks (Amrouche et al., 2002). 


liquid multiplied by its flow rate. For off-site storage, 
the shipment schedule is a major factor. 

• Nonworking capacity below the low liquid level con- 
trol situated 10 in. above the bottom seam to avoid weld 
interference. 

• Overfill protection capacity above the high liquid level 
control. This volume is filled with vapor under normal 
operating conditions when the liquid level is between 
the level controls. 

Other design considerations include the following: 

• Tank temperature and pressure and the need for heat 
exchange or phase separation equipment. 

• Materials of construction. 

• Wind and seismic loadings. 

• Size and position of accessories. 

• Emission controls. 

• Foundation type. 

• Pressure, temperature, and level controls. 

1.2.6 Safety 

As noted in the introduction, the subject of process safety is 
not treated in this book. However, because of its extreme 
importance, special note of its omission is made here. 
Chemical engineers design and operate plants with huge 
capacities of hazardous materials. Therefore, they must 
be ever vigilant that these materials do not pose a threat 
to the operating personnel, the surrounding community, or 


the environment. An excellent starting place for this topic is 
the Center for Chemical Process Safety, operated by the 
American Institute of Chemical Engineers. 

1.2.7 Overview of Typical Process 

To conclude with an overview of the process organization, 
consider the typical organization shown in Figure 1.26. 

Raw materials in sufficient quantity to supply the process 
in the face of a discreet delivery schedule are stored near the 
process under the mildest possible conditions of temperature 
and pressure. These materials, A and B in Figure 1.26, will 
invariably need to be brought to the process temperature and 
pressure and there may be a need for some purification steps 
at this juncture. Any sensitivity, for example, of the catalyst 
to even trace amounts of a contaminant, will require that the 
contaminants be reduced to an acceptable level. Otherwise a 
costly catalyst replacement program may be required and 
process interruptions may be necessary. 

Reactor products may be recycled to preheat the feed and 
thereby make use of the chemical energy that has been 
converted to thermal energy by the reaction process. Com- 
mon reactor configurations are packed beds, fluidized beds, 
stirred tank reactors, and single and multi-tubular reactors. 
The reactors may be operated adiabatically or heat may be 
exchanged with a circulating fluid. Regeneration of the 
circulating fluid must be provided in this case, which 
will, in most applications, involve a heat source or sink. 

A separation section follows the reactor and is designed 
to provide product streams at the purity levels required by 
the market or to recycle reactants used in excess to compen- 
sate for incomplete conversions in the reactor. It is also 
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TABLE 1.7 Acrylic Acid Process Calculations 


Object Identification 

Example Calculations 

Example 

Examples in Part I 

Separation train 

Inactive units and system definitions 

2.1-1 

Reactor 301 

Mass balances 

2.4. 1-1 

Reactor 301 

Test for independent reactions 

2.4. 3-1 

Exchanger 309 

Heat duty and steam rate 

3.5.2-1 

T-303 extraction unit 

Heat duty 

3.5.3-1 

T-304 distillation unit 

Heat duty 

3. 5. 3-2 

Reactor 301 

Heat duty 

3.6.3-1 

P-301 A/B: molten salt pump 

Power requirement 

4.3. 1.4-1 

T-303 alternative 

Power required 

5.3.2.3-1 

T-302: single-stage version 

Solvent requirements 

6. 2. 2-2 

Stream 13 

Single-stage flash 

6.3-7 

T-303 

Solvent flow for single stage 

6.4. 2-2 

R-301 

Multiple second-order reactions and sizing 

6. 6. 1.2-1 

R-301 

Temperature selection 

6. 6. 1.3-1 

R-301 

A priori calculation of heat duty 

6.6. 1.4-1 

Examples in Part II 

T-302 

Solvent rate, stages, and diameter 

7. 1.7-1 

T-305 

Number of stages and solvent flow using constant relative volatility 

7.2.13-1 

T-303 

Number of stages and solvent flow 

13.2-2 

T-303 

Unagitated sieve tray requirements 

7. 3.4-1 

T-303 

Settler size for mixer settler alternative to T-303 

7.3.5-1 

Reactor 301 

Reactor size 

13.2.3-1 

Exchanger 309 

Size 

14.2.2.1-1 


necessary to provide exits for inert materials present in the 
feed and nonsalable reaction products. The separation 
section consists of absorbers, extraction units, distillation 
towers, adsorbers, membranes, and so on. Some streams 
may be sent directly to waste treatment and others to product 
storage (Table 1.7). 


1.3 BIOCATALYTIC PROCESSES— ENZYMATIC 
SYSTEMS 

The distinction between the action of catalysts in living 
systems and in chemical plants is rapidly diminishing with 
the commercial utilization of enzymes. 



FIGURE 1.26 Generic chemical processing system (adapted from Luyben and Wenzel, 1988). 
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Amino acids 

FIGURE 1.28 Distribution of products from industrial processes 
(Straathof et al., 2002). Reprinted with permission of Elsevier. 


FIGURE 1.27 Schematic structures of the enzyme, subtilisin 
Carlsberg The position of the catalytic triad in the active site 
(Ser221, His64, and Asp32) is indicated. (Garcia-Junceda et al., 
2004). Reprinted with permission of Elsevier Limited. 


Enzymes are high molecular weight proteins that are 
produced and used by living organisms as catalysts. We will 
refer to the action of enzymes as biocatalysis and to the 
catalytic action of other materials as chemocatalysis. 

Enzyme catalysts are named according to their primary 
function. For example, urease catalyzes the cleavage of urea. 
However, enzymes will accelerate the rates of many other 
reactions. They may be used in a pure state or in a whole cell 
system. The pure enzyme systems are better defined, but the 
whole cell system is attractive when a cascade of reactions is 
required, all of which the cell can supply. An example is 
cofactor regeneration in Saccharomyces cerevisiae (baker’s 
yeast). 

Figure 1.27 is an example of the enzyme subtilisin 
Carlsberg (SC). SC is a serine protease whose physiological 
role is to hydrolyze proteins. The ratio of the catalyzed to 
uncatalyzed rate can reach 10 17 (Garcia-Junceda et al., 
2004). Enzymes are very selective relative to substrates 
(chemoselective), and to locations within the substrate 
molecule (regioselective). They are highly stereoselective. 

1.3.1 Biotransformation 

The number of industrial biotransformations involving the 
conversion of a preformed precursor has increased by 
approximately 400% over the last 20 years to nearly 150. 
More than one half of these are in the pharmaceutical 
industry (Straathof et al., 2002), followed by the food and 
agriculture sectors. The distribution of products is illustrated 
in Figure 1.28. 

Chirality is an overriding concern in most biotransfor- 
mations and refers to the following molecular considerations 
concerning isomers. There are two kinds of isomers, 


compounds with the same molecular constitution: constitu- 
tional isomers and stereoisomers. Constitutional isomers 
have a different connectivity or molecular arrangement. 
The connectivity of stereoisomers is the same. Stereoisom- 
ers fall into two categories. In the case of enantiomers, the 
stereoisomers are the mirror image of each other. In the 
second category, called diastereomers, this is not the case. 

Enantiomers are said to possess the property of chirality 
or handedness. Chirality can be a very important considera- 
tion in the action of a drug in the human body. One 
enantiomer can be beneficial and the other actually a poison. 
The drug thalidomide is a case in point. Enzymatic trans- 
formations invariably produce one enantiomer, while purely 
chemical transformations produce a racemate composed of 
equal proportions of each enantiomer. The racemate is hard 
to separate because of its very nature of similarity. There 
are very little differences on which to base a separation; 
certainly there is no chemical difference between the 
constituents. 

Yet another feature attraction of enzymes is that they 
produce only one of the enantiomeric forms, which has, of 
course, a major impact on the downstream processing. A 
system that is part of the IUPAC system for naming chem- 
icals has been devised for naming the enantiomers. An R or 
an S is added in unique way to the ordinary chemical name. It 
is therefore an overriding imperative in most biotransfor- 
mations that the desirable form, R or S, be obtained. The 
enantiomeric purity is measured by a quantity called the 
enantiomeric excess (ee) defined by 

moles of one enantiomer — moles of the other enantiomer 
ee = 

moles of both enantiomers 

Chirality is achieved in most cases at present by starting with 
enantiopure precursors, but other methods are being used as 
illustrated in Figure 1.29. If the precursors are pure enantio- 
meric forms of the desired configuration, then the reaction 
will necessarily yield the desired products. 
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FIGURE 1.29 Source of chirality in current industrial processes 
(Straathof et al., 2002). Reprinted with permission of Elsevier. 


An asymmetric reaction is one in which one or more 
new elements of chirality are formed in a substrate molecule 
and one that produces the stereoisomeric products in 
unequal amounts. 

An example is the preparation of L-aspartic acid from 
fumaric acid and ammonia using aspartase in whole cells of 
Escherichia coli as shown in Figure 1.30. In an enzyme- 
catalyzed kinetic resolution of a racemate, one enantiomer 
is preferentially converted. The maximum yield is then 50%. 
If, however, the undesired enantiomer can be racemized, it 
may be recycled and the yield substantially increased. 
For example. Figure 1.31 illustrates that the isomerization 
of 1-phenethyl alcohol by a Ru catalyst (promotes racemi- 
zation) and enzymatic acylation with 4-chlorophenyl acetate 
as an acyl donor results in the transformation of the racemic 
alcohol to enantiomerically pure acetate. There are also 
other approaches to the resolution of racemates (Garcla- 
Junceda et al., 2004). 

1.3.2 Examples of Industrial Processes 

Examples of industrial processes using enzymes ranges 
from commodity chemicals (>20,000 tonne/year), such as 
acrylamide, fructose, and maleic and aspartic acids, to 
intermediates (100-20,000 tonne/year) to fine chemicals 
(<100 tonne/year), such as pharmaceutical intermediates 
and drugs. Fine chemical production is predominantly 


OH M 



FIGURE 1.31 Dynamic kinetic resolution of 1 -phenethyl alcohol 
(Garci'a-Junceda et al., 2004). 


carried out in batch reactors and commodity chemical 
production is mostly done with continuous reactors. 

The synthesis of L-aspartic acid and L-alanine dis- 
cussed above (Van Balken et al., 1997) has been carried 
out on an industrial scale by Tanabe Seiyaku Co. Ltd., Japan. 
A continuous process was developed with the Pseudomonas 
dacunhae immobilized on x-carrageenan. 

Because of carbon dioxide evolution inhibiting plug flow, 
a closed column was designed (approximately 4 bar). The 
E. coli immobilized on x-carrageenan showed a half-life of 
680 days at 37 °C. The continuous process is shown in 
Figure 1.32. 

One of the first bioconversion processes that produced a 
commodity chemical was the manufacture of acrylamide 
by Nitto Chemical Industry Company, Ltd., Japan. A sche- 
matic is shown in Figure 1.33. The feed is acrylonitrile (AN) 
and the product is a 50% solution of acrylamide (AA). 
The only detectable impurity is acrylic acid and that is 
less than 5 ppm. 

1.3.3 Alkyl Glucosides 

Alkyl glucosides are a group on nonionic surfactants that are 
antimicrobial and biodegradable. They have been used in 
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FIGURE 1.30 Enzymatic synthesis of L-aspartic acid and L-alanine (Van Balken et al., 1997). 
Reprinted with permission of Elsevier. 
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FIGURE 1.32 Continuous production of L-aspartic acid and L-alanine (Van Balken et al., 1997). 
Reprinted with permission of Elsevier. 


detergents, foods, and pharmaceuticals. A glucoside is an 
acetal of glucose, which refers to the replacement of an -OH 
group with an -OR group. In contrast to the chemical method, 
an enzymatic synthesis method is available, which is regio- 
and stereoselective and does not require resolution of anom- 
ers. This is accomplished by a condensation reaction of 
glucose in aqueous solution with the appropriate alcohol to 
give the glucoside and water (Figure 1.34). A series of 
exercises, beginning with Problem 1.1 and continuing in 
Chapters 2, 5, 6, 10, and 13, are concerned with “engineering” 
the process for the synthesis of 7;-hexyl-(3-D-glucoside 
through the condensation of glucose and n-hexanol using 
the enzyme (3-glucosidase from almonds (Table 1.8). 


1.4 BASIC DATABASE 

It is important that you become familiar with the data re sources 
that are available to you. These resources form the foundation 
for accurate engineering calculations, which in turn support 
sound economic decisions and safe, trouble-free operation of 
plants that meet the operating projections expected of them. 

Process calculations require basic rate and equilibrium 
data, as well as economic and safety information. Rate 
data include, for example, thermal conductivities (heat 
conduction), diffusivities (nonconvective mass flows), and 
reaction kinetics (rate parameters). Equilibrium data include 
phase and chemical reaction equilibrium. 



Spent catalyst 


FIGURE 1.33 Manufacture of acrylamide using nitrile hydratase. 
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TABLE 1.8 Problems and Examples Concerning the Synthesis of Hexyl Glucoside 


Equipment 

Topic 

Problem or Example Number 

Part I 



All 

Preliminary flow sheet and database 

1.1 

All 

Process formation and material balances 

2.3 

Reactor 

Volume and residence time 

5.1-1 

Batch adsorber 

Power required to mix slurry 

5.2. 3-1 

Adsorber 

Adsorbent requirement 

6.5. 3-1 

Reactor 

Equilibrium constant 

6.7-1 

Reactor 

Phase equilibrium with chemical reaction 

6.7-3 

Part II 



Adsorber 

Recovery of hexyl glucoside 

10.4-1 

Adsorber 

Slurry adsorption of hexyl glucoside 

13.2.1-1 


Online data resources are often organized into categories. 
Some categories of important process data are the following: 

• Analytical Chemistry 

• Catalysis 

• Dispersion and Aggregation 

• Electrochemistry 

• Environmental Chemistry 

• Industrial Chemistry and Chemicals 

• Industrial Safety 

• Physical Chemistry 

• Plant Design, Operation, and Energy Efficiency 

• Polymer Chemistry 

• Separation 

• Transport Processes 

Some specific titles of interest to chemical engineers are 
the following: 

• Chemical Properties Handbook 

• Chemical Tradename Dictionary 

• DIPPR 882 — Transport Properties and Related 
Thermodynamic Data of Binary Mixtures, Parts 1-4 


• DIPPR Project 801 — Full Version 

• Dean ’s Ancdytical Chemical Handbook (2nd Edition) 

• Dean ’s Handbook of Organic Chemistry (2nd Edition) 

• Encyclopaedia of Scientific Units, Weights and 
Measures 

• Handbook of Applied Surface and Colloid Chemistry, 
Vols. 1-2 

• Handbook of Hydroxy acetophenones 

• Handbook of Inorganic Chemicals 

• Hawley’s Condensed Chemical Dictionary (14th 
Edition) 

• Heterocyclic Chemistry (4th Edition) 

• International Critical Tables of Numerical Data, 
Physics, Chemistry and Technology (1st Electronic 
Edition) 

• Knovel Critical Tables 

• Lange 's Handbook of Chemistry 

• Periodic Table of the Elements 

• Perry’s Chemical Engineers’ Handbook (7th Edition) 

• Purification of Laboratory Chemicals 

• Reservoir Engineering Handbook (2nd Edition) 

• Smithsonian Physical Tables (9th Revised Edition) 



Glucose n-Hexanol n-Hexyl-p-D-glucoside 

C 6 H n°6 C 12 H2 3 0 6 


FIGURE 1.34 Synthesis of alkyl glucosides by enzymatic method (de Roode et al., 2001). 
Reprinted with permission of Elsevier. 
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• Wiley Guide to Chemical Incompatibilities (2nd 
Edition) 

• Yaws’ Handbook of Antoine Coefficients for Vapor 
Pressure (Electronic Edition) 

• Yaws’ Handbook of Thermodynamic and Physical 
Properties of Chemical Compounds 

The titles above may be found, for example, in the Knovel 
Engineering and Scientific Online References electronic 
database. 

Technical publications, especially those in the area of 
concern, offer data that may have not yet appeared in the 
summary publications. A few examples are the following: 

• Journal of the American Institute of Chemical 
Engineers 

• Chemical Engineering Journal 

• Journal of Biotechnology 

• Journal of Membrane Science 

• Fluid Phase Equilibrium 

A partial database for the acrylic acid process is given in 
Appendix C. 

Invariably, it will be necessary to estimate data. A 
comprehensive summary of estimation methods is available 
in The Properties of Gases and Liquids (Poling et al., 2001). 

PROBLEMS 

1.1. A recent proposal has been made for the synthesis of 
alkyl glucosides by an enzymatic method rather than by the 
chemical method (de Roode et al., 2001). The reaction is 
shown in Figure 1.34. E is the enzyme. At high glucose 
concentrations it is possible that |3-glucobioses will also 
form. The reaction is thermodynamically controlled 
(Van Rantwijk et al., 1999). The synthesis is limited by the 
low solubility of the alcohol in water, but the reaction 


can be fine-tuned by the prudent selection of operating 
conditions and product removal. 

The reaction was carried out in the laboratory followed 
by separation and purification steps. The aqueous phase 
contained the enzyme and glucose and was buffered 
to pH 6 with 0.16M citrate/phosphate. The almond 
p-glucosidase activity was 0.2U/ml (or approximately 
1.2 mg/ml) of buffer solution. A unit of catalyst activity is 
the amount of enzyme required to convert one micromole 
of substrate per minute. 

The details of the individual steps are available in de 
Roode et al. (2001). A continuous version of the process 
based on these individual steps is shown in Figure 1.35. 

The process was assembled with the following 
considerations: 

• Since water is produced in the process, it must be 
removed from the process. If the product stream does 
not provide this function, a purge must be provided. 

• Since the enzyme is in the water phase, it will be part of 
the purge and will need to be replenished, either as part 
of the glucose feed or separately. 

• The alcohol, being soluble also in the water phase, will 
need to be replenished in the alcohol feed. 

• The reaction takes place in the water phase, which 
contains the enzyme catalyst, while the product and 
alcohol distribute between the two phases. The mixture 
is assumed to have reached equilibrium upon leaving 
the reactor in stream 5. 

• The membrane separation is assumed to provide a 
perfect separation of the organic (stream 6) and aque- 
ous (stream 7) phases. 

a. Provide a short description of the function of each 
block on the PDF above. 

b. List the ingredients of each stream if the enzyme is 
ignored. 

c. Construct a database for the process. 



FIGURE 1.35 Continuous version of individual steps. 
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1.2. Find a chemical process in which you have some interest. 
It could be from the pharmaceutical industry, the food 
industry, the petrochemical industry, and so on. Prepare a 
report on the process assuming that a typical classmate will be 
the reader. The report should the following items: 

• Chemical formula and form/state of product. 

• Uses and market price. 

• Historical industry development. 

• Common methods of production with raw material 
sources and side products. 

• Major companies, production methods, and production 
levels. 

• Details for a common production method: process 
chemistry with implications for the most favorable 
process conditions; flow sheet(s); operating conditions 
and problems; environmental considerations; produc- 
tion costs; utility requirements; hazards; handling of 
waste and side products. 

• Relevant patents issued since 1971 (or earlier): number, 
title, abstracts of the most relevant patents. 

• Discussion of competing technologies based on tech- 
nical information in patents and/or other resources. 
Supply figures from patents wherever needed in the 
discussion or representations. 

• References. 


1.3. Prepare a report on a specific item or category of 
chemical processing equipment assuming that a typical 
classmate will be the reader.* Some examples of this 
topic are the following: 

• Fixed beds 

• Fluidized beds 

• Furnaces 

• Heat exchangers 

• Packed towers 

• Stirred tanks 

• Tray towers 

The report should address the following items (and others 
at your discretion): 

• Purpose and operating principle(s) 

• Historical background 

• Construction — schematic/illustrations 

• Pictures of actual equipment 

• Range of duties — sizes 

• Maintenance required 

• Utilities required 

• (Some) design equations 

• References 


Distribution to the class would be relevant component of 
this exercise. 



2 


MACROSCOPIC MASS BALANCES 


Chapter 1 provides some experience with viewing and 
interpreting flow sheets for chemical processes and with 
some aspects of mass and energy conservation in such 
systems. These experiences with mass conservation are 
formalized in this chapter along with the introduction of 
some derivative ideas. In so doing, may arrive at system of 
equations may result of larger dimensionality than would 
otherwise be present when insight is used along the way. The 
methodology does not rely on insight and may therefore be 
abbreviated in some cases with this advantage. 

We take the macroscopic view throughout this chapter 
and therefore do not consider local conditions within the 
process equipment. The macroscopic view is the first level of 
design and sets many of the conditions to be met in the 
design of the individual units from the microscopic view at 
the next design level. 

Let us begin with what is probably an acceptable state- 
ment of mass conservation for all of us and follow this with a 
relatively detailed discussion of the terms used so that the 
statement can define a procedure for applications. 

Mass Conservation : For each chemical species in a 
chemical processing system, the 

input mass rate of flow — output mass rate of flow 
+ rate of mass production from chemical reactions 
= rate of mass accumulation (2.1) 

A chemical species refers here to a molecular entity. If 
the components being traced were taken to be atoms 


instead, there would be no production term. Also, we 
can substitute molar rates for mass rates since moles are 
also a measure of quantity. An important difference will 
arise, however, when we discuss a total mass or molar 
balance rather than for only one component since mass and 
atoms are conserved in chemical reactions, but moles may 
not be. In the following discussion, we will refer primarily 
to mass units. 


2.1 CHEMICAL PROCESSING SYSTEMS 

A chemical processing system is defined by a specific set of 
process units and the streams that connect them, the collec- 
tion being represented on a process flow sheet. We assume 
that changes taking place in the process piping are accounted 
for with process units. No changes are therefore associated 
with the streams that connect the process units on a flow 
sheet. A process unit is any operation that alters the flow, 
composition, temperature, or pressure of any stream. Active 
process units are those that change flow rates or composi- 
tions such as separators, reactors, splitters, and mixers. 
Inactive process units do not change flows or compositions 
but may change pressures or temperatures such as pumps, 
compressors, and heat exchangers without phase change. 
Active units must be identified as components of the chemi- 
cal processing systems but inactive ones can be excluded 
from the viewpoint of the mass balance. 


Principles of Chemical Engineering Practice, First Edition. George DeLancey. 
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Example 2.1-1: Active Units in Acrylic Acid Separation 
Train 

As far as macroscopic mass balances are concerned, the 
flow diagram in Figure 2.1 could have been constructed for 
the separation train that treats stream 9 in the acrylic acid 
process. 

The inactive units will become active when energy and 
momentum balances are considered, which may be neces- 
sary when flow rates are based on volume. This necessity 
will be discussed below. 

The set of process units is isolated from other equipment 
or operations by imaginary breaks in the interconnecting 
streams. Input streams are defined as those that begin at an 
imaginary break and end on a process unit within the system. 
Output streams begin on a process unit within the system and 
terminate at an imaginary break. All other streams that are 
connected to any process unit within the system must begin 
and end with a process unit. Otherwise, the system is ill 
defined. Only input and output streams are considered in the 
mass balance. 

Recall that there may be isolated streams in the systems 
that do not communicate with the process streams other than 
to enable transfer of thermal energy. A cooling water stream 
to a chemical reactor or a combustion gas stream to a furnace 
heater are examples. These streams may be cautiously 
excluded since they individually satisfy a mass balance. 
Also, it may be noted that one may define a global system 
and progressively write mass balances on different subsys- 
tems, the smallest of which are single units, to construct an 
overall analysis. 


Acetic acid 



Acrylic acid 


FIGURE 2.1 Active units in acrylic acid separation train. 



FIGURE 2.2 Inputs, outputs, and subsystem definition. 


Consider for example, the process flow sheet in Fig- 
ure 2.2. The units are active with arbitrary functions and an 
inactive heat exchanger with an isolated stream is included. 
Except for stream S, all streams are labeled with S and a 
single subscript. We can designate an imaginary break in 
stream S, by B, to construct the following examples: 


System 

Breaks 

Units in 
System 

Input 

Streams 

Output 

Streams 

1 

Bj, B3, B5, Bg, 

Bq 

1,2, 3,4 

Si, Sg 

S3, s 5 , S 9 

2 

B 1 , B3, B5, B 7 

1,2,3 

Si 

S3, s 5 , S 7 

3 

B7, Bg. B9 

4 

s 7 , s 8 

S9 

4 

B2, Bg. Bg, B9 

3,4 

S 2 , Sg 

S 6 , S 9 


Note that stream 7 is an input in system 3 and an output 
in system 2; streams 2 and 6 do not appear in the first 
three systems; systems 2, 3, and 4 are subsystems of 
system 1 ; the heat exchanger has been ignored and its inlet 
and outlet streams are considered to be the same from a 
mass balance point of view. What other observations can 
you make? 

The application of mass conservation is not limited to the 
macroscopic chemical processing systems defined here. It 
must also apply to microscopic systems enclosed within the 
processing units such as stages in a distillation tower or a 
single catalyst particle, for example. 

2.1.1 Input and Output Rates of Flow 

Input and output rates of flow refer to the rate at which mass 
of a species is introduced or removed from the system in an 
input or output stream, respectively. The units of the flow 
rate are therefore mass of i per unit time where i stands for an 
arbitrary numeric or alphanumeric label assigned to the 
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species in question. Species may be labeled arbitrarily, but 
uniquely, for your convenience. However, your scheme must 
be clearly explained for your work to be comprehensible. 
Streams must also be uniquely labeled and defined. 

Suppose that wf' 1 refers to the mass rate of flow of 
species i in stream j. Input or output designations streams 
will generally change when different (sub)systems are con- 
sidered and superscripts (j) may not be sequential over the 
input or output set. Therefore, it is safe to say that 


wf = Input mass rate of flow of species i 

input streams (J) 

( 2 . 2 ) 


W'f 1 = Output mass rate of flow of species i 

output streams (j) 

(2.3) 


Notation is a complicating issue in our applications since 
we deal with many streams and many components. The 
number of variables can be quite large. For example, there 
are 50 variables in a system with only 4 components and 
10 streams, and 10 flow rates and 4 compositions in each 
stream. We may avoid the superscript, not necessarily 
complexity, by labeling the stream flow rates with letters 
only and thereby reserving a single subscript to denote the 
component. This is often done in simple cases such as a 
single input and a single output, which contrasts to our 
approach here where we identify a total flow rate with a 
single superscript: 


E 

all components(z) 


w 


■V) 


= Total mass rate of flow of stream 


j = 


(2.4) 


The possible ambiguity in the meaning of a single subscript 
highlights again the need for clarity in defining the notation 
for each application. 

Note that if stream j consists of more than one phase, VV ,/: 
refers to the total of all phases. An example is the feed to the 
drum in flash vaporization. 

We do not generally meter individual mass flows. We 
meter the total volume or mass flow rates, for example, and 
measure the concentrations. We can generalize our notion of 
flow rates to be used in the mass balance to include these 
cases and others and to gain a better understanding of input 
and output flows as follows. 

Consider an elapse of time, 8/, during which an element 
of mass, 8 m, from stream j leaves a process unit through a 
circular conduit with cross-sectional area A as depicted in 
Figure 2.3. We will assume that all of the constituents of the 
mixture move with the same velocity and that this velocity is 
uniform over the cross section. 



S,- 


The assumption of a uniform velocity field neglects the 
retarding effect of the wall on the fluid motion in that 
vicinity. The assumption that all species have the same 
velocity neglects the small velocity of each species relative 
to the average velocity motion called diffusion. By neglec- 
ting diffusion we postpone consideration of process units or 
entities where the inputs or outputs are restricted, for 
example, by a membrane or by a porous structure such as 
a catalyst. These applications are found most often inside 
process equipment and are not normally important at the 
entrances and exits. They are considered in Part II. 

All of the mass that passes through the surface A is 
contained in the cylindrical volume element swept out by 
the velocity. The volume element is indicated in Figure 2.3 
from which the mass is obtained by introducing the stream 
density. The mass flow rate is then given by 

w (j) = ^L = p (j) v (j) A (2.5) 

8 1 

The product of density and velocity is the mass flow rate per 
unit area and is called the mass flux. The flux is an important 
quantity and is often used as a basis for scaling up small- 
scale operations such as pilot plants. 

If oj/ 1 is the fraction of 8 m that is species i, then 

o t 

The mass fraction, a .)/ 1 , reflects the conditions at the 
entrance to the process unit. Concentrations in general refer 
only to conditions existing at an inlet or outlet of a process 
unit. A uniformly mixed unit is a special case where the 
outlet concentration is also the concentration throughout the 
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process unit. The product of concentration and flow rate can 
used in the mass balance by substitution into Equation (2.4). 

Note the interaction of the units in Equation (2.6), 

mass i total mass mass i 

. x ; = — (2.6) 

total mass time time 

is such that the concentration units and the units of the total 
flow are related. Their product must give the units required 
for the mass balance. For example, we could use the mole 
ratio concentration unit (moles //mole of constituent s) and 
use the flow rate of species s in place of the total flow. The 
validity of the mass balance would not be upset by substitu- 
tion of the alternate flow and concentration variables. 

V W ^ = v u) A (2.7) 

ot 

W u) = P U) V U) ( 2 . 8 ) 

The velocity is seen to be a volume flux. Note that any 
property may be followed by combining its volume concen- 
tration with the velocity. 

The density, pv>, is an equation of state for the fluid in 
steam j. It generally depends on the pressure, temperature, 
and concentration. Some examples are given in the follow- 
ing section. 


2. 1.1.1 Some Equations of State There is a wide variety 
of equations of state that apply to classes of materials over 
specific ranges of operating conditions. A particularly 
important class is the cubic equations of state that are 
explicit in pressure. Some of these cubic equations can 
describe both liquid and gas behavior. An application to a 
pure liquid is given in Example 2. 1.1. 1-1. Applications to 
liquid mixtures will be discussed further in Chapter 6 in the 
context of phase equilibrium. 

Two popular examples of cubic equations are listed in 
Table 2.1. The truncated virial equation from statistical 
mechanics is also listed. A number of equations of state 
can be cast in the form of the virial equation. The composi- 
tion dependence of the parameters in the cubic equations of 
state finds its roots in statistical mechanics. 

The parameters in the cubic equations of state are typi- 
cally functions of the critical parameters, the temperature 
and the acentric factor, u>. The critical parameters appear 
from the thermodynamic stability requirement that the first 
and second derivatives of pressure with respect to volume 
vanish at the critical point. 

The acentric factor was introduced to account for the 
deviations that were observed for molecules with asymmet- 
ric force fields. The theory of corresponding states implies 
that among other things a plot of reduced vapor pressure 
against reduced temperature should be the same for all 
molecules. Referring to Figure 2.4, this conclusion is true 


TABLE 2.1 Examples of Equations of State 


Equation 

Parameters 

Example Applications 

Redlich-Kwong-Soave ( # ) 

a = 0.42747 R T ° [1 + (1 7?' 5 )a(a), I))] 2 

Plant simulations:" 

d ^ a 


• Ammonia 

~V-b V(V + b) 

RT 

b = 0.08664 — - 

• Ethylene 

Pc 

• Acrylonitrile 


a(a>, T r ) = 0.48508 + 1.5517&) - 0.15613w 2 


Peng-Robinson 

a = 0.45724^ T ° [1 + (1 7^' 5 )a(cu, T r )] 2 

Pc 

Plant simulations:" 

RT a 

p — 

RT 

b = 0.07780 — - 

D 

• Vinyl chloride monomer 

V-b V 2 + 2 bV - b 2 

• Refinery lube oil unit 


P C 

• Ethyl benzene 


a(ft), 7V) = 0.37464 + 1.5422 eo - 0.26992 co 2 


Truncated virial equation 

B = — (fi ( °) +cofi (1 )) 

P C 

Fugacity coefficients of gases 

„ PV , 1 

Z = — = l+B- 
RT V 


up to several atmospheres 

fi (0) = 0.083 - 0.42277 1 ' 6 

B (1 > = 0.139 -0.17277 4 - 2 



Source: Walas (1985). 

# Multiply a by 1.202 exp(— 0.3028877) for hydrogen. 
"Aspen Technology (2000). 
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1.0 1.2 1.4 1.6 1.8 2.0 



FIGURE 2.4 Determination of acentric factor from reduced 
vapor pressure. (Adapted from Tester and Modell, 1997.) 


for the symmetric molecules, but significant deviations 
occur for those molecules with asymmetric force fields. 

The acentric factor is the vertical distance between the 
line for the symmetric molecules and the molecule in 
question at a value of reduced temperature where the 
reduced vapor pressure is 0.1. This occurs at a reduced 
temperature of 0.7, which is near the boiling point for many 
compounds. Consequently, the vapor pressure is likely to be 
available. Otherwise, any reasonable measure of the distance 
from the line for the symmetrical molecules would do. 

Example 2. 1.1. 1-1: Calculate the Molar Volume of 
Methane at —250 °F 

The critical temperature and pressure of CH 4 are 343 R and 
665.73 psia and the U acentric factor is given by 0.011 


(Yaws, 1999). The parameters for the RKS equation of state 
in Table 2.1 are therefore given by 


a = 0.42747 


(10.73 x 343.02) 2 
665.73 


1 + 1 - 


310 ' 
343.02, 


(0.48508 + (1.5517 x 0.011) - (0.15613 x 0.011 2 )) = 9135 


10.73 x 343.02 

b = 0.08664 — - — = 0.479 

665.73 


The equation for the isotherm is then 


P{V) 


10.73 x 310 
V - 0.479 


9135 

V(V + 0.479) 


which is plotted in Figure 2.5. 

There is clearly a range of pressures for each of which there 
are three intersections or roots of the isotherm. The smallest 
can be interpreted as the molar volume of the liquid and the 
largest as the molar volume of the gas at the temperature of the 
isotherm. The pressure is the vapor pressure at this tempera- 
ture. The question is which pressure to choose since any in the 
range of multiple intersections will provide the aforemen- 
tioned behavior. Thermodynamic arguments (e.g., Sandler, 
1999) conclude that the saturation pressure is the average 
pressure between the two molar volumes. The net area 
between the average pressure and the isotherm is zero. An 
algorithm for finding the saturation pressure is as follows: 


1. Assume an average pressure. 

2. Determine the roots. 

3. Evaluate the integral. 



FIGURE 2.5 — 150 °F isotherm for methane: RKS equation of state. 
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4. Determine average pressure from the integral. 

5. Reset the average pressure to the calculated value. 

6. Go to step 2 and repeat until the pressure converges. 

Application of the algorithm (root calculation is shown 
only for the first step): 

Assume the saturation pressure = 355 psia. 


The form of a cubic equation of state is generally retained 
for mixtures. The definition of an arbitrary parameter, p, in 
the equation of state is extended to the multicomponent case 
through the following mixture rule: 

P = XiX jPij (2 ' 9) 

‘j 


355 = 


10.73 x 310 


9135 


, ve(o,2) 


V- 0.479 V(V + 0.479) 
Solutions are {V = 0.94341} and {V= 6.3780} 

1 


6.3780 


6.3780 - 0.94341 


P(v) dv = 368.93 


1 

5.9574 - 0.93942 


0.94341 

5.9574 

/ 

0.93942 


P(v)dv = 369.53 


This is based on the results of molecular theory and 
applies exactly to the second virial coefficient, B, for 
example in Table 2. 1 . The p,, are replaced with combination 
rules 


Pij=f(Pi,Pj ). where p u = p t (2.10) 

A modified root mean square value is used for/ to evaluate 
the a parameter in the Redlich-Kwong-Soave and Peng- 
Robinson equations of state: 

c 

a = XiXjUij (2. 1 1) 

ij= i 


5.9397 

[ P(v) dv = 369.53 

5.9397 - 0.93925 J y ' 

0.93925 

V L = 0.9393 lb mol/ft 3 
V G = 5.93971b mol/ft 3 


77 ij \/ r dJdj( I Icjj ) ku — 0, kji — kjj (2.12) 

The k parameter is needed to correct the root mean square 
value for some specific systems. It is called a binary 
interaction parameter since it depends on the specific binary 
pair (/, j). Values of this parameter are given in Tables 2.2 
and 2.3. 


TABLE 2.2 Binary Interaction Parameters ky for the Redlich-Kwong-Soave Equation of State 



H 2 S 

co 2 

N 2 

CO 

h 2 s 

- 

0.1020 

0.1400 

- 

co 2 

0.1020 

- 

-0.0220 

-0.0640 

N 2 

0.1400 

-0.0220 

- 

0.0460 

CO 

- 

-0.0640 

0.0460 

- 

Methane 

0.0850 

0.0973 

0.0319 

0.0300 

Ethane 

0.0829 

0.1346 

0.0388 

0.0000 

n-Propane 

0.0831 

0.1018 

0.0807 

0.0200 

2-Methylpropane 

0.0523 

0.1358 

0.1357 

- 

«-Butane 

0.0609 

0.1474 

0.1007 

- 

2-Methylbutane 

- 

0.1262 

- 

- 

n-Pentane 

0.0697 

0.1278 

- 

- 

n-Hexane 

- 

- 

0.1444 

- 

n-Heptane 

0.0737 

0.1136 

- 

- 

/i-Octane 

- 

- 

- 

0.1000 

n-Nonane 

0.0542 

- 

- 

- 

n - Decane 

0.0464 

0.1377 

0.1293 

- 

Propylene 

- 

0.0914 

- 

- 

Cyclohexane 

- 

0.1087 

- 

- 

Isopropylcyclohexane 

0.0562 

- 

- 

0.0100 

Benzene 

- 

0.0810 

0.2131 

- 

1 ,3 ,5-Trimethylbenzene 

0.0282 

- 

- 

- 


Source : Walas (1985). 






TABLE 2.3 Binary Interaction Parameters k l2 for the Peng-Robinson Equation of State 



C2H4 c 2 h 6 

c 3 h 6 

c 3 h 8 

/-C4H10 

/7-C4H10 

/-c 5 h I2 

k-C 5 H 12 

/7-C 6 Hi4 

c 6 h<, 

r-C*H l2 

n-CyHu, 

w-CioH 22 

n 2 

CO 

C0 2 

S0 2 

H 2 S 

ch 4 

0.022 -0.003 

0.033 

0.016 

0.026 

0.019 

-0.006 

0.026 

0.040 

0.055 

0.039 

0.035 

0.049 

0.030 

0.030 

0.09 

0.136 

0.08 

C2H4 

0.010 




0.092 




0.031 


0.014 

0.025 

0.086 

-0.022 

0.056 



C 2 H 6 


0.089 

0.001 

-0.007 

0.010 


0.008 

-0.04 

0.042 

0.018 

0.007 

0.014 

0.044 

0.026 

0.130 


0.086 

c 3 h 6 



0.007 

-0.014 









0.09 

0.026 

0.093 


0.08 

c 3 h 8 




-0.007 

0.003 

0.011 

0.027 

0.001 

0.023 


0.006 

0.0 

0.078 

0.03 

0.12 


0.08 

I-C4H10 





0.0 








0.10 

0.04 

0.13 


0.047 

/J-C4H10 







0.017 

-0.006 



0.003 

0.008 

0.087 

0.04 

0.135 


0.07 

/-C5HI2 







0.06 






0.092 

0.04 

0.121 


0.06 

«-C 5 Hj2 









0.018 

0.004 

0.007 


0.10 

0.04 

0.125 


0.063 










0.010 

-0.004 

-0.008 


0.15 

0.04 

0.11 


0.06 

c 6 h 6 










0.013 

0.001 

0.1 

0.164 

0.11 

0.077 

0.015 


c-C 6 H 12 













0.14 

0.10 

0.105 



n- C7H16 













0.1 

0.04 

0.10 


0.06 

«-C|oH 2 2 













0.11 

0.04 

0.114 


0.033 

n 2 














0.012 

-0.02 

0.08 

0.17 

CO 















0.03 


0.054 

C0 2 
















0.136 

0.097 

S0 2 


















H 2 S 



















Source: Adapted from Sandler ( 1 998). 
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An arithmetic mean is used for /to evaluate the value 
of b in the Redlich-Kwong-Soave and Peng-Robinson 
equations of state: 

c 

b = ^ XjXjbjj (2.13) 

ij= 1 

by = ^ {bi + bj) (2.14) 

c 

b = Xjbj (2.15) 

1=1 

The virial coeffficient is extended to mixtures by using these 
expressions in Table 2.1 with pseudocritical properties for 
the binary pairs in the mixture (Walas, 1985): 


where the coefficient of thermal expansion and isothermal 
compressibility are defined respectively by 


1 / 

'dV\ 

(2.26) 

«r = -( 

ydfjp 

1 

SdV\ 


K = 

V 

\dPJr 

(2.27) 


We will take the equation of state for the pure condensed 
states to be the integral of Equation (2.26) where the 
coefficient of thermal expansion and isothermal compress- 
ibility are assumed constant: 

V = V 0 e" 7 ' (7 ’' r ° ) e~ K ( p - p ^ (2.28) 


B — ^ ^ XiXjBij 
ij 

(2.16) 

» _RT C ij( (o) R (i)\ 

U - p i B ij + M U B ij ) 
r cij 

(2.17) 

1 / 

COij = ^{(Oi + (Oj) 

(2.18) 

Zcij = 2 (Zc i + Zcj) 

(2.19) 

y 1 / 3 = -(yV 3 + y 1 / 3 ) 

CIJ 2 v cz c/ / 

(2.20) 

n aj = (1 - kij)(T ci T cj ) l/2 

(2.21) 

Pcij = Zc ijRTcij/Vcij 

(2.22) 


Typical values of these parameters are, respectively, 
1CT 5 (K' 1 ) and 1CT 6 (bar' 1 ) for solids and 1(T 3 (K' 1 ) 
and 10 1 (bar' 1 ) for liquids. 

A variable density will give rise to a nonconstant volu- 
metric flow rate, which will require energy and momentum 
balances to determine the temperature and pressure in the 
density function or equation of state. 

We can express the flow rate of species i as the product of 
a concentration and total flow rate for use in the mass 
balance as 

pPv w = Wf (2.29) 


The concentration p f 1 is the mass of i per unit volume in the 
differential element of steam j in consistent units and is 
related to the mass fraction by 


oii) 


= CD, 


U) 


(2.30) 


The value of the binary interaction parameter is given by 
Tsonopoulos (in Walas, 1985) in number or correlations. For 
methane (f)-hydrocarbon (j) mixtures, for example, 

kjj = 0.0279(ln«c/) 2 (2.23) 

where n c is the number of carbon atoms. 

As mentioned above, the change in volume of a liquid or 
solid with pressure or temperature is not substantial. When 
this is not the case, the following approximation can be used. 
The change in volume resulting from changes in pressure 
and temperature is given by 

dv =© P dr+ © r d,> <224) 


Note that the units of the concentration and total flow in 
Equation (2.22) are related as in Equation (2.7): 

mass i total volume mass i 

x = (2.31) 

total volume time time 

It is often expedient if the total stream flows are approxi- 
mately constant between inlets and outlets. The volumetric 
flow of gases is very sensitive to changes in temperature and 
pressure and the total mass flow will change significantly if a 
concentrated component is transferred to another phase, 
which is not uncommon in separation processes. A conve- 
nient flow unit in many such applications is the mass flow of 
a solvent or, more generally, of a nontransferring compo- 
nent, say species s, W]p. The concentration unit required in 
the mass balance is the mass ratio of species i to species s: 


or 


d In V = a T dT — k dP 


(2.25) 


mass i cot 

°>i/s 

' mass s (D s 


COi 


1 - E (Ok 
all species (k^s) 


(2.32) 
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where the solvent must be clearly identified and understood. 
The mass flow rate expression to be used in the mass balance 
for species / is then 

ajwf = Wf (2.33) 

Note again that the units of the concentration and total flow 
in Equation (2.26) are related as in Equation (2.6): 

mass i total mass s mass i 

x = (2.34) 

mass s time time 

This must always be the case. We are free to express the total 
flow in any units or terms that we wish as long as the 
concentration unit is consistent, that is, the product of the 
flow and the concentration gives W,- : 

mass i flow unit mass / 

- x — t = — (2.35) 

flow unit time time 


Recall that molar units may also be used. Conversions 
between different measures of flow and concentration mea- 
sures can be developed. The relation between mass and 
molar concentrations is given by: 


(?) 


P[ 

Mi 


= c 


U) 


(2.36) 


where cy and M, are the moles per unit volume in stream j 
and the molecular weight of species /, respectively. Mass and 
mole fractions are related by 


xP = 


coP /Mi 


Eall species ik/^k / all species (. 




xP = 1 


(2.37) 


where the mole fraction of i in stream j is x[ > . Mole ratios 
and mole fractions are related similarly to their analogues in 
mass units by 


(j) 


JJ) _ 
i/s 

Ac 


JJ) 


i-E, 


all spcciesft:/,vj X k 


(j) 


(2.38) 


where the molecular weight of the mixture in stream j is 
A# = Y X P M i (2.41) 

all species (/) 


The following would be used in the mole balance in the case 
of a total molar flow unit: 

xPA f® = Afp (2.42) 

The units required are moles //time. The total volume flow 
would be used in the molar case as 


cPv U) = JVp (2.43) 

Note that in concert with the mass units, 

Y C P = cU) (2.44) 

all species(/) 


and 


X U) _ c f_ 


(2.45) 


The molar equation of state for the mixture in stream j is A' 1 , 
a function of temperature, pressure, and concentrations. 

Other examples can be devised, but all have similar bases. 
Note that with this notation, the species and stream indices 
are separated by one line, making it easy to check a mass 
balance for a common species. The stream numbers are 
easily checked if an overall mass balance is done first, since 
all streams must appear. 


2. 1.1.2 Mass Rate of Production The mass rate of pro- 
duction of species / by chemical reactions is the net result of 
all chemical reactions taking place in the chemical process- 
ing system. The location of the reactions with respect to the 
individual units in the system is not recognized in the mass 
balance, except by finer definitions of the system that 
include fewer process units. We will limit the discussion 
to single reactions expressed as follows: 


Total flow rates can also be related. Note that 

X] pf = P u) (2-39) 

all species (i) 

and refer, for example, to Equation (2.30) summed over all 
species for the relation of the total mass to volume flows. The 
total molar flow, A /" , and total mass flows are related by 

Af(j) = VPp 

MW 


Y ^ A i = 0 (2.46) 

all species(i) 

where the stoichiometric coefficients have the following 
signs: 

if = 0. / = inert 'l 

dj -< 0, i= reactant > (2.47) 

f)j A 0 ; i — product J 

and Aj is the chemical symbol for species /. As an example, 
consider the oxidation of S0 2 (.4 , ) in air, N 2 (A 2 ), and 
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O2 (A 3 ), to produce SO3 (A 4 ), a step in H 2 S 0 4 production: 

S0 2 + 1/2 0 2 = S0 3 (2.48) 

In the above scheme, #1 = — 1, # 2 = 0, #3 = —1/2, and 

#4 = 1. 

Conservation of total mass in the reaction is expressed as 
53 W = 0 (2.49) 

all species (i) 

which is the motivation for the expression of the reaction 
stoichiometry as a mathematical equality. In the S0 2 exam- 
ple, the preceding result states that the molecular weight of 
SO3 is the molecular weight of S0 2 plus half the molecular 
weight of O2. 

The molar rates of production of each species, R,, are 
related by the stoichiometric coefficients: 

R 

— = 3i { v> >- 0, for all components (i) (2.50) 

Vi 

In the SO2 example, the rate of production of SO3 is the rate 
of production of 0 2 (negative) divided by —1/2, or oxygen 
must be depleted at twice the rate sulfur trioxide is formed. 
Check the implications for sulfur dioxide and alter the 
equation so that it works for nitrogen. 

In some circumstances, such as in level one design 
calculations, we will know the molar reaction rate of a 
particular reactant, say A key , by knowing its conversion. 
In this case, all of the reaction rates are known by 

^-=St {V) (2.51) 

tfkey 

*» = 0.~ (2-52) 

^key 

The preceding two relations are true also if A key is a product 
whose production rate is known. Specifications regarding 
reaction rates are for the purposes of specifying operating 
conditions and material flows for the processing system. 
Equipment sizing in level-two design calculations follow 
these steps, which may need to be refined based on the 
results of the individual designs. 

The above expressions must be scaled by the 
molecular weights to use mass units for the reaction rates. 
Note that 

53 R . = ( 53 ^W y) (2.53) 

all species(i) I all species (i) I 


where 

53 = mole change for the reaction (2.54) 

all species (i) 

Equation (2.54) expresses the fact that moles may not be 
conserved in the reaction. The sum of the mass rate of 
production for each species would, of course, be zero. Molar 
units are the most expedient ones to employ when chemical 
reactions are present. 

The rate of mass accumulation refers to the rate at which 
the mass of species i is increasing throughout all of the units 
contained in the system. Like the reaction rate, the accumu- 
lation rate can only be localized by a less expansive defini- 
tion of the system. At steady-state conditions, none of the 
system characteristics change in time, which requires that all 
rates of accumulation vanish. We will be concerned mostly 
with steady-state conditions. 

2.2 STEADY-STATE MASS BALANCES WITHOUT 
CHEMICAL REACTIONS 

Steady-state mass balances without chemical reactions can 
be expressed for each species as follows: 

53 wp= 53 nf, / = 1 , 2 , ... ,n 

all input streams (/) all output streams (J) 

(2.55) 

These relations are used to determine the unknown flows and 
compositions that are the result of process decisions we have 
made to reach our objectives. The relations may be applied 
to a multiphase system since there can be no net inter- 
changes of mass between the phases at steady state. On the 
other hand, they may be applied to a single phase in a 
multiphase application, but provision must then be made for 
interphase mass transfer in addition to the input and output 
streams for the process. Such interfacial mass transfer rates 
are considered in Chapter 12. 

2.2.1 Degrees of Freedom 

The variables in the macroscopic mass balances are flows 
and concentrations. The mass balances represent relations 
between these variables. If the number of equations is equal 
to the number of unknown flows and concentrations, we 
cannot, or need not, make any (additional) specifications; 
that is, there are no degrees of freedom. Only in this 
circumstance can the set of mass balances be solved. If 
the number of unknowns exceeds the number of equations, 
the degrees of freedom are positive and the mass balances 
cannot be solved. We must make additional process deci- 
sions or specifications. If the number of mass balances 
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exceeds the number of unknowns, the mass balance again 
cannot be solved. The problem is overconstrained in this 
case and we must leave some of our expressed needs to fate. 
The degrees of freedom must be zero before any attempt is 
made to solve the mass balances. The degrees of freedom 
can be investigated as follows. 

The number of components in the system is taken to be 
AT and either mass or molar units may be used. If the 
number of input streams is AT and the number of output 
streams is AT, there are (AT + AT) AT unknown flow rates in 
Equation (2.55). Since there are only A relations, the number 
of degrees of freedom in the system is 

$ = (AT + AT - 1)AT (2.56) 

This expresses the requirement that <F flow rates must be 
specified or, more generally, <F independent relations 
between the flow rates must be specified, in order that the 
mass balances in Equation (2.55) can be used to solve for the 
remainder. 

The system may be expanded or diminished on the basis 
of exposing streams whose flow rates are desired, but the 
degrees of freedom may always be used to check that 
sufficient specifications are present. If the number of sub- 
systems is AT, which must always be less than the total 
number of active units, the degrees of freedom will be 

® = {N S - AT) AT (2.57) 

where the number of streams entering or leaving the sub- 
systems, AT, has replaced AT and AT to avoid repetition. This 
result does not account for restrictions on the process flows, 
temperature, and pressure that are inherent in the process 
equipment or operation and therefore decrease the degrees 
of freedom. For example, we do not expect to find process 
materials in the coolant stream from a heat exchanger. 
However, these flows are counted as unknowns in the 
preceding expression for the degrees of freedom and are 
specified when satisfying the degrees of freedom in a 
particular application. We will account for stream splitters 
explicitly and leave other equipment to examples. 

Consider the stream splitter shown in Figure 2.6. The 
degrees of freedom are reduced because of the splitter 
property that the concentrations in the daughter streams 
are the same as the parent stream. A fraction ej of the 
feed is sent to the daughter stream S r where 

n d 

5>, = 1 (2.58) 

j= i 

Consequently, 

Wp=€ j wf ) j = 1,2,..., AT (259) 

i = 1)2,..., AT 



FIGURE 2.6 Splitter. 


These ATAT equations are not independent of the mass 


balances. 

The last set,y = Nd, i 

ean be derived from 

i the mass 

balances 

as follows: adding, 




V D -1 

iV D -l 




E 

w? = nf £ 

i= 1,2,.. 

■ •,AT 

(2.60) 

j = i 

7=1 




w, (0) 

- wf D) = w| 0) (l - 

Gv d ), i = 

1,2,.. 

-,N C 

wf D) = \ 

i = 

1,2,.. 

-,AT 


(2.61) 


We have therefore added AT(AT> — 1) equations, and N D 
unknowns with one relation between them, stating that they 
must sum to unity. The total degrees of freedom can then be 
adjusted as follows: 

<*> = {N s - N U )N C ~ AT (AT - 1) - 1 + N d ^ 

( 2 . 62 ) 

$ = (N s - N U )N C - (AT - 1)(AT> - 1) 

If more than one splitter is present, 

= (AT - AT)AT - (AT - 1) (AT), total - ATplitters) (2.63) 

This expression represents the degrees of freedom when 
splitters are present and requires that the splitter mass 
balances be written as well as the equations above. 

Concentrations and total flows may be used in place of 
the individual flows. The number of degrees of freedom will, 
however, remain the same. Consider stream j, for example. 
There is one total flow and AT concentrations to give 
(AT + AT) (AT + 1) variables. To the AT possible mass 
balances, we must add a relation for the concentrations. 
Stream concentrations in fractional units must sum to unity, 
those in volume units must obey an equation of state and 
the mole ratio for a nontransferring component is unity by 
definition. The number of equations is then AT + AT + AT, 
which must be subtracted from the number of variables. The 
result reduces to Equation (2.59). The relation between the 
concentrations must be explicitly defined when using soft- 
ware to solve the mass balances. Software is not aware that 
mole fractions must sum to unity, for example, even though 
you may apply this automatically. The relation between the 
concentration units is equivalent to the total mass balance. 
Also, specifications for the process must be consistent with 
the mass balances and concentration relations. If all mass 
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fractions for a stream are specified, for example, they must 
sum to unity. 

The individual species balances in mass fraction units and 
total flows are given by 

E cofW® = Y cJpW®, 

all input streams (/) all output streams (j) 


i=l,2,...,N c 


(2.64) 


The total mass balance is the addition of these over the 
individual components: 

E E 

all species (z) all input streams (/') 

- E E cofw® (2.65) 

all species(z') all output streams (/) 



FIGURE 2.7 Sugar manufacture. 


or 


E 

all input streams (/) 


E ^ 

all species(z') 


w w 


E 

all output streams (/) 


E ^ 

all species (i) 


w u) 


(2.66) 


or 


E = e W<J) ( 2 - 67) 

all input streams (j) all output streams (j) 


One individual species balance may therefore be eliminated 
in favor of a total mass balance. The total mass balance may 
not be added to a full set of species balances and the 
concentration relation is explicitly required. 

Note that it is generally preferable to use the individual 
flows since in this case the mass balances are linear. Also 
in making process specifications, we presume that at the 
next level of process design it will be possible to configure 
that process units to meet the process specifications. 
Adjustments may therefore be needed in the process 
specifications and the material balances may need to be 
redone. 

Example 2.2.1-1: Manufacture of Sugar 

A simplified flow sheet for the manufacture of sugar is 
shown in Figure 2.7. 

Sugar cane (Si) is fed to a mill where a syrup is 
squeezed out, and the resulting gases (S2) contain 80% 
pulp. The syrup (S3) containing finely divided pieces of 


pulp is fed to a screen, which removes all of the pulp in a 
waste stream (S 5 ) and produces a clear syrup (S4) contain- 
ing 15% sugar and 85% water. The evaporator produces 
water (Sfl) and a heavy syrup (S7) containing 40% sugar. 
The crystallizer produces water (S x ) and 1000 lb/h of pure 
sugar crystals (Sg). 

The objective is to determine all unknown flow rates and 
compositions and to calculate a process efficiency as lb of 
sugar obtained per lb of sugar cane. Can you think of another 
meaningful definition of efficiency for the process? 

Define each unit as a processing system in order to expose 
all streams for analysis. Following is summary for all of the 
systems using mass fractions and total mass flow rates as the 
variables: 

Sugar = component 1 , water = component 2, 
pulp = component 3 

Number of units (7V U ) = 4 
Number of streams (,/V s ) = 9 
Number of components (N c ) = 3 
Number of unknowns = 9x(l + 3) = 36 
Number of equations = 4x3 (mass balances) + 9 (con- 
centration relations) = 21 

Degrees of freedom (no splitters) = = (9 — 4)3 — 0=15 
Specifications (total =15) 

J' ] = 0.16, 4 J) = 0.25 

4 2) = 0.80 


40 MACROSCOPIC MASS BALANCES 


( 3 ) 

4 = 

0.13, 

( 3 ) 
a> 3 

= 0.14 

. ,( 4 ) 

U) \ - 

0.15, 

,,( 4 ) 
CO 2 

= 0.85 


,,( 5 ) 

CO 3 — 

0.95 


,,(6) 
°>1 - 

= 0.0, 

,16) 

Cx>2 

= 1.0 


,,( 7) - 
w i - 

0.40 


(8) 

4 = 

= 0.0, 

(8) 

®2 

= 1.0 


= 1000, 4 9) = 0.0 


Consequently, the problem is completely specified. 
“Normally,” one would write the mass balances and the 
required concentration relations and check that the degrees 
of freedom are zero. 

Mass balances around each unit can be used to determine 
all of the unknown flow rates and compositions. These 
balances are summarized below and account for the specifi- 
cations so that not all concentrations appear as variables. 
Note that there is no pulp present after the screen so it does 
not need to be introduced in the mass balances for the 
evaporator and crystallizer. This could be done, however, 
allowing the mass balances to conclude that the pulp con- 
centrations are zero for streams 6 through 9. Try it. 


0.16W (1) = 4 2) W (2) +0.13W (3) 

mill, sugar 

0.25W (1) = 4 2) W (2) +4 3) W (3) 

mill, water 

0.5W (1) = 0.80W (2) + 0.14W (3) 

mill, pulp 

4 2) + 4 2) + 0.80 = 1 

stream 2 

0.13 + 4 3) + 0.14 = 1 

stream 3 

0.13W (3) = 0.15W (4) +4 5) W (5) 

screen, sugar 

4 3) w (3) = o.85w ( 4) + 4 5) w (5) 

screen, water 

0.14W (3) = 0.95W (S) 

screen, pulp 

cof ] + 4 5) + 0.95 = 1 

stream 5 

0.15W (4) = 0.40W (7) 

evaporator, sugar 

0.85W (4) = W (6) + 0.60W (7) 

evaporator, water 

o.4oyv (7) = iooo 

crystallizer, sugar 

o.6oyv (7) = w (8) 

crystallizer, water 


Unknown flows: W (1) , W (2) , W (3) , W (4) , W (5) , W (6) , 

yyC 7 ), W (8) 


Unknown concentrations: 44 44 44 oJ ] 5> , 4 5 ' 

Total unknowns = 13 

Total equations = 13 

Solution is 

W (l) = 2457.4, W (2) = 1675.5, W (3) = 7818.9, 

W (4) = 6666.7 

W (5) = 1152.3, W (6) = 4166.7, W (7) = 2500.0, 

w (8) = 1500.0 

tt. ( ! 2) = 0.174, 4 2) = 0.026 

4 3) = 0.73 

4 5) = 1-4286 x 10' 2 , 4 5) = 3.5714 x 10~ 2 

Efficiency = 1000/W’ 11 ^ : 4.0693 x 10~ 2 lb sugar/lb sugarcane 

Example 2.2. 1-2: Air Separation Plant 

Adapted from Luyben and Wenzel (1988). 

A typical separation plant is represented in Figure 2.8 and 
consists of two distillation columns (1 and 3) and a heat 
exchanger (2): 

The pressures in the two columns is adjusted so the heat 
of condensation of the light component in the first column is 
at a sufficiently high temperature to be used to boil up the 
heavy component i in the second column. The condensation 
and boiling take place on the two sides of the heat exchanger. 

Process specifications: 

1. The reflux to the second column is three times that of 
the first column. 

2. The plant produces 2500 ft 3 /h of oxygen product at 
350psia and -100 °F. 

Determine the stream flows and the unknown 
concentrations. 

Degrees of Freedom 

Nq = 2, N u = 3 (includes one splitter with two daughter 
streams and excludes the heat exchanger). 

Ns = 1 There is insufficient information to determine the 
unlabeled stream (Why?). 

(f> = (7 — 3)2 — (2 — 1)(2 — 1) = 7 There are five spec- 
ified concentrations (count them) and two process 
specifications: The reflux relation above and the oxy- 
gen production rate, (V ,7) . The problem is therefore 
well defined. 
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Crude oxygen 

65 mol% N 2 I 

Oxygen product 
0.2 mol% N 2 


FIGURE 2.8 Air separation plant. 


Define species 1 = nitrogen and 2 = oxygen and assume 
that air is an ideal gas consisting of 79 mol% N 2 and 29 mol% 

o 2 . 

The unspecified concentrations may be easily established 
since the sum of the mole fractions is one (Equation 2.38): 

4 1)= 0.21, xf = 0.35, 

xf = 0.01 = xf = 4 5) (Why?), 

xf = 0.005, xf = 0.998 

There are three process units: two distillation columns 
and a stream splitter. The heat exchanger is not significant 
from an overall mass balance point of view since it only 
adds/subtracts thermal energy. A set of independent mass 
balances can be written around each of these or two of these 
and the overall. You might try a combination other than 
the one we have chosen. Finally, we have the process 
specifications. 

M (l) = + M {1) 

0.79TV (1) = 0.995A/" (6) + 0.002A/' (7) 

M (l) + M (2) = N (4) + N (3) 

0.797V (1) + 0.997V (2) = 0.99Af (4) + 0.65A/" (3) 

m (4) = m ( 2 ) + m (3) 

A/- (5) = 3A/- (2) 

m 2500(350/14.7) 

0.7302(460 - 100) 


Solution (lbmol/h): 

JV (l) = 1096.8 
JV {2) = 150.55 
JV (3) = 645.20 
A f (4) = 602.18 
A f (5) =451.64 
A/" (6) = 870.40 
A f (1) = 226.44 

2.3 STEADY-STATE MASS BALANCES WITH 
SINGLE CHEMICAL REACTIONS 

The addition of a single reaction amounts to another contri- 
bution to the total output flow. In molar units 

E *T= E 

all output streams (j) all input streams (/) 

i= 1,2,..., Ac (2.68) 


Overall material (total) balance 
Overall nitrogen balance 
Total material balance around column 1 
Nitrogen balance around column 1 
Total material balance around splitter 
Process specification 

Process specification 
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Ri is the rate of production of species i taking place in the 
selected processing system due to all of the reactions, in 
which Aj participates. The addition of the reaction rates 
increases the degrees of freedom by at most N, which can be 
satisfied, for example, by specifying the conversion rates of 
all reactive components. We will limit our discussion to 
cases where it is possible to define subsystems in which there 
is at most a single reaction taking place. In such systems, 
we can use the reaction stoichiometry as expressed in 
Equation (2.46): 

E A ff = E A (f + ViStM, 

all output streams (J) all input streams (j) 


i=l,2,...,!Vc (2-69) 


2.3.1 Degrees of Freedom: Reaction Rate and Key 
Component 

The degrees of freedom are increased by 1 over the unreac- 
tive case because of 1Z. 


<& = {N S - N a )N c - (N c - l)(fV D , totaI - fV splitters ) + 1 

(2.70) 

We will normally have a specification of the reaction rate 
of a key component, which may change if we focus on 
another subsystem with a different chemical reaction. This 
specification can be used to remove the additional degree of 
freedom introduced by the single reaction. 

The reaction rate may be fixed by a specific fractional 
conversion of a key reactant, Xk ey (0 < Ay cv < 1): 

E -^key = (1 — Wey) £ 

all output streams (j) all input streams (j) 

(2.71) 

The freedom to choose the reaction rate or conversion is only 
apparent. In fact, the reaction rate is a local variable that 
depends on the local state of the system (see Chapter 8). The 
net reaction rate for the key component referred to here is the 
integral result of the local rates, the integral depending on 
the system configuration. Aside from the case where the 
local conditions are uniform throughout the system, a 
microscopic analysis is required (see Part II). Local condi- 
tions are uniform throughout the system in the case of 
completely mixed systems (see Chapter 6). We will proceed 
here under the assumption that our specification of the net 
reaction rate or conversion is physically realizable. 

Substitution into the mass balance for the key component 
and using the definition of 1Z in Equation (2.50) gives 


St (V) 


-^key 


1 

. $key 


E < = 

all input streams (j) 


^key 

^key 


(2.72) 


or 

tfkey = -Wey E ^tey (2-73) 

all input streams (j) 


The mass balances then consist of the preceding equation 
and 

all output streams (j) all input streams (j) ^ 

i=l,2,...,N c (2.74) 


Equations (2.73) and (2.74) organize the reactive mass 
balances for single reactions and incorporate all of the 
implications of stoichiometry in this respect. Note that 
the mass balance for inerts reduces to the unreactive case 
and that complete conversion of a key reactant results in no 
output flows for this species. 

Often the key reactant is a limiting reactant in the sense 
that it is materially or stoichiometrically possible to con- 
sume this component completely by chemical reaction. 
There can be more than one limiting reactant. For a single 
reaction, the index of the limiting reactant, say /, is given by 


/ = Min 

z 6 reactants 


£ vfi 

all input streams (j) 


(2.75) 


Example 2.3. 1-1: Production of Formaldehyde 

Adapted from Luyben and Wenzel (1988). 

A condensed version of the process for the manufacture 
of formaldehyde is shown in Figure 2.9. 

Methanol is oxidized to formaldehyde using air as the 
source of oxygen. 

CH 3 OH + 1 /20 2 -> HCHO + H 2 0 

The reactor is a fixed bed containing an iron-molybdenum 
oxide catalyst. The reactor feed, stream 4, contains 8 mol% 
methanol and 10 mol% oxygen. The methanol is completely 
converted in the reactor. A purge stream for nitrogen is taken 
off the overhead product from the separator. The purge 
contains no water. The bottom product from the separator 
is a 37 wt% solution of formaldehyde in water. The addi- 
tional water required for this product is supplied to the 
separator in stream 5. 

Calculate the flow rates of the streams that have labels. 

Since we are not concerned with the unlabeled streams, 
we may group together the two splitters and the reactor 
together with the separator. Therefore, we can make mass 
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FIGURE 2.9 Manufacture of formaldehyde. 


balances on three equipment groups. Note that stream 3 and 
stream 7 have the same composition, but possibly different 
flows and that stream 7 is the only exit for nitrogen. Stream 4 
therefore contains no water or formaldehyde. 

Degrees of freedom: 

N u = three degrees of freedom including one splitter 
(before purge stream) and two combinations: the two 
mixers and the reactor-separator combination 

Sputters = one degree of freedom 

N s = eight degrees of freedom including the product 
stream leaving the bottom of the distillation column 

Nc = five degrees of freedom 

Therefore, the degrees of freedom may be calculated with 
Equation (2.70): 

$ = (8-3)5- 1(5- 1) + 1 =22 
Specifications: 

1. Methanol and oxygen content of stream 4 = two 
degrees of freedom. 

2. Conversion of methanol = one degree of freedom. 

3. No water in purge = three degrees of freedom (since 
there can be no water in streams 3 and 6). 


4. Product stream flow and composition = four degrees 
of freedom. 

5. Pure water makeup = four degrees of freedom. 

6. Pure methanol feed = four degrees of freedom. 

7. Pure air feed = four degrees of freedom. 

The total number of specifications is 22, the number of 
degrees of freedom arrived at above. Consequently, the 
system is well defined. 

Species labels: 

1 = CH 3 OH 

2 = O 2 

3 = HCHO 

4 = H 2 0 

5 = N 2 

Stoichiometry: 

#t = -l 
&2 = - 1/2 
&3 = 1 

§4 = 1 
# 5=0 
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Air and reactor feed compositions: 

jc 2 (1) = 0.21 

4° = 0.79 
4 4) = 0.08 
4 4) = 0-10 

Mass balances with preceding specifications incorporated: 


with nitration acid, an aqueous solution of nitric and sulfuric 
acid. 

H SO 

c 3 h 8 o 3 + 3HN0 3 ^ c 3 h 5 o 3 (no 2 ) 3 + h 2 o 

Refer to the schematic in Figure 2.10. 

1. Stream 1 is 100 wt% glycerin. 

2. The nitration acid is stream 2, which consists of 43% 
nitric acid, 50% sulfuric acid, and the balance water. 


A ^> = 4 4 W 4 > 

4%"4r<¥ 3) =x<% (4) 

I<¥') +x(V( 3 )=x^4) 

4 4) + 4 4) + 4 4) = i-o 
4 3) +4 3) = i 

0.37(3000) 

30~ = * 3 

o = ;t ( /V (4) + — /? 3 

#3 

0.63(3000) _ Ar(s) | R 
18 !? 3 

x^ 6) =4W W +^R 3 

i? 3 

x fW {6) =xfW {4) 

Af {3) +Af [1) = Af [6] 


Mixers before reactor: CH 3 OH 
Mixers before reactor: 0 2 
Mixers before reactor: N 2 
Definition 
Definition 

Reactor + separator: HCHO (key) 
Reactor + separator: CH 3 OH 
Reactor + separator: H 2 0 

Reactor + separator: 0 2 

Reactor + separator: N 2 
Splitter after separator 


Solution (flows in lbmol/min): 

4 3) = 0.068182 
4 3) = 0.93182 
4 4) = 0.82 
Af {1) = 121.55 
J V (2) = 37.0 
J V (3) = 303.95 
A r (4) = 462.5 
J V (5) = 68.0 
A f [S) = 407.0 
Af (1) = 103.05 
R 3 = 37.0 


Example 2.3.1-2: Manufacture of Nitroglycerin 



Nitroglycerin, C 3 H 50 3 (N 0 2 ) 3 , a widely known high ex- 
plosive, is made by mixing high-purity glycerin C 3 H 8 0 3 


FIGURE 2.10 Manufacture of nitroglycerin. 
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3. The sulfuric acid does not take part in the reaction, but 
is present to “catch” the water that is formed. 

4. The mixed acid entering the nitrator in stream 3 
contains 20% excess nitric acid. 

5. After nitration, the mixture of nitroglycerin and the 
acid solution goes to a separator. In stream 5, the less 
dense and insoluble nitroglycerin rises to the top and 
is removed entirely with some water in stream 6. 
Stream 6 is 96.5% nitroglycerin and the remainder is 
water. 

6. The aqueous acid solution in stream 7 is sent to an acid 
recovery tank where the sulfuric and nitric acids are 
completely separated. The sulfuric acid stream (8) is 
concentrated and sold for industrial purposes. A 70% 
nitric acid stream (4) is returned as recycle to the 
reactor. 


Compute the flows and compositions of all streams if 
1000 kg/h of glycerin are fed to the nitrator. 

Setup: 


Species A,- 

Index 

i 

Molecular 
Weight, Mj 

Stoichiometric 
Coefficient, v,- 

c 3 h 8 o 3 

1 

92.11 

-1 

hno 3 

2 

63.01 

-3 

c 3 h 5 o 3 (No 2 ) 3 

3 

227.09 

1 

h 2 o 

4 

18.02 

1 

h 2 so 4 

5 

98.08 

0 


Process stipulations and balance equations: 

w (1) = iooo 
4 3) =o 
4 3) = o 

cof* = 0 

4 7) = 0 
4 7) = o 
o>< 8) = 0 


4 3) w (3) w (1) 


(3)(1.20) 


63.01 92.11 

0.43W (2) + 0.70W (4) = «4 3) >V (3) 

0.07W (2) + 0.30W (4) = 4 3) W (3) 
0.50W (2) = «4 3) >V (3) 

w (3) +w (3) +w (3) + 43) +w (3 ) = 1 

4 5) W (5) _ wf ) W (3) (— 3)W (1) 

63.01 “ 63.01 + 92.11 

W ( 5 )>V (5 ) _ ypO) 

227.09 ~ 92.11 

4 5) W (5) _ 4 3) W (3) (3)W (1) 

18.02 “ 18.02 + 92.11 

4 5) W ( 4 = cof- *>V <3) 

, ,( 5 ) , , ,( 5 ) , , ( 5 ) ( 5 ) ( 5 ) _ . 

CO 1 + CO 2 + O) 3 + C0 4 + (0 5 — 1 

4 5) W (5) = 0.965W (6) 

4 5) W (5) = co ( 2 7) W (1) 

4 5) W (5) = 0.035W (6) + 4 7) W (7) 


cuf)>V( 5 ) = «4 7) >V (7) 

, XV , , XV , , XV , , XV , , ,( 7 ) _ , 

CO i + (O 2 + CO 3 + (0 4 + C0 5 — 1 


Component 3 fed in 
excess 

Nitric acid balance around 
feed mixer 

Water balance around 
feed mixer 
Sulfuric acid balance 
around feed mixer 
Definition 

Nitric acid balance around 
reactor 

Nitroglycerin balance 
around reactor 

Water balance around 
reactor 

Sulfuric acid balance 
around reactor 
Definition 

Nitroglycerin balance 
around separator 
Nitric acid balance around 
separator 

Water balance around 
separator 

Sulfuric acid balance 
around separator 
Definition 


4 7) W (7) = 0.70W (4) 

4 7) W (7 > = 0.30W {4) + 4 8) W (8 > 
a4 7 )yv (7 ) = 4 8) >V (8) 


Nitric acid balance around 
acid recovery 
Water balance around acid 
recovery 

Sulfuric acid balance 
around acid recovery 
Definition 


Solution: 

w (2) = 4772.6 

w ( 8) = 0.74158 

4 7) = 0.62728 

4 8) = 0.25842 
4 ?) = 0.26483 


CO 


( 8 ) 

2 


0 


cof ] = 0.37526 


at 


( 8 ) 

3 


0 


o>f ] = 0.17249 
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4 7) =0.10789 
4 5) = 0.3877 
4 3) = 0.44529 
of = 6.4545 x 10 -2 
4 3) =9.5165 x 10- 2 


,,( 3) - 
tt> 2 - 

= 0.45954 


= 3217.9 

W (7) 

= 3804.2 

yy( 6 ) 

= 2554.8 

y)/ 5 ) 

= 6359.1 


= 586.35 

w (3) 

= 5359.0 


2.4 STEADY-STATE MASS BALANCES WITH 
MULTIPLE CHEMICAL REACTIONS 

With single reactions we used the notion of conversion of a 
key reactant to measure the extent of the reaction. It is not 
possible to build on this approach since we cannot rely on 
any single component participating in all the reactions. 

2.4.1 Degrees of Freedom and Reaction Extents 

We can instead focus on the reaction and make use of the 
property that the change in molar flow for any component 
due to the /th reaction divided by the stoichiometric 
coefficient in that reaction is independent of the species: 

^-d ^ N i i ) = d£* i = 1,2, . . . ,N C ; k = 1,2,... 7V r 

all output 
streams (J') 

(2.76) 

The output flow rate for all of the components can then be 
written as 

53 A/f= 53 a4 + 5>A (2.77) 

output streams (j) inlet streams (j) k= 1 

which is an extension of Equation (2.69) to multiple 
reactions. In the case of single reactions, Equations (2.69) 
and (2.77) show the correspondence of extent to reaction 
rate: 

or = ■&£ (2.78) 


It is true in general since 

j=R j=R 

5 >^ = 5><6 (Z79) 

7=1 7=1 

implies the equality 31 f ^ if the reactions are indepen- 
dent. Independent reactions are discussed in the following 
section. 

The degrees of freedom are increased by 7V r over the 
unreactive case so that we will need to have an additional 7V r 
specification, assuming that the reactions are independent. 
Equation (2.62) then becomes 

cE = (7V S - N U )N C - (N c - 1)(TV d , total - TV sp ii tters ) + 1 V r 

(2.80) 


Example 2.4.1-1: Mass Balance on Acrylic Acid Reactor 
R-301 

The acrylic acid reactor and the associated heat exchange 
loop are shown in Figure 2.11, which was extracted from 
Figure 1.4. 

The heat exchange loop is included in the chemical 
processing system under consideration by specifying the 
stream breaks to be only 4 and 6. The heat duty for the 
reactor is considered in the following chapter (Example 
3. 6. 3-1). 


R-301 



FIGURE 2.11 Reactor R-301. Reprinted with permission of 
Pearson. 
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Solution: 

Indices for all components: 


Component 

Index 

c 3 h 6 

1 

o 2 

2 

C 3 H 4 O 2 

3 

c 2 h 4 o 2 

4 

h 2 o 

5 

co 2 

6 

n 2 

7 


Degrees of freedom: 

N s = two degrees of freedom 
/V LI = one degree of freedom 
N c = seven degrees of freedom 
/V r = three degrees of freedom 
^splitters = zero degree of freedom 

$ = (2 — 1)7 — 0 + 3 = 10 degrees of freedom 
Mass balances: Refer to Equation (2.77) 

a rf> = K ] - §i - - ? 3 

Aff ] = a rf ] + §, 

A/f =A§i 4) + § 2 
Aff'* = J\f^ + §! + § 2 + 3^3 
= + + ^ 

Nf = M 4) 


The output flows were fixed at the values given in Table 1.3. 
The calculated flows are seen to agree with this table. Also 
note that the three extents are the reaction rates calculated in 
Section 1.1.3, which we noted above is true for independent 
reactions. 

2.4.2 Test for Independent Reactions 

The reaction extents must be independent variables if we are 
to have independent relations between them. This in turn 
requires that the reactions be independent, by which we 
mean that no reaction can be written as a linear combination 
of the others. Another way of stating the same requirement is 
that the columns of the matrix of stoichiometric coefficients, 
[i7], be independent vectors (Dettman, 1962). These vectors 
can span at most an N c or /V, dimensional space, whichever is 
smaller. The dimension of the space that is spanned is called 
the rank of the matrix (Perlis, 1958). If the rank is equal to 
Min (/V c , N r ), then the matrix is fully ranked. Otherwise, it is 
rank deficient. We want to be certain that the matrix of 
stoichiometric coefficients is fully ranked. 

By performing elementary column operations, [#] may 
be reduced to column echelon form: for the first r columns, 
there is a one in the /th position,/ being the column number, 
and all zeroes above. The remaining columns contain only 
zeroes. The rank of the matrix is r. 

Elementary column operations are as follows: 

• Interchange of any two columns 

• Multiplication of any column by a nonzero scalar 

• Addition of a scalar multiple of one column to another 

Example 2.4.2- 1: Independent Reactions in the Acrylic 
Acid System 


There are 17 variables here and 7 equations. We must 
therefore fix 10 variables, which checks with the calcula- 
tions above. 

Let us fix all the feeds and the first three outputs. We can 
solve for the three extents with this scheme using the first 
three equations and the remaining output. 

Summary and solution: 


14.7= 127.0 - § M - §i , 2 - § lj3 

Aff ] = 6.54 

52.0 = 280.9 -^u-^u -^,3 

§ 1,1 = 87.79 

87.79 = 0 + § M 

Nf = 1165.8 

A/*4 1 = 0 + §i , 2 

§ 1,3 = 17.97 

A /4 1 = 1017.6 + § 1,1 + §i i2 + 3§i , 3 

§ 1,2 = 6.54 

A /4 1 = 0 + §! 2 + 3 § 13 

A 4 6) = 1056.7 

U\ 6) = 1056.7 

Nf = 60.45 


The matrix of stoichiometric coefficients can be con- 
structed as follows: 


Reaction 

1 

2 

3 

c 3 h 6 


' -1 

-1 

-1 

0 2 


-3/2 

-5/2 

-9/2 

C 3 H 4 O 2 


1 

0 

0 

C 2 H 4 O 2 


0 

1 

0 

h 2 o 


1 

1 

3 

C0 2 

0 

1 

3 


(2.81) 


This matrix can be reduced to —2 with the following column 
(col) operations: 


• Replace col2 with ( - I col 1 +col2) 

• Replace col2 with (lcoll +col3) 
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• Replace col3 with (— 3col2 + col3) 

• Multiply coll and col2 by —1 and col3 by 1/2 

The rank of the matrix is 3, indicating that indeed we have 
three independent reactions. 

If the reactions are not independent, one can select the 
independent set as the nonzero column vectors resulting 
from elementary column operations. 

Example 2.4.2-2: Selection of Independent Reactions 

Consider the following set of reactions. Determine the 
independent reactions that are present. 

2CO = C0 2 + C 


C + h 2 o = CO + h 2 
C + 2H 2 0 = C0 2 + 2H 2 


Solution: 


The matrix of stoichiometric coefficients is 


[»] 


Reaction 12 3 

C 1-1-1 

CO -210 
C0 2 10 1 

H 2 0 12 

H 2 0 0 -1 -2 


The following steps 


(2.82) 


• Add the first column to the second and third columns. 

• Subtract twice the second column from the third. 


Reduce the stoichiometric coefficient matrix to 


1 0 0 

-2 -1 0 

1 1 0 

0 1 0 

0-10 


(2.83) 


This indicates that the third reaction is not independent. 
These calculations have not established that the first two 
reactions form a complete set of independent reactions. 
Also, it should be noted that the preceding discussion could 
have been focused on rows instead of columns. The rank is 
the same from both points of view. 

Now suppose that we have the species present in the 
system identified and we set out to determine all of the 
independent reactions. 


2.4.3 Construction of Independent Reactions 

The column vectors in the matrix of stoichiometric coef- 
ficients are N c dimensional. The coefficients are used to 
balance the system reactions from the viewpoint of conserv- 
ing the number of atoms of each type that is present in each 
chemical reaction. Since we are presuming to know the 
chemical species that are present, we have information that 
can establish relationships between the stoichiometric coef- 
ficients. In fact, if there are N ) elements, we can write N t 
balances for the elements. The column vectors formed by the 
stoichiometric coefficients are N c dimensional but given the 
N/ balances, there can only be N c — N t independent quantit- 
ies remaining. The rank of [$] is then N c — N/. The N/ 
balances can be written as 


[dp] = [0] (2.84) 

where dy is the number of elements in compound j. The \d\ 
matrix is then N\ x N c . The rank of [cl] must be 1 since the 
elemental balances are independent. The dimensions of [if] 
are N c x N r . The objective is to use Equation (2.84) to 
generate a set of independent column vectors for [#], which 
span the N c — N/ dimensional space. 

The [d] matrix can be transformed into an upper triangu- 
lar matrix using elementary row operations (equivalent row 
point of view referred to in the preceding section) to give 

[«P] = [0] (2.85) 

The first N/ columns of [«] span a one-dimensional space. 
This means that N c — N/ of the elements of each column 
vector of [ )/] must be set in order to solve for the remaining 
elements. We can guarantee the independence of the column 
vectors if these N c — N/ elements are specified as the unit 
vectors in N c — N/ dimensional space. Since the operation of 
[d] on [ i) | is accomplished column-wise, we may focus 
attention on one arbitrary column (reaction). 

The mth column vector of [if] can then be expressed with 
the mth unit vector appended to the elements, which are 
determined by the elemental balance 


dim 

do m 


dm — 


dim 

0 

0 


dl+n 


= 1 


0 


(2.86) 
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The stoichiometric relation then reads as follows, since [iT] 
operates on the columns of [«]: 

n, 

^ '#i»iW/ I II/ nt 0; HI 1,2,... (/V c A I/) 
pf (2-87) 

where the //,• are the column vectors of [//] . 

The preceding equation can generally be solved by standard 
algorithms. If the number of components is not large, the 
method employed in Example 2.4.3- 1 might be applied. 

Example 2.4.3- 1: Independent Reactions in the Acrylic 
Acid System 

Define an independent set of reactions for the acrylic acid 
system based on the species present and show the relation- 
ship between the given reactions and the derived set. 

Solution: 

Define the [d\ matrix based on the assumed species popula- 
tion: 




c 3 h 6 

0 2 

c 3 h 4 o 2 

H 2 0 

C0 2 

C2H4O2 

[d] = 

C 

3 

0 

3 

0 

1 

2 

H 

6 

0 

4 

2 

0 

4 


O 

0 

2 

2 

1 

2 

2 

(2.88 


The rank of [d\ can be verified as 3. Also N c = 6, /= 3. The 
number of independent reactions is the 6—3 = 3. 

Reduce [d\ to the upper triangular form using elementary 
row operations: 


where 


114 = 

0 

1/2 

, "5 = 

'1/3' 

1 

, «6 = 

'2/3' 

1 


1 


-1 


0 


For 7/7 = 1 , 


#11 + #31 — 0 
#21 + #31 = — 1/2 
— #31 = — 1 


(2.91) 

(2.92) 

(2.93) 

(2.94) 


The solution is #n = — l,#2i = —3/2, #31 = 1. The first 
column of [?!] is then 


#1 = 


-1 

-3/2 

1 

1 

0 

0 


(2.95) 


The remaining two columns can be obtained in a similar way 
to give 


[#] 


1 2/3 -2/3 

-3/2 0 -1 

1 -1 0 

1 0 0 

0 1 0 

0 0 1 


(2.96) 


The derived independent set of reactions is then 
C 3 H 6 + 3/202 = C3H4O2 + h 2 o 


1. Add —2 row 1 to row 2 

2. Interchange row 2 and row 3 

3. Divide row 1 by 3, and rows 2 and 3 by 2 


C3H4O2 = 2/3C 3 H 6 + C0 2 


2/3C 3 H 6 + 0 2 = C2H4O2 


The result is 


M 


101 01/3 2/3 
0111/21 1 

00-1 1 -1 0 


(2.89) 


The equation for the /nth column of [ r) | is then 


#i« 


V 


'O' 


1 ' 

0 

+ #2 m 

1 

^3 m 

1 

0 


0 


-1 


113 +m? in 1,2, 3 
(2.90) 


To relate these to the given set of reactions, the problem is to 
determine, for each reaction in the given set, what linear 
combination of the derived set will produce the stoichio- 
metric coefficients. You can multiply the three derived 
equations, respectively, by the coefficients for H 2 0, C0 2 , 
and C 2 H 4 0 2 in the given equation and add the equations. 
This is possible because the identity matrix forms a lower 
portion of [ 1 ?]. The remaining coefficients must match if the 
results are correct. 

The first reaction is the same in both sets. The second 
equation in the given set can be obtained by adding the 
derived equations in the following proportions: 1, 1, 1. The 
third reaction in the given set can be obtained by adding 
the derived equations in the following proportions: 3, 3, 0. 
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FIGURE 2.12 Section from acrylic acid flow sheet. Reprinted with permission of Pearson. 


PROBLEMS 

2.1. The flow sheet in Figure 2.12 was selected from the 
acrylic acid flow sheet (Figure 1.4). 

• List the inactive units vis a vis the mass balance. 

• Fix the number of components (see streams in 
Table 1.3.). Define a number of mass balances by 
selecting the chemical system and satisfying the degrees 
of freedom with values from the stream table (Table 1.3). 

• Solve (some of) the mass balances that you have 
constructed. 

2.2. Carry out a degree of freedom analysis for the nitro- 
glycerin manufacturing process in Example 2.3. 1-2. 

2.3. Flow rates for the continuous biocatalytic synthesis of 
hexyl glucoside. 

A bench scale process for the production of hexyl gluco- 
side is discussed in Chapter 1. A continuous version of the 
process (shown Figure 1.35) is subject to the accompanying 
considerations. The objective here is to calculate the 
unknown flow rates for a modest production rate of 
5000 lb/year of hexyl glucoside. 

The process may be assumed to operate 8000 h/year with 
a glucose conversion per pass (stream 4 to stream 5) of 
20 mol%. 

Assumptions and additional process information: 

• Ignore the enzyme for now (see the comment at the end 
of the problem statement) and label the remaining 
species as follows: 


Component 

Label (;) 

Glucose 

1 

Hexanol 

2 

Glucoside 

3 

Water 

4 


• The product stream from the reactor (5) consists of an 
organic phase and an aqueous phase, which are per- 
fectly separated in the membrane separator into an 
organic stream (6) and an aqueous stream (7). The two 
phases are illustrated in Figure 2.13. 


Aqueous (W) 
phase 


G +A = P + W 
G = (glucose) 


Interface 

Hexanol (A) 
phase 


P (product) 
A 


FIGURE 2.13 Exit phase characteristics at exit to membrane 
separator. (deRoode, et al. 2001). 
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• The aqueous phase reaction is assumed to be in equi- 
librium. This requires (see Example 6.7-1) that the 
concentrations be related by 


/-Ulz-U) 


1.90 


in Chapter 3 . They are approximated by the value for the pure 
component for ideal solutions. 

• The solubility of the alcohol in the glucose solution 
may be neglected. 

• The volumetric flows of the feed and product streams 
from the reactor may be considered equal. 


Phase equilibrium refers to the final redistribution of 
components between both of two phases placed in contact 
for a sufficiently long time that further change is not 
likely. If the streams leaving a processing operation are in 
equilibrium, the processing operation is called an equi- 
librium stage. Single equilibrium stages are discussed in 
Chapter 6 and multiple equilibrium stages are discussed 
in Chapter 7. 

• The present case is considered in Example 6.7-3 with 
the result that the molar concentrations of the product 
in the two phases are related by 

/•A 6 ) 

= 109.09ld 7) +3.80 

C 3 

It may be useful to express the molar concentrations as the 
ratio of the molar flow rate to the volumetric flow rate where 


Discuss the disposition of the enzyme. 

Solutions to Problem 2.3 are provided after the last 
problem statement. 

2.4. A process is described in patent WO013872 for the 
manufacture of vinyl chloride monomer from ethane and 
ethylene. The chemical species that are present in the 
oxydehydrochlorination reactor are 

{ethylene (C 2 H 4 ), ethane (C 2 HD, oxygen (O 2 ), hydrogen 
chloride (HC1), vinyl chloride monomer or VCM (C 2 H 3 C1), 
water (H 2 0), chlorine (CE), chloroethane or Et (C 2 H 5 CI), 
carbon monoxide and carbon dioxide (CO, C0 2 ), carbon tetra- 
chloride (CCI 4 ), and ethylene dichloride or DCE (C 2 H 2 CI 2 )} 

• Formulate the independent reactions for this system 

• Show that the following oxydehydrochlorination 
reactions can be expressed as a linear combination 
of reactions from the independent reaction set. 


V w = Vi'Nf 

i 

The Vi are partial molar volumes. They represent the contri- 
bution of each component to the total volume and allow for 
the possibility that they may be a function of concentration 
and not equal to the value for the pure component. The notion 
of partial molar properties is generally very useful in the 
construction of properties for mixtures and they are discussed 


C 2 H 4 + HC1 + 1 /20 2 -> C 2 H 3 CI + H 2 0 

I/ 2 C 2 H 4 + HC1 + 1/202 -> 1 / 2 C 2 H 4 CE + H 2 0 

2.5. The production capacity for hydrogen peroxide in the 
United States totaled more than one billion pounds per year 
in 1998 (cheresources.com). It is used, for example, for 
bleaching in the textile, and pulp and paper industries 



FIGURE 2.14 Auto-oxidation process for hydrogen peroxide (cheresources.com). 
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(Ullmann, 1994). The chemical industry uses hydrogen 
peroxide for the production of peroxy compounds. 

The most widely used production method is the auto- 
oxidation process. In this process a solvent stream traverses 
a loop through the process. A hydroquinone dissolved in the 
solvent orchestrates the combination of hydrogen and oxy- 
gen in the loop and returns to its original state at the 
beginning of the loop. The auto-oxidation process is outlined 
in Figure 2. 14. The hydroquinone is shown as anthraquinone 
but 2-ethyl-anthraquinone is normally used. The reactions 
are 

Hydrogenator: 

o 

+ h 2 

Anthraquinone Anthrahydroquinone 

Oxidizer: 

+ o 2 

Anthrahydroquinone Anthraquinone 

Overall: 

H 2 + 0 2 — ► H 2 0 2 

Consider the following approximations: 






Solutions to Problem 2.4: 

A/f = A/f + St 
Af + A/f = M 3) + M 4) + 3t 
A/f + Af = A/f - SI 


A/f = Af - St 

A/f ( Af \ 

— f = a 109.09 — f + 3.80 

Af V v() ) 

y(6) 

V (6) = 0.120A/f 
V (7) = 0.018Af + 0. 1 1 8Af 




A/ 4 


( 7 ) 


K 


f = 1.900(0.001014) 


Af 


A/f 0.001014 

A/f 

fjr = 0.001014 

A/f 

<1 = 25 
y( 7 ) 


• There are no side reactions or losses. 

• All hydrogen reacts; 80% of oxygen reacts. 

• All oxygen and nitrogen are vented after the adsorber. 

• Extractor removes all water and peroxide from the 
vacuum column(s), which produces the desired solu- 
tion and a water recycle. The solvent is not soluble in 
water. 

If, on a solvent-free basis, the concentration change 
across the hydrogenator is from 90mol% anthraquinone 
and 10mol% anthrahydroquinone to 15mol% anthraqui- 
none and 85 mol% anthrahydroquinone, calculate the feeds 
and vent rates for a 500,000 tonne per year plant producing a 
50wt% solution of hydrogen peroxide. 

2.6. A gas mixture flowing at 2000 psia and 250 °C consists 
of 65 mol% nitrogen and 35% ammonia. Determine the 
molar density of the gas in order that the volumetric flow 
may be calculated from the molar flow rate. 


A/f =A/f-A f 
Af =Af -Af 
A f[ n) = (1 - e)A/f 
Af } = (l- e )Af 

A/f = (1 — €)A f 
A/$ u) = (1 - e)Af 
Af = *A/f 
A/f = eA/f 
Af = eA/f 
A/f = «A/f 


e = 1.2608 x 10~ 2 
St = -1.0776 
a = 30.744 
A/f ] = 84.412 
A/f = 8.1997 x 10~ 3 
A /f = 8.5594 x 10~ 2 
A/f = 4.2561 
A f = 1.0776 
Af = 1.047 x 10 -4 
Af = 85.49 
Af = 1.0927 x 10~ 3 
A/f = 8.3044 x 10- 3 
A/f = 5.4346 x 10~ 2 
A/f = 8.6686 x 10~ 2 
A/f = 1.0775 
A/f = 551.08 
A/f = 84.412 
A/f = 8.1997 x 10~ 3 
A/f = 8.5594 x 10~ 2 
V (7) = 2.1552 
A/f = 552.16 
V (6) = 66.259 
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MACROSCOPIC ENERGY AND ENTROPY BALANCES 


Material and energy balances carried out during the creation 
and synthesis of a chemical process result in the calculation 
of stream compositions, temperature, and pressure. The 
energy balances require evaluation of changes in the ther- 
modynamic enthalpy function over the range of the process 
conditions. Extensive experimental enthalpy data are avail- 
able for relatively few substances. Much attention has 
therefore been focused on equations of state, which provide 
PVT (pressure, volume, and temperature) relationships as 
functions of composition that can meet these specific needs 
with a minimum of physical and chemical data. Other 
thermodynamic state functions and derived quantities are 
important to limitations on product compositions and proc- 
essing requirements. 

Process efficiencies in conjunction with the thermo- 
dynamic limits form the basis of staged equipment design 
and provide the distance from equilibrium, which form the 
basis of the rate processes governing nonequilibrium pro- 
cesses. Process efficiencies can also be viewed from the heat 
and work interactions that it undergoes with the environ- 
ment. Such considerations lead to the need to extend the 
notion of macroscopic balances to the entropy and the Gibbs 
free energy. 

We will begin here with a brief summary of the theory and 
practice of evaluating the enthalpy and entropy functions, 
followed by the formulation and application of energy and 
entropy balances. 


3.1 BASIC THERMODYNAMIC FUNCTIONS 

If we begin with the First Law for systems that do P d V work 
and generalize it to mixtures, the result for the internal 
energy (U) is that 



or 

U= U(S,V,N 1 ,N 2 ,...,N C ) (3.2) 

The underscore indicates an extensive variable whose value 
in a composite is the sum of its values in the component 
parts. Note that Equation (3.1) refers to only sequences of 
equilibrium states. 

The internal energy function is called the fundamental 
equation of thermodynamics in that it contains all of the 
thermodynamic information about the system. It is through 
the work term(s) that we define the intensive and extensive 
variables that distinguish our system from others. Surface 
effects could be included, for example, with a work term 
a dA where cr is surface tension. A similar work term will be 
included for adsorption equilibrium below. 

Note in Equation (3.1) that the first derivative gives the 
pressure and temperature and that the extensive functions are 
additive over multiple phases. An equilibrium state is one for 
which the internal energy function is a minimum at a 
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constant S and V. It is known from experience that stable 
equilibrium states exist for closed systems devoid of 
imposed constraints and that these states can be character- 
ized by two independently variable properties of the system 
in addition to the masses of the species charged to the system 
(Tester and Modell, 1997). 

The internal energy function is called the energy repre- 
sentation. Interchange of S and U gives the entropy repre- 
sentation. The energy representation can be transformed into 
other completely equivalent forms that contain exactly the 
same thermodynamic information. These are thermo- 
dynamic potential functions, two of which are the enthalpy 
and the Gibbs free energy: 

Enthalpy: H(S,P,N, . . .) = U + PV (3.3) 

Gibbs free energy: G(T,P,N , . . .) = H - TS (3.4) 

The variables designated for each function are important and are 
called the natural variables for that function. At constant com- 
position, the dependence on the natural variables is given by 

dU = TdS-PdV (3.5) 

dH = TdS+VdP (3.6) 

dG = -SdT+¥dP (3.7) 

These alternative representations are the result of the method 
(Legendre transformations) of forming the potential func- 
tion from the fundamental energy function in such a way that 
no information is lost in the transformation process. 

The enthalpy, entropy, and Gibbs functions each have 
particular importance in applications. For example, the enthalpy 
function underpins the First Law, often referred to as the 
“enthalpy balance.” The analogous entropy balance can locate 
sources of entropy in a process system and thus uncover 
inefficiencies due to lost work in contrast to inefficiencies 
due to lost heat uncovered by the First Law. The Gibbs function 
represents the potential for doing work in a system that begins 
and ends at the same temperature and pressure. 

In chemical engineering applications, it is changes in the 
thermodynamic functions rather than the values of the 
thermodynamic functions that are of interest. In this respect 


it is important to note in using tables of compiled values of 
enthalpy, for example, that the words “relative to ...” be 
added to the column heading, if not already present. The 
reference state is quite arbitrary and may be different for 
each species as long as the choice is consistent throughout 
the applications. However, when chemical reactions are 
present, a measure of arbitrariness is removed since the 
enthalpy change of the reaction involves a number of the 
components and can be measured by a calorimeter. 

The reference states most often used for unreactive 
circumstances are as follows: 


Gases: The pure gas at 1 bar in the ideal gas state. Strictly 
speaking, this is an arbitrary state since the real gas 
may not be ideal. However, in most circumstances, the 
difference is negligible. 

Liquids: The pure liquid at 1 bar. 

Solids: The pure solid at 1 bar. 


The temperature is taken to be the temperature of the 
system but often the reference temperature of the available 
data basis is 25 °C. 

In the case of reactive systems, the reference state is taken to 
be the elements at 25 °C. A compilation of formation or 
combustion reactions then provides enthalpies and Gibbs 
free energies of formation of all the components in the reactive 
systems that form the basis of free energy and enthalpy changes. 

Changes in the thermodynamic state functions take place 
because of changes in composition, pressure, and temperature. 
Depending on the equation of state, it may be more convenient 
to replace pressure with molar or specific volume. 

Several relations are most useful for expression of 
changes in H and S with respect to 7 and V or P. 

Definitions, for example, for specific heat: 


d I dF(x,y) 
dx y dy 

dF = F x dx + F y dy 



(3.8) 

(3.9) 


These relations were used in compiling Table 3.1. 


TABLE 3.1 Useful Relations of H and S to the Equation of State 


C P 


djA = 
dT) p 

dS\ C P 


dT 


dH 

dT 

as 

df 


T 


= CV; C p — Cv = — 

_ Cy_ 

T 


Tv[(i/v)(dv/dT ) pj2 
(i/v)(dv/dP) T 



v 




V 
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Note that changes in the Gibbs function due to tempera- 
ture changes. 



—S and 



= -5+ V 



(3.10) 


have no physical significance since the reference state for 
entropy is arbitrary. 

In general, the effect of composition on the thermo- 
dynamic properties can be expressed in terms of partial 
molar quantities. For any thermodynamic function, say F, 
the total value for a mixture is given by 


E = F(T,P,N U N 2 ,N 3 ,...) (3.11) 


If the amount of the mixture increased by a factor of A, it 
follows on physical grounds that 

XE(T,P,N U N 2 ,N 3 ,...) = F(T,P,\N u XN 2 ,XNi,...) 

(3.12) 

Differentiating with respect to A gives 

f(t,p,n u n 2 ,n 3 ,...)= ( 3 -i3) 

all species 


where 


Ft = 


dE \ 

onJ . 




(3.14) 


The Fj are called partial molar quantities. (Note that a mass 
basis is just as good.) Dividing Equation (3.13) by the total 
number of moles 


f= yfi ( 3 - 15) 

all species 


The partial molar quantities are therefore important thermo- 
dynamic quantities because they reflect the contribution of 
the individual components to the mixture value. 

3. 1.1.1 Gibbs-Duhem Equation The partial molar quan- 
tities are not independent, which can be seen by equating the 
general differential of the extensive property defined in 
Equation (3.11) to that obtained from Equation (3.13): 



= ' 52 (N i dF i + F i dNi) 


l 


Therefore, 

(317) 

This is the general form of the Gibbs-Duhem equation. As a 
consequence, for example, 

dE = '^^F i dN i at constant T and P (3.18) 

The partial molar properties are often measured in liquids by 
addling a small quantity of one component to the mixture and 
measuring the property change at a fixed temperature and 
pressure. In so doing, both partial molar properties are reported 
and the Gibbs-Duhem relation is used to check the thermo- 
dynamic consistency of the data. For a binary system, the 
Gibbs-Duhem equation requires that (see Example 3. 3.4-1) 

Slope Test: The slopes of the partial molar quantities 
versus the mole fraction of one of the components 
have opposite signs and each slope approaches zero 
with the mole fraction of the associated component. 

Area Test: The area under the curve of a partial molar 
property relative to the pure component value for one 
component is equal that for the other. 

Because of the linear appearance of temperature and 
pressure in the definitions of the parent functions, the partial 
quantities also obey relations analogous to the parent func- 
tions, for example. 


G, = H, - TS, (3.19) 


and 


dG, = —.S', AT + Vj dP at constant x (3.20) 

The partial molar quantities can be evaluated with simplified 
models of solution behavior and experimental measure- 
ments, and evaluated with equations of state. We will 
consider each of these approaches below. 


3.2 EVALUATION OF H AND S FOR 
PURE MATERIALS 

3.2.1 Gases — Departure Functions 

Changes in the thermodynamic state functions are deter- 
mined by the PVT equation of state for the material. Since 
these changes are path independent, they can be evaluated at 
low pressure where the fluid is in the ideal gas state and 
corrections made with the equation of state in order to reach 
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and return from the ideal state. The ideal gas is one that 
obeys the ideal gas law and whose internal energy depends 
only on N and T. 

We can write for the ideal gas, designated with the 
superscript 0, 

t 2 

df/° f 

— = C° V (T) =► U°(T 2 ) - U°(Ti) = j C°y(T)dT 

7'l 

(3.21) 

It follows from the expression of the First Law above that 


F'(T,V)= I (g) dV 


dF , , 

at 1 dv 


LV 


-I ideal 


dF\ , 

av 1 d,/ 


(3.29) 


ideal 


v 

F'(T,V) = J 


dF 

dV 


dF 

T T, 


dF 

V 


dV 

T, ideal 

(3.30) 


ds ° ^ _ c£(r) 

dT 


(3.22) 


A property change can then be expressed in terms of the 
change for the ideal gas and the corresponding departures. 


The enthalpy of the ideal gas is also only a function of 
temperature since 

H° = U°(T)+ RT (3.23) 

A heat capacity at constant pressure can the be defined as 
dH o 

— = C° P (T) = C° P (T) +R^ C°p(T) - Cy ( T) = R 

(3.24) 

H°{T 2 )-H°(T l )= C°p(T)dT (3.25) 

Jt, 

Since the real gas approaches ideal behavior as the pressure 
approaches zero, the above property changes for the ideal 
gas apply to the real gas in this limit. The entropy change 
may be included as 

Ti 


F(T 2 ,V 2 ) - FiTuVi) =F U (T 2 ,V U 2 )~ F"(T h V") 
+ F'(T 2 ,V 2 )-F'(T l ,V l ) 


(3.31) 


Note that no phase changes are considered. Also note that 
the derivatives appearing in the integrals may always be 
expressed in terms of P, V, and T and their derivatives. 
Leaving the internal energy as an exercise, the result may be 
applied to the internal enthalpy and entropy functions as 
follows: 


a. Enthalpy Departure Function : 


dn 

dV 


T, ideal 


V° 


dV 

(3.32) 


dH\ 

w)* v 


S»(T',,K,)-S"(r„V,) = /^ + Kln^ (3.26) (''"j =T ( ftomEqualionfS.SJfordW 


T i 

Regarding F as the internal energy, enthalpy, or entropy 
functions, the difference in the value of F between the real 
and ideal gas states may be expressed in terms of departure 
functions, F ' , defined as 

F'(T,V)=F{T,V)-F°(T,V 0 ) 

=F(T,V)-F(T,V->oo)+F(T,V-*oo)-F 0 (T,V°) 

(3.27) 


F ' (T - v) -Il(^) T dv+ /©/’' 

I 

ideal 

(3.28) 


(3.33) 

ds\ ddP\ 

— — ) = ( — — ) from the differential of the Helmholtz 

dV T \dT J , 


T / V 

free energy (Sandler, 1999) 


H ' IT ’ V] = I[( T tPl v + v (w 


T J 


= pv\1 


H'(T, V) = pV -RT + 


m - 


\dT 


dV 


dV 


(3.34) 


(3.35) 


_ T (dp 
P \dT 


dV (3.36) 
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If a volume explicit equation of state, V = V(P . T), was 
available, an analogous development would be followed 
with the pressure in place of the volume as the independent 
variable. The result would be 


/' / RT a(T) RT Tda dT\ , 

=PV-RT+ — - 1 — —— -H — - — - — — ) dT 

J \V-b V(V+b) V-b V(V+b)J v 
v 


, , 0/ , , f (dZ\ d P 

H i (T,P)-H°(T,P) = -RT 2 J — (3.37) 


where 


a — T da dT / /'I 1 

= PV~RT — / dV 

b \J V V+b 


PV 
Z = — 

RT 


b. Entropy Departure Function : 

w.v)J\(£-) U-jm 

J \dv) T \pv ) T ideal J \dVj T ideal 

oo V 


dS\ fdP\ 

—— ) = — . See reference in Equation (3.34); 

oV T \oT ) v 

/ds\ R (140) 


(a — T da/dT ) I" b 

= PV — RT + -g-L -In 1+- (3.48) 


b. Entropy Departure Function'. 


r T bdP\ R 

S '(T, V )= — — dV + R\nZ (3.49) 


dVjr ideal V 


V 

S\T,V)= j 


R dal / l \ \ R , 

dV + R\nZ 

V-b d Tb\V V + b V 


s ' (r ’ v)= /f© -vl dv -h dv (341) 


S'(r, V )=fil„[z(l-f)| + lil„[l+f| (3.51) 


r r / dP\ R 

S'(T, V) = I - --dV + .RlnZ (3.42) 


Example 3.2.1-2: Evaluation of an Enthalpy Change for 
Ethylene 


Example 3.2. 1-1: Departure Functions for H and S 
Using the Redlich-Kwong-Soave (RKS) Equation of State 

Refer to Table 2.1 for the RKS equation of state. The 
required derivatives are given by 

bdP\ R da 1 


dT J v V-b d TV(V + b) 


Evaluate the enthalpy change for ethylene between (25 °C, 
lOOpsia) and (250 °C, 250psia) using the RKS equation of 
state. 

Data (Poling et al., 2001) 

C P (T(K )) /R = 4.221 - 8.782 x 10^ 3 r + 5.795 x 10- 5 T 2 
-6.729 x 10^ 8 T 3 + 2.511 x 10^ n r 4 


where 


— = -0.653812Ri/^o'(®)i/^^ 
dT V P r \ T 


T, = 282.34 K = 282.34 x 1.8 = 508.21 R 


T c = 508.21 


a. Enthalpy Departure Function'. 


14.696 

P c = 50.41 bar = 50.41 = 731. 14psia 


H'(T, V) = PV — RT + / dv 


P c = 731.14 


(3.45) 


co = 0.087 
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Process conditions: 

T\ = 1.8(273.16 + 25) = 536.69R 
T 2 = 1.8(273.16 + 250) = 941.69 R 
T x = 536.69 
T 2 = 941.69 
Pi = 100 
P 2 = 300 

R = 10.73 ft 3 psia/ (lb mol R) 
Refer to Table 2.1. 


, x R 2 (T c ) 2 ( , ( T 

a(T) = 0.42747 — 1 + (1 - ( y 


0.5 N 


252 


x (0.48508 + 1.5517a. - 0.15613a. 2 ) 


RT 

b = 0.08664 — - 
Pc 


P(V , T) = 


RT a(T) 


V-b V{V + b) 

Molar volumes at process conditions: 

P(V\, T\) = P u Solution is {[V! = 193.64], [V! = 

1.1426 + 0.775 48/], [V! = 1.1426 -0.775 48/]} 

P(V 2 , T 2 ) = P 2 , Solution is {[V 2 = 33.319], [V 2 = 
0.18123 + 0.80295/], [V 2 = 0.18123 - 0.80295/} 

Calculation of departures: 

, a(Ti) -Tia'(Ti) ( b\ 

H\=P l V l -RT l - 1 1 — Inf 1 + — J 

= -209.84 ft 3 psia/(lb mol) 

H\ = -209.84 x 144 x (1.2851 x 10~ 3 ) = -38.832Btu/(lbmol) 

. a(T 2 ) - T 2 d(T 2 ) , ( b 

H' 2 = P 2 V 2 - RT 2 - — - — — — -r— — — ~ln( 1 + — 

b V V 2 

= —758.23 ft 3 psia/(lb mol) 

H' 2 = -758.23 x 144 x (1.2851 x 10~ 3 ) 

= -140.31 Btu/(lb mol) 

AH = AH 0 +H' 2 - H\ 


AH 0 = 1449.9(8.314) = 12,054 J/mol 

AH 0 = 1449.9(8.314)454 x (9.486 x 10~ 4 ) 

= 5191.4 Btu/(lb mol) 

AH = AH 0 + H' 2 - H\ = 5191.4 - 140.3 + 38.8 
= 5089.9 Btu/(lb mol) 

The departure at the high pressure is approximately 2.7% of 
the ideal value, while the departure at the lower pressure and 
temperature is approximately 0.75% of the ideal value. 

3.2.2 Liquids and Solids 

The enthalpy at ( T , P) relative to T 0 , P 0 can be obtained by 
computing the enthalpy change along the low-pressure 
isobar at P Q until the final temperature is reached, followed 
by integration of the enthalpy along the isotherm at T until 
the final pressure is reached. Throughout the process, the 
equation of state provides the accompanying enthalpy 
changes. For liquids and solids, the equation of state is 
taken to be Equation (2.29). 


H = H(T 0 ,P 0 )+ j [3 d T+ f 
JT„ V al \v Jp , 


r p 

IPo L 


OH 


dP 


d P (3.52) 


The derivative with respect to temperature and pressure can 
be obtained from Table 3.1. 


H= J C p dT + J 

To Po 

P=constant=Po 


fdV' 

v ~ T \df 


d P :H{T 0 ,P q )=0 


T =constant=!T 

(3.53) 

T P 

H= J C p dr + J y[l-a r r]dP (3.54) 

To Po 


where 


aj = — ( ) = coefficient of thermal expansion 

V T \oT J p 

(3.55) 

Substitution of the PVT relation and integrating gives 


H = J C p dT + —e aT{T ~ To) [l - a T T] 

To 


1 _ e -K(P-Po) 


(3.56) 
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where 

1 fdV\ 

k = —— = isothermal compressibility (3.57) 

Vt\oPJ t 

The heat capacity is to be evaluated at P Q . Note that its 
variation with pressure is needed to obtain the equivalent 
negative enthalpy change if the path is reversed. 

Similarly, the entropy relative to the value at To, Po may 
be obtained as follows: 


S = 



^dT - a T V{P - P 0 ) 


' e K(l>-Po ) _ 1 

. k{P - Po) . 


(3.58) 


Incompressibility is often a very good approximation for 
liquids and solids. In this case, the internal energy is a function 
only of temperature and can be evaluated with the specific heat. 
The internal energy and enthalpy are approximately equal 
because the pV product is small. The change in entropy is 
proportional to the change in internal energy and can therefore 
be evaluated only with the specific heat. A case of significant 
compressibility effects is shown in Example 3.2.2- 1. 


Example 3.2.2-1: Enthalpy Change in the Injection 
Molding of Polystyrene 


During the injection molding of polymers (see Chapter 8), 
an element of polymer melt undergoes a large temperature 
and pressure change when injected into a cooled mold from 
the extruder barrel. The following values are typical for the 
injection molding of polystyrene (Gogos, personal commu- 
nication). The data were taken from Brandrup (2005). The 
calculation shows that a large correction is required when 
calculating the enthalpy of the fluid element relative to the 
mold conditions: 


M = 50,000. Correction does not depend on M 

M 

Vq = 1.0 x — , m 3 /mol 
10 6 

C p = 1.8M//(molK) 

T = 0.21265 or 21% 


3.3 EVALUATION OF H AND S FUNCTIONS 
FOR MIXTURES 

3.3.1 Ideal Gas Mixture 

An ideal gas is imagined to be composed of molecules that 
are completely devoid of any interactions. The properties of 
an ideal gas mixture are therefore presumed to be the sum of 
the individual contributions of the components at the same 
temperature and volume as the mixture — Gibbs theorem 
(Smith et al., 2005). 

Thus, for the enthalpy of the ideal gas mixture 

NH° = E NiH^T) (3.59) 

all components 


since the enthalpy of the pure component does not depend on 
pressure. Similarly for the internal energy 

u°= E ytfW or U°i(T) = U%T) (3.60) 

all components 


However, the entropy of the individual components does 
depend on pressure 


Vo 

r= ^ (r _ ro)y exp(«(r-r 0 ))(l-ar)(l-exp(-4P-Po))) 

= correction factor to enthalpy change to account for 
the compres sibility 

T = 250 + 273 K 

T 0 = 50 + 273 K 

Po = (20/14.7)1.01325 x 10 5 Pa(N m) 

P = (12,000/14.7)1.01325 x 10 5 Pa(N m) 


d.S/ = —R d In P at constant T 

(3.61) 

S%T,P i ) = S%T,P)~R\n I V 

(3.62) 

S°(T,P i ) = ^(T,P)-R\ny i 

(3.63) 

~S° i (T,y i )=$(T,P)-Rl n y i 

(3.64) 


Therefore, there is a mixing effect for entropy for the ideal 
gas mixture: 


a = 1.9 x 10~ 4 KC 1 


s °- E y $( r , P ) = -R E >’>>■<> 0 

all components all components 


k = 2.20 x 10~ 10 (N m) -1 


(3.65) 
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Since G° = H° - TS°, it follows that 

(f t {T,Pi) = (j}(T,P) + RTlny t (3.66) 

G °= E yiG%T,P)+RT Y, 

all components all components 

(3.67) 

In terms of partial molar quantities, we then have for the 
ideal gas mixture: 


hYh%t,p) 

(3.68) 


(3.69) 

' = $(T,P)-R\ny, 

(3.70) 

= G° i (T,P)+RT\ny i 

(3.71) 


These expressions can be used with the corresponding 
departure functions to express the property change in the 
ideal gas state. This approach is most often applied to gas 
mixtures. The ideal solution is developed on a broader basis 
and is applied to both liquids and gases. 

3.3.2 Ideal Solution 

Motivated by the results for an ideal gas mixture, the ideal 
solution is imagined as one composed of mixtures of like 
molecules where the effect of mixing may be described by 
processes similar to the mixing of ideal gases. A mixture of 
isomers is a limiting example. Adjacent members of an 
homologous series is another example. The resulting expres- 
sions for the ideal solution are therefore 


H? = H,(T,P) 

(3.72) 

Uf = Uj(T,P) 

(3.73) 

= Si(T . P) — R Inv, 

(3.74) 


The pure component values indicate that both pressure and 
temperature dependence and the pure component need not 
be ideal. In borrowing the features of the ideal gas mixture, 
the constituents of the ideal solution are presumed to be in 
the same state of aggregation as the mixture at the mixture 
temperature and pressure. This is too restrictive and does not 
apply, for example, to sparingly soluble gases in liquid 
solvents. A broader definition of the ideal solution will be 
discussed below and will include such cases. For now, we 


will limit the discussion of systems where the individual 
species exist in the same state of aggregation as the mixture. 
Liquid-liquid extraction systems are replete with examples 
of such systems. Note that V,- = V,-. 

Mixing functions in liquids, discussed in Section 3.3.4, 
are analogous to departure functions for gases and can be 
used for the evaluation of partial molar quantities in nonideal 
liquid systems. 

3.3.3 Nonideal Gas Mixtures 

Departure functions can be used for mixtures in the same 
manner as for pure components, except that the equation of 
state must be evaluated for the mixture. The cubic equations 
of state (refer to Table 2.1; see key prepared in Chapter 2), 
for example, have been adapted to mixtures. 

The effect of a composition change on the property can be 
evaluated for the mixture in the ideal gas state and the 
departure functions can be employed with constant but 
different compositions to reach and return from the ideal 
states of the mixture. 

3.3.4 Nonideal Liquid Solutions: Heat of Solution 

Mixing in liquids, which are not ideal mixtures, may be 
accompanied by a significant heat effect. Measured data of 
the magnitude of the heat effect can be analyzed with mixing 
functions to generate the partial molar enthalpies that under- 
pin the enthalpy at the process conditions. 

Mixing functions in general represent the change in a 
thermodynamic property resulting from mixing of the con- 
stituents in their reference states. Reference states are cho- 
sen for convenience and could, for example, be the pure 
components at the temperature and pressure of the solution 
and the same state of aggregation. More general reference 
states are needed to account for such systems as a dissolved 
solid or gas. A general ideal solution is then one in which the 
partial properties are evaluated at the reference state. 

Since functions like the Gibbs free energy experience 
changes even when forming the ideal solution as discussed 
above, excess functions are defined to reflect the amount 
beyond that observed for the ideal solution. In the case of 
enthalpy, the mixing and excess functions are the same since 
the ideal heat of mixing is zero. Excess functions will be 
used later in the discussion of liquid phase equilibria. 

The enthalpy mixing function applies to heat of solution 
data and is defined as 

A .//mixing =H-Y X 'E (r, p) (3.75) 

i 

It represents the heat absorbed when a solution is formed 
from the pure components in their standard states of aggre- 
gation denoted by +. Mixing is done isothermally and at 
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TABLE 3.2 Heat of Solution for the HC1-H 2 0 System at 
25°C(r> 


r (mol water/mol HC1) 

Q s oi„ (r, r) (kcal/mol HC1) 

1 

-6.268 

2 

-11.668 

5 

-15.308 

10 

-16.608 

20 

-17.155 

40 

-17.448 

50 

-17.509 

100 

-17.650 

200 

-17.735 

400 

-17.796 

1,000 

-17.850 

5,000 

-17.909 

10,000 

-17.924 

100,000 

-17.949 

00 

-17.960 


Source: Whitwell and Toner (1969). 


The reference states H d and H+ must correspond to the 
reference states for enthalpy used for the process or the 
difference accounted for in the energy balance. If for this or 
other reasons we wished to change the reference state for the 
solvent from a pure liquid at the experimental temperature to 
the vapor at its normal boiling point (>7*), T h , the new 
reference state would be given by 

Tb 

tfw,new = #w+ J Cp W (T)dT + A// W , vap (r b ) (3.78) 

T* 

The effect of pressure is neglected. The new heat of solution 
then becomes 

Tb 

-Wa<2soln,new — -^aQsoln J C pw (T)dT — N w A/7 WjVap (Tb) 

T 

(3.79) 


constant pressure. Heat of solution data are available for a 
number of binary systems in the form of the heat evolved per 
mole or unit mass of solute, Qsoin (7*. r), at a particular 
temperature, T, when a mixture is formed from the com- 
ponents in their standard states in varying ratios of the 
solvent to solute (r). 

For example, heat of solution or mixing data for the HC1- 
H 2 0 system at 25 °C (T) is given in Table 3.2. 

The reference states here are HC1 gas and liquid water at 
25 °C and 1 atm. 

We will use a to denote the solute and w to denote the 
solvent in general so that the discussion will not be limited to 
the HC1-H 2 0 system. The mixing function for enthalpy, the 
heat of solution, and the enthalpy of the solution are then 
related by an energy balance on the liquid mixing process. 


where 


N d Q &a \ n 

,new (A a T N w j A/ / mixing 

= (IV a + N W )H — N d H^ - N w H+ new 


(3.80) 


If the heat of solution data are correlated against the value of 
r = N w /N d , the preceding equation may be differentiated to 
provide the partial molar quantities: 


gVagsoln \ _dNH /r 
dN- d /jv w7 y> dN d 


(3.81) 


or 


JVaftoin = (N d +iV w ) Affixing = (N d +N w )H-N d H+ -N W H+ 

(3.76) 

It is the enthalpy of the mixture, H, at the process conditions 
that we are seeking to evaluate with the heat of solution data. 
The effect of pressure on liquid properties is generally 
negligible and will be neglected here. If the process tempera- 
ture T is different from the temperature of the data, 1*, the 
specific heat of the solution is needed to make the adjustment: 

T 

H{x,T) = H{x,T*)+ J C PiSoia (x,T)dT (3.77) 

T* at constant x 


AH mixms , d = H d -H+= ( dN ^° ln ) (3.82) 

\ Ctrl a J n w ,T,P 

AH m ixing, w = /7, H w = ^^ soln ^) (3.83) 

The mole numbers may be transformed to mole fractions in 
the final result. The enthalpy as a function of composition at 
the temperature and pressure of the data can then be con- 
structed from 

H = x d H d + x w H w (3.84) 


Consequently, we will formulate the enthalpy of the mixture 
at the experimental temperature and pressure as a function of 
composition using partial molar enthalpies. 


H = x d AH , 


mixing, a 


J w AH, 


mixing, w 




(3.85) 
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Example 3.3.4-1: Partial Molar Enthalpies for 
HCl-Water System 


Note that the area and slope tests referred to in Section 3.1 
are satisfied by these results (see Figure 3.2). 


The data for the HCl-water system given in Table 3.2 are 
plotted as the negative inverse of the heat of solution versus 
the inverse mole ratio of water to acid in Figure 3.1. 

The data are fit by the quadratic function shown on the 
graph in Figure 3.1 with a correlation coefficient of 0.9991. 
Therefore, 


~ 0.0821 (NJN W ) 2 + 0.0208(A a /A w ) + 0.0563 

The partial molar properties follow from Equations (3.82) 
and (3.83) as 


—0.082 lx 2 (l-x) 2 + 0.0563 (1-x) 4 
(0.0821.x 2 + 0.0208x(l-x) +0.0563(1 -x) 2 ) 2 
2(0.0821)x 3 (l — x) + 0.0208x 2 (l — x) 2 
(0.0821.x 2 + 0.0208x(l-x) +0.0563(1 -x) 2 ) 2 


Heat of mixing: HCI - Water 



(NJNJ - 1 


3.4 ENERGY FLOWS AND THE FIRST LAW 


The enthalpy function underpins the expression of energy 
conservation in flow systems. We can rationalize the total 
flow of energy in a mixture by identifying those contribu- 
tions of which we are already aware and thereby arrive at the 
definition of a residual by difference that must be addressed 
in phenomenological terms. Consider first a pure fluid 
moving with a uniform velocity v in one direction. The 
flow field is depicted in Figure 2.3 without reference to a 
stream or equipment connection, although these are the 
applications we have in mind. The circular cross section 
implies flow in a conduit but is irrelevant under the assump- 
tion of uniform flow. 

After the elapse of time, 8 1 , all of the material that flows 
through an element of area, A, perpendicular to the direction 
of flow is contained in a volume element swept out by the 
area along the perpendicular direction of flow of length v 8/. 

The mass, 8//;, which has entered the volume element, has 
also carried with it the internal energy arising from molecu- 
lar phenomena discussed in thermodynamics plus kinetic 
and potential energy because of the bulk motion of the 
element and its location in a potential field: 


“ + + + ‘ 


pv8fA 


(3.86) 


We have taken the field to be gravity and h as the height 
above a datum plane. Mass units have been used for the 
internal energy because of the kinetic and potential energy 
terms. 

In addition, the mass elements have encountered the 
normal pressure force, which does work on the element 
as it crosses the area: 


FIGURE 3.1 Quadratic fit of heat of solution data. 


PAvSf (3.87) 


Mole fraction HCI 

HCI 



We are assuming a unidirectional motion and therefore do 
not need to account for the shear type forces that can exist 
with the presence of velocity gradients. These will be 
important only in special circumstances and will never 
amount to more than several degrees. 

Denoting the total energy flux (flow per unit area) as J e , 
we then have 


J C A 8 1 = 



P 

P. 


Av8f + qA 8 1 


(3.88) 


or 


FIGURE 3.2 Partial molar enthalpies of water and hydrochloric 
acid. 


J e — P 


* + r 2 +, 


(3.89) 


ENERGY FLOWS AND THE FIRST LAW 63 


The flux q has been added to be certain of the equality since 
the flux of energy has meaning independent of our identifi- 
cations. It is useful because we have been able to account for 
the convective flow component leaving q as a nonconvective 
flow called conduction. 

The conduction term is similar to the diffusional flow of 
mass, as pointed out in Chapter 2 in the discussion of the 
macroscopic mass balance. Like diffusion, it can safely be 
ignored at inlets and outlets to chemical processing equip- 
ment. However, whereas diffusional flows through the walls 
of process equipment are normally unimportant, conduction 
in solids is very effective and cannot be neglected. In fact, 
heat exchange with the surroundings can be the primary 
objective of the system as, for example, in heat exchangers 
or an important component as in chemical reactors. 

If more than one component is present, each species will 
have an average velocity, v b and the mass flux of species i 
through the area in Figure 2.3 is p, v Each component of the 
mixture will make a contribution to the enthalpy of the 
mixture, as discussed in Section 3.3. In general, this contri- 
bution is expressed by the partial molar or specific enthalpy. 

The flux of energy for the pure component case can 
therefore be extended to the case of many components as 

J e = Pi y' 1 + \ y2 + 8*) 'v + q (3-90) 

all components ' ' 

where h, is the partial specific enthalpy of species i. The 
kinetic energy per unit mass associated with the individual 
mass flows has been calculated with the average velocity in 
lieu of using the individual values, vf/2. This leads to a 
slight theoretical discrepancy between the two calculations 
of the kinetic energy, but the approximation is of no signifi- 
cant practical value. Also, the potential field has been limited 
to gravity for all components. 

We can use the preceding results to express conservation 
of energy from a macroscopic point of view. We refer to the 
same “chemical processing systems” that were subjected to 
the conservation of mass (see Section 2.1). Energy will 
accompany all of the convective mass flows into and out 
of the system. In addition, energy may flow into the system 
as heat interactions or out of the system as work interactions, 
the former being negligible and the latter being approxi- 
mated in the inlet and outlet streams: 

Q+ W< f h ‘ + 9 l ' 2 + 

all inlets (j) L J stream ' 

all species (/) 

= 51 hi + \v 2 + g* +W S 

all outlets (k) stream k 

all species (?) 


The kinetic and potential energy terms are not normally 
important when nonisothermal conditions are present in 
chemical systems and will therefore not be included in the 
discussion that follows in the present chapter. They will, 
however, be the focus of attention in the chapter that follows. 

The summations account for convection at inlets and 
outlets and the work done by the system is expressed by W s . 
The possibility of a volumetric energy generation by sources 
outside of the system, such as from a microwave, is not 
included. Chemical reactions do not have to be accounted 
for separately, but no advantage has yet been taken of the 
associated stoichiometries. Multiphase systems may be 
analyzed with this result since there is no net interchange 
of energy between the phases at steady state. The consider- 
ation of one phase in a multiphase system requires the 
evaluation of Q for an interphase energy transfer process, 
which will be considered in Chapter 15. 

The meaning of Q depends on the subsystem chosen for 
analysis. It may be an actual heat stream if a single unit is 
selected as the system. It may be the net result of a number of 
identifiable heat streams. 

3.4.1 Degrees of Freedom 

With the introduction of energy conservation, temperature 
and pressure have been introduced as variables for each inlet 
and outlet stream and Q and W s are new variables. This 
amounts to 2 (A s + A u ) new variables, a temperature and 
pressure for each stream and a heat stream and work term for 
each subunit. Note that the relation between heat or work 
interactions between two subunits will be counted in the 
process specifications. We will, however, in the present 
chapter assume that the pressures and work terms are 
specified. In the following chapter, this restriction will be 
removed with the mechanical energy balance. 

We will retain the explicit consideration of splitters and 
specify that the daughter streams are at the temperature and 
pressure of the feed. 

These provide 2 Ad relations for a total of 2 A)) + /V L1 
relations with the energy balance for each subunit. 

The degrees of freedom in the isothermal case can then be 
extended to the nonisothermal case as follows: 

® = (N S - A U )A C - (Ac - 1) (A D , total - A.plitters) 

+ R + 2(A S + A u ) - 2A D ,t otal - N a 

3* = (Ns — A U )(A C + 1) — (A c — 1 )(Ad, total — N splitters) 

+ R + A s + 2A U — 2 A d, total 

(3.93) 

= (As — A u — Ad, total) (N c + 1) + (A c — l)A S plitters 

+ A s + 2 A u + R 


(3.91) 


(3.94) 
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The need for data has also increased the enthalpy for each 
inlet and outlet stream. 


3.5 ENERGY BALANCES WITHOUT REACTION 

Energy balances alone are not sufficient to calculate both the 
heat and work interactions for a given change of state. The 
mechanical energy balance, discussed in the following 
chapter, is normally used for the calculation of work, while 
the energy balance, or the First Law, is used to evaluate the 
associated heat effect or heat exchanger duty. However, in 
many cases involving heat exchange, the part that is due to 
work is negligible and the energy balance becomes the “heat 
balance.” On the other hand, the entropy balance (see 
Section 3.8) may be used in conjunction with the First 
Law for a minimum work calculation. In this case, the 
entropy balance supplies the (reversible) heat effect and 
the First Law supplies the work. This latter case will be 
illustrated with the isothermal pumping of a liquid 
(Example 3.5.1). 

Energy balances are an integral part of sizing heat 
exchange equipment. The sizing of heat exchangers is 
considered in Chapter 13. We will illustrate the evaluation 
of heat exchanger duties for several cases involving ideal 
fluids with and without phase change in unreactive systems. 
Several examples involving mixing and evaporation of non- 
ideal liquids will illustrate the use of partial molar enthalpies 
in the energy balance. 

3.5.1 Utilization of the Second Law 

As noted above, it is not possible to evaluate both the heat and 
work terms with a single energy balance. In those cases where 
a limiting value of the work is satisfactory, the Second Law 
may be employed to evaluate the heat effect for a reversible 
process, thus, providing the minimum work required or the 
maximum work available from the Second Law. 

Example 3.5.1-1: Minimum Work Required for 
Isothermal Pumping of a Liquid 

The application of the energy balance to the pumping of a 
liquid solution is illustrated in Figure 3.3. 

Equation (3.91) for this application becomes 

Q + '£w l ° , h? ) = + w> 

all i all i 


Conservation of mass requires that the individual flows be 
equal so that 


all i 


W-tF 


w s 



FIGURE 3.3 Energy balance — isothermal liquid pump. 


or in molar units 


Q = AT AH+W S 


The enthalpy change is given by Equation (3.56) applied to 
an isothermal change of state: 


Vn 

AH = ^[l - u t T 0 } 


1 — e 


-k(P-P 0 ] 


For the minimum work required, the heat effect can be 
obtained from the entropy change associated with a revers- 
ible heat interaction: 

MAS = ^ = — 

T T 0 

where the entropy change is given by the isothermal version 
of Equation (3.58). 


AS — — ccjV o 


1 _ & - kI j>-po) 

K 


Consequently, the minimum pumping work is given by 


(-Ws) mia =J^ v o(P-Po) 


'l _ e -4 p - p oY 
. k(P-P 0 ) _ 


The bracketed factor in the preceding equation is unity for a 
compressibility factor of zero. 

Note that the minimum work required is independent of 
the coefficient of thermal expansion to which the heat 
transferred is directly proportional. 


3.5.2 System Definition for Duty and Flow Rate 
Calculation 

Heat exchanger E-309 in the acrylic acid process (see 
Figure 1.1) is used to reheat the solvent, stream 22, which 
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FIGURE 3.4 Solvent exchanger E-309 and extraction tower T-303. 
Reprinted with permission of Pearson. 


is recycled from the product recovery section at 13 °C. The 
exchanger and extraction column are shown in Figure 3.4. 

The extraction unit is designed to operate at 40 °C so that 
the recycled solvent must be heated to this temperature. 
Low-pressure saturated steam at 5barg is available as a 
utility. The saturation temperature of the steam is 15 1 .8 °C. 
This means that the steam will enter and leave at 151.8 °C. 
The minimum temperature difference between the two 
fluids is therefore 1 1 1.8 °C or 201.4 °F. This is far beyond 
the heuristic of a 10 °F minimum (Couper et al., 2005) and 
is likely to result in a condition known as film boiling. This 
refers a condition at the heat transfer surface where the rate 
of heat transfer is so high that the liquid evaporates and 
forms a gas film over the heat transfer surface. The gas film 
presents a large resistance to heat transfer. A shell and tube 
heat exchanger illustrated in Figure 1.16 will be used with 
the condensing steam in the shell. 

We will use two different definitions of the system in 
carrying out the energy balance in order to calculate the heat 
duty and the flow rate of the steam that will be needed. 


Case 1: Heat Duty 

The interchange of thermal energy takes place across the 
internal surface that is shared by the process fluid and the steam. 
If we take the process fluid and the exchanger as the system, 
this surface is exposed to analysis. Refer to Figure 3.5. 

A degree of freedom analysis is as follows: N c = 1 (ether), 
N s = 2, N a = 1, and there are no splitters or chemical 
reactions. Consequently, 


(3.95) 



System is exchanger and 
contents except steam 



FIGURE 3.5 System for calculation of Q. 


Fix the flow, temperature, and pressure of streams 22 and 23 
and set the work to zero. Solve the energy balance for Q. 


Case 2: Steam Flow Rate 

When the steam is made part of the system, the steam flow 
rate is introduced as a system variable and the desired heat 
interaction disappears. The heat interaction for the com- 
bined system is in fact zero for sufficiently insulated equip- 
ment. Refer to Figure 3.6. 

A degree of freedom analysis of this case is as follows: 
N c = 2 (DIPE and water), N s = 4, N u - 1 . Again there are no 
splitters or reactions. Consequently, 

0>= (4- 1 -0)(2+ 1) -0 + 4 + 2= 15 (3.96) 

We can impose the equipment specifications that there is no 
mass communication between the two streams. This requires 
the specification of four zero component flows. There are 
four pressure specifications and both Q and W are zero. The 
process stream inlet and outlet temperatures are specified as 
well as the steam outlet temperature and physical state 
(liquid). The latter specification is a condition on the 
enthalpy. Fixing the process stream inlet rate finishes the 
required specifications. The energy and mass balance may 
then be solved for the stream flow rate and the outlet process 
stream flow rate. 

Example 3.5.2- 1: Calcula tion of Heat Duty and Stream 
Flow Rate for Exchanger E-309 

Species indices: 

Diisopropyl ether = 1 ; water = 2 



FIGURE 3.6 System for calculation of steam flow rate. 


$ = (2 - 1 - 0)(2 +1) + 2 + 2 = 7 
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Specific heats: 

Water (Green and Maloney, 1997); Ether (Yaws, 1999) 

73.085 x 10 3 1.1235 x 10 3 -3.7356 

2.7637 x 10 5 -2.0901 x 10 3 8.125 

[«] = , -I 

5.2200 x 1(T 3 0 

-1.4116 x 1(T 2 9.3701 x 1CT 6 


j= 5 

Cp(i, T) ='$2 ciijV- 1 J / (kmol K) 


7=1 


Enthalpy relative to feed 


T 

H(i, T) = J C p (i , x)dx 

13+273.16 

Definition of flows and application of energy balance: 


[AC] 


1299.8 

198.7 


Case 1: 


species are defined as 

Hf =Hf + A Hf (3.97) 

Substitution of Equation (3.97) into the energy balance gives 

E H t E M i )+ E E ^AffW+e 

allspecies(z) allinlets(/) allinlets(/‘) allspecies(z) 

= E H t E )+ E E at«a h^+Ws 

all species (/) all outlets(/) all outlets(/) all species (z) 

(3.98) 

The first term on the right-hand side of Equation (3.98) is 
identical to the first term on the left-hand side because of the 
conservation of mass. Consequently, 

v 52 A/'f ) A//, w +e= v 52 w, w a h ^+ w , 

all inlets (J) all species (z) all outlets (j) all species (z) 

(3.99) 

The calculations show that the enthalpies of all of the 
components may be individually translated by an arbitrary 
amount without compromising their application to the 
energy balance. A convenient reference is the feed state, 
which can be illustrated by considering extraction tower T- 
303 a bit further and the distillation tower. 


Excluding steam from the definition of the system, we get 
the heat transferred. 

1=2 

e = EW(*>40 + 273.16) = 7.94384 x 10 9 = 7944 MJ/h 

Z— 1 

The simulator reported a value of 8000 MJ/h. 

Case 2: 

If we include the steam, we get the flow rate, noting that the 
enthalpy of the steam condensate relative to the vapor feed is 
— 906.2 Btu/lb or — 956.05kJ/lb steam. We keep the lb unit 
and therefore calculate the steam flow (m) in lb/h: 

1=2 

0 = 52 NiH(i, 40 + 273.16) - 956050W ste am 

Z— 1 

Solution is Wsteam = 8309. 021b low-pressure (5barg) 
steam per hour. 

3.5.3 Arbitrariness of Reference State for Unreactive 
Systems 

The choice of a reference state for enthalpy in unreactive 
systems is arbitrary. This fact can be easily demonstrated for 
ideal mixtures as follows: The reference states for each 


Example 3.5.3-1: Energy Balance on T-303 Extraction 
Unit (see Figure 1.4a). Feed Reference State 

The inlet streams, 9 and 23, to the extractor are at 40 °C, as can 
be seen in Table 1.10. The reference state for enthalpy can 
therefore be set as liquid at 40 °C and 1 atm. Since we have 
assumed that the solutions are ideal, the enthalpy of streams 9 
and 23 are zero. The energy balance, neglecting kinetic and 
potential energy effects, for the extraction column is then 

o = E-E 12) ^(r (12) ) + E-E 13 ^^ 133 ) 

i i 

assuming adiabatic operation. The enthalpies are relative to the 
feeds and are either equal or one is greater than the other. If the 
former is the case, the enthalpies are equal to zero, since the 
sum of the flows is nonzero, or the outlet temperatures are 
equal to the feed temperature. If the latter is the case, a violation 
of the Second Law could be constructed whereby work could 
be created by allowing the two streams to equilibrate through a 
cyclic heat engine. The two streams could then be brought to 
40 °C by contact with a reservoir. The result is the production 
of work with the interchange of heat with a single reservoir, 
which is a violation of the Second Law. The simulator also 
reports no temperature change across the extraction unit. 

One heat interaction is considered in the energy balance 
for each subsystem under consideration. If there are more 
than one, the net effect is determined by the energy balance. 
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(a) 


FIGURE 3.7 Tower T-304 and connections: (a) flow sheet. Reprinted with permission of Pearson, 
(b) block diagram. 


A distillation tower, for example, has a reboiler and a 
condenser. An energy balance over the complete distillation 
unit provides the difference between the energy added to 
reboiler and that removed from the condenser. This is 
illustrated in Example 3. 5. 3-2, which also sets the feed as 
the reference for enthalpy. 

Example 3.5.3-2: Calculation of Net Heat Duty for 
Distillation Tower T-304 (see Figure 3.7a and b). Feed 
Reference State 

Consider the distillation tower, T-304, following the extrac- 
tor and include the condenser and the reboiler in 


complete the bottoms flow rates and the energy balance 
will give the net heat effect. The latter calculation is given 
below. 

Label Species 

1 Water 

2 Acetic acid 

3 Acrylic acid 

4 Diisopropyl ether 

Specific heats { liquids }J/( mol K): 

Water (Green and Maloney, 1997); Ether (Yaws, 1999) 


Chemical [a] 


2.7637 x 10 2 

-2.0901 

8.1250 x 10~ 3 

-1.4116 x 10" 5 

9.3701 x 10 

-18.944 

1.0971 

-2.8921 x 10~ 3 

2.9275 x 10~ 6 

0.0 

-18.242 

1.2106 

-3.1160 x 10' 3 

3.1409 x 10^ 6 

0.0 

73.085 

1.1235 

-3.7356 x 10~ 3 

5.22 x 10~ 6 

0.0 


the definition of the system but not the cooling water or the 
steam (see Figure 3.7). 

Degrees of freedom analysis: 


j = s 

Cp(}i T ) = 'y ' a ijT * 
7=1 


N s = 3, 


N u = 1 


d 2 n 

du 2 


^splitters — 0, N c — 4, N r — 0 


Flow rates — all liquids — kmol/h: 


<& = (3 - 1 - 0)(4 +1) + 3+ 2 + 0= 15 

Set the temperature and pressure of all streams, the flows of 
the feed and distillate, and the work to zero for 15 
specifications. The four mass balances can be used to 


D = 


' 198.5 
0 
0 

1299.5 


at 13 °C 
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B = 


0.30 

6.08 

86.81 

0 


at 90 °C with the feed at40°C 


Enthalpies relative to the feed — all liquids: 

T 

H(i,T) = J C p (i,x)dx 

40+273.16 

Energy balance must convert from kilomoles to moles 


Chapter 6, Phase Equilibrium) would be required to verify 
this assumption. 

The contribution of the mechanical work to the thermal 
effects produced by the heat of mixing in the energy balance 
can generally be neglected. Except possibly for very viscous 
liquids without other heat effects, this omission will most likely 
be justified. The energy balance can be solved using binary heat 
of solution data consisting of the heat released when r moles of 
solvent are mixed with 1 mol of solute, each in its reference 
state. Partial molar enthalpies developed from the heat of 
solution data are discussed in Section 3.3.4. The heat of solution 
data may be used directly in the energy balance. 

Using partial molar quantities, the energy balance may be 
written 


/= 4 

Q = 1000 Y^PiH{i, 13 + 273.16) + B t H{i, 90 + 273.16)) 
1=1 

= -7.2213 x 10 9 

or 7221 MJ/h more energy removed than input to the 
reboiler. The simulator result is —7300 MJ/h. 


Q = - A^H 1 '' 1 - A/f (3.100) 

i— 1 

If the enthalpy of species i in its pure reference state for the 
heat of solution data is denoted by Hf, the energy balance 
can be modified as follows: 


3.5.4 Mixing of Nonideal Liquids; Use of Partial Molar 
Quantities 

A common example of nonisothermal behavior is mixing 
and evaporation of liquids and their counterpart operations 
of condensation and separation. In this section, we will 
consider a number of examples of the calculations required 
to determine the heat effect associated with these processes 
in nonideal liquid systems composed of two components. 
The construction of the liquid phase enthalpies required in 
the energy balance from heat of mixing data for such 
systems is discussed in Section 3.3.4. 

3.5.4. 1 Mixing Two Liquid Streams at Different Temper- 
atures and Concentrations Here we consider the mixing 
of two binary liquid streams to produce a third with molar 
flow rates Af^ and temperatures T^ (see Figure 3.8). 

We assume that a vapor is not formed. Thermodynamic 
evaluation of the conditions for phase equilibrium (see 



FIGURE 3.8 Mixing of nonideal liquids. 



(3.101) 


since the mass balances must be satisfied. 

Since each stream is possibly at a different temperature, 
the energy balance can be written in terms of the available 
data, say at 7*, as follows: 



T 3 T i t 2 

+A f {3) J C ( p ] AT j C^dT-AT® J Cp’dr 

T T* T* 

(3.102) 

The superscript (*) indicates evaluation at 1*. The specific 
heats refer to the liquid mixtures in the respective numbered 
streams. The partial molar quantities found from heat of 
solution data by the methods in Section 3.3.4 may be 
substituted into this result. 

The heat of solution data may also be substituted directly. 

If this data is referred to component 1 as the solute, then 

Q = M 3) e so i„(r /3 ) - Af?Q soln (T*,n) - M 2) Gso ln (ry 2 ) 

+ Af {3) J cfdT -Af (l) j C { p ] dT -Af {2) J cfdT 

T * T* T* 

(3.103) 
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where r is the ratio of solvent to solute that depends on the 
stream and Q* is the heat of solution at the temperature of the 
data, I*. 

Example 3.5.4.1-1: Dilution of an HCl Mixture 

Pure water at 20 °C is to be used to dilute an HCl mixture at 
the same temperature containing 70mol% HCl to 35 mol% 
HCl. Heat of solution data and the resulting partial molar 
enthalpies may be found in Example 3. 3. 4-1. 

Determine 

a. the cooling required for isothermal operation, 

b. the temperature of the mixture for adiabatic operation. 

Specific heat data (Yaws, 1999): J/(molK) 

Component 1 = HCl; component 2 = water 


which may be substituted into the general result. 
Isothermal operation: 


g = 0.7 x [H l (0.35)-H+] + 1.3 x [# 2 (0.35) - #+] 

- 1 .0 x [# 2 (0) - #+] - 0.7 x [Hi (0.7) - #+] 

-0.3 x [H 2 (0J)-H+] 

293.16 

+ ,0.7 + 1.3) 0.00023901 ^ ' £ + | T > 


d T 


293.16 

- J 0.00023901^(2, T)dT 


298.16 

293.16 


- , 0.00023901 O7C > (1 ’ 7 ' )+O3C - ,(2 - r) 
J 0.7 + 0.3 


dT 


73.993 -1.2946 x lO^ 1 -7.8980 x 10~ 5 2.6409 x 10~ 6 
92.053 -3.9953 x 10~ 2 -2.1103 x 10~ 4 5.3469 x 10~ 7 


Solution is {Q = —6.3982}, or 6398cal/mol of acid feed 
must be removed to maintain isothermal conditions. 
Adiabatic operation: 


j=4 

C p (i,T) = J2ai.jT j ~ l 


j= i 


Mass balances: 

Stream 1 = pure water, stream 2 = 70mol%HCl, 
stream 3 = 35 mol% HCl 


Af[+AA 2 =AT 2 

r^;= 0 \ 


II 

o 

= 0.70(A/’i + A/" 2 ) 

, Solution is < 

M\ = 0.35(AT] + Afl) 

A f\ = 0.7 1 
AT 3 = 1.3 

AT\ = 0 

Jf\ = 1.0 

+ M\ = 1 

II 

o 


Using partial molar quantities: see Equation (3.100). 

The partial molar heats of mixing are given by Example 
3. 3. 4-1: 


0 = 0.7 x [.ff)(0.35) - #+] + 1.3 x [# 2 (0.35) - #+] 
-1.0 x [# 2 (0) -H+] -0.7 x [#i (0.7) — #}] 
-0.3 x [#>(0.7) — #2 ] 


X 

+ (0.7 + 1.3) J 0.' 


00023901 

0.7+ 1.3 


298.16 


0.00023901^(2, T)dT 


298.16 

293.16 


- I 0.0002390l^ C '< 1 ’ r)+0 - 3C ' (2 - 7 ' ) 


0.7 + 0.3 


dr 


298.16 


Solution is {x = —675.22}, {x = 409.49}, or final temper- 
ature is (409.49 - 273.16) = 136.33 °C. 

Using the heat of solution directly: 

From Section 3.3.4, the heat of solution per mole of acid 
is given by <2 so i n (r) where r is the moles of water per mole of 
acid added: 


H 2 (x) — #J = 

2(0.0821)x 3 (l - x) + 0.0208a 2 (1 - x) 2 
(0.0821a 2 + 0.0208a(1 - a) + 0.0563(1 - a ) 2 ) 2 


#i(a)-#+ = 

— 0.0821a 2 (1 - a ) 2 + 0.0563(1 - a ) 4 
(0.0821a 2 + 0.0208a(1 - a) + 0.0563(1 - a ) 2 ) 2 


Q{r) 


1 

(0.0821/r 2 ) + (0.0208/r) +0.0563 


IT = oo 


= 0.70, Solution is {n 

1 + r 2 

1 

1 + r 3 


0.428571} 


0.35, Solution is {r 3 = 1.85714} 
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Q(r u 298) = <7(10,000,000) = -17.762 

<2(r 2 , 298) = </(0.428571) = -1.8122 

g(r 3 ,298) = ^(1. 85714) = -10.952 

Substitution into general result: Equation (3.103). 
Isothermal operation: 

Q = 0.7(— 10.952) - 0.7(— 1.8122) 

293.16 

0.1c p (l,T) + L3c p (2,T) dT 
0.7 +1.3 

298.16 

293.16 


+ (0.7 +1.3) J 0.0002 

298.16 

6 

0.00023901 <+(2, T)dT 

293.16 

, . f 0.1cJl,T)+03cJ2,T) 

-(0.7 + 0.3) / 0.00023901 M 7 ' M ; 


298.16 


0.7 + 0.3 


dr 


298.16 


system to transfer energy as heat relative to its capacity to 
generate heat. This ratio is large in microchemical systems. 
For very large systems, the ratio may be so small that lagging 
is not necessary. 

We will first consider flow systems where the feeds, if more 
than one for each component, are at the same temperature and 
pressure, I iF) and P <F) . The total molar feed rate of each 
component will then be designated by A+. 

We will make the same assumption about the outlet flows, 
A/}, at T and P. If these assumptions regarding the inlet and 
outlet flows are not valid in any particular application, it will 
be evident how the calculations should be modified from the 
discussion below. 

3.6.1 Single Reaction-Ideal Solution 

If the discussion is limited to single chemical reactions and 
the key or limiting reactant is labeled A, the mass balances 
may be written as 


Solution is {Q = —6.3979} or 6398cal/mol of acid feed 
must be removed. 

Adiabatic operation: 


0 = 0.7(— 10.952) - 0.7(— 1.8122) 

0-7Cp(l, T) + 1.3<+(2, T) 
0.7 +1.3 

298.16 


+(0.7 +1.3) j 0.00023901 ++ 


293.16 


0.7+ 1.3 

293.16 


d T 


298.16 


0.0002390167,(2, T)AT — (0.7 + 0.3) j 0.00023901 


298.16 


0-767,(1, T) + 0.367,(2, T) 


AT 


0.7 + 0.3 

Solution is {x = -675.22}, {.y = 409.49}, or 136.3 °C. 


A/} = + F) ++-XaA/1 F) (3.104) 

—Va 

where xa is the conversion of A. Recall that the stoichio- 
metric coefficient of an inert is zero. Also note that the 
preceding equation is a combination of Equations (2.73) and 
(2.74) and constitutes the mass balances for the system. 
There are 2N C flows and one conversion. Since there are N c 
equations, fixing N c + 1 variables will determine the remain- 
der. That is not to say, however, that the result is physically 
realizable without a microscopic view and/or consideration 
of the equilibrium limitations. See the discussion following 
Equation (2.71). 

The energy balance as a result appears as 

Q+ A /f+(T (F) ,P (F) ) 

all species at inlets 


3.6 ENERGY BALANCES WITH REACTION- 
IDEAL SOLUTION 


- E 

all species at outlets 


AT 


(F) 




HAT. P) 


(3.105) 


Energy flows in chemically reactive systems are often crucial or _ a ft e r rearrangement, as 
considerations for the safe and efficient operation of the 


Q + Xa+T 

Input by 
conduction 
across solid 
surfaces 


E - 

all species 

Conversion of 
chemical to thermal 
energy at outlet 
conditions 


H i (T,P)-H l (TM,pM) 

Energy required to raise 
reactants from feed to 
outlet temperature 


E + F) 

all species 


(3.106) 


system. The area-to-volume ratio is an important parameter in 
these considerations as it is a measure of the ability of the 


Note that it was not necessary to reformulate the energy 
balance to account for the chemical reaction. The sensible 
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and reactive heat effects are separated in the energy balance 
equation by the stoichiometry that appears in the mass 
balances. However, the evaluation of the enthalpies in the 
energy balance requires some modification of the procedure 
followed for unreactive systems. The result, shown in the 
following section, is that 

E fhH.iT, 1 bar) = \H° R (T, 1 bar) T (3.107) 

all species v "“ 

standard heat of reaction at 


If a pressure correction is called for, it may be evaluated for 
each component with, 


E $iHi{T,P)= Y Wr.lhar) 

all species all species 


+ E 

all species 



-V- 


at constant temperature 


(T) 


(3.108) 


The change in enthalpy with respect to pressure was 
obtained from Equation (3.53). An adjustment of approxi- 
mately 5% was required for ammonia synthesis to correct 
the standard heat of reaction from the value at 400 °C and 
1 atm to 400 °C and 200 atm (Kramers and Westerterp, 
1963). A pressure correction for the specific heat may be 
obtained, if necessary, by the methods followed in making 
the pressure correction for the enthalpy. We will assume that 
the pressure correction is not needed. 

The right-hand side of Equation (3. 106) may be evaluated 
with values of the specific heats. Reported values of the 
specific heats for liquids and solids do not depend on 
pressure. For gases, the reported values are at the ideal 
gas limit. In all cases, the specific heat may be regarded as a 
function only of temperature: 


where the enthalpy of that component could be set to zero. 
The energy balance was insensitive to the selection since 
only changes of enthalpy between thermodynamic states 
were involved. In the case of chemical reactions, not only 
changes of state are involved but the presence of chemical 
reactions with well-defined heat effects must be accounted 
for. Here, there must be coherence of enthalpies in the 
reference states with measured heats of reaction. Clearly, 
arbitrary reference states for the reactants and products will 
not reproduce all measured heats of reaction. On the other 
hand, it is not possible to measure the heat effects associated 
with all reactions. Instead, the following procedure is 
applied for reactive systems. 

The chemical pool of all the elements is shared by all 
chemical reactions, and represents a convenient dead state or 
reference state on which to base the enthalpy of chemical 
compounds formed from the elements. This enthalpy is what 
a chemical compound brings to all chemical reactions in 
which it participates. To be more precise, a value of zero is 
assigned to each atomic species in its most stable form at 
25 °C and 1 bar. The base state for hydrogen, for example, is 
gaseous, while the base state for carbon is solid graphite. 

The enthalpy of chemical compounds in their standard 
states defined as their most stable form at 25 °C and 1 bar can 
then be determined from measurements of heats of reaction. 
The chemical reactions most often used are formation 
reactions and combustion reactions. From these data, a 
standard heat of reaction can be defined that can be applied 
to the reactive energy balance in equations and to chemical 
equilibrium calculations as well (see Section 6.7). 

For example, suppose that the stoichiometry of the 
reaction under consideration is 

Ei(£ 2 ) 2 + 3£^ = £i£h +2£2£3 (3.112) 

Rl P\ P2 


E -E F) \Hi{T,P) - H,{T^,P^) 


all species 


1 

E E F) / C pi (T)dT 


all species 


j(F) 


(3.109) 


= Af {¥) {C ( p ] )(T - T^) 


(3.110) 


where the average specific heat is defined by 

1 r T 


< 4 F) > = 


T - T ( F) 7r< F > a 


E XiC pi (T)dT (3.111) 


all species 


3.6. 1.1 Reference States for Reactive Systems — Standard 
Heat of Reaction In the unreactive case, we found that an 
arbitrary reference state could be set for each component 


where the products P, and reactants R, are formed from the 
elements, £,. The enthalpy of each compound relative to the 
elements in their standard states can be obtained from heat of 
formation data. For example, consider the formation 
reaction for the product 

Ei (298 K, 1 bar) + £,(298 K, 1 bar) = £,£ 3(298 K, 1 bar) 

(3.113) 

The heat effect for this reaction is the heat of formation 
Ei e ■ Consequently, 

H ElE3 (298 K, 1 bar) = A + H E , (298 K, 1 bar) 

+ H Ex (298 K, 1 bar) 

(3.114) 

with similar expressions for the other reactants and products. 
A standard heat of reaction for the original reaction can then 
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be written as 

A H° r = H Ei e 3 (298 K, 1 bar) + 2 H Ei e 3 (298 K, 1 bar) 

— 3He 3 (29& K, 1 bar) - H El(El)i ( 298 K, 1 bar) 

(3.115) 

Substitution of the heat of formation data 
A H° r = [A 7/0 £i£3 + H E3 (298 K, 1 bar) + H El (298 K, 1 bar) 

+ 2 [A H 0 fEiE3 + H El (298 K, 1 bar) + He, (298 K, 1 bar) 

- 3[//e 3 (298 K, 1 bar)] 

- A H° fM E 2h + H El (298 K, 1 bar) + 2 H El (298 K, 1 bar) 

(3.116) 

or, canceling terms, 

A//°(298 K, 1 bar) = Aflj? £i£3 (298 K, 1 bar) 
+2A//« £2£3 (298 K, 1 bar) - Afl?^ ^(298 K, 1 bar) 

(3.117) 

In general, 

A7^(298 K, 1 bar) = ^ i7,- A//)’, (298 K, 1 bar) 

all species 

(3.118) 

The same result is obtained when heat of (complete) com- 
bustion data is used to generate the enthalpy data, which 
replaces the heat of formation in the preceding equation. 

The standard heat of reaction may be evaluated at another 
temperature, such as the reactor outlet temperature referred 
to in Section 3.6.1, with specific heat data: 

A H° r (T, 1 bar) = ^ A/^,.(298 K, 1 bar) 

all species 

T 

+ if, / C p, (T, 1 bar) di- 
al i species R 

(3.119) 

If a phase change occurs between 298 K and T, the heat 
effect must be added to the right-hand side of Equation 
(3.105) and the specific heat changed accordingly before 
proceeding with the integration. The specific heat data used 
in this calculation is the same as that referred to in the 
discussion of Equation (3.109). 

3. 6. 1.2 Heat Duty and Adiabatic Operation From an 
energy consumption point of view, it is desirable to use 


the thermal energy generated by an exothermic reaction to 
supply the energy required to raise the feed temperature to 
the levels required for acceptable reaction rates in reaction 
equipment. In such cases, the temperature will increase 
throughout the converter unless sufficient cooling is pro- 
vided. The equilibrium limitation will at the same time shift 
in the direction of the reactants and therefore present a 
continuously decreasing upper bound on the conversion. The 
equilibrium limitation is discussed in Chapter 6. Here, we 
will consider two situations. 

First, the calculation of the heat duty required for a given 
conversion and outlet temperature can be explicitly 
extracted from the energy balance. 

Q= J2 M? ) [Hi{T,P)-H,(TW,pW) 

all species (3.120) 

-X A AAi F) hAH°(r,lbar)] 

Under these circumstances all quantities on the right-hand 
side are known. The first term accounts for the heat required 
to reach the outlet conditions and the second term is the 
contribution of thermal energy provided by the conversion of 
chemical to thermal energy. For endothermic reactions, the 
second term is an additional deficit. 

On the other hand, if the heat duty is known, such as in the 
adiabatic case, the feed and inlet temperatures both appear 
explicitly in the integrals of specific heat for the enthalpy 
calculations. 

A/f° Hj(T, P) - //,-(r (F) , P (F) ) 

all species (3.121) 

= XA^f[-A<(r,lbar)] 

A trial-and-error procedure is therefore generally required to 
calculate the adiabatic value of either temperature. 

Example 3. 6. 1.2-1 includes both of these cases. 

Example 3.6.1.2-1 Energy Balances on Methanol 
Oxidation Reactor 

Consider the process for the manufacture of formaldehyde 
presented in Example 2.3. 1.1-1. Methanol is oxidized to 
formaldehyde using air as the source of oxygen. 

CH3OH + 1 /20 2 -> HCHO + H 2 0 

The reactor is a fixed bed containing an iron-molybdenum 
oxide catalyst. The reactor feed contains 8 mol% methanol 
and 10mol% oxygen in nitrogen. If methanol is completely 
converted in the reactor and the outlet temperature is to be 
425 °C, determine the feed temperature required for adia- 
batic operation. Also calculate the heat duty per mole of 
methanol fed for an inlet temperature of 150 °C. 
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Definitions: 


Species Reference No. 


CH 3 OH 1 

0 2 5 

HCHO 3 

H 2 0 4 

N 2 5 


Heats of formation — kJ/mol (Yaws, 2003): 


[Hi] = 


- 200.6 

0 

-108.6 

-241.8 

0 


Specific heats — J/(mol K) (Sandler, 1999): 



'19.038 

9.146x 

10“ 2 

— 1.218 x 10 -5 

-8.034 x lO^ 9 


25.460 

1.519 x 

10“ 2 

-0.715 x 10“ 5 

1.311 xl0“ 9 

«]= 

22.791 

4.075 x 

10“ 2 

0.713 x 10“ 5 

—8.695 x 10~ 9 


28.883 

-0.157 x 10“ 2 

0.808 xl0“ 5 

-2.8712 x 10“ 9 


32.218 

0.192x 

10“ 2 

1.055 xl0“ 5 

-3.593 xlO- 9 


Energy balance per mole of methanol fed with 150 °C 
feed temperature and outlet temperature of 425 °C 

y + yi,i -0.001 



- 0.001 


. c 425+273 
;=5 r 

£»,. / 

i=1 J 


150+273 


C p (i, T)dT = 0, Solution is 


{q = — 1 .6367} or 1637 J/mol of methanol fed to the reactor. 

An approximation to the energy balance for adiabatic 
operation is often very useful. The energy balance for 
adiabatic operation is given by Equation (3.115). Using 
the absolute values of the stoichiometric coefficients, the 
heat of reaction is seen to be the difference between the 
enthalpy of the reactants and products, the reactants having 
the larger value for exothermic reactions and the lower for 
endothermic reactions: 


AW”(7\ 1 bar) = 


E w 

products 


1 

Aw”, (298 K, 1 bar) + J C° pi (T, 1 bar)dT 


298 K 


reactants 1^1 


AW”, (298 K, 1 bar) + J C° pi (T, 1 bar)dT 

(3.122) 


298 K 


y=4 


C p {k, T) = a kt i + ^2 a kj TJ 1 
7=2 

Stoichiometric coefficients and feed mole fractions: 


[*] = 


Adiabatic energy balance with variable feed temperature and 
outlet temperature of 425 °C: 

425 +273 

1=5 i=5 r- 

y U i | - E M ff f)/,t ^ °- 001 E / c p {L ' r ) dr 


Both the reactant and the product contributions increase with 
temperature, which tends to stabilize the net effect making the 
heat or reaction nearly constant in many cases. For example, 
the two contributions are plotted in Figure 3.9 for the metha- 
nol oxidation reaction considered in Example 3. 6. 1.2-1. 

A constant heat of reaction is then a reasonable approxi- 
mation. In addition, the average specific heat is not much 


1000 


' -1 ' 


'0.08' 




-0.5 


0.10 




1 

[v] = 

0 



Methanol oxidation 

1 

0 

=• o 

200 

400 600 

0 


0.82 

W w 

4s 


- 


/= l 


;= 1 


298 


i= 5 


425 +273 


— 0.001 E+1 / C p (i. T)dT = 0, Solution is 


" I 

1 

o £ 

CO c 
g> o O 
£ « 

m C 

sz 9 

E £ 

a o 

A 
to 


8 

7 


Total 



x+273 


Temperature (K) 


{x= 103.95}, {x = 4834.8}. 

Feed temperature required = 104 °C. 


FIGURE 3.9 Heat of reaction and reactant and product contri- 
butions for methanol oxidation (see Example 3. 6. 1.2-1). 
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different than the value at the feed conditions. For the 
methanol oxidation in Example 3. 6. 1.2-1, the average value 
of the specific heat at the feed conditions is given by 

(Cp f (377, 1 bar) = 0.0352 kJ/(molK) (3.123) 

The average value between the feed temperature and the 
outlet temperature varies from 0.0354 to 0.0376 kJ/(mol K). 
It should be noted that approximately 80% of the mixture is 
composed of the inert nitrogen. It is not uncommon to 
operate an exothermic reactor with an inert diluent for 
temperature control. 

With the preceding approximations, the energy balance is 
represented by a linear relation between outlet temperature 
and conversion: 

r-r'FI I 4 FI [- A/fS(298K.Ib„-)] 

<C„(T„,lbar)) ** ,iU4> 

3.6.2 Single Reactions — Neutralization of Acids 

Here we continue the introduction to systems that display a 
significant heat effect on mixing but at the same time can 
undergo chemical reaction. However, we will retain the 
same restrictions to the solution where binary mixing data 
may be applied. Neutralization of strong acids falls into this 
category. If, for example, component 1 is an acid and 
component 2 is the hydroxide, both in aqueous solutions, 
then the neutralization reaction can be written 

$>4 = 0, / = 1,2, 3,4 (3.125) 

i 

where 3 is the salt and 4 is the aqueous solvent. Referring to 
Figure 3.8, stream 1 can be considered the acid, stream 2 the 
base, and stream 3 the salt, all aqueous solutions. We assume 
that the feeds are stoichiometric so that all three streams are 
binary mixtures. The energy balance is given by 

Af W H w + A r {2) H (2) + Q = J V (3) H (3) (3.126) 

We assume that the reference states for all components are 
the same for both the heat of solution data and the standard 
enthalpy of reaction. If the streams are at temperatures 
different than the reference temperature, 7’ + = 298. 1 6 K, 
Equation (3.125) becomes 

t , t 2 r 3 

A r (l) J C { p\T)dT + Af {2) j C { p\T)dT -Af {3) J C { p ] (T)dT 

+ {a[ ( ?h++m ( ?h++m { ?q ( ±} 

- [a t?h+ + + M 3 ) e^ n } + g = o 

(3.127) 


The mass balances with complete neutralization and stoi- 
chiometric feeds are given by 

Aff ) = A/f } = 0 (3.128) 

Aff ] = — Af? ] (3.129) 

A if = Alf + Aff + ^ A/f } (3.130) 

v 2 

Aff =^A if (3.131) 

Aff=^Alf (3.132) 

Equation (3.126) becomes 

Ti t 2 t, 

A r {1) J C ( p ] (T)dT + AT {2) J C^p ] (T)dT — A/ r(3) J C { p ] (T)dT 

j 1 * r j i * j* 

+ Q { 1] + HHi + GsohJ ^ ^[// 3 + + Q ( l\ ~ ^[// 4 + ]} 


Under the circumstances that we have created, the heat of 
solution must be added to the heats of formation in order to 
account for the total heat effect produced by the solution 
process and the chemical reaction. 

3.6.3 Multiple Reactions 

The energy balance in Equation (3.91) applies in general, 
including the case of single or multiple reactions. If the 
inlet and outlet flows are known, the energy balance may 
be used to determine the value of Q that is required. The 
calculations are illustrated in the following example for 
the acrylic acid reactor with the stream flows given in 
Table 1.10. 

Example 3.6.3-1: Heat Duty for Acrylic Acid 
Reactor R-301 

The acrylic acid reactor and attached cooling loop are shown 
in Figure 3.10. 

The reactor inlet and outlet flows, streams 4 and 6, 
respectively, are given in Table 1.10. Thermal energy is 
removed from the reactor by the circulating molten salt. The 
salt is cooled to 200 °C in the heat exchanger E-301 before 
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(a) R-301 (b) 




FIGURE 3.10 Acrylic acid reactor and cooling loop. Reprinted with permission of Pearson (a) with 
block diagram (b). 


being returned to the reactor. A schematic that includes all of 
the material above except the cooling water (the heat transfer 
surface in E-301 forms part of the boundary between the 
system and the surroundings) is shown in Figure 3.10b. The 
value of Q is needed. 


Rows correspond to the species index. The first five 
columns correspond to coefficients in a specific heat func- 
tion. The last column refers to units as follows: 

.v = 0: C p in J/(kmol K), 5=1: C p in J/(mol K) adjusted 
below to kmol basis 


Solution: See Appendix C for data. 

Definition of numerical references — hydrogen not 
needed 


c P (i,T) = ( 1 




( ay/T \ 

ysinhja^/r) J 


2 


( a i,s/T \ 

ycosh(a, j5 /T) J 


2 





/ 1 000 J/ (kmol K) 


Species Index 


Propylene 1 

Acetic acid 2 

Hydrogen 3 

Oxygen 4 

Nitrogen 5 

Water 6 

Carbon dioxide 7 

Acrylic acid 8 


Specific heats: (DIPPR, 2009). Acrylic acid from Yaws, 
2003. 


4339 x 10 5 

1.52 x 10 5 

1.4250 x 10 3 

0.7860 x 10 5 

0.4020 x 10 5 

1.3765 x 10 5 

1.2620 x 10 3 

0.7003 x 10 5 

0.2762 x 10 5 

0.0956 x 10 5 

2.4660 x 10 3 

0.0376 x 10 5 

0.2910 x 10 5 

0.1004 x 10 5 

2.5265 x 10 3 

0.0936 x 10 5 

0.2911 x 10 5 

0.0861 x 10 5 

1.7016 x 10 3 

0.001 x 10 5 

0.3336 x 10 5 

0.2679 x 10 5 

2.6105 x 10 3 

0.0890 x 10 5 

0.2937 x 10 5 

0.3454 x 10 5 

1.4280 x 10 3 

0.2640 x 10 5 

7.7550 

2.9386 x 10 1 

2.0878 x 10~ 4 

7.159 x 10~ 8 


Inlet (column 1 ) and outlet (column 2) flows in kmol/h from 
stream (see Table 1.10): 


127.0 

14.7 ' 

0 

6.54 

0 

0 

280.9 

51.9 

1056.7 

1056.7 

1017.6 

1165.9 

0 

60.5 

0 

87.79 . 


623.9 0 

569.7 0 

567.6 0 

1153.8 0 

909.79 0 

1169 0 

588 0 

9.0960 x 10~ 12 1 
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Heats of formation for gases at 1 atm and 25 °C: 


\f\ 


- 1.9710 - 
—43.280 
0 
0 
0 

-57.7979 

-94.052 

.-77.3197. 


kcal/mol: adjusted to J/kmol below 
in enthalpy formation 


Formation of enthalpy function based on elements at stan- 
dard conditions: 


H (i , x) =/,■ j 


1000 x 1000 
0.23901 


J C p (i,T)dT 

298.16 


Energy balance: 



-Affiy] 




all species 


H,-(r (F) ,p (F) ) 

(3.136) 


where 


N c 

AH Rj = J2d ij H i (T,P) (3.137) 

i=i 


The discussion given earlier for the case of single reaction 
applies to each of the N r reactions here. 

Example 3.6.3-2: Feed Temperature Required in 
Methanol Synthesis 

Methanol can be synthesized by the following vapor phase 
reactions [unless noted, all data are taken from Bartholomew 
and Farrauto (2006)] 


i= 8 

Q = E(A«b310 + 273.16) - /V,, ,//(/, 191 + 273.16)) 
2=1 


1. H 2 + C0 2 = CO + H 2 O AH° r1 = 41 ,200 J /mol 

2. CO + 2H 2 = CH 3 OH A H° r1 = - 100,500 J/mol 


Q =: —8.2007 x 10 10 J/h or 82,007 MJ/h must be removed 
from the exchanger. 

The result from the process simulator 83,400 MJ/h or 
1.96 x 10 and 7kcal/h. 

The result using Aspen with all pressures set at atmospheric 
is 1 .9963998 kcal/h. The Redlich-Kwong-Soave equation of 
state was used. If the pressures of the stream are adjusted to the 
values given in Table 1.10, the result is 1.99588 19 kcal/h. The 
assumptions of an ideal mixture without any pressure depen- 
dence are therefore quite good in the present case. 

In general, the energy and mass balances are solved 
simultaneously. The mass balances for the case of multiple 
reactions were written in terms of the extents (see Section 
2.4). The extents may be introduced into the energy balance 
as follows. By definition. 


Mt 



(3.134) 


which is Equation (2.77) in terms of the cumulative flows 
introduced in Section 3.6. Substitution into the energy 
balance. Equation (3.91) gives 


Q+ E Mj F) Hi(T iF \P (F) ) 

all species at inlets 


- E 

all species at outlets 



j= 1 


(3.135) 


The reaction mixture is at equilibrium at the reactor outlet, 
which means that the mole fractions at the outlet obey the 
following relationships (T in K, P in atm): 


Ki(T) 


TcoTmo 

>’h 2 >’co 2 


K 2 {T) 


Tch 3 oh 1 
TcoThj P 1 


where 


, ( 5639.5 , , 

Ki(T) = 1.4286 exp M 3.148 1.077 ln(T) 

+ 5.44 x io~ 4 r- 1.125 x io^ 7 r 2 + 4 ^ 0 ^ 

/ 9143 6 

K 2 (T) = 1.6233 x 10~ 4 exp (21.225+ — - 7.492 ln(T) 

+ 4.076 x 10~ 3 T - 7.161 x lO^T 2 ^) 


A correction for nonideality has been made using the 
charts reported in Bartholomew and Farrauto (2006). 

If the feed to the reactor consists of 19mol% CO, 76% 
H 2 , and 5% C0 2 , determine the feed temperately required 
for an outlet temperature of 1 80 °C under adiabatic operating 
conditions and a pressure of 150 atm. 
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Solution: 

We must determine the extent of each reaction since each 
contributes to the total heat effect with different intensity. 
The mass balances are therefore required. The energy 
balance is required to establish the desired sensible heat 
effect given the thermal energy released by the reactions. 

Mass balance: 


Species 


Index 


CO 

h 2 o 
H 2 
C0 2 
CH 3 OH 


Take the basis of 100 mol/time for which the outlet molar 
flows are given in terms of the extents [see Equation (2.77)]: 

Ni = 19 + & - 
N 2 = $x 

N 3 = 76 — - 2^ 2 

1V 4 = 10 


Energy balance: 

Assuming no temperature dependence of the heat 
of reaction and estimating the average specific heat as 
29J/(mol K), the energy balance may be written as quoted 
in the following summary: 


Ki(T) = 
Ki(T) = 


y^\ >%2)y4(%u%2) 
ys(%u%2) 


yt (^1 > ^2) (ys(^i ^ ?2)) 2 x 150 

-41, 200^ + 100, 500f 2 = 100(29.5 ) (T - 9) 


The solution is 

6 = 367.82, = 0.13079, £ 2 = 2.5538 

The inlet temperature is 9, which has the value of 95 °C. The 
outlet gas composition is given by 

?! (0.13079, 2.5538) = 0.17469 
y 2 (0.13079, 2.5538) = 1.3783 x 10~ 3 
y 3 (0.13079, 2.5538) = 0.7457 
y 4 (0.13079, 2.5538) = 5.1313 x 10~ 2 


^5 — Hi 

N t = 100 - 2^2 

Chemical equilibrium in lieu of kinetics: 

P = 150 atm 

T — 453 K 

19 + g!-g 2 

Vi(?1,?2) 100 — 2^2 

yi^hHi) - 100 _ 2§ 2 

,3 76-^ -2^2 

M($l? 2 )- 100 _ 2 ^ 2 

y 4 (^i.?2) - 100 _2| 2 

3,5 (^1’ ^2) “ 100 -2£> 

Substitution into the equilibrium expressions provides the 
two independent equations required for determining the extents. 


y 5 (0.13079, 2.5538) = 2.6913 x 10~ 2 

This is the beginning of a multistage operation in which the 
system is cooled between stages to permit a fresh approach to 
equilibrium as the conversion accumulates (see Chapter 6). 

The energy balance in Equation (3.136) can be viewed as 
providing the adjustment Q to the difference between the 
heat generated by the reactions and the heat removed by 
convection in order to maintain a desired temperature level 
in the reactor. The temperature appearing in the energy 
balance is the outlet temperature, which is not necessarily 
the temperature in the reactor. A limiting case is completely 
mixed systems where the output temperature is the system 
temperature. The completely mixed system is an important 
model, which is taken up in Chapter 5. 

3.7 ENTROPY BALANCES 

Primary concerns in the design of new processes and the 
evaluation of existing ones is the process effectiveness and 
the process efficiency. The notion of process effectiveness 
has to do with the achievement of a goal relative to the 
possible outcomes of the process variables. For example, we 
might say that a chemical reactor that produces a conversion 
of 80% under conditions where it was designed to achieve 
90% conversion is 89% effective. On the other hand, if the 
reactor achieved 90% conversion, it may have done so with a 
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huge loss of thermal energy to the environment. In that case, 
we might say that the reactor is highly effective but 
inefficient with respect to its utilization of thermal energy. 

The utilization of energy is within the purview of the First 
Law, which differentiates between heat and work, but counts 
them equal in the balance. A loss of energy as work that is 
retained by the process as heat is adequate compensation 
under the First Law to leave the efficiency unchanged. 
Consequently, if a premium is placed on work over heat, 
the definition of efficiency must involve the Second Law as 
well as the First. The Second Law limits the amount of heat 
that can be converted into work but places no limit on the 
reverse so that in this sense the work interaction is a stronger 
indicator of energy efficiency than heat interactions. More- 
over, the irreversibilities in the system and thus the 
inefficiencies in the system are directly reflected in the 
entropy production, which appears in the entropy balance. 


3.7.1 Macroscopic Entropy Balance 

A steady-state entropy balance for a chemical processing 
system can be established by recognizing the entropy flows 
that accompany the material flows at the inlets and outlets 
and the exchange of energy as heat with R reservoirs, the 
zeroth being the environment. 

E E 2V+»+Er 

input streams (j) all species (/) 

(3.1-38) 

= E E 2V 

output streams (j) all species (z) 


or 

y s^Af U) +a+y^+^ 

^ ^ Tr To 

input streams (j) ^ 139 ) 

= y 

output streams (j) 

A slight modification will be necessary in the results to 
account for those circumstances where the temperature of 
the heat source (sink) is not constant. The irreversibilities in 
the exchanges with the reservoirs are charged to the system. 
The temperature associated with the transfer is at the system 
boundary where the transfer takes place. All irreversibilities 
are collected a single term, cr. 

The entropy generation term reflects the irreversible nature 
of the processes taking place in the system. It is, of course, 
zero for the reversible case. In fact for the reversible process, 
there are no gradients in the system. Gradients, for example, 
temperature gradients, are therefore the building blocks for 
the entropy generation expression. A microscopic analysis 
shows that the entropy generation is a function of the fluxes 
and gradients of potentials in the system and has been used to 
identify the relationship between them. 


This entropy generation term above is the integrated 
consequence of the local entropy generation associated 
with the microscopic mass, energy, and momentum transport 
processes. 

Partial molar enthalpies and entropies are given by 
Equations (3.72) and (3.74), respectively, for ideal solutions. 
Since 

G i = H i -TS i (3.140) 

It follows that 

G, = Gj + RT In Xj (3.141) 

for ideal solutions. 

We can use these results to carry out entropy balances in 
processes involving ideal solutions. 

3.7.2 Thermodynamic Models 

By making some stipulations concerning the locations of the 
generation term in the various subsystems, the entropy 
balance can become an additional relation between system 
variables and thereby provide some limiting process condi- 
tions (see Example 3. 5. 1-1). The generation term may be set 
to zero, thereby assuming all processes in the system to be 
reversible. It may be divided into representations for each 
part of the system when there is more than one subsystem 
and the individual values are set to zero, thereby specifying 
reversibility in one or more subsystem. In each of these cases 
the stipulation provides an additional relationship. 

Example 3.7.2-1: Thermodynamic Models for Membrane 
Outlet Temperature 

A gas at 16.7 MPa and 40 °C, containing the following 
components in kmol/h: 42.4 H 2 , 7.0 CH 4 , and 0.5 N 2 , is 
separated into a retentate gas at 16.2 MPa and a permeate gas 
at 4.56 MPa. The membrane is not permeable to nitrogen, 
the membrane separation index (SP) for hydrogen relative to 
methane is 34.13, and the split fraction for hydrogen relative 
to methane is 0.6038, calculate kmol/h of each component 
and the total flow of the retentate and the permeate. Estimate 
the temperature of each outlet stream (see Figure 3.11). 



FIGURE 3.11 Membrane separation of gas mixture. 
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Solution: 


Mass balances: 


AT (1) 

(1) • /V ; 

Xj _ Ei:X (1) 


(2)_ -X 

e:X 2) ’ 


a/- (3) 

x (3) ; yv i 

1 e::X 3) 


1 = hydrogen, 2 = methane, 3 = nitrogen 


y = 1.4 

Final expressions for entropy production: 


[N^] = 7.0 


Nf ] + Nf ] = X 
n¥ ] + N { 2 ] = N { 2 ] 
N% ] = N { j ] 

Nf ] = 0.6038X 1 
N ( 2 ] Nf ] = 34.13Af ( 1 2 W ( 1 3) 


25.6011 


Solution is W 3) = 0.299205 


First Law: 


16.7989 
= 6.70080 


= (XXVtfln^y 


r (2) p (1) \ X 


= E^ 2) c t” ln iHo +/?ln ^) _jRln X 


^E^ 2) 


Y . T& 16. 7\ x' 

— — In h In - In— 7 

y — 1 313.6 16.2 J x ( 


i— l x) 


T (2) p( 1)\ J3) 


= EE 2 ’ ^In-^ + Wln-^ -flinty 


3 1=3 

o = rf ] Cn{T {2) - r (1) ) + EA/fXX - r (1) ) y p = ^EE 3) 


y , r< 3) 16.7\ , X 3 

-7— In— — -+ln — — — In— 77 


y — 1 313.16 4.56 J X W 


or for approximately equal specihc heats 


E^ 2) (r (2) - r (1) ) + E- A/ 1 3) ( r(3) - r(I) ) = 0 


Entropy balance: 


r+ gAr'"s'" = gAff>;f + gx'"s' : 


Case 1: Permeate Reversible 


E^ 2) (r (2) - 313.16) + E^, (3) (r (3) - 313.16) = 0 


tf ' Ur-i 313.16 4.56,1 I 


K = g JV?>(s ' 21 - S'") + g Alf (S! S > - J<») = y, + „ 


Solution: {r( 2) = 409.704, r< 3) = 223.7} 


Case 2: Retentate Reversible 


y, = gxf'Of - s' 1 ’), „ = gAf?>(s?> - s'") 

i= 1 i= 1 


i — j i — j 

E7V r f ) (F (2) - 313.16) + EXX® - 313.16) = 0 


Partial molar entropies: 


Sj = S/ — /? In x,- 


y rW 16. 7\ x 2) \ 

- — In F In - ln^r— = 0 


XX —hi — + In — 

X y — 1 313.6 16.2 


R= 1.987 


Solution: {r^ 2 ) = 317.326, T® = 309.3} 
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Case 3: Reversible Process 


1—3 


1=3 


- 313.16) + - 313.16) = 0 


1=1 

1=3 


E- v ! 2> 


1=1 

1=2 


i'=l 


y , p( 2 > , 16.7 \ , x 

In b In -In 


y — 1 313.6 


16.2 


( 2 )> 

1 

( 2 ) 


-EE 3) 


73) N 


,, ,,/. ln 3TTS + 1,, TS)- ln ^) =0 


v y — 1 313.16 

Solution: { T ^ = 489.587, T (3 > = 149.679} 


Case 4: Reversible Adiabatic Expansion in Retentate 


Y^^f?\T {2) - 313.16) + _ 313.16) = 0 

1 = 1 1 = 1 


Y 

y-1 


P< 2 ) 16.7 

In b In 

313.6 16.2 


= 0 


This can be seen in a reformulation of the entropy balance 
that includes the First Law. The First Law, given in Equation 
(3.91), can be adapted to the system under consideration as 
follows: 

J2q r + Qo + w t= E w(/)mW - E wU)u(j) 

outlets (j) inlets (j) 

(3.142) 

We have neglected the kinetic and potential energies, but 
they may be readily inserted in the final result, if needed. 
Also, the work interactions at the system inlets and outlets 
have been included in the total work term, W t . Two 
approaches have been taken regarding the formulation of 
a useful work term. The first discounts the work against the 
atmosphere [e.g., Denbigh (1971)] and defines the useful 
work as 


Wt = W s + (Pin - Po) Vi„ - (Pout - Po) Vou, + P 0 (V in - F out 

(3.143) 

The pressure-volume products in Equation (3.143) are to be 
included for each inlet and outlet stream. In summary, 


Thermodynamic Model 
(Case) 

Retentate 
Temperature (K) 

Permeate 
Temperature (K) 

Permeate reversible (I) 

409.7 

223.7 

Retentate reversible (II) 

317.3 

309.3 

Reversible process (III) 

489.6 

149.7 

Reversible adiabatic expansion 


Retentate (IV) 

310.9 

315.3 

Permeate (V) 

417.9 

216.2 


Solution: {T® = 315.265, P< 2) = 310.888} 


W t = W u + P 0 (V in - Von,) (3.144) 

The First Law in terms of useful work is then 

Ea? + &> + w„= 53 w w (w w +p 0 v w ) 

OUtkts(/) (3 145) 

- 53 w^^+Pov 0 ) 

inlets (j) 

The Second Law does not discount the work against the 
medium (Dodge, 1944): 


Case 5: Reversible Adiabatic Expansion in Permeate 


Wt = w} + P m V m - P out V out (3.146) 


53 - 313.16) + - 313.16) = 0 

i= 1 i= 1 

Y , P (3) , 16. 7\ 

b^ ln mT6 + ln T56)=° 

Solution: { / '' = 216.120, T m = 417.885} 

Which model do you think gives the best solution? 


3.7.3 The Availability and Lost Work 

The entropy generation can also be shown to be proportional 
to the loss of the potential of the system to do useful work. 


= (3.147) 


This approach results in 


E&+fl) + ff l = E v^ w (« w +p w v w ) 

outlets (j) 

- E +P w vW) 

inlets (j) 


(3.148) 


The latter reduces to the first for nonflow systems and is 
easier to apply. We will retain the second definition and 
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substitute the resulting value of Q () into the entropy balance 
to give 

53 ( 2 « + To ASr) + W' a = ^ ^(hV-TvP) 

outlets (j) 

- 53 w(i) ( hU) - T o s(J) ) + To<J 

inlets (j) 

(3.149) 

The left-hand side of Equation (3.149) includes in the first 
term the reversible work required to restore the reservoirs at 
the expense of the environment (and allows a reservoir to be 
replaced with a nonisothermal heat source or sink). The 
work term is the shaft work done on the system. The work 
done on the system at the inlets and outlets is included in the 
enthalpy functions on the right-hand side. The left-hand side 
represents the total work required, with the recognition that 
the restoration of the reservoirs must be charged to the 
process in any evaluation of the process efficiency. 

w; = 53(2* + To A S R ) + < (3.150) 

The right-hand side of Equation (3. 149) reflects a change in 
thermodynamic function called the Availability, 

d = h - T () s (3.151) 



The same change in availability can accompany various 
levels of the lost work, depending on how the process was 
carried out. Efficiency calculations would therefore be done 
with operating data when such data are available. However, 
the efficiency may be estimated with models of the process 
in question, the validity of the results depending on the 
accuracy of the process model. In this section, we will 
calculate the efficiency of some of the various process steps 
and end with an evaluation of a complete process. 

3. 7. 4.1 Heat Exchanger with Saturated Heat Source Here 
we consider the heating of a liquid in the tube side of a shell 
and tube heat exchanger with a condensing fluid in the shell. 
Refer to Figure 3.12. We will assume that the specific heat of 
the cold liquid is constant. 


and a strictly positive term proportional to the total entropy 
production in the system. In summary. 


W[=WAd + T 0 (j (3.152) 

Consequently, if the value of Ad is positive, it represents the 
minimum amount of useful work required to affect the 
change. If Ad is negative, it represents the maximum amount 
of useful work that could be extracted. In this sense, the 
function d represents the available useful work in the system. 
In summary, 


W[ > WAd Ad>0 
-WAd>-W[ Ad<Q 


(3.153) 


3.7.4 Process Efficiency 


Ad = c pl (t (L2) - r (L1) ) 

(3.156) 

j(L2) 

As = c PL \n t(L1) 

(3.157) 

c pl (T ( l2) - T < L1 >) - Wn^. 

(3.158) 

Q r = W (S) A/j vap 

(3.159) 

= W« s > 

(3.160) 

< = 0 

(3.161) 

w t = W (S) (A/j vap ) 1-^j 

(3.162) 


It is often possible to adopt the following definitions of 
efficiency: 


WAd 

Ad>Q 

(3.154) 

W[ 

-w x 

Ad < 0 

(3.155) 

- WAd 


w (L) Ad w (l) c/> l [(t ( l2) - r( L1) ) - r 0 in(r( L2) /r( L1) )] 

W (S) (A/Cap)[l-(T 0 /r^)] 

(3.163) 


[l - (r 0 /(7< L2 ) - r( L1 >))hi(r( L2 VT( L1) )] 

[1 - (To/T^)] 


(3.164) 
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FIGURE 3.13 Distillation tower. 


Hi = H t (3.166) 

jf^AH = — T (V) ) + A/”- w ^C^( — T 

(3.167) 

- s, (F) ) + E,^ w) (^ (w) - 

(3.168) 

S, = Si - R In Xj (3.169) 

AT (f) A 5 = E,-AA, tD) (5, (D) - sf ] ) + - sf ] ) 

-RY, t M? ) Q* x ? ) - lnA '! F) ) - tfE^ W) (ln*i W) - lnxf } ) 

(3.170) 

The pure component reference state has been used as well as 
an average specific heat. Pressure effects are not being 
considered. The entropy changes can be completed as 


Example 3.7.4.1-1: Heating Water from 25 to 95 °C 
Using Steam at 0.125 MPa (106 °C) 

Substitution into the preceding efficiency relation gives 

_ 1 - ((22 + 273.16)/(95 - 25))ln((95 + 273.16)/(25 + 273.16)) 
~ 1 - ((22 + 273.16)/(106 + 273.16)) 

= 0.50003 = 50% 


3. 7.4.2 Distillation Refer to Figure 3.13 for the stream 
designations for a standard distillation column configura- 
tion. Chapters 1 and 6 provide a more detailed discussion of 
distillation than is needed here. 

A saturated liquid feed is separated into two saturated 
liquid products: the distillate at a lower temperature and the 
bottoms or residue at a higher temperature. The distillate 
contains the lower boiling components and the residue 
components with the higher boiling points. 

There are two reservoirs with which the system interacts 
aside from the environment. The condenser at the top of the 
column is a low-temperature heat sink. It employs a variable 
temperature sensible heat transfer fluid, water in many cases. 
The high-temperature reservoir is the boiler at the bottom of 
the tower. The boiler employs a saturated heat transfer fluid, 
steam in many cases. Assuming that the streams are ideal 
solutions, the enthalpy and entropy changes for the system 
may be expressed as 

w (fi a h = £ v‘ D| (//! D) - h'P) + £ a/-! w >(h, iw) - //% 


V* F) A S = Af"»C« D, lnT^ + V' w| cS. w, l„3% 

(D) (W) 

- RM {D) A (D ’ln \ - *A/- (W) £ -v, (w) ln X; 


A 

(3.171) 


■(F) 


AA (F) A5 = In 


))' v,D,c ' ,D> (r w /r F )- v(wl ^ wl 


X r( D) " 


X r( W) " 

rn-w 

n (4 D) /4 F) ) ' 


n,(%V‘ F ’) 



(3.172) 


The change in Availability may be calculated with the 
entropy and enthalpy changes. 

AB = — r( p )) w)(7<w) _ j(F)^ 


(r (D) (r w /7’ F ) A, ” (w)c ” 


r 

JP )1 

RJV (d) 

X vW" 


n,(x, (D) /A (F) ; 

X- 

) 


n,(4 w V.f')' 





( 3 . 

173 ) 


The work term consists of the restoration of the high- 
temperature reservoir and the extraction of work from the 
low-temperature reservoir. Mechanical pumping is being 
neglected. 






Qc + TqCpcWc In 


T C2 

Tfi. 


(3.165) 


(3.174) 
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For nearly pure products in a binary distillation, 


Q r = /}AT (w) (-A// vapW ) = (RR+ l)AA (D) (-A7/ vapW ) 

Q c = —(—AH vap u)(RR + 1)AT (d) = -W c cpc{T^ - T^) 

(3.175) 


W[ = (RR + 1)A (D) <{ (-A// vapW ) 

To 


1-* 


( A// vapD ) 


1 - 


In 


r (C2)' 


r (C2) _ j(Cl) r (Cl) 


(3.176) 


Estimate C^, W as that for isobutylbenzene = 78.58 Btu/ 
(lb mol °F) from Yaws ' Handbook 


7V (W) = 0.300011b mol/h 


F (W) = 607.85 °F 


A (f) A// = 90.8752 x 55.76(328.1 - 328.4) + 0.30001 
x 78.58(607.85 - 328.4) = 5067.8 Btu/h 


N^AS = In 


/ (328.1+460)\ 90 8752 (5- 76 ) /'(607.85+460)\ 030001(78 - 58 ) \ 

((328.4+460) J ( (328.4+460) J 

( ( 0. 00392 3 »-«>392 / Q.9958916 \ 0-^58916 , (,.0000584 9 0.0000584N 1 .987x90.8752 / 000000 Q.OOOOOOQ3 , 0 0001g3 . 0.000183 , Q 000000173 9 0.000000173 , 0.9998163 9 0.9998163N 1-987x0.30001 

( \0. 00391/ ' 0.9926 152 - V 0.00335 ) ) (l 0.00391 ) +1. 9926 152/ V 0.000129 ) l 0.00335 ) J J 


Example 3.7.4.2-1: Column Efficiency Evaluation for 
Acylation Reactor Effluent in Ibuprofen Manufacture 


Af (F) AS = 3.0061 Btu/ (h °R) 
T 0 = 300 K = 540 °R 


The following distillation is being considered for the 
separation of the acylation product, isobutylacetophenone, 
in the first of a three-step process for the manufacture of 
ibuprofen: 



Feed 

Bottoms 

Distillate 

Mole flow (lb mol/h) 
Acetic acid 

0.3563185 

9.01E-09 

0.3563185 

Acetic anhydride 

90.5019 

5.50E-05 

90.50185 

Isobutylbenzene 

0.0117332 

5.19E-08 

0.0117332 

Isobutylacetophenone 

0.3052585 

0.2999548 

5.30E-03 

Mole fraction 

Acetic acid 

3.91E-03 

3.00E-08 

3.92E-03 

Acetic anhydride 

0.9926152 

1.83E-04 

0.9958916 

Isobutylbenzene 

1.29E-04 

1.73E-07 

1.29E-04 

Isobutylacetophenone 

3.35E-03 

0.9998163 

5.84E-05 

Temperature (°F) 

328.4 

607.8 

328.2 

Q r = 4471 500 Btu/h 

T r = 621. 2 °F 


Q c = 4464700 Btu/h 

F c i = 75 °F, 


7 c2 = 120°F 
Pl/ C = 9921 5.6 Ib/h 


Evaluate the efficiency of the separation. 

Estimate Cp D) is nearly that for acetic anhydride at 328 °F = 
55.76 Btu/(lb mol °F) from Yaws’ Handbook (2003). 

7V (D) = 90.87521b mol/h 
r (o) = 328 . 1 °F 


JV {F) AB = 5067.8 - 540(3.0061) = 3444.5 Btu/h 


Q r -T 0 — = 4.4715 x 10 6 f 1 540 

R T r V 621.2 + 460 

= 2.2382 x 10 6 Btu/h 


<2c + TqCpcWMt^ 

L cl 

= -4, 464,700 + 540(99, 216)(1.00)ln^^ 
= -1.3780 x 10 5 Btu/h 


W[ = 2.23 82 x 10 6 - 1.3 7 80 x 10 5 = 2.1004 x 10 6 Btu/h 


3444.5 
2.1004 x 10 6 


100 = 0.16399% 


The efficiency of this distillation is seen to extraordinarily 
low. To obtain a very small quantity of the desired compo- 
nent, 0.3 lb mol/h, it is necessary to vaporize approximately 
9 1 lb mol/h. In addition, the reboiler is operated at a high 
temperature. It is necessary to consider other means of 
product separation, such as liquid extraction or adsorption. 


PROBLEMS 

3.1. An example of a thermodynamic diagram is shown in 
Figure 3.14. Thermodynamic diagrams are normally con- 
structed for pure substances when a repeated need for the 
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FIGURE 3.14 Pressure-enthalpy diagram for NH 3 (Green and Maloney. 1997). Reprinted with 
permission of McGraw Hill. 


values of a thermodynamic function occurs, for example, or 
for clarity in representing a thermodynamic process. Com- 
mon examples are the PH, TS, and HS diagrams. This 
problem is concerned with the construction of an isotherm 
on the PH chart (see Figure 3.14). 

Some observations are as follows: 

• Note the saturated liquid and saturated vapor lines 
(labeled on the graph). They intersect at the critical 
point and enclose a two-phase region. 

• Saturation refers to phase equilibrium, in this case, 
between liquid and vapor. Consequently, each point on 
the saturated liquid line corresponds to a point on the 
saturated vapor line at the same temperature (thermal 
equilibrium), therefore, on the same isotherm and 
pressure (mechanical equilibrium). The pressure is 
the vapor pressure. The difference in enthalpy is the 
latent heat of vaporization. 


Construct the isotherm that passes through your reference 
state. Use the RKS equation of state for the gas phase and 
Equation (2.29) for the liquid phase. Compare your results 
with those on the graph. 

3.2. Throttling is a process operation by which the pressure 
of a flowing fluid is reduced without a significant change in 
the kinetic or potential energy. It is realized by placing a 
restriction in the conduit such as a partially open valve. No 
shaft work is done and the process takes place so rapidly that 
there is no significant heat transferred to the surroundings. 

a. Apply the energy balance to this process assuming that 
no phase change takes place. Suppose that the process 
stream is a pure gas that obeys the volume explicit 
form of the virial equation: 


Z = 


PV 

RT 


1 + 


B{T) 

RT 


P 


Choose a reference state on the saturated liquid curve and 
use the values at that point for your reference conditions. 


where B is given in Table 2.1. 
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b. Show that the enthalpy departure is given by 


H'(T,P) = PT 


B 

T 


d B 
d T 


Substituting the departures into the energy balance pro- 
ducing a single, nonlinear algebraic equation for the 
outlet temperature, given the inlet conditions and the 
outlet pressure. 

c. Solve the energy balance for the outlet temperature 
that appears in the ideal gas term: 


Propane at 20 bar and 400 K is throttled at steady state to 
bar. Estimate the final temperature with the volume explicit 
virial equation truncated after one added term. 

3.3. The throttling process can produce a decrease or an 
increase in temperature depending on the sign of the Joule- 
Thompson coefficient defined by 



a. Show that 


T 2 = Ti + 


H'{T 2 ,P 2 )+H'{T u P l ) 
< C°p(T u T 2 > 


T(dV/dT) p - V 
c °p ~ Jo (d 2 V/dT 2 )dP 


This may be solved iteratively for the outlet temperature 


T 2 ,„ 


T 2,0 


H'(T 2 ^ ll P 2 ) + H'(T u P x ) 
1 (C°(7’ 1 ,7’ 2j „_ 1 } 

T . H'{T\ , Pi) 


provided that the temperature change is not too large and 
the outlet is nearly ideal. 


where the second term in the denominator is the departure 
for the specific heat (Tester and Modell, 1997). The 
numerator may be obtained by first applying Equation 
(3.9) to H(T, P). The derivative that appears there can be 
obtained by applying Equation (3.9) to Equation (3.6). 
The entropy derivative that results can be expressed in 
terms of the independent variables applying Equation 
(3.9) to Equation (3.7). 

b. Determine the Joule-Thompson coefficient for pro- 
pane at the conditions specified in Problem 3.2b. 



4 


MACROSCOPIC MOMENTUM AND MECHANICAL 
ENERGY BALANCES 


The macroscopic momentum and mechanical energy bal- 
ances complete the basic equations that are available for 
analyzing the states of streams at the entrances and exits of 
process equipment. The macroscopic momentum balance 
provides the means to evaluate forces on the equipment and 
the macroscopic mechanical energy balance provides the 
means to evaluate pressure at the entrances and exits. 

4.1 MOMENTUM BALANCE 

We are accustomed to applying Newton’s law to rigid bodies 
where the sum of the forces acting on the body is the time 
rate of change of its momentum. The forces in Newton’s law 
are interpreted as momentum flows or stresses as momentum 
fluxes to provide the viewpoint of a conservation principle. 
We are now concerned with applying this conservation 
principle to a flowing fluid in a fixed volume where convec- 
tive momentum flows must be accounted for and the fluid 
elements may deform during the momentum transfer pro- 
cess. Moreover, the containing surface may move as in cases 
where mechanical work is transferred between the system 
and surroundings. 

Consider a fluid contained between two coaxial cylinders 
as illustrated Figure 4.1. 

The ends are closed so that no material may be introduced 
or withdrawn from the fluid in the volume element under 
consideration. The axis of the cylinders is aligned with 
gravity so that a pressure or normal force distribution is 
established throughout the fluid to resist motion in the axial 


direction; that is, the ends of the cylinder must support the 
fluid. Consequently, a normal force is exerted on the fluid 
over the entire containing surface. If the outer cylinder is set 
in motion, the adjacent fluid layer begins to move with 
exactly the same velocity. Except for some rare circum- 
stances, this nonslip condition will apply at solid-fluid 
interfaces. There is then a transfer of momentum, 0 (the 
direction tangent to the cylindrical surfaces) momentum, in 
the radial direction. The next fluid layer also begins to move 
because of frictional interactions due to fluid viscosity. This 
radial flux of momentum continues throughout the radial 
direction and is ultimately transmitted to the wall of the 
inner cylinder. Unless supported, the inner cylinder will 
begun to move in the 6 direction because of the influx of this 
momentum. In addition, the radial movement of the fluid 
will, through the viscous effect, actually persist to the ends 
of the cylinder and will transmit 0 momentum in the axial 
direction to these surfaces as well. As a result of the rotation 
of the outer cylinder, momentum flows appear at all of the 
containing surfaces. 

The momentum transfer process is more effective the 
more viscous the fluid. If you stir honey in a cup, the cup 
will spin. A cup of coffee will not. Viscosity refers to the 
proportionality between momentum flux and the associ- 
ated velocity gradient. If the annular gap between the 
coaxial cylinders in Figure 4.1 is very narrow, we can 
neglect the curvature and call the radial direction x and the 
circumferential direction y in a rectangular coordinate 
system. The flux of y momentum in the x direction is 
proportional to the velocity gradient for many fluids called 
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annular gap 
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FIGURE 4.1 Fluid contained between coaxial cylinders. 


body forces such as gravity represent sources in the momen- 
tum balance but do not affect the mass balance. 

In systems with inlet and outlet flows, the transport of 
mass is accompanied by a transport of momentum. Consider 
an inlet with cross-sectional area S 1 1 ’ and outwardly directed 
unit normal n (1) . We suppose that the inlet flow is every- 
where normal to S ( 1 ’ and that the normal direction does not 
vary over the inlet. The concentration of momentum every- 
where on the inlet surface is therefore pMy®, where 

p(» v (i) = - p W v W n W (4.3) 


If the concentration is constant but the magnitude of the 
velocity varies over the surface, 

Inlet momentum flow rate = f [ -pvnlvdA 

A< 1) 


= — 



v 2 dA 


n WaW 


pwyDV 1 ) 


(4.4) 


Newtonian fluids. 


r 


= -Tj 


dVy 

dx 


The vector S ( 1 1 has the magnitude of the surface area and the 
direction of the flow. Similarly at an outlet surface, A ,2) , 

Outlet momentum flow rate = p (2 '(v^ )A ,2) (4.5) 


The viscosity is rj. This viscous flux of momentum is 
analogous to the diffusional flow in mass transfer and the 
conductive flux in energy transfer. 

The convective flux of y momentum in the present case is 
pVyVy, the product of the momentum concentration and the 
carrying velocity. If we denote the gap distance by d, a 
measure of the relative importance of the convective trans- 
port of momentum, the viscous transport process is given by 
the dimensionless Reynolds number: 


A Re = 


PVyVy 

*7((v y ~0)/d) 


pvd 

rj 


(4.2) 


The Reynolds number is used in the same way in geometri- 
cally similar circumstances. In these applications, v is a 
characteristic velocity and d is a characteristic length. In 
pipe flow for example, d is the pipe diameter and v is the 
average axial velocity. Dimensionless numbers are effec- 
tively used in many circumstances to consolidate the roles of 
multiple parameters. They appear naturally in the micro- 
scopic analyses of Part II and can be formulated on the basis 
of a dimensional analysis (Zlokarnik, 1991). 

In contrast to the mass balance, the surfaces that define a 
macroscopic volume element are all active in the momentum 
transfer process and involve the viscous flux of momentum 
and the normal pressure forces. Whereas chemical reactions 
pay an important role in the conservation of mass principle, 
they have no direct effect on the momentum transfer process 
since mass is conserved in a chemical reaction. However, 


A pressure acts normal to the surface at the inlet and outlet, 
adding momentum to the system at the inlet, 

— P (1) n (1) A (1) = P (1) A (1) (4.6) 

and removing it at the outlet, 

-P (2) n (2) S (2) = -P (2) A (2 ) (4.7) 

The net result at steady state is 

0= p^\vl)A^ - p^i^A^ +pW\^ -p^A^ +mg-F 

(4.8) 

where the gravitational body force per unit mass, g, and the 
force, F, of the fluid on the system surface other than at the 
inlets and outlets have been added. Note that F is a momen- 
tum flow out of the fluid and g is a momentum flow into the 
fluid. As noted above, a flow of momentum into a body is a 
force on that body. The momentum balance clearly provides 
the means to calculate the force exerted by the fluid on the 
equipment. On the other hand, if a reliable estimate can be 
made of the force, the momentum balance provides a 
relationship between velocity and pressure. Examples of 
both applications will be presented in the following sections. 

Example 4.1-1: Force on a U-Bend 

A liquid is flowing with a uniform velocity through a pipe 
segment consisting of a U-bend. Refer to Figure 4.2. The 
inlet flow is in the direction of gravity and there is no 
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FIGURE 4.2 Flow of a liquid through a U-bend. 


change in the pipe diameter across the bend. Calculate the 
vertical force on the U-bend. 

The mass balance gives: 

p (1) v (1) A (1) = p (2 V 2) A (2) = pvA 


Set the x direction equal to the direction of gravity and write 
the x component of Equation (4.6). 

F x = pv 2 A(+ 1) - pv 2 A(— 1) + P (1) A(+1) 
-P (2) A(-1) +pV bend g 

Note that the direction of the surface vector is in the 
positive x direction at the inlet and in the negative x 
direction at the outlet, the direction of flow in both cases. 
Collecting terms 


F x = 2 pv 2 S - 


j(l) p(2) 


S “F PE bend^ 


where Vbend is the volume of the U-bend. 


4.2 MECHANICAL ENERGY BALANCE 

The macroscopic energy balance requires the simultaneous 
consideration of the heat and work effects or the thermal and 
mechanical aspects of the energy transfer process. It is often 
convenient when evaluating work requirements to separate 
the two. The mechanical component can be isolated as 
follows. 

The macroscopic energy balance written per unit mass of 
throughput and accounting for potential and kinetic energy 
contributions follows from Equation (3.91) as 

A [h + X - v 2 + g^j =Q m - VT sm (4.9) 

One inlet and one outlet have been accounted for. No other 
open surface is represented. If this equation is applied to a 


differential element in a single-phase system, there results 

d (h + ^ v 2 + g^j = d Q m - dW sm (4. 10) 

We arrive at this differential element by progressively 
moving the inlet and outlet into the system at each juncture 
capturing all of the fluid elements that have just entered the 
system and discarding a portion of the system boundary. 
We are consequently following the lines of flow. We 
consider the system properties to be averages over each 
cross section. Allowing for an irreversible transfer of the 
thermal energy, d Q m , and the consequent production of 
entropy results in 

d(^h + -v 2 + gt'j = T ds — T da — dl¥ sm (4. 1 1) 

where T is the local system temperature. Rearranging 
Equation (4.11) provides 

du + d(PU) + d Q v 2 + g^j = Tds — Tda — dW sm 

(4.12) 

VdP+d^ + gtj +Tda + dW sm = 0 (4.13) 

where the local system temperature has been used with the 
average local values of the thermodynamic state functions. 
Integrating this result from the conditions at the inlet to 
those at the outlet gives 

p(2) 

a Q(v) 2 + ^+ J ^+W sm + £ vm = 0 (4.14) 

pm 

where E v is a lost work due to the irreversible transfer of 
thermal energy. A microscopic analysis is given in Chapters 
13 and 15 where the lost work will be more clearly seen as 
the degradation of mechanical energy into heat and where 
the relation of both the work and viscous dissipation terms 
to the local flows will be expressed. The result is particularly 
applicable to turbulent flow where cross-sectional values 
can be nearly constant. The correction required for laminar 
flow is discussed in Chapter 15. 

The integral in Equation (4.14) generally depends on the 
path and an average value is used. 

The fluid may be gas or liquid, the essential difference 
being the influence of pressure on the density. For the flow of 
gases in pipes, the equation must be written in differential 
form and an equation of state introduced for the gas. This 
requires a microscopic view of the system and is discussed in 
Chapter 13. 
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4.3 APPLICATIONS TO INCOMPRESSIBLE 
FLOW SYSTEMS 

One of the most important applications of the mechanical 
energy balance is to flow systems that supply the intercon- 
nections between process equipment or plant and entails the 
specification of pumps, compressors, fans, flow meters, 
valves, pipe sizes, and so forth. In all cases, some mix of 
the initial and final conditions is imposed. 

We will consider the turbulent flow of liquids in piping 
systems containing valves and fittings and the sizing of 
pumps. The calculations for piping systems will apply 
also to gases if the density variations are on the order of 
10-15%. In these applications, the mechanical energy bal- 
ance is divided into intervals containing straight lengths of 
piping, flow obstacles, and pumps: 

A (v) 2 + J + f W sm + E v m 

V J P pumps straight lengths 

+ Evm — 0 (4.15) 

flow obtacles 

4.3.1 Flow of Liquids in Piping Systems 

In these applications, the means for evaluating the loss 
of mechanical energy must be available if this loss is 
important. Evaluation of the loss term can be accom- 
plished first by application of the momentum balance, 
which provides a relationship between pressure and veloc- 
ity if an experimental result or theoretical estimate is 
available for F. Substitution of this relationship between 
pressure and velocity into the mechanical energy balance 
then provides a relation of E to velocity. This relationship 
is expressed as 

£'vm = ev^(v) 2 (4.16) 

where e v is called the “friction loss factor.” This form can 
be rationalized at this juncture from the fact that E v is 
measured by the portion of the average momentum flux that 
is lost to the production of useful work. 

4.3. 1.1 Flow in Pipes — The Friction Loss Factor Some 
useful rules of thumb pertaining to piping systems are given 
by Couper et al. (2005): 

• Line velocities and pressure drops (line diameter = D 
in inches). 

Liquid pump discharge velocities are approximately 
(5+ D/3) ft/s. 

Pressure drops are approximately 2.0psi/100 ft. 


Liquid pump suction velocities are about ( 1 .3 + D/6) 
ft/s with pressure drops of approximately 0.4 psi/100 ft. 

For steam or gas, typical values are 20 D ft/s and 

0.5 psi/100 ft. 

• Control valves require at least lOpsi drop for good 
control. 

Globe valves are used for gases, for control, and 
whenever tight shutoff is required. 

Gate valves are for most other services. 

• Screwed fittings are used only on sizes 1.5 in. and 
smaller. Flanges or welding are used otherwise. 

Flanges and fittings are rated for 150, 300, 600, 900, 
1500, or 2500 psig. 

• Pipe schedule number = 1000/75’, approximately, 
where P is the internal pressure psig and 5 is the 
allowable working stress (about 10,000 psi for A 120 
carbon steel at 500 °F). 

Schedule 40 is most common (see Table 4.1). 

The diameter of pipelines and the velocity of the fluid 
may be related in an optimal way on the basis of cost. For a 
given mass flow rate, the velocity decreases with increas- 
ing pipe diameter and the cost of pumping or compression 
correspondingly decreases. On the other hand, the cost of 
the piping increases. This opposing interplay results in an 
optimal diameter. Extensive results are given by Peters 
et al. (2003). For example, if the following stipulations are 
made: 

1. Efficiency of pumps and motors = 0.50. 

2. Yearly hours of operation = 8760 h. 

3. Frictional loss due to fittings and bends expressed as 
equivalent frictional loss in straight round pipe = 0.35. 

4. Electric energy cost: 80.05 $/kwh. 

5. Annual fixed charges = 20% of installed equipment 
cost. 

6. Ratio of total cost for fittings and installation to 
purchase cost of new pipe = 1 .4. 

7. Purchase cost of new pipe per meter of length of 
0.025 m I.D. steel pipe. 

The optimum diameter may be calculated with 

A) P t[m] = 0. 363 V [m 3 /s] 045 p [kg/m 3 ] 0, 13 p [Pas] 00235 

(4.17) 

or turbulent flow: /V Re (dimensionless) = ( pDv/rj ) > 
2100 and D opt > 0.0254 m 

The result is, of course, a function of the variables 
stipulated above; however, the relationship is very weak 
and the same values may be used over a range of industrial 
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TABLE 4.1 Dimensions of Standard Steel Pipe (ASA Standards B36.10-1939) 


Nominal Pipe 
Size (in.) 

Outside 

Diameter 

(in.) 

Schedule 

No. 

Wall 

Thickness 

(in.) 

Inside 

Diameter 

(in.) 

Cross-Sectional 

Area of Metal 
(in. 2 ) 

Inside Sectional 
Area (ft 2 ) 

Circumference (ft) or 
Surface (ft 2 /ft) of Length 

Outside 

Inside 

1/8 

0.405 

40 

0.06800 

0.26900 

0.07200 

0.00040 

0.10600 

0.07050 



80 

0.09500 

0.21500 

0.09300 

0.00025 

0.10600 

0.05630 

1/4 

0.540 

40 

0.08800 

0.36400 

0.12500 

0.00072 

0.14100 

0.09540 



80 

0.11900 

0.30200 

0.15700 

0.00050 

0.14100 

0.07920 

3/8 

0.675 

40 

0.09100 

0.49300 

0.16700 

0.00133 

0.17700 

0.12930 



80 

0.12600 

0.42300 

0.21700 

0.00098 

0.17700 

0.11100 

1/2 

0.840 

40 

0.10900 

0.62200 

0.25000 

0.00211 

0.22000 

0.16300 



80 

0.14700 

0.54600 

0.32000 

0.00163 

0.22000 

0.14300 

3/4 

1.050 

40 

0.11300 

0.82400 

0.33300 

0.00371 

0.27500 

0.21580 



80 

0.15400 

0.74200 

0.43300 

0.00300 

0.27500 

0.19420 

1 

1.315 

40 

0.13300 

1.04900 

0.49400 

0.00600 

0.34400 

0.27450 



80 

0.17900 

0.95700 

0.63900 

0.00499 

0.34400 

0.25050 

1 1/4 

1.660 

40 

0.14000 

1.38000 

0.66900 

0.01040 

0.43500 

0.36200 



80 

0.19100 

1.27800 

0.88100 

0.00891 

0.43500 

0.33500 

1 1/2 

1.900 

40 

0.14500 

1.61000 

0.79900 

0.01414 

0.49800 

0.42200 



80 

0.20000 

1.50000 

1.06800 

0.01225 

0.49800 

0.39300 

2 

2.375 

40 

0.15400 

2.06700 

1.07500 

0.02330 

0.62200 

0.54200 



80 

0.21800 

1.93900 

1.47700 

0.02050 

0.62200 

0.50800 

2 1/2 

2.875 

40 

0.20300 

2.46900 

1.70400 

0.03322 

0.75300 

0.64700 



80 

0.27600 

2.32300 

2.25400 

0.02942 

0.75300 

0.60900 

3 

3.500 

40 

0.21600 

3.06800 

2.22800 

0.05130 

0.91700 

0.80400 



80 

0.30000 

2.90000 

3.01600 

0.04587 

0.91700 

0.76000 

3 1/2 

4.000 

40 

0.22600 

3.54800 

2.68000 

0.06870 

1.04700 

0.93000 



80 

0.31800 

3.36400 

3.67800 

0.06170 

1.04700 

0.88200 

4 

4.500 

40 

0.23700 

4.02600 

3.17300 

0.08840 

1.17800 

1.05500 



80 

0.33700 

3.82600 

4.40700 

0.07986 

1.17800 

1.00200 

5 

5.563 

40 

0.25800 

5.04700 

4.30400 

0.13900 

1.45600 

1.32200 



80 

0.37500 

4.81300 

6.11200 

0.12630 

1.45600 

1.26300 

6 

6.625 

40 

0.28000 

6.06500 

5.58400 

0.20060 

1.73400 

1.59000 



80 

0.43200 

5.76100 

8.40500 

0.18100 

1.73400 

1.51000 

8 

8.625 

40 

0.32200 

7.98100 

8.39600 

0.34740 

2.25800 

2.09000 



80 

0.50000 

7.62500 

12.76000 

0.31710 

2.25800 

2.00000 

10 

10.750 

40 

0.36500 

10.02000 

11.90000 

0.54750 

2.81400 

2.62000 



80 

0.59300 

9.56400 

18.92000 

0.49890 

2.81400 

2.50300 

12 

12.750 

40 

0.40600 

11.93800 

15.77000 

0.77730 

3.33800 

3.13000 



80 

0.68700 

11.37600 

26.03000 

0.70580 

0.35972 

2.98000 


Source: Foust et al. (1960). 


conditions. See Example 13.1.1.1-1: This section contains 
pipe sizing calculations. 

With gravity in the direction of flow: 

• The momentum balance in the flow direction is given 
by 

p(l) (v (l) 2 ) A (l) _ p (2) (v (2) 2 M (2) +j p(D A (l) _ j p(2) A (2) 

+ mg — F = 0 (4.18) 


Position 1 is the inlet, position 2 is the outlet, and m 
is the mass of fluid contained in the length L between 
the inlet and outlet. 

• The mass balance is given by 

p (1) (v (1) )A (1) = p (2 ^<y 2 ^)A (2) (4.19) 

For constant density fluids and pipes of constant 
cross section, the momentum balance reduces to 

F = P (1) A - P (2) A + pALg 


(4.20) 
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• The steady-state mechanical energy balance is given 
for these circumstances as 

pW _ pi 2 ) 

E vm = gL + (4.21) 

P 

The value of F is expressed in terms of the Fanning 
friction factor as 

F = jrDL^pv 2 y (4.22) 

The friction factor (divided by 2) is the fraction of 
the characteristic momentum flux (pvv), which is trans- 
mitted to the wall. For turbulent flow in tubes or pipes, 
experimental results are available for / in Section 
13.1.1.2. Theoretical results are available for laminar 
flow in Chapter 9. Solving the preceding three equa- 
tions for the friction loss gives 
AT 

e v = — /(JVRe) (4.23) 


4.3. 1.2 Sudden Expansion — Calculation of Friction Loss 
Factor A sudden enlargement in cross section is an exam- 
ple where an estimate of F can be made. Refer to the sudden 
enlargement in Figure 4.3. 

The flow direction is axial, which is perpendicular to the 
direction of gravity. The inlet surface is placed just to the left of 
the enlargement, before the resulting disturbances in the flow. 
The outlet surface is fixed at the point where fully developed 
flow has just been reinstituted. The lateral surface between the 
inlet and outlet constitutes the remainder of the surface. 

Mass balance: Same as Equation (4.18) without the 
gravity term. 

For incompressible flow, the velocity ratio is therefore 


v (2) _ A (i) 

^ = = 


(4.24) 


z-Momentum balance: Same as Equation (4.17) without 
the gravity term. 

F is the force of the fluid on the walls, in this case the 
lateral wall between the inlet and outlet as well as the ring- 
shaped surface at the division of the two cross sections. We 
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FIGURE 4.3 Sudden expansion of flow cross section. 


can estimate the value of F by assuming that the normal 
pressure force on the ring-shaped surface is the governing 
ingredient. The pressure on the surface should not be much 
different than what exists at the inlet so that 

-P (1) (A (2) -A (1) ) (4.25) 


Substitution of this estimate into the momentum balance and 
using the mass balance to eliminate the upstream velocity 
provides 


pi 2 ) _ pW = A p — p V i 2 ) 2 



(4.26) 


Note that the pressure increases! The mechanical energy 
balance, 

a G v2 ) + ~ P (p(2) - pW) + = ° (4 - 2?) 


may now be solved for the friction loss factor: 



(4.28) 


Recall that the characteristic velocity is the downstream 
velocity. 


4.3. 1.3 Fittings and Valves Table 4.2 is a partial list of 
friction loss factors for valves and fittings. 

4.3. 1.4 Pump Sizing Given the choice, it is more eco- 
nomical to increase the pressure of a liquid than to increase the 
pressure of a gas so that pumping should precede vaporization 
rather than vaporization preceding compression. 

The power required for pumping is independent of the 
pump aside from the pump efficiency in delivering the 
required power to the fluid. The ability of the pump to 
deliver the required power depends on its particular opera- 
tional characteristics, which must be examined when select- 
ing a pump. 

Example 4.3. 1.4-1: Power Required for P-301 A/B: 
Acrylic Acid Plant 


A centrifugal pump is used to circulate a molten salt 
through the heat transfer tubes mounted in the fluidized bed 
reactor system. The flow rate of the salt is 1075tonne/h as 
recorded for stream 5 in Table 1.3. Properties of Hitec are 
included in the Preliminary Database at the conclusion of 
Chapter 1. The pump must compensate for the pressure 
drop across the heat exchanger (E-301) as well as the 
reactor (R-301 ). The salt is a dense, high viscosity liquid so 
that we might estimate the pressure drop as 12 psi for each 
of the heat transfer units for 24 psi or 1.632 atm. This is 
somewhat higher than the 9 psi suggested by Couper et al. 
(2005). Calculate the power requirement for the pump. 
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TABLE 4.2 Friction Loss Factors 


Flow Obstacle 

e v 

45° ell, standard 

0.35 

45° ell, long radius 

0.2 

90° ell, standard 

0.75 

Long radius 

0.45 

Square or miter 

1.3 

180° bend, close return 

1.5 

Tee, standard, along run, branch blanked off 

0.4 

Used as ell, entering run 

1.0 

Used as ell, entering branch 

1.0 

Branching flow 

1.0 

Coupling 

0.04 

Union 

0.04 

Gate valve, open 

0.17 

3/4 open 

0.9 

1/2 open 

4.5 

1/4 open 

24.0 

Diaphragm valve, open 

2.3 

3/4 open 

2.6 

1/2 open 

4.3 

1/4 open 

21.0 

Globe valve 


Bevel seat, open 

6.0 

1/2 open 

9.5 

Composition seat, open 

6.0 

1/2 open 

8.5 

Plug disk, open 

9.0 

3/4 open 

13.0 

1/2 open 

36.0 

1/4 open 

112.0 

Check valve, swing 

2.0 

Disk 

10 

Ball 

70 


Source: Green and Maloney (1997). 


Solution: 

_ AP+ _ (24/14.7)1.01325 x 10 6 dyn/cm 2 
^ sm p (112/62.4) g/cm 3 

= 9.2167 x 10 5 dyn cm/g 

— W s = (9.2167 x 10 s ) x (1075) x (2204.62) 

x (454) = 9.9168 x 10 14 dyn cm/h 


-W s = (9.9168 x 10 14 ) x (2.778 x 1(T 14 ) 

= 27.549 kW 00% efficiency 
V = 1075 x 2204.62 x (1/60) x (1/112) 

x (264.17/35.3145) = 2638.2 gpm 
Estimate efficiency from data in Table 4.3: 

i) — 0.7 2638.2-500 

0.8 - 0.7 ~ 10000 - 500 

Solution is { 77 = 0.72251} or 72.3% efficiency. 

-W s = 27.549/0.723 = 38.104kW 

Some heuristics for pumps (Couper et al., 2005) are given 
below: 

• Power for pumping liquids: hp = (gpm)(psi differ- 
ence)/(1714) (fractional efficiency). 

• The pressure at the suction side of a pump decreases 
somewhat upon entering the pump due to friction losses. 
If the pressure drops below the vapor pressure of the 
liquid, bubbles will form (boiling), which will be 
absorbed when the pressure inside the pump increases. 
The reabsorption process causes noisy and irregular 
behavior of the pump. This undesirable condition is called 
cavitation, which can severely damage the pump if left 
unchecked. Cavitation can be avoided if the net positive 
suction head (NPSH) equals the pressure at the pump inlet 
minus the vapor pressure of the liquid at the suction side 
exceeds a value that depends upon the pump design and 
the liquid rate. The common range is 4-20 ft. The actual 
value must be supplied by the manufacturer. 

• See Table 4.3. 

We will consider the sizing of a single-stage centrifugal 
pump. A centrifugal pump is illustrated in Figure 1.11. A 
general problem is illustrated in Figure 4.4. A fluid is 
available at pressure P m and the fluid is to pass through a 
flow system and emerge at P out at a specified flow rate. 

The pipe sizes connected to the pump and the system 
outlet are all the same and the sizes within the flow system 
are determined. If we apply the mechanical energy balance 


TABLE 4.3 Pump Applications 


Pump 

gal/min 

Max. Head (ft) 

Efficiency 

Centrifugal-single stage 

15-5,000 

500 

45% at 100 gpm, 70% at 500 gpm, 80% at 10,000 gpm 

Centrifugal-multistage 

20-11,000 

5,500 


Axial 

20-100,000 

40 

65-85% 

Rotary 

1-5,000 

50,000 

50-80% 

Reciprocating 

10-10,000 

1,000,000 

70% at 10 hp, 85% at 50 hp, 90% at 500 hp 


Source: Couper et al. (2005). 
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FIGURE 4.4 General flow system pump. 

to the entire process between the pump inlet and the flow 
system output, the work required of the pump is given by 



FIGURE 4.5 Pump and system curves for sizing. 

and Sinnott, 2008). You are asked to consider the location 
of the pump. 

Solution: 


W pump = -ff. = A (g<C) + P ° ut — + £| vm (4.29) 

P 


if, for simplicity, we do not consider changes in kinetic energy. 

The pump work does not determine if a specific pump can 
deliver the desired flow rate under the imposed process condi- 
tions. The performance curve for a centrifugal pump is supplied 
by the manufacturer and provides the output of the pump as a 
function of the pressure increase across the pump. This same 
relation can developed from the system point of view. A viable 
pump has been selected when these two views are the same. 

The system view in the preceding problem can be quan- 
tified as follows: consider the result of applying the mechan- 
ical energy balance only to the flow system: 


P' 



A (gd) + E v m — 


P' - P u 


Pin ~ Pn 


(4.30) 


P' 




+ A(g<£) + E v m 


(4.31) 


The first and second terms on the right-hand side of the 
preceding equations are fixed by the flow system construc- 
tion and the required pressures. The friction loss was seen 
above to be proportional to the square of the flow velocity 
through the system. The right-hand side is therefore a 
parabolic function of velocity. 

The right-hand side must match the view of the manufac- 
turer whose pump will deliver a particular flow rate or at a given 
pressure increase across the pump. In contrast to the system 
view, the flow rate will decrease as the pressure increases across 
the pump. The situation is summarized in Figure 4.5. 


Example 4.3. 1.4-2: NPSH Consideration in Pumping 
o-Dichlorobenzene from Temporary Storage to Process 
Storage 


An important issue is whether not the available net positive 
suction head will meet the manufacturer’ s requirement for the 
pump. This question can be addressed by considering the 
piping design on the suction side of the pump. 

Optimum pipe size: 


V = 


10,000 


1,306 x 3,600 


= 2.1269 x 10 -3 m 3 /s 


D = 0.363(2.1269 x 10' 3 )°' 45 (1,306) 013 = 5.7872 
x 10~ 2 m = 5.8 cm = 2.28 in. 



The piping arrangement in Figure 4.6 is being considered FIGURE 4.6 Piping system for transfer of o-dichlorobenzene 
for the transfer or o-dichlorobenzene (adapted from Towler (not to scale). 
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v = 0.0021368/(3. 1468 x 0.058 x (0.058/4)) =0.80742 m/s 

■ .306(.058)(0.80742) 

Re 0.9(0.001) 

Conditions on calculation of optimum diameter are met. 
Choose 2.5 in Schedule 40 pipe — inside diameter 
= 2.469 in. = 0.0627 126 m 

Suction side of pump — beginning with tank outlet (2 m 
elevation): 


1. Pipe length = 1.5 m 

v = 0.0021269/(3.1468 x 0.062713 x (0.062713/4)) 
= 0.68742 m/s 

1 ,306( .0627 126) (0.68742) 


N Re = 


0.9(0.001) 


= 62,557 


Friction factor (Figure 13.3) = 0.006 

Friction loss factor = — 0.006 = 0.28708 

0.0627 

2. Gate valve (1/2 open) 

Friction loss factor = 4.5 

3. 90°ell (standard) 

Friction loss factor = 0.75 


Total friction loss factors for suction side = 0.287 
+ 4.5 + 0.75 = 5.537. 

Total friction loss for suction side = 5.537 x( 
x 0.68742 2 = 1.3082 (m/s) 2 . 


Note that we have not considered the contraction at the 
tank outlet or the frictional loss at the pump entrance so that 
we will be on the conservative side of the question. 

Application of mechanical energy balance to suction side 
of the pump gives: 


— ^tank outlet T A?(^tank outlet ^suction) 1 .3082/) 


If the liquid is stored under its vapor pressure, then at the 
point where the liquid height in the tank is /zii qu id- 

Psuclion — P vapor + ( 1 306) (9.80665)/?u quid 

+ (1,306)(9.80665)(2 — 1) - 1.3082(1306) 


Psuction = Pvapor + ( 1 ,306) (9.80665)/t liquid + 11,099 

NPSH(N/m 2 ) = 12,807/7i iquid (m) + 11,099 

If the pump requires 10 m, then the liquid level in the tank 
must satisfy /zn qu id > 9.134 m or the pump will cavitate. 


It is probably too much to expect the liquid height to be 
kept above this value. A combination of raising the tank 
height, raising the tank pressure, and locating the pump in a 
pit should be considered. 


PROBLEMS 

4.1. Figure 4.7 illustrates a liquid-fuel rocket being fired 
while rigidly attached to a test stand. Exhaust gas is exiting 
the 7 m 2 nozzle at a pressure of 35,000 N/m 2 . Determine the 
force on the support arms. 

4.2. Information on the system containing two vessels 
shown in Figure 4.8 is as follows: 


Parameter 

Vessel 1 

Vessel 2 

P 

1 max 

20 psig 

81 psig 

P 

1 min 

8 psig 

47 psig 

Maximum liquid level above z = 0 

43 ft 

127 ft 

Minimum liquid level above z = 0 

21ft 

100ft 


The system connecting the two vessels is a 3 in. I.D. pipe, 
650 ft in total length. It contains six elbows (rounded 90°), 
four gate valves, and one globe valve. The flow rate range 
is 150-200 gal/min of water ( k = 62.4 lb/ft 3 =1.0 cp). You 
are ordering the pump. Determine the work value to be 
specified in hp. 



FIGURE 4.7 Test firing of rocket attached to test stand. 



FIGURE 4.8 Pump location between process vessels. 
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COMPLETELY MIXED SYSTEMS— EQUIPMENT 
CONSIDERATIONS 


In completely mixed systems, at least one phase within the 
system is at a uniform temperature and composition and is 
maintained in this condition either by mechanical stirring or 
by the motion of the fluid medium itself with momentum 
gained in a previous step. Other phases, if present, may or 
may not contain gradients, in composition for example, and 
these phases are dispersed uniformly throughout the other- 
wise homogeneous phase. The characteristic dimension of 
the dispersed phase is much less than the characteristic 
dimension of the containing vessel. If an output from either 
phase is present, its temperature, pressure, and composition 
are those that persist throughout the system. 

We will consider at most two-phase systems in the current 
chapter with the objective of determining the size and power 
requirements to achieve complete mixing in stirred tanks 
for gas-liquid, liquid-liquid, and solid-liquid systems. In 
Chapter 6, we will introduce the separation operations of gas 
absorption, flash vaporization, extraction, and slurry adsorption 
in stirred tanks where the phases emerge in equilibrium. The 
stirred tank operations serve as models for the individual 
components of the multistage versions of the same separation 
operations where the product streams do not directly reflect the 
internal state(s) of the system (Chapter 7). The application of the 
completely mixed tank to single-phase chemical reactions in 
Chapter 6 introduces the CSTR (continuous stirred tank 
reactor), a building block of chemical reaction engineering. 

Some other examples of completely mixed systems are 

• Pharmacokinetic models used in bioengineering to 
follow the kinetics of a drug or anesthetic agent as it 


is metabolized or biotransformed by the body (Ritter 
et al., 2005). 

• Box models in environmental engineering used, for 
example, to follow contaminant elution from polluted 
lakes (Clark, 1996). 

It will be useful to see in more quantitative terms what is 
meant by complete mixing and the manifestations of some 
systems that fall short of this condition. For a completely 
mixed system, we expect that all the materials in the system 
at some instant have the same probability of leaving in the 
next instant, regardless of how long it has been in the system. 
We have in mind a steady homogeneous flow system con- 
sisting of a single input and output. The results will be more 
generally applicable but that will be apparent after the 
discussion with these restrictions in force. 


5.1 MIXING AND RESIDENCE TIME 
DISTRIBUTIONS— DEFINITIONS 

Based on our exit scenario from a completely mixed fluid, 
what we need is the distribution or intensity function, A (?), 
where 

A(?)d? = volume fraction of material in the system with 
age t that will exit the system in the next instant, 
that is, at? + d? 

(5.1) 


Principles of Chemical Engineering Practice, First Edition. George DeLancey. 
© 2013 John Wiley & Sons, Inc. Published 2013 by John Wiley & Sons, Inc. 
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The volume fraction is small with respect to the system 
dimensions, but not so small that the continuity of physical 
properties is lost. The length of time that a fluid element has 
been in the system is its age. 

In addition to the intensity function defined above, it will 
be useful to have several other functions that can be 
extracted relatively easily from measurements: 

f(t)dt = volume fraction of material at the outlet with age 
between t and t + dt 

(5.2) 

F(t) = volume fraction of material at the outlet with age 
less than or equal to t 

(5.3) 


The limit is presumed to exist so that the average residence 
time is the volume of the system divided by the volumetric 
throughput. This simple, but important relation can form a 
basis for estimating the size of equipment. 

Example 5.1-1: Production of n-Hexyl Glucoside — 
Residence Time and Reactor Volume 

A preliminary process for the production of 25,000 lb/year 
H-hexyl glucoside is illustrated in Figure 1.35. The product 
stream from the reactor, stream 5, is separated into a water 
phase, stream 7, and an organic phase, stream 6, in a membrane 
separator. Assuming no volume changes in the reactor, the 
volumetric throughput of the reactor was determined in the 
overall mass balance as 


The former is called the “residence time frequency distri- 
bution” and the latter is referred to as the “cumulative 
residence time frequency distribution.” They have the fol- 
lowing properties: 

POO 

/ f(t)dt = 1 (5.4) 

Jo 

F(t)= f f( r)dr F(0) =0,F(oo) = 1 (5.5) 

Jo 

Note that the average residence time is given by 


V (6) + V (7) = 66 259 + 2 1552 = 68.414 L/h (5.9) 

A residence time of approximately 3.5 days is required in 
the reactor to reach equilibrium as can be seen in Figure 5.1. 

This requires a reactor volume of 5.747 m 3 . This volume 
could be provided in a cylindrical vessel 1.94 m in diameter 
and a height of 1 .94 m. 

We can bring the intensity function into the accounting 
scheme by recognizing that the fraction of the emerging 
volume element with residence times from t to t + dt must 
come from the elements still in the system, the fraction being 
the intensity function: 



The average residence time defined by this relation can be 
related to the system volume and flow rate as follows: A 
volume element, Vdt, that emerges from the outlet between t 
and t + dt contains a fraction Fit) that entered the system 
between 0 and t time units earlier. The remainder, 1- Fit), 
must be counted as still in the system. The total volume of 
the system must then be comprised of the contributions from 
all the volume elements at the outlet or 


V = 


[1-F(*)]V d? 


Set t = 0. In? time units later, a 
fraction F(t) of the entering fluid 
will have left the system and 1 — F(t) 
will still be in the system 


(5.7) 


Integrating by parts, 


V 

V 

V 

V 


lim t[ 1 — F(f)] 

t~* OO 
POO 

/ tf(t)dt 
JO 


r°° d 


or 


(5.8) 


f(t)dt(V d?) = [1 - F(t)]V dtA(t)dt (5.10) 


A(0 


m 

1 ~F{t) 


(5.11) 



Reaction time (days) 


FIGURE 5.1 Transient changes in yield of H-hexyl glucoside 
(Panintrarux et al., 1995). Reprinted with permission of Butterworth 
Heinemann. 
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Also, 


OO 

J A(t)dt = 1 
0 


(5.12) 


b. Impulse 



Co,0 < t < a 

0, otherwise 


(5.18) 


This amounts to a mass, m 0 , of tracer being injected over a 
5.2 MEASUREMENT AND INTERPRETATION very short time period, e. The value of the concentration is 

OF RESIDENCE TIME DISTRIBUTIONS then mo/ (Vs). The corresponding outlet response is 


The functions fit) and/or F(t) can be determined from 
measurements at the outlet of the concentration of a tracer 
injected earlier in the feed stream. A tracer is a substance 
that does not disappear during the course of the experiment 
by chemical reaction, adsorption, or settling and whose 
concentration can be easily and accurately measured without 
disturbing the system. 

Suppose that the mass concentration of tracer at the inlet 
is co(t) and at the outlet is c(t). The tracer flow rate at the 
outlet is composed of all the inlet flows with residence times 
increasingly longer as we move further back in time to place 
the element at the outlet on time: 

OO 

c(t) = J co(t — r)/(r) dr (5.13) 
o 

fluid arriving ait — z that will 
exit the system betwen r and z 
+drtime units later 


oo t 

c(0 = / f°(t - r)/(r)dr = j erf (t) dr (5.19) 

0 t—s 

c(i) = co[F(t) - F(t - e)] = c 0 £ ~ (5.20) 

f(t)=^-c(t) (5.21) 

m 0 

In this case, the outlet composition of tracer is proportional 
to the frequency distribution. 

From another point of view, Equation (5.19) can provide 
the output concentration associated with a known distribu- 
tion function, or better, a known or better understood state of 
mixing. This view provides ideal distribution functions, 
which can be used to reveal the salient traits of a nonideal 
distribution. 


One view of this result is toward the determination of the 
distribution function from an imposed input concentration of 
tracer and a measured outlet concentration. The step and 
impulse functions are convenient input functions from this 
point of view because the measured output concentration in 
each case provides a distribution function directly. 


a. Step input 


co(t) 


cj , / > 0 

Cq , / < 0 


(5.14) 


The outlet tracer composition for the step input function is 

t OO 

c (t) = J c of( T ) dT + J c of( T ) dr (5-15) 

0 t 


= c+F(t) + c- 0 [\-F(t)] (5.16) 

F(t) = ~ C _° (5.17) 

Co ~ c o 

The normalized outlet composition is in fact the cumulative 
distribution function for the system. 


Ideal Cases We can construct RTD (residence time distri- 
bution) for any flow configuration that we can describe 
theoretically from the dynamic response to one of the tracer 
inputs defined in the previous section. For example, at the 
limit of no mixing, we have the ideal of plug flow in a 
conduit. All fluid elements that arrive together in this case 
leave together. The flow is completely segregated. All ele- 
ments have the same residence time, which is therefore the 
average residence time: 

/(/) = 8(/ — (t)) = Dirac delta function (5.22) 

F(t) =U(t— (/)) = Unit step function (5.23) 

From the definition it must also be true that 

A(t) = 8 0 - T) (5.24) 

An example at the other end of the mixing spectrum is the 
completely mixed system, consisting of an ideally stirred 
tank. To obtain the cumulative RTD, we suppose that a fluid 
is passing through the tank at steady state when the mass 
concentration of a tracer is suddenly raised to cj , a step 
input. We need to determine the output concentration as a 
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function of time, since from it we gain the cumulative 
distribution function by simple proportion according to Equa- 
tion (5.17). An unsteady-state mass balance on the tracer will 
do what amounts to adding the rate of mass accumulation to 
the steady-state mass balance to meet the statement of mass 
conservation in Chapter 2, Equation (2.1): 

rate of accumulation = input flow rate — output rate 

(5.25) 


or 


d ( v f c ) 

d t 


V(c 0 - c ) 


(5.26) 


The tracer concentration in the tank and in the output stream 
is c and we have maintained the steady-state flow rate. If we 
ignore any slight change in volume of the tank contents from 
the addition of the tracer and note that there is no tracer 
present initially, we have 


(t) 


dx 
d t 


1 — x, 


x(0) = 0 



(5.27) 


The cumulative distribution function is x(t), the solution to 
the differential equation: 


F(t) = 1 - (5.28) 

From this result, we can obtain directly from Equations (5.5) 
and (5.11): 



FIGURE 5.2 RTD for ideally stirred tank. 



t 


/( 0 =-^“ ( 5 - 29 ) 

(5.30) 

Note that all elements have the same probability of leaving 
in the next instant. Newly arrived elements quickly disperse 
and can leave immediately or spend a very short time in the 
system The frequency distribution is consequently nonzero 
at short times (see Figure 5.2). 

In summary, the frequency and intensity function have 
the general shapes at the extremes and intermediate states of 
mixing as illustrated in Figure 5.3a and b, respectively: 

• Two common nonideal flow characteristics are 
“bypassing” and “dead space.” 

• Bypassing refers to the situation when a significant 
amount of fluid passes through the system in a time less 
than the average residence time (see Figure 5.4). 


FIGURE 5.3 General characteristics of frequency (a) and inten- 
sity (b). 



FIGURE 5.4 Evidence of bypassing. 
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FIGURE 5.5 Evidence of dead space. 


Dead space refers to regions within the equipment where 
the fluid elements may become trapped for considerable 
periods of time. The frequency distribution has a long tail 
due to these fluid elements as illustrated in Figure 5.5. 

The effect of mixing on the total time spent in the vessel 
by the fluid elements is reflected by the RTD. However, the 
RTD does not provide the time at which the fluid elements 
arriving at the exit were formed. For example, the configu- 
rations shown in Figure 5.6 of the two ideal cases discussed 
above have the same RTD. 

The cumulative distribution for example is that for an 
ideally stirred tank with a delay equal to the residence of 



FIGURE 5.6 Equivalent RTD. 


time for plug flow, t p f : 


F(t ) 


l ~ l pf 

l Pf 


U(t tpf) 


(5.31) 


An RTD alone is therefore considered to be information of 
the macromixing (Danckwerts, 1953) but not the associated 
micromixing. 

Zwietering (1959) has shown that an RTD admits two 
extremes of micromixing: one where the mixing comes as 
early as possible and one where it occurs a late as possible. The 
first is called segregated flow where the mixing occurs at the 
outlet and the age within each volume element is the same. 
The latter is called “maximum mixedness” where the ele- 
ments that make up the RTD are formed as early as possible. 

The limiting cases are shown by Zwietering (1959) to 
provide bounds on the actual conversion in a reactive system, 
but not the actual conversion, except for a first-order reaction. 
The effect of mixing on chemical reactions can be illustrated 
by considering a specific case. Suppose that A undergoes an 
irreversible first-order reaction of order n. We can compare 
reaction rates in two volume elements with and without 
mixing: r s and r m , respectively. The behavior of the ratio is 
illustrated in Figure 5.7. 

The calculations in Figure 5.7 infer that there is no effect 
of mixing on reaction rate for n= 1 , that mixing is beneficial 
for n < 1 , and that the segregated case is superior for n > 1 . 


5.3 BASIC ASPECTS OF STIRRED TANK DESIGN 

In many cases, the selection and sizing of agitated tanks is 
done on the basis of experience with similar mixing opera- 
tions. In this section, some methods for the preliminary 
sizing of mixers for gas-liquid, liquid-liquid, and liquid- 
solid systems will be summarized (Couper et ah. 2003). In 
addition to the design applications, these methods can also 
be used as guidelines in adapting and scaling experience 
with similar systems to a new installation. 

5.3.1 Tank Dimensions and Impeller Specifications 

A typical stirred tank geometry is shown in Figure 5.8. The 
dimensions were taken from the heuristics given below for 
stirred tanks (Couper et al., 2005). 

The tank diameter can be determined by the holdup 
required by the physical or chemical rate processes taking 
place in the tank. An estimate of the tank volume for liquid- 
liquid extraction systems can be made as follows. If the 
viscosity of the liquids is less than 5 cP and the specific 
gravity difference is greater than approximately 0.1, a resi- 
dence time of no more than 5 min will provide a stage 
efficiency of at least 90% with a power input of 4hp/1000 
gal (Seader and Henley, 2006). 
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FIGURE 5.7 Effect of mixing on reaction rate. 


Example 5.3.1-1 Mixer Dimensions for T-303 
Alternative Solution 

In Example 7. 3. 2-2, the liquid flows in a countercurrent 
chain of equilibrium stages for liquid-liquid extraction are 
determined. The objective is to decrease the acrylic acid 
concentration in the product stream from the reactor. The 
solvent is diisopropyl ether (DIPE). An approximate tank 
size is needed to compare a mixer-settler arrangement with 
other means of contacting. 



The average flows for the two phases are 


raffinate : 


27,463 + 21,089 
2 


= 24276 kg/h 


145,114+ 151,490 
extract : 


1.48302 x 10 5 kg/h 


Assume for the purpose of estimating the volumetric flow 
rate that the raffinate is pure water and the extract is pure 
DIPE. The densities are available in the acrylic acid data- 
bank in Appendix C. 

At 40 °C, 

Water: 

A = 0.3471 1 
B = 0.274 J 

T = 40 + 273.16 p = AB~ {x -r)" = 1.0136 g/cm 3 
T c = 647.13 


n = 0.28571 


DIPE: 


A = 0.2621 = 0.2621 p = = 0.70483 g/cm 3 j 


B = 0.2697 


FIGURE 5.8 Basic stirred tank geometry. 


T c = 500.05 
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The volumetric flow rate is then 


/ 148,302 24,276\ 1000 1 

V0.70483 + 1.0137 ) 28,31760 


137.936 cfm 


Assuming a residence time of 3 min: 

y=V? res = 137.936x 3=413. 808ft 3 =413.808x 7.4805 = 
3095.491 or a 3100 gal tank n^ r H = n^ = 413.808. Solu- 
tion is: 

{D = -4.038372 - 6.994666/}, 

{D = -4.038372 + 6.994666/} , {D = 8.076744} 


Result: 


D = 8.1ft, H= 8.1 ft 


Impeller diameter = 2.7 ft located 2.7 ft from bottom 
Baffle 0.675 ft wide over full height of tank 
For gas-liquid operations, a gas inlet is shown in Figure 5 . 8 
at the top of the tank, which supplies gas to the sparger at the 
bottom of the tank. The sparger admits the gas in the form of 
bubbles. An axial and a radial impeller (see below) may also 
be provided and headspace for vapor-liquid disengagement. 
These items are not present for liquid systems. It should be 
noted that the energy provided by the gas in the expansion 
from the bottom of the tank to the top in comparison to that 
input by the impeller can have a significant effect on the 
operation of the gas-liquid system. There will be a more 
uniform distribution of small gas bubbles and a more rigorous 
dispersion if the power input by the impeller is 10-100 times 
the expansion energy. On the other hand, if the input by the 
impeller is less, there will be considerable entrainment and 
violent explosions of the gas bubbles at the surface. 

There are many impeller designs available for a myriad of 
applications. Three typical designs are shown in Figure 5.9 
for the applications under consideration here: gas-liquid, 
liquid-liquid, and solids suspended in liquids. 




FIGURE 5.10 Basic flow patterns: (a) axial flow (propeller) and 
(b) radial flow. (Paul et al., 2004). Reprinted with permission of 
John Wiley and Sons. 


The CD-6 is very good for gas dispersions in large 
vessels. The Rushton turbine is the preferred impeller for 
gas-liquid dispersions at low rates in small vessels. It is also 
used to create liquid-liquid dispersions. The hydrofoil is 
used for solid suspensions and other applications as well. 

Axial flow impellers have blades that strike an angle less 
than 90° with the plane of rotation. Radial flow impellers 
have blades that are parallel to the axis of the drive shaft. 
Typical flow patterns for axial and radial flow impellers are 
illustrated in Figure 5.10 (Paul, 2004). 

The impellers in Figure 5.9a and b are radial flow 
impellers and Figure 5.9c is an axial flow impeller. Note 
that there are two mixing compartments for the radial flow 
impeller, while there is only one for the axial flow. 

A key feature of an impeller is the rate that it can discharge 
material through its flow area. This feature is characterized by 
the pumping number, Ny, defined by 

V = N V ND] (5.32) 

Some pumping numbers for commonly used impellers are 
given in Table 5.1. 



FIGURE 5.9 Representative impellers for gas-liquid, liquid-liquid, and solid-liquid applications 
(Couper et al., 2003). Reprinted with permission of Elsevier. 
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TABLE 5.1 Pumping Number under Turbulent Conditions 
for Various Impellers 


Impeller Type 

N v 

Propeller 

0.4-0 . 6 

Pitched blade turbine 

0.79 

Hydrofoil impellers 

0.55-0.73 

Retreat curved blade 

0.3 

Flat-blade turbine 

0.7 

Disk flat-blade turbine (Rushton) 

0.72 

Hollow-blade turbine (Smith) 

0.76 


5.3.2 Heuristics for Mixing and Agitation 

1. Mild agitation is obtained by circulating the liquid 
with an impeller at superficial velocities of 0. 1-0.2 
ft/s, and intense agitation at 0. 7-1.0 ft/s. [Refer to the 
pumping number for the impeller (Couper et al., 
2005).] 

For most installations, the superficial gas velocity 
based on the tank cross section does not exceed 
0.25 ft/s (Treybal, 1980). 

2. Intensities of agitation with impellers in baffled tanks 
are measured by power input, hp/1000 gal, and impel- 
ler tip speeds (Couper et ah, 2005) (Table 5.2). 

3. Proportions of a stirred tank relative to the diameter D: 
liquid level = D\ turbine impeller diameter = A3; 
impeller level above bottom = A3; impeller blade 
width = A 15; four vertical baffles with width = A10. 

4. Propellers are made a maximum of 18 in., turbine 
impellers to 9 ft. 

5. Gas bubbles sparged at the bottom of the vessel will 
result in mild agitation at a superficial gas velocity of 
1 ft/min, and severe agitation at 4 ft/min. 

6. Suspension of solids with a settling velocity of 0.03 ft/s 
is accomplished with either turbine or propeller impel- 
lers, but when the settling velocity is above 0.15 ft/s 
intense agitation with a propeller is needed. 

7. Power to drive a mixture of a gas and a liquid can be 
25-50% less than the power to drive the liquid alone. 


TABLE 5.2 Impeller Tip Speeds and Power Input 


Operation 

kW/m 2 " 

Tip Speed (m/s) 

Blending 

0.05-0.1 


Homogeneous reaction 

0. 1-0.3 

2. 5-3. 3 

Reaction with heat transfer 

0.3-1.0 

3. 5-5.0 

Liquid-liquid mixtures 

1 

5 

Liquid-gas mixtures 

1-2 

5-6 

Slurries 

2-5 



8. In-line blenders are adequate when a second or two 
contact time is sufficient, with power inputs of 
0. 1-0.2 hp/gal. 

5.3.2. 1 Power Requirements Integration of the micro- 
scopic momentum flows over the equipment surfaces (see 
Chapter 15) shows that for geometrically similar tanks the 
dimensionless power required is a function of the Reynolds 
number: 


N P =f(N Re ,N Fr ) (5.33) 

where the power number, the Reynolds number, and the 
Froude number are defined respectively by 


«,= , Vg % 

^rpm^imp Pm 

(5.34) 

«„ = D ' 2A "’“ 

(5.35) 

Mm 

N 2 Dj 


Npr = 1 

(5.36) 


8 


We can rationalize these expressions as follows. The veloc- 
ity of the impeller, say at the tip, is a reasonable choice for a 
characteristic velocity and the diameter of the impeller 
is therefore a natural for the dimensionless length. The 
Reynolds number is the ratio of the characteristic convective 
flux of momentum to the characteristic viscous flux: 


N Re = — ( ^ Q where v = /Vrp m Am P 

MM Am P -0 (5.37) 

A t ^imp^rnm Pm 

Nse ~ — m — 


The Froude number is a measure of the convective flow of 
momentum relative to the input of the gravitational body 
force: 


N Fr = 


§P 4 ^imp 


V 

gAmp 


(5.38) 


Power, on the other hand, is an energy flow. In this case, we 
are concerned with the flow of kinetic energy, a flux times an 
area. The tank cross section is a good choice for the area 
because of the major circulation patterns from top to bottom 
that exist in the tank: 


N P = ■ 


Vg c 


Qp M v 2 )v^ 


NipnPLp Pm 


(5.39) 


'kW/m 2 = 5.08 hp/1000 gal 
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(1) propeller, pitch equaling diameter, without baffles; 

(2) propeller, s = d, four baffles; 

(3) propeller, s = 2d, without baffles; 

(4) propeller, s = 2d, four baffles; (5) turbine impeller, 
six straight blades, with baffles; 

(6) turbine impeller, six blades, four baffles; 

(7) turbine impeller, six curved blades, four baffles 

(8) arrowhead turbine, four baffles 

(9) turbine impeller, inclined curved blades, four baffles; 

(10) two-blade paddle, four baffles; 

(11) turbine impeller, six blades, four baffles, 

(12) turbine impeller with stator ring; 

(13) and (14) paddle without baffles 
Width of all baffles = 0.1 D 


3 T13 \5 


FIGURE 5.11 Power number versus Reynolds number for various equipment configurations 
(Couper et al., 2005). Reprinted with permission of Elsevier. 


(from Figure 5.1). The conversion factor g c has been included. 
A correlation is given in Figure 5.11. This is the ungassed 
power requirement and refers to gas-liquid and liquid-liquid 
dispersions. For a single-phase liquid: 

1. propeller, pitch equaling diameter, without baffles 

2. propeller, s = d, four baffles 

3. propeller, s = 2d, without baffles 

4. propeller, s = 2d, four baffles 

5. turbine impeller, six straight blades, with baffles 

6. turbine impeller, six blades, four baffles 

7. turbine impeller, six curved blades, four baffles 

8. arrowhead turbine, four baffles 

9. turbine impeller, inclined curved blades, four baffles 

10. two-blade paddle, four baffles 

11. turbine impeller, six blades, four baffles 

12. turbine impeller with stator ring 

13. and 14. paddle without baffles 
Width of all baffles = 0. IT) 


where the aeration number is given in terms of the gas flow 
rate as 


(Vrpm.Dj m p 


And the parameters for the CD-6 and 6BD impellers shown 
in Figure 5.9 are given in Table 5.3. 

The RPM can be approximately set from the ranges given 
in the heuristics for gas-liquid systems: tip speed 5-6 m/s. 

5. 3. 2. 3 Liquid-Liquid Systems The ungassed power cor- 
relation may be used with the liquid-liquid dispersions 
provided that the mixture density and viscosity be calculated 
as follows for the six bladed, flat-blade turbine in a baffled 
vessel (Treybal, 1980): 


p (M) = p (O 0 (O + p (B)0(B) 
ifi v (C) L , , , i i (D) (p [D) 


„(M) _ 1 — 1 + 1 ' 


5. 3. 2. 2 Gas-Liquid Systems The ratio of gassed to 
ungassed power is given by (Couper et al., 2006) 


— - = [1 - (b - aq)]N d Fr tanh cN A 

' U 


TABLE 5.3 Parameters for Equation (5.40) 


Impeller 

a 

b 

c 

d 

6BD 

0.72 

0.72 

24 

0.26 

CD-6 

0.12 

0.44 

12 

0.37 
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For estimation purposes, the RPM can be set from the ranges 
given in the heuristics for liquid-liquid systems: tip speed 
approximately 5 m/s. 

Example 5.3.2.3-1 Power Required for T-303 Alternative 


Refer to Example 5.3-1 for flows. The dispersed phase hold 
up can be estimated as its fraction of the feed: 


(148,302/0.70483) 

(148,302/0.70483) + (24,276/1.0136) 


0.8978 


<, p (c) = 1 -0.8978 = 0.1022 


is: {N = 116.04}The Reynolds number is then 
116 


N Re = 


(2.7) 2 ( — (45.939) 
9.0858 x 6.7197 x 1(T 4 


= 1.0605 x 10" 


Np = 6 (approximate from Figure 5.11) 

Solving for the required power 

(116/60) 3 (2.7) 5 (45.939) , 

P = 6- , . -5.0505 x 10~ 7 x 3600= 16.168hp 


32.14 


16.168 


This is — — — =5.2155/1000 gal, which is close to the rule 
of thumb; 4 hp/ 1000 gal. 


The density is then: 

pM = 0.8978 x 0.705 + 0.1022 x 1.0136 = 0.73654 g/cm 3 
= 45.939 lbm/ft 


The viscosities can be estimated as the values for the pure 
components 

Refer to the database at the end of Appendix C. 


(D) = 10 -5.535+^TA+_+0.013145(273.16+40)-1.5557x10- 5 (273.16+40) 2 


= 0.28015 cP 


5. 3.2.4 Solid Suspensions The hp required can be calcu- 
lated with (Gates et al., 1976) 


Amp = 394 


/Vi/Vipm" 


0.2 


n = number of impellors (spacing >~ D) 
Amp = impellor diameter in inches 
P = horsepower 

/Vrpm = number of revolutions per minute 
= specific gravity of mixture 


(5.44) 


f c )= 10 


10.2158+ ?73 17 ”^ 40 +0.017730(273. 16+40) — !. 2631 xl(T 5 (273. 16+40) 2 


= 0.663 32 cP 

The mixture viscosity is calculated using Equation (5.42): 


_ 0.66332 / 1 0.28015 x 0.8978 \ 

0.1022 V + ' 5 0.28015 + 0.66332/ 
= 9.0858 cP 


The tip velocity of 5 m/s given in Table 5.2 corresponds to an 


rpm value as follows: n(2.1)N = 5 


/100 x 60 \ 
\2.54 x 12/ 


, Solution 


The density of the mixture may be approximated with 

100 

Pm - cjp + 100 - cjp f 

c w = concentration of solids in weight percent 

Pm, Pi Pf = density of medium, solid, and fluid, respectively 

(5.45) 

This result will provide the means to calculate the specific 
gravity of the mixture. 

The revolutions per minute can be found from Figure 5.12 
once the scale of agitation is selected -Id from Table 5.4. 


C 

o 

'1/1 a) 

C 13 
in ^ 

<D 


l/l 


O 

in 



0.5 0.1 xlO 10 

x 10 10 


lxlO 10 


lOxlO 10 


A/ 3 75 D 2 - 81 

, ' , rpm ^imp 


100 xlO 10 


1000 

xlO 10 


FIGURE 5.12 Solid-suspension scale value. Abulnaga (2002). Reprinted with permission of 
McGraw-Hill. 
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TABLE 5.4 Chemineer Scale for Agitation of Solids in Suspension 

Scale of 

Agitation Description 

1-2 At levels 1-2, agitation is required for minimal suspension of solids. Agitators capable of working at an agitation level of 

1 will: 

• Produce motion of all of the solids of the design-settling velocity in the vessel 

• Permit moving fillets of solids on the bottom, which are periodically suspended 

3-5 Agitation levels 3-5 characterize most chemical process industries solids suspension applications. This scale range is 

typically used for dissolving solids. 

Agitators capable of working at an agitation level of 3-5 will: 

• Suspend all of the solids of design velocity completely off the vessel bottom 

• Provide slurry uniformity to at least one-third of the fluid batch height 

• Be suitable for slurry draw-off at low exit-nozzle elevations 

6-8 Agitation levels 6-8 characterize applications where the solids suspension level approaches uniformity. 

Agitators capable of scale level 6 will: 

• Provide concentration uniformity of solids to 95% of the fluid batch height 

• Be suitable for slurry draw-off up to 80% of the fluid batch height 

9-10 Agitation levels 9-10 characterize applications where the solids suspension uniformity is the maximum practical. 

Agitators capable of scale 9 will: 

• Provide concentration uniformity of solids to 98% of the fluid batch height 

• Be suitable for slurry draw-off by means of overflow 


The scale of agitation was defined by Chemineer in order to 
have a quantitative measure of the agitation objective. 

With the scale of agitation and the ratio of the impeller 
diameter to the tank diameter (D/7), the value of </> can be read 
from the following graph. The impeller diameter (inches) can 
be slightly larger for suspended solids (0.33-0.4). 

The value of $ will provide the rpms required with a 
value of the design velocity v<j, the terminal velocity of the 
particles (ft/min) multiplied by factor / w , which is a function 
of the solids concentration (see Table 5.5). The terminal 
velocity is discussed in Chapter 12. 


TABLE 5.5 Correction Factor / w versus Weight 
Concentration 


Solids Weight Concentration (%) 

Factor/ w 

2 

0.80 

5 

0.84 

10 

0.91 

15 

1.00 

20 

1.10 

25 

1.20 

30 

1.30 

35 

1.42 

40 

1.55 

45 

1.70 

50 

1.85 


Example 5.3.2.4-1 Sizing of Hexyl Glucoside Slurry 
Adsorber 

Slurry adsorption is considered in Example 6. 5. 3-1 for the 
recovery of hexyl glucoside. The size of the mixer is 
considered here. 

Solid weight = 438 lbs (438 x 0.454 = 198.8 kg) see 
Example 6. 5. 3-1. 

Apparent density of solids p p = 1028.2 kg/m see Exam- 
ple 13.2. 

438 x 0.454 

Solid volume = — — — — — — = 0- 19340 m 

1028.2 

Hexanol volume (see the solution to Problem 2.3 and use the 

0.001 

fill time of 4 h) 4 x 551.088 x 264.3 x = 0.73414 m 

Weight of hexanol = 793.6 x 0.73414 = 582.61 kg 

198.85 

Weight fraction solids = = 0.25446 

° 198.85 + 582.61 

0.446 

/ w = 1.2 + — 0.1 = 1.2089 from Table 5.5 

vj = 1.21 x 8.027 = 9.7127 ft/min: Definition of design 
velocity see Example 13.2.1-1 for terminal velocity. 

1 

Pm ~ 0.254462.3.3.3/1028.2 + 1 - 0.25446/793.6' 

842.5 kg/m of slurry 

Slurry volume = 0.73414 + 0.1934 = 0.92754m 245.03 ft 
Tank volume = 245.3/0.9 = 272.56ft assuming 90% 
“occupancy” 
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7 xD 2 \ = JtD 3 i = 272.56, Solution is: {D = 7.0273} 
Tank diameter = 7 ft 
Impeller diameter = 0.40/1 = 2.8 ft 
See Chemineer agitation scale = 5 
<p = 4x 10 10 =/V^(2.8x 12) 2 ' 81 from Figure 5.12. 
Solution is: {iV rpm = 88.465} 

2.8 x 12 = 394 ( p , r, from Equation (5.44). 

y 0.8408 x 89 3 x 1/ ^ 

Solution is: P = 2.6735 hp 


PROBLEMS 

5.1. A mass of tracer was injected very quickly into the inlet 
stream of a system of unknown volume. The inlet stream had 
a steady flow of 2.0 m 3 /h. The concentration of tracer was 
measured in the outlet stream as a function of the elapsed 
time from the injection (adapted from Clark, 1996): 


Time (min) 

cone (mg/1) 

Time (min) 

cone (mg/1) 

0.00 

0.00 

13.00 

5.00 

0.50 

0.10 

13.50 

4.20 

1.00 

1.60 

14.00 

3.40 

1.50 

3.00 

14.50 

3.10 

2.00 

6.40 

15.00 

2.80 

2.50 

8.30 

15.50 

2.60 

3.00 

9.70 

16.00 

2.50 

3.50 

10.70 

16.50 

2.20 

4.00 

12.80 

17.00 

1.90 

4.50 

13.20 

17.50 

1.60 

5.00 

13.30 

18.00 

1.40 

5.50 

13.20 

18.50 

1.20 

6.00 

13.10 

19.00 

1.00 

6.50 

12.20 

19.50 

0.90 

7.00 

11.80 

20.00 

0.80 

7.50 

10.70 

20.50 

0.70 

8.00 

10.10 

21.00 

0.50 

8.50 

9.10 

21.50 

0.40 

9.00 

8.80 

22.00 

0.20 

9.50 

8.40 

22.50 

0.10 


10.00 

8.10 

23.00 

0.00 

10.50 

7.40 

23.50 

0.00 

11.00 

6.60 

24.00 

0.00 

11.50 

6.20 

24.50 

0.00 

12.00 

5.90 

25.00 

0.00 

12.50 

5.40 




Plot the residence time frequency distribution, the cumu- 
lative residence time frequency distribution, and the inten- 
sity function. Determine the volume of the system and the 
average residence time. Interpret your results and note any 
assumptions that you have made (especially in the volume 
calculation). 

5.2. The textile industry uses dyes for coloring fibers. 
Studies have shown that these dyes, which are present in the 
effluent from the colorization process, can cause cancer, 
allergic reactions, eye and skin disorders, and other mala- 
dies. Consequently, many countries require the industry to 
remove the dyes before discharging the waste streams into 
the environment. Adsorption is an effective separation 
process. To reduce costs, a textile manufacturer is evaluating 
the possibility of using waste carbon slurries, resulting from 
the partial combustion of fuel in industries that generate their 
energy from fuel oil (Gupta et al., 2007). 

In one such application, treatment of a carbon slurry 
yielded carbon particles for adsorption applications with the 
following properties: 

diameter = 50 mm 
surface area = 629 nr /g 
density = 1.30 g/cm 3 
porosity = 0.78 

Determine dimensions for a stirred tank (1000 gal) and 
the power required for stirring if the adsorbent loading is .5 g 
adsorbent/300 cm 3 of effluent. The effluent properties can be 
taken as the values for water. The terminal velocity of the 
particles is 41.0ft/min. 



SEPARATION AND REACTION PROCESSES 
IN COMPLETELY MIXED SYSTEMS 


The descriptions of the major chemical engineering oper- 
ations of chemical separation and chemical reaction have 
represented two points of view. These points of view arise 
from the common ground of processes being driven by rates 
proportional to distances from equilibrium. The rate point of 
view regards equilibrium as a target present in the rate 
expression and configures the process conditions to achieve 
a product state at an economic distance from the target. On 
the other hand, the equilibrium stage point of view assumes 
that the process has reached equilibrium consistent with the 
imposed operating conditions. An efficiency correction 
determined by recorded experience is then applied. To the 
extent that the records reflect the experience at hand, and the 
models are complete, the two approaches are equivalent in 
completely mixed systems. For completely mixed systems, 
the equilibrium stage approach applies extensively in the 
major separation operations. The rate approach applies to 
the design and analysis of the continuous stirred tank reactor 
(CSTR) and the batch reactor. These applications will be 
considered in this chapter. 

6.1 PHASE EQUILIBRIUM: SINGLE-STAGE 
SEPARATION OPERATIONS 

The major separation operations in chemical engineering: 
distillation (multistage flash vaporization), gas absorption, 
liquid-liquid extraction (LLE), and adsorption are consid- 
ered below in single equilibrium stages with the following 
common characteristics. 


All processes are conducted at a specified temperature. A 
general representation of the equilibrium stages considered 
here is presented in Figure 6.1. 

There can be one or two feed streams and one or two 
product streams, each containing many components. There 
can be two product streams of different phase so that if there 
is one feed, a separate phase is created as, for example, the 
creation of a vapor phase from a liquid feed by the addition 
of heat at rate Q. There is sufficient mixing and sufficient 
residence time for the mass and energy transfer processes 
and any chemical reactions to be completed. 

If there are two product streams, they are drawn from two 
separate phases existing within the equipment so that the 
interstream equilibrium at the outlet is a reflection of the 
uniform equilibrium conditions within the equipment. A 
single feed and a single product will then be a reactive system. 

In order to analyze the equilibrium stages discussed above, 
we need to express phase equilibrium for gas-liquid, liquid- 
liquid, and solid-liquid systems in terms of the system 
variables: concentration, temperature, and pressure. Phase 
and chemical equilibrium in general (Callen, 1960; Tester and 
Modell, 1997) can be stated in terms of the fundamental 
equation of thermodynamics. Equation (3.2), as follows: 

In an isolated system of constant entropy, volume, and 
mass, the equilibrium state is characterized by a minimum 
in the toted interned energy. 

This condition requires the equality of temperature and 
pressure throughout the system for thermal and mechanical 
equilibrium as well as (dU/dNj) s v_n ¥ , f° r chemical equi- 
librium. The conditions for thermal and mechanical 


Principles of Chemical Engineering Practice , First Edition. George DeLancey. 
©2013 John Wiley & Sons, Inc. Published 2013 by John Wiley & Sons, Inc. 
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Feed streams: 
Liquid, solid, or vapor 


Operations* : y 
Mixing 

Fleattransfer 
Mass transfer 
Phase creation 
P hase separation 


Interphase 
equilibrium * 


Product streams: 
Liquid, solid, or vapor 

Interstream 

equilibrium 

4 

/ 


*Gas absorption/stripping, flash vaporization(distillation), liquid-liquid extraction, slurry adsorption 


FIGURE 6.1 Equilibrium stage. 


equilibrium, being known a priori, may be regarded as a 
confirmation of the theory. The condition for chemical 
equilibrium is in terms of an apparently inconvenient deriv- 
ative. If, instead of the energy representation, the equivalent 
representation in terms of the Gibbs free energy, Equa- 
tion (3.4), is used, the equilibrium criterion becomes 

In a system at constant temperature, pressure, and total 
mass, the equilibrium state is characterized by a minimum 
in the Gibbs free energy. 

Now changes in the Gibbs free energy follow from 
Equations (3.7) and (3.14) as 


where 


dG = -SdT + V dP + Gi dNj 


g = (M\ 

1 \pNiJ T P N 


( 6 . 1 ) 


( 6 . 2 ) 


It can be shown that the minimum in the Gibbs function at 
equilibrium in a multiphase system at uniform temperature 
and pressure (thermal and mechanical equilibrium, respec- 
tively) requires that the partial molar Gibbs free energy for 
each component be equal in all of the phases. For this reason, 
these quantities have been given the special name of chem- 
ical potentials: 

At,- = Gt (6.3) 

Remember, the chemical potential is not a new thermody- 
namic variable. It is just another name for an existing 
variable. The conditions for chemical equilibrium between 
two phases (' and ") in thermal and mechanical equilibrium 
can then be stated as 


d'i = d", i=l,2,...,N c (6.4) 

It turns out that the chemical potential is not well behaved. In 
dilute systems, for example, it becomes infinite at infinite 
dilution. An equivalent quantity that is more convenient in 


the calculations, called the fugacity, is used in place of the 
chemical potential. 

The fugacity is defined and calculated as follows. For an 
ideal solution, Equation (3.141) states 

G'- = G I (T,P) + RT\ny l (6.5) 

Therefore, 

dcf = d/i,- = d GfT, P)+RT d In y t ^ 

= V A P + RT d I n v,- at constant T 
or 

dfif = RT d In P, at constant T (6.7) 

On this basis, the fugacity of species i in a mixture, is 
defined by a differential equation as 

d/ij = RT d In/, at constant T n, 

where fi~*yiP asP— >0 

Note that the boundary or initial condition at very low 
pressures provides a starting point for the evaluation of 
fugacity at all other conditions. To reach other states, the 
changes in fugacity with respect to the accompanying changes 
in composition, temperature, and pressure must be expressed 
in term of measured thermodynamic functions: equation of 
state, vapor pressure, and specific heat (a similar statement 
can be made for all of the thermodynamic functions!). 

The simplicity of the phase equilibrium criteria i terms of 
the chemical potential carries over directly to the fugacities. 
This can be seen by integrating the preceding expression 
between any two phases that are at the same temperature and 
pressure. The result is that 


di(T, P, x ) - / 4,-(r, P, x") = PT In ^ = 0 
' ' /,■ 


equals 0 if phases ' and " are 
in equilibrium 


fi =fi 


(6.9) 


(6.10) 
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Since the phases denoted by ' and " are arbitrary, the 
fugacity, like the chemical potential, is uniform throughout 
the phases at equilibrium for each component. It is important 
that we be able to evaluate the fugacity in order to determine 
the compositions of the equilibrium phases. Let us see how 
much we need to specify. 

For each phase (suppose there are N n ) there are 
Nq unknown mole fractions. The temperature and pressure 
are unknown throughout the system. The number of 
unknowns is therefore N„N c + 2. The mole fractions in 
each phase must sum to unity and there are N c (N„—l) 
fugacity equalities. The number of relations between the 
unknowns is therefore Nc (N n — 1 ) + N The degrees of 
freedom in the set of unknowns consisting of the mole 
fractions in each phase and the temperature and pressure 
is therefore 

<f> = N c + 2-N n (6.11) 

which is an expression of Gibbs phase rule. For our two- 
phase systems, there are N c degrees of freedom. 

6.2 GAS-LIQUID OPERATIONS 

The terms gas and vapor are sometimes used interchange- 
ably, both referring to the noncondensed state. In other cases, 
the term vapor is reserved for the presence of components 
that are condensable under the prevailing conditions. We are 
using the terms interchangeably. 

6.2.1.1 Gas Absorption and Stripping 

In gas absorption, a gas is contacted with a liquid 
(solvent) phase that has been selected on the basis that 
it has a high affinity for one or more undesirable compo- 
nents in the gas phase and that it has a low volatility. In 
addition, the solvent should be nontoxic, noncorrosive, 
and nonflammable. The most common solvents are water, 
high molecular weight hydrocarbon oils, and ionic 
solutions. Gas stripping is the analogous operation where 
a solute is stripped from a liquid phase by a gaseous 
solvent or stripping agent. Steam, heated air, and inert 
gases are commonly employed as stripping agents. The 
nature of the equilibrium is the same for both stripping 
and absorption. 

Generally speaking, the pressures should be high for absorp- 
tion, whereas the reverse is true for stripping. Care must be 
taken not to condense the feed to the absorber or vaporize the 
feed to the stripper when fixing the operating pressure. 

The liquid absorbs the soluble gas phase components 
and thereby produces a gas of higher purity. In stripping, 
the undesirable components are present in the liquid 


phase and are taken up by the gas phase. The two 
operations are analyzed in a similar fashion and are often 
carried out sequentially since the solvent phase in the 
initial separation operation will normally be purified and 
recirculated. 

Gas absorption falls into two categories based on the 
processes at play during the absorption process. 

• Physical absorption refers to the case when the gas 
phase component dissolves in the solvent and subse- 
quently maintains its chemical integrity. Heat effects in 
physical absorption are usually negligible. 

• Chemical absorption refers to the case when the 
dissolved gas undergoes a reaction with an ingre- 
dient of the liquid phase. The mass transfer system is 
analyzed in much the same way as physical absorp- 
tion but the simultaneous reaction increases both the 
rate of absorption (higher concentration gradient) 
and the capacity (solute “hides” in reaction prod- 
ucts). Heat effects in chemical absorption can be 
large. Examples of each operation are given in 
Table 6.1. 

A typical distribution of material for a ternary gas 
absorption system is illustrated in Figure 6.2. 

The basic elements of the illustration from a somewhat 
more general material viewpoint than the indicated ternary 
mixture are as follows: 

• A gas stream (V) consisting of undesirable components 
(A) that are soluble in the liquid absorbent and one or 
more components that are not soluble to any appreci- 
able extent (C). The collection of insoluble compo- 
nents (C) represents the maximum purity of the gas 
phase. 

• A liquid stream (L) consisting of solvent (B) in which 
there is preferential solubility of the undesirable ele- 
ment (A) of the gas phase. A small amount of A may be 
present in the solvent at the inlet if the solvent is being 
recycled. 

• The very small concentrations reflect a low volatility 
of the solvent and a small solubility of the nontar- 
geted components of the gas phase. These concen- 
trations are often ignored in the calculations, giving 
rise to a gas phase solvent (C) and a liquid phase 
solvent OB). 

The outlet streams are in equilibrium. Gibbs phase rule 
for three components and two phases indicates that there are 
three degrees of freedom. Consequently, if the temperature 
and pressure are fixed, the gas phase concentration of A at 
equilibrium may be plotted against the liquid phase con- 
centration of A. 



110 SEPARATION AND REACTION PROCESSES IN COMPLETELY MIXED SYSTEMS 


TABLE 6.1 Examples of Gas Absorption Systems 


Solvent (Absorbent) 

Solute (Absorbate) 

Type 

Water 

Acetone 

Physical 

(H 2 0) 

0 

Solubility at 85.4 mmHg = 0. 1 1 7 mole fraction 


(Geankopolis, 2003) 


/ C \ 

CH 3 x ch 3 


Hydrocarbon oil 

Benzene 

Physical (Branan, 1994) 

3-10 carbons beyond lightest component 

f) 


Sodium hydroxide 

u 

Hydrogen sulfide 

Chemical (irreversible) 

(NaOH) 

(H 2 S) 

H 2 S + NaOH — NaHS + H z O 

Instantaneous (Danckwerts, 1970) 

Diethanolamine 

Carbon dioxide 

Chemical (reversible) 

HC> ^ 

(CO,) 

C0 2 + 2R 2 NH = FUNCOO + R 2 NH + 

H 


K c = 2.3 x 10~ 4 g mol/1 at 25 °C (Danckwerts, 1970) 


AAv>([A],C) 

Gas absorption 

a/m[[a]],B)^ 

Equilibrium stage 




am[N],J[ 5]].C) 
S AMARQC ]]) 


[ ] = small amount, [[ ]] = very small amount 
/ \ = phase equilibrium 


FIGURE 6.2 Material distribution in gas absorption system. 


A similar situation arises if the liquid contains the 
impurities (A) in the feed instead of the gas. In that case, 
the final phase equilibrium state will be primarily a redis- 
tribution of A to the gas phase and the operation is called 
stripping. The analyses of these processes have no essential 
differences. 


6.2.1.2 Flash Vaporization 

Flash vaporization is another example of a gas-liquid unit 
operation. It differs from gas absorption in that the separat- 
ing agent is heat rather than mass. All of the components are 
normally volatile and may be present in substantial amounts 
in both phases. This is often referred to as vapor-liquid 
equilibrium (VLE) as opposed to gas-liquid equilibrium in 
the case of noncondensable components, although the dis- 
tinction is more convenient than real. 


In this single-stage separation operation, illustrated in 
Figure 6.3, a liquid process stream contains one or more 
components (say A and B) with vapor pressures much greater 
than the others (C and D). 

This difference may be sufficient to effectively remove 
these components in a vapor phase produced by reducing the 
pressure and/or by increasing the temperature, both of which 
take advantage of their greater volatility. Of course, it is 
pointless to vaporize the entire liquid since we will be left 
with a vapor with the same composition. A partial vapor- 
ization process will favor the most volatile components. 

The partial vaporization equipment and the unit for 
separating the resulting two-phase mixture are combined 
in Figure 6.3 and the combination referred to as an equili- 
brium stage. A more detailed view including the individual 
steps is available in Figure 6.22. 

The separation agent is energy and the expansion valve, if 
the valve is present. 



FIGURE 6.3 Flash vaporization. 
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A similar situation arises with a vapor stream that con- 
tains a group of components with very low volatilities. The 
idea in that case is to partially condense the vapor. The 
analyses of these processes have no essential differences. 

The final equilibrium states achieved in gas absorption 
(stripping) and flash vaporization (partial condensation) 
have the same features (what are they?) and can therefore 
be studied under one heading: vapor-liquid equilibrium. 

6.2.2 Vapor-Liquid Equilibrium 

In a pure system, there one degree of freedom. The system 
must be at its boiling point under the imposed pressure; in 
other words, the system temperature is that value at which 
the vapor pressure is equal to the imposed pressure. Also, the 
system is said to be saturated. 

In a binary system, there are two degrees of freedom. If 
the temperature is fixed, the vapor and liquid mole fractions 
are determined by the equilibrium conditions. If the vapor 
composition is fixed, the system temperature and liquid mole 
fraction are determined by the equilibrium conditions. 

Vapor-liquid equilibrium data at a fixed pressure in binary 
systems often take the graphical form shown in Figure 6.4. 
This form is typical of many binary flash vaporization and 
distillation applications and provides a framework for multi- 
component applications. The two-phase region may disappear 
or become restricted at other pressures / js1ii (7’b). 

• Suppose the mixture is at a very high temperature — no 
liquid in sight. We know that there is a temperature at 
which this mole fraction persists in the gas phase at 
equilibrium with a liquid. We say that the gas is 
superheated (see Figure 6.4) and that, if cooled, will 
eventually reach a temperature called the dew point 
where a minute droplet of liquid will form at the same 
temperature with a mole fraction that satisfies the 



FIGURE 6.4 Typical VLE data in a binary system. 


vapor-liquid equilibrium condition or the state of 
VLE. If the mole fraction corresponds to the more 
volatile component, the liquid mole fraction will gen- 
erally be less that the vapor, but not always. The vapor 
and liquid points can be connected by a “tie line.” 

• If, on the other hand, the mixture is at a very low 
temperature, no liquid (or solid) in sight, we say that 
the mixture is subcooled (see Figure 6.4). If heated, the 
mixture will reach a temperature at which a small bubble 
of gas will form, which is the physical state of VLE. 


The solid points in Figure 6.4 represent qualitative equi- 
librium conditions for a binary system composed of A and B. 
A is more volatile than B (7^ at < T s g l ). A curve through the 
vapor points is the dew-point curve. A curve through the 
liquid points is called the bubble-point curve. Corresponding 
vapor-liquid equilibrium compositions ranging from pure B 
to pure A on the two curves are connected by a line at 
constant temperature called a tie line. Some specific exam- 
ples are the acetic acid-water system shown in Figure 6.5 
and the isopropyl alcohol (IPA)-water (W) system shown in 
Figure 6.6. 

An azeotrope occurs in the IPA-water system at an 
alcohol mole fraction of 0.6854 where the vapor and liquid 
mole fractions are identical. The system will boil at these 
conditions like a pure fluid. At this point, the relative 
positions of bubble and dew-point curves shift. 

These data are of course for binary systems and are the 
result of experimental measurements of vapor and 
liquid compositions at equilibrium. Such data are needed 
not only for many binary systems but also for never ending 
combinations in multicomponent mixtures. The possibility 





FIGURE 6.5 VLE data for acetic acid-water system at 1 atm 
(Green and Maloney, 1997). Reprinted with permission of 
McGraw-Hill. 
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Mole fraction 


FIGURE 6.6 VLE data for isopropyl alcohol (IPA)-water system at 1 atm (Green and Maloney, 
1997). Reprinted with permission of McGraw-Hill. 


of accurately producing these data through the phase equi- 
librium equalities is therefore an important capability. 

We need to transform the fugacity equalities into terms of 
pressure, temperature, and composition in order for them to 
be useful in process calculations. There are essentially two 
methods for accomplishing this. 

6.2.2. 1 Equation of State Method In those cases where 
an equation of state is available for both the liquid and vapor 
phases, the fugacity can be obtained directly from the 
equation of state. Such cases include mixtures of hydro- 
carbons and dissolved gases such as carbon dioxide and 
nitrogen. 

6.2. 2. 1.1 Pure Component Fugacity The partial molar 
Gibbs free energy (or chemical potential) for a pure com- 
ponent is the molar Gibbs free energy [see Equation (3.15)]. 
Consequently, using Equation (3.7) 


The integration at constant T is performed after substituting 
a volume explicit equation of state for the material. The 
integration may be changed to volume if a pressure explicit 
equation of state is used. Both possibilities are included 
below. 

The integral over pressure is shown graphically in Figure 6.7 
along a predefined isotherm ending at the desired system state. 

In spite of the fact that (in this case) a liquid phase 
fugacity is needed, the integration begins in the very low- 
pressure region. In this region, the material behaves like an 
ideal gas so that the kernel of the integral vanishes to give the 
fugacity equal to the pressure. 

As the pressure increases, an equation of state may be 
needed, depending on the material, to represent the molar 
volume in the integral. The integration proceeds in this 
fashion until the vapor pressure is reached at the fixed temper- 
ature. The liquid phase fugacity may be set equal to the gas 


dp = dG = V dP at constant T 


From the definition of fugacity in Equation (6.8) 


V 

d In f = — d/ 5 at constant T 

j RT 


PV 

din/ = — din/ 5 = 

j RJ . 


PV 

RT 


— 1 


( 6 . 12 ) 


(6.13) 

din/ 5 + din/ 5 (6.14) 



din 



dP 


at constant T 


(6.15) 


FIGURE 6.7 Integration path for pure component fugacity (ideal 
gas to nonideal gas to liquid). 
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phase fugacity at this juncture (why?) and the integration 
continued with a liquid phase molar volume. If the same 
equation of state applied to both phases, there would be no 
need to make the adjustments at the vapor pressure. 

The integration is stopped at the desired pressure. Note 
that in general, an equation of state is required for the gas 
phase, and possibly for the liquid or solid phases depending 
on the destination and the pressure at each phase change 
along the isotherm. The equation of state and the vapor 
pressure are representative of the physical data that drive 
thermodynamics. 

Consequently, for P < P sat , Equation (6.15) becomes for 
a volume explicit equation of state for the gas region 


In 


/ 

P 



RT 

P 



d P 


constant T 


(6.16) 


For a pressure explicit equation of state for the gas region. 
Equation (6.15) becomes 

In— = Z — 1 — InZ — [ 

P RT J 

OO 


p _RT 

V 


dV (6.17) 


J constant T 


Equation (6.16) can be used to evaluate the fugacity at 

p __ psat 


psat 

-(l /RT) I [f-v]dP 

ysat = p sat e 0 (6.18) 


or 


in p = 


yS3t 

/<RT 


1 _ e -K(P-P Sat 


(6.20) 


In the limit of zero isothermal compressibility, 

ysat/p_psat\ 

/ = / sat e - (6.21) 


The exponential factor in Equation (6.21) is referred as the 
Poynting factor. Except for very high pressures, it is near 
unity and the liquid phase fugacity is taken to be the value at 
saturation at the prevailing temperature. 

Example 6. 2. 2. 1.1-1 illustrates the integration over the 
gas region for a basic equation of state and refers to the 
integrals in Equations (6.16) and (6.17). 

Fugacity coefficients for pure components obeying the 
equations of state listed in Table 2.1 are given in Table 6.2. 


Example 6.2.2.1.1-1: Pure Component Gas Phase 
Fugacity: Berthelot Equation of State 

Equation of state: PV = RT + [b - {a/RT 2 )] P: a and b are 
constants with values depending upon the material 

RT 

a. Pressure explicit: P = — =- and 

V V-b+ {a/RT 2 ) 

z = 

V-b+ {a/RT 2 ) 

Substitution into Equation (6.17) gives 


The fugacity at saturation is nearly equal to the vapor 
pressure at moderate pressures where ideal behavior applies 
to the vapor pressure. The exponential correction factor in 
this case differs little from unity. 

Using the liquid phase equation of state in Equation (2.29) 
with the reference conditions at saturation, the integration 
may be continued into the liquid region. 

For P > P sat , 


In— = 


V 


P V-b+ {a/RT 2 ) 
v 

1 

RT 


- 1 - In 


RT 


V 


V - b + {a/RT 2 ) \ 


RT 


V - b + {a/RT 2 ) V 


dV 


b - {a/RT 2 ) 
V-b+{a/RT 2 ) 


-In 


V 


V -b+ {a/RT 2 ) 


f f at 

In- - ln^— r = 

p psat 



RT _ ysat e -k(P-,P sa 


d P (6.19) 


-In 


'V-b+ {a/RT 2 ) 
V 


b - {a/RT 2 ) 
V-b+ {a/RT 2 ) 


TABLE 6.2 Fugacity Coefficient Expressions for Pure Components 


Equation of State 


Fugacity Coefficient of Pure Component = — = $ 


Redlich-Kwong-Soave 

Peng-Robinson 

Virial 


In cj> = z — 1 — In 


i , 2 PB 

In <x> = In z 

T zRT 


z 1 - - 


bRT 


-In 1 


bp\ 

1 In 

'z+(l + V2)(bP/RT) 

RT ) 

2V2RTb 

z + {1 - V2)(bP/RT) 


Reference 
Walas (1985) 

Sandler (1999) 
Sandler (1999) 
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b. Volume explicit: V 



a 

RT* 


Substitution into Equation (6.15) 



a 

RT * 


d P 


1 

RT 


a I _ b — (a/RT 2 ) 
RT* \ ~ V - b + (a/RT 2 ) 


The last integral is in the ideal gas region where the 
integrand is identically zero. Therefore, 

„ p 

RT ln-E = j (V i - - V,)dP at constant T and composition 

yji j 
0 

(6.26) 

Note that for an ideal solution the integrand vanishes [see 
Equations (3.72) and (3.73)] so that. 


If we think in terms of the typical VLE displayed in 
Figure 6.4, the equality of pure component fugacities applies 
at the two extremes of composition: pure A at the right and 
pure B at the left of the diagram. In each case, the fugacity of 
the liquid must equal the fugacity of the gas. If pressure is 
fixed, the equality defines the temperature as the only 
remaining variable. At intermediate compositions, we 
need the fugacities as functions of composition in order 
to express the equilibrium criterion. 

6.2. 2. 1.2 Mixture Fugacities The form of the equation of 
state is retained for mixtures and the composition depend- 
ence is placed entirely in the parameters, for example, the 
values of a and b in the Redlich-Kwong-Soave and the 
Peng-Robinson equations of state in Table 2. 1 . The evalua- 
tion of fugacity for a mixture begins with the definition and 
the fact that the partial molar quantities obey the same 
differential relations as the parent functions for constant 
composition solutions, so, 


d Gj = —S, dr + Vi d P at constant composition (6.22) 


The starting point is then the differential equation that 
defines the fugacity, Equation (6.8), with the added restric- 
tion of constant composition: 


d /if = RT dln/ ; = d G i = V ,dP at constant T and composition 

where /,■ — r } ! iP as R— > 0 (6.23) 

or 


f. 

RT In— = 

y-r 


p 


p* 


Vj d P at constant T and composition (6.24) 


ff=yji (6.27) 

For an ideal solution, therefore, the fugacity of the pure 
component is sufficient to evaluate the fugacity in the 
mixture. This relation is called the Lewis-Randall rule. 

Substituting the expression for the pure component 
fugacity obtained earlier into Equation (6.16) gives 

„ p 

RT In 'p = ^Vi — dR at constant T and composition 

o 

(6.28) 

The partial molar volumes are obtained from the equation of 
state. The result transformed to the case where the equation 
of state is pressure explicit gives 


fi = yiP exp < 


RT 


dP ' 

dN,y J -'VJfj# 


RT 

T" 


at constant T and composition 


dY - In Z\ 


(6.29) 


Example 6.2.2. 1.2-1: Calculation of the Mixture Fugacity 
of a Component Obeying the van der Waals Equation 
of State 


RT a 
V-b~V* 


a = 



2 


Writing the same equation for the pure component and 
subtracting gives 


RT In 


A 

yJi 


P 

= J (Vi-Vi)dP 

P* 


P P* 

J (Vi-v,)dP-J (Vi-Vi)dP 

0 0 


at constant T and composition (6.25) 


P = RT 


N 

V -Nb 



( dP\ _ V 2 v^(Eyv/W) 

W T.VN^i - RT \y-Nb ) 2 
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Fugacity coefficients for components of a mixture obey- 
ing the equations of state listed in Table 6.1 are given in 
Table 6.3. 

If the equation of state can be applied to gas and liquid 
states, the preceding results can be used to evaluate a dis- 
tribution coefficient for each species, K,, that reflects the 
consequences in Equation (6.31) in terms of concentrations, 
temperature, and pressure within the system. Starting with the 
equality of fugacities in Equation (6.3 1 ) with the ' phase as the 
vapor phase and the liquid as the " phase as follows, 

A p $i = A p <t>" (6.30) 


A = KiA' 


distribution coefficient using a cubic equation of state 
included in Figure 6.8. 

Example 6.2.2.1.2-2: Distribution Coefficients for Ethane- 
Propylene System Using the RKS Equation of State 

A liquid at 261 K and lObar contains 40mol% ethane and 
60mol% propylene. The distribution coefficient for each 
component is desired for determining the equilibrium vapor 
composition over the liquid. Calculate values of the distribu- 
tion coefficient corresponding to various assumptions of 
ideality in the two phases. Use the RKS equation of state. 

Solution: 

The distribution coefficients require the fugacity coef- 
ficients for the mixtures and the pure components. The 
possibilities are summarized in Figure 6.8 along the path 
originating with the cubic equation of state for the liquid. 

A summary of the fugacity calculations is included here 
in Table 6.4. These results are assembled into distribution 
coefficients and reported in Figure 6.9 in the format of 
Figure 6.8. 

Note that both the vapor and the liquid compositions are 
needed to evaluate the distribution coefficients, which are 
not known. A direct substitution method is generally fol- 
lowed where Raoult’s law is used to provide an initial 
estimate of the vapor composition and subsequent trials 
use new vapor fractions from the previous trial. The calcu- 
lations here are the first trial. 

This approach concentrates the need for data into the area 
of PVT measurements in pure systems and relies on the 
ability of the equation of state models to predict multi- 
component behavior in both liquids and gases. 


where 

K i (T,P,x',x") = % (6.32) 

<Pi 

Note that if a cubic equation of state is used, the smaller 
molar volume applies to the liquid. Simplifications of the 


6.2.2.2 Activity Coefficient Method Another approach 
to the evaluation of fugacity in liquid mixtures has been used 
often because of the inability of the equation of state to 
reflect behavior of both the vapor and the liquid state. The 
activity coefficient method is applied, for example, to mix- 
tures containing alcohols, acids, and electrolytes. A standard 
state is chosen on the basis that the fugacity can be 


TABLE 6.3 Fugacity Coefficient Expressions for Mixture Components 


Equation of State 
Redlich-Kwong-Soave 

Peng-Robinson 


Fugacity Coefficient of Component of a Mixture = — = 0, 


a \bj 2, 


ln0 ( : = (z - 1) f - In z 1 — - --A- f- - V V/«,y In 1 + - 

’ h \ v ) bRT b n 2—1 y ! '■> l V 


* , (/ / U1 \ 

ln0,- = (z— 1)-— In z- — - 


RTJ l^flRTb 


2 £/W bj\ z + ( 1 + x/2) 


— — In — 

b\ z-t- (1 - V2)(bP/RT) 


*• Zf ^ — > 

ln <& = -u rl^yAi - ln: 


Reference 
Walas (1985) 

Sandler (1999) 


Virial 


Sandler (1999) 
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y i =K i > f 

K _ k^pj) 
k’(yfT) 


Henry's law 
Ideal gas 

► 


[Cubic] equation ofstate forgas 
and pure component reference state 


k i= Hl 

P 


* 


[Cubic] equation of state 
for liquid 



\ Liquid activity coefficient - 
pure component reference 


K _ <j>i( z L’X,P ,T) 
(Zy ,y,P,T) 

Ideal liquid 
solution 



K _ [ wxx pxp, (Zyj, prep) np T } pro) 
1 1 4(z v y,T, P) , I P 


Ideal liquid 


Ideal gas solution 


K = 


U (z v ,T, f> (T)) n 


p; a, (T) 

p 


K = 


7, ( x.T.P) jfa X Pr ( T )) 1 P, sal (7) 

<pi (z v ,T,P) J P 


Ideal gas 
solution 



K j ^xprcB) 

1 j 0,(z v ,T,P) 



t>i(z y ,T, P™ l (T)) =1 
l> i (z v ,T,P )= 1 


If pure saturated vapor ideal at system T 
If pure vapor ideal atsystem T and P 


, p 

— f VidP 

fil J„ ,L 


py< t) 




I1(P,T) = exp | 

‘ See some selected data for organic compounds in water in Table 6.11. Also see Figure 6.20. 

FIGURE 6.8 Summary of VLE expressions. 


determined and the state is consistent with the physical 
application. The fugacity at all other conditions is expressed 
as a deviation from this standard state. Attempts are then 
made to provide models that can 

• correlate this data with a minimal set of parameters or 

• produce multicomponent data on the basis of data 
correlation of the binary pairs or 

• predict the deviations from the reference state on the 
basis of molecular structure. 


From the definition of fugacity in Equation (6.8), 

Gj(T, P,x) ~gUt,P+,x + ) = RT In ^ T ’ P,X ^ 

fi (7\P + ,*+) 

(6.33) 

The fugacity in Equation (6.33) and throughout this section 
refers to the liquid phase unless otherwise stated. The + sign 
indicates the reference state. Note that the reference state is 
at the temperature of the mixture but is otherwise arbitrary. 
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TABLE 6.4 Calculation of Fugacity Coefficients for Ethane-Propylene Equilibrium (Example 6.2.2.1.2-2) 


Item 

Units 

C 2 H 6 

c 3 h 6 

Reference/Notes 

X 


0.4 

0.6 

Given 

P 

bar 

10 

10 

Given 

T 

K 

261 

261 

Given 

T c 

K 

305.42 

364.76 

Chemical Properties Handbook (Yaws, 1999) 

Pc 

bar 

48.8 

46.13 


Z c 


0.284 

0.275 


a 


0.099 

0.142 


k\2 


0 

0 

Approximation 

T r 


0.854560932 

0.715538985 

Definition at given temperature 

Pr 


0.204918033 

0.216778669 

Definition at given pressure 

A 


0.63716807 

0.702273195 

Table 2.1 

Clj 

l 2 atm/g mol 2 

6.188735473 

10.34175572 

Table 2.1 

bj 

1/g mol 

0.045108238 

0.056990434 

Table 2.1 

Vvi 

1/g mol 

1.9019 

1.5957 

Largest root of pure component equations of state 

Vu 

1/g mol 

0.07755 

0.079043 

Smallest root of pure component equations of state 

Zyj 


0.875966306 

0.734938448 

Definition at given temperature and pressure 

Z u 


0.035717539 

0.036405176 

Definition at given temperature and pressure 

bjPI(RT) 


0.020775696 

0.026248331 

Intermediate convenience result 

<Pv 


0.888975613 

0.804203579 

Pure component vapor fugacity coefficient: Table 6.2 

<Pl 


1.355009785 

0.3784647 

Pure component liquid fugacity coefficient: Table 6.2 

Pf (T) 

atm 

17.35 

3.964 

Chemical Properties Handbook (Yaws, 1999) 

Test 


0.703196 

0.240991 

Raoult’s law 

Y 


0.744763 

0.255237 

Normalize approximations from Raoult’s law 

a-L 

l 2 atm/g mol 2 

8.553301 

8.553301 

Equation (2.13); Mixture with liquid composition 

b-L 

1/g mol 

0.052238 

0.052238 

Equation (2.16); Mixture with liquid composition 

V L 

1/g mol 

0.076768 

0.076768 

Largest root of mixture (liquid x) equations of state 

V v 

1/g mol 

1.7592 

1.7592 

Smallest root of mixture (liquid x) equation of state 

Z v 


0.810242 

0.810242 

Definition at given temperature and pressure 

Zl 


0.035357 

0.035357 

Definition at given temperature and pressure 

‘t’iL 


1.387452 

0.381072 

Table 6.3 fugacity coefficient in mixture with liquid composition 

flv 

l 2 atm/g mol 2 

7.147955 

7.147955 

Walas (1985) 

K 

1/g mol 

0.048141 

0.048141 

Equation (2.16); mixture with vapor composition 

Vv 

1/g mol 

1.8472 

1.8472 

Largest root of mixture (vapor y) equations of state 

Vl 

1/g mol 

0.076146 

0.076147 

Smallest root of mixture (vapor y) equation of state 

z v 


0.850773 

0.844878 

Definition at given temperature and pressure 

2l 


0.035071 

0.035071 

Definition at given temperature and pressure 

<t>iV 


0.900907 

0.815223 

Table 6.3 fugacity coefficient in mixture with vapor composition 

Vf 

1/g mol 

0.93316 

4.9374 

Use pure component EOS for each (above) with P = saturation 

ysat 


0.755565 

0.913373 

Definition at given temperature and saturation pressure 

C /> sat 


0.805049 

0.921645 

Pure component vapor fugacity coefficient: Table 6.2 at P sat 


However, it is almost always the case that the reference and 
system pressures are the same and that the reference state is 
the pure component. Before evaluating the fugacity at two 
common reference states, we introduce some convenient 
definitions: 


Clj 

y i = — = activity coefficient = devation from ideal behavior 

Xi 

( 6 . 36 ) 

Note that the activity of a component in an ideal solution is 
the mole fraction. The liquid phase fugacity is then stated as 


f. 

cii = — = activity of species i 

f, 


( 6 . 34 ) 


fi = YiXiK ( 6 - 37 ) 


/)■' = xif- ideal solution 


( 6 . 35 ) 


Remember that the activity coefficient and the reference 
state fugacity are not independent quantities. 
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y=k^ 

K _ 4jxpJ) 

frv(y-PJ) 


[Cubic] equation of state forgas 
and pure component reference state 


[Cubic] equation of state 


Liquid activity coefficient - 



r =0.805049 
=0.921645 
If, =0.97329 

n 2 = 1.022 

*E thane- propylene system at 10 bar and 261 K. The liquid mole faction of ethane is 0.40. 

FIGURE 6.9 Summary of K values from Examples 6. 2. 2. 1.2-1 and 6.2.2.2.1-2. 


Two common examples of the reference state are the pure 
component and infinite dilution. These reference states are 
discussed below for binary systems with species i as the 
solute under consideration. 

• Pure Component Reference State 
When the pure component at the temperature and pressure of 
the mixture is in the same state of aggregation, which is often 
the case in liquid-liquid extraction, for example, the refer- 
ence state is chosen as this pure material. 


f+(xf =\.T,P)=f l (T.P) (6.38) 

The fugacity of the pure liquid was calculated in Sec- 
tion 6. 2. 1.1.1. From Equation (6.21), 

= f s* e (v’*(p-P’*))/RT ( 6 . 39 ) 

which assumes that the molar volume of the liquid is 
constant at the saturation value. A slightly more general 








GAS-LIQUID OPERATIONS 119 


result can be obtained that makes use of Equation (6.12) to 
give 

P 

(1 /RT) f V L d P 

f. =ffe (6.40) 

Either of the preceding two equations for the reference state 
fugacity may be used, but, as pointed out earlier, neither is 
important in almost all cases. 

The fugacity of the liquid at saturation in Equation (6.40) 
may be replaced with the value for the gas phase, which we 
are assuming can be calculated from an equation of state 
(see, e.g.. Table 6.2). In summary, 



fltf 


P 

(1 /RT) f V, L d P 

l,T,P) = c/)fPf(T) e P ^ m (6.41) 


FIGURE 6.10 Features of pure component and infinite dilution 
reference states. (Adapted from Tester and Modell, 1997.) 


The ideal solution definition is a generalization of the 
Lewis-Randall rule stated earlier in Equation (6.38) for 
gas mixtures: 


ft = Xi fi(T,P) (6.42) 

The limiting value of the activity coefficient as the pure 
solute is approached must be unity in order for the liquid 
fugacity to approach the correct value: 


A summary of the two reference states is given in Figure 6. 10. 

Either reference state may be used when the mutual 
solubility extends over the complete range as indicated in 
Figure 6.10. When the solubility is limited, as for gases 
above their critical point, the liquid phase fugacity curve 
does not extend to the pure solute. In these cases, Henry’s 
law is normally employed: 


fi = Yi 



Yi 


XA = 0 


Hi{T,P) Xi 


(6.47) 


Lim Yi = 1 (6.43) 

Xi— >1 

• Infinite Dilution Reference State 
Another common reference state is the infinite dilution state 
reached by extrapolating from the dilute region to the 
concentrated region: 


f i (x+=l,T,P) = 


df) 

d Xj 


(6.44) 


The tangent at the origin is extended to the pure solute to 
obtain the value of the reference state fugacity. The ideal 
solution definition for this reference state is 


f' d = d f, 
Ji Ax, 


(6.45) 


The limiting value of the activity coefficient as the pure 
solvent is approached is (note the unsymmetrical compar- 
ison with Equation (6.43)) 


/. 

Lim y, = Lim ' 

x,^o n x,—>0 s ld 


= Lim 

x,—> 0 


dfj/dXj 

df't/dXj 


= 1 


The derivative in the preceding equation depends only on 
temperature and the activity coefficient is close to unity in 
the dilute region. The combination is referred to as Henry’s 
constant at a particular temperature and pressure. However, 
close attention must be paid in any particular application since 
other concentrations may be employed at the reference state 
as well as the inverse of Henry’s constant Equation (6.47). 

A primary objective in this approach is to calculate values of 
the activity coefficients in multicomponent mixtures from 
models of the liquid phase containing parameters related to 
the various binary pairs in the mixture. This limits data 
collection to only binary systems. A liquid phase model 
provides values of the excess Gibbs free energy, defined 
below, in terms of physical parameters related to the model. 
These parameters can then be directly related to the activity 
coefficients, which form the excess Gibbs free energy. 

The excess Gibbs free energy is the amount remaining in 
the real solution after accounting for the free energy in the 
ideal solution. Refer to Figure 6.11 where a comparison 
between mixing and excess functions is given. Mixing 
functions were introduced in Section 3.3.4. 

The excess free energy function is given by 

G ex = £ x,(G, - cf ) =RTYt x, In 4 = ^ E *»’ ln Yi 

f i 


(6.46) 


(6.48) 
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Nonideal solution G(T , P, jr) Nonideal solution G(T, P, x) 



FIGURE 6.11 Mixing and excess functions. 


which implies that 

G™ = RT In Yi (6.49) 

or 

y,(x, T, P) = ammeters:*,^ ( 6>5 Q) 

"ExpeiTmental" L N uid P hase model 

As noted above, the theoretical models generally provide an 
expression for the excess Gibbs free energy, which, accord- 
ing to Equation (6.50), provides equations for the activity 
coefficients that are obtained experimentally (see below). 
Curve fitting of the experimental data will then provide 
values for the model parameters, which can be used in the 
construction of multicomponent models or simply for binary 
applications. 

A number of the common correlations for the activity 
coefficients are given in Table 6.5. 

The van Laar and Margules equations represent empirical 
correlations. The Wilson and NRTL models provide a 
mechanism for constructing values of the activity coeffi- 
cients in a multicomponent mixture from the binary param- 
eters. The multicomponent generalizations are shown in 
Table 6.6: 


TABLE 6.5 Equations for Correlating Binary Activity Coefficient Data" 


In Y\ (Interchange Subscripts for Second Activity Coefficient) 

Ax\ 

*2 [A 12 +2xi(A21 — A 12 )] 

Al 2 

[1 + XlAl2/(X2A2l)] 2 


— ln(xi + A 12 X 2 ) + x 2 


A,. 


A 2 


Xl + A12X2 X2 + A21X1 


X 5 T 21 G 2 


X 2 T 12 G 12 
(xi + G21X2) 2 (X 2 + Gi 2 -Vi)‘ 


r + - 


Correlation; Notes 

Margules 

Margules — two constant 
van Laar — two constant 

Wilson — two constant 

NRTL — three constant In Gj = — azjj 


Source: Sandler (1999). 

"The important UNIQUAC (Universal Quasi-Chemical Equation) is available elsewhere (e.g., Poling et al., 2001). 


TABLE 6.6 Multicomponent Generalizations of Binary Correlation Function (Sandler, 1999; 
Tester and Modell, 1997) 

In Yi = 

(No \ N 

Wilson: 1 - In ^ x Av ~ I] ^W 7 ~ 

\j= 1 J 7=1 ^k= 1 

Y!j - 1 T Ji G ji x j XiGn 

NRTL: J ~ J J + > ,, J 

J2j= 1 GjjXj j = 1 J2k= 1 x kGkj 

Gji = exp(-a ;l T/ i )^A r i 
Gji = Gjj = 0 


b'i 




9* 


/Ljt= 1 x k^kjGkj 


J2k=l x kGkj 


An Xjj I 

N'-vMtt 


Sji Sii 

RT 

riv = Tjj = 0 


Vi = 
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6.2.2.2.1 Determination of Model Parameters from VLE 
Data Activity coefficients can be determined experientially 
in a number of ways. Osmotic pressure measurements can 
yield activity coefficients (see Section 10.3). A common 
approach to extract experimental values of the activity coef- 
ficients extracted from a full set of vapor-liquid equilibrium 
data (T, P, x, y) and an equation of state for the vapor phase. 
For example, with the pure component reference state, 

f7 =fi = YD ifi (6.51) 


activity coefficients for the two components are given at the 
azeotrope by 

(655) 

These values are sufficient to determine the model param- 
eters, in those cases where there are only two and their 
temperature dependence is ignored. For example, the two 
parameters in the van Laar equation can be evaluated in this 
fashion with the azeotropic data. 


The activity coefficient is the only unknown in the preceding 
equation since the compositions, temperature, and pressure are 
presumed to be measured and the fugacity in the vapor phase can 
be calculated from the equation of state. For example, suppose 

~v 

the gas phase is ideal (f t = y,P). The expression for the liquid 
phase fugacity can be obtained from Equation (6.41), assuming 
that the Poynting correction factor is negligible. Consequently, 

y,P = YDiPf{T ) (6.52) 

Suppose that VLE data are obtained at a fixed pressure in a 
binary system. This means that a full set of x, y, T data are 
obtained. The pressure in most cases can be selected so that 
ideal behavior in the gas phase may be assumed. Also it can be 
noted that liquid phase properties are not significantly affected 
by pressure. The vapor pressures can be added to the data or 
extracted from the data at the concentration extremes. Vapor 
pressure data are often correlated with a variation of the 
extended Antoine equation: 

In P sat = k i + , kl + k 4 T + k 5 lnT + k 6 T kl (6.53) 
k-i + T 

The Gibbs phase rule states that we have two degrees of 
freedom in this case. Consequently, if, for example, x and P 
are fixed, then the equilibrium relationships provide the means 
to calculate the vapor phase mole fractions and the temperature 
if the parameters associated with the activity coefficients were 
known. Comparison of the calculated values with the measured 
vales of the vapor phase mole fractions and the temperature for 
various values on the parameters in the model leads to their best 
values in terms of data correlation. This means that the model 
parameters are determined to minimize the residuals. 


, xf In yf 
xf In yf 

(6.56) 

Activity coefficients at vanishingly small concentrations, 
“infinite dilution” values, can be used in a similar fashion 
since the models take on simpler forms under these dilute 
conditions. For example, for the Wilson equation 

Lim(lny!) = lnyf = 1 -lnA 12 -A 2i 

xi— >0 

(6.57) 

Lim(lny 2 ) =ln yf = 1 — lnA 2 i — Ai 2 

X2 — ►() 

and the van Laar equation: 


An — lny a: 


xf In yf 


xf In yf I 


; A 2l =lnyf 


Ay = lny?° xi = 0 

(6.58) 

Aji = In y?° Xj — 0 

Finally, reported data for activity coefficients can be tested for 
thermodynamic consistency. This amounts to applying the 
slope and area properties of all partial molar quantities 
specified by the Gibbs-Duhem equation (3.17). In the present 
case, the thermodynamic function is the excess Gibbs free 
energy for which the Gibbs-Duhem equation is given by 

*idGi X + x 2 dG 2 X = 0 at constant 7’ and I’ (6.59) 

The activity coefficients must comply with his relation since 

dGf = d(G ; - &f) = RTd In 4 = ^Tdlny, (6.60) 

f i 

which, when substituted into the preceding equation, gives 


X\ d\ny l + x 2 dlny 2 = 0 at constant Tand P (6.61) 


E (y-y + ) 2 . E (T-T + f (6.54) 

data points data points 

where + indicates a calculated value and its absence indi- 
cates a measured value. 

A minimal set of data can be used in some cases to 
estimate the model parameters, but each case is an attempt to 
represent a full range of behavior from a single interior or 
boundary value. For example, if an azeotrope is present, the 


dlny, dlny, 

X\ -x 2 at constant T and P (6.62) 

d.Yi d.\'i 

This result implies that the slopes of the In y versus x curves 

• have opposite signs and 

• the slope of each approaches zero as the associated 
mole fraction approaches one. 
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Also, at constant T and Equation (3.18) written in 
terms of intensive quantities and applied to the excess Gibbs 
free energy gives 

dG ex = G] x d at + G“ d x 2 (6.63) 


Since the excess Gibbs free energy vanishes at the compo- 
sition extremes, integration of this result gives 


or 


l l 

0 = J G, x d x, - / G“dx, 
0 0 


1 1 
J In y 1 d ,\'i = J In y 2 d at 

o o 


(6.64) 


(6.65) 


which requires that the areas under the two curves be equal. 


Example 6.2.2.2.1-1: Wilson Parameters for Isopropyl 
Alcohol (OH)-Water (W) System 


Estimate the parameters in the Wilson equation for both 
components at 1 atm (Tables 6.7 and 6.8). The following 
VLE and vapor pressure data are available (Seader and 
Henley, 2006): 

Composition of azeotrope: x — y — 0.6854. 

Boiling point of azeotrope = 80.22 °C. 

A Txy diagram of the data is given in Figure 6.6. A y—x 
diagram is given below in Figure 6.12. Assuming an ideal 


TABLE 6.7 Vapor Pressures of OH and W 


P s (Torr) 

200.00 

400.00 

760.00 

OH (°C) 

53.00 

67.80 

82.50 

W(°C) 

66.50 

83.00 

100.00 


TABLE 6.8 Vapor-Liquid Equilibrium for the OH-W 
System at 1.0 atm 

tC C) 

IOO.Voh 

1 OOvqi i 

100.00 

0.00 

0.00 

93.00 

1.18 

21.95 

89.75 

3.22 

32.41 

84.02 

8.41 

46.20 

83.85 

9.10 

47.06 

82.12 

19.78 

52.42 

81.64 

28.68 

53.44 

81.25 

34.96 

55.16 

80.62 

45.25 

59.26 

80.32 

60.30 

64.22 

80.16 

67.94 

68.21 

80.21 

68.10 

68.26 

80.28 

76.93 

74.21 

80.66 

85.67 

82.70 

81.51 

94.42 

91.60 

82.50 

100.00 

100.00 



FIGURE 6.12 Equilibrium data for isopropyl alcohol (IPA)-water (W) system at 1 atm. 
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TABLE 6.9 Antoine Constants for OH-W System 


Parameter in Equation (6.35) 

OH 

W 

k\ 

25.017 

18.485 


-8010 

-3922 

^3 

80.078 

-42.45 


Plot activity coefficients and estimate values at infinite 
dilution. Calculate model parameters using Equation (6.49). 
Repeat until a “good” fit is obtained. 

Approximate values are 

Koh = 12-75 

/w = 3-5 


gas, we can compute the activity coefficients for each 
component using Equation (6.33) (Table 6.9) 


Wilson parameters using the preceding estimates for the 
values at infinite dilution are given by 


yP = yxP SM 

The pure component reference state can be used for each 
component. We need to fit the vapor pressure data to a 
function of temperature in order to interpolate at intermedi- 
ate points. 

Using first two terms of the extended Antoine equation 
[Equation (6.33)]. 

The activity coefficients at infinite dilution can be used 
to calculate the parameters in the Wilson model [see 
Equation (6.33)]. These values are, however, indeterminate 
from Equation (6.33) at the composition extremes. The 
values may be estimated on the basis that fit of Wilson 
equation to the data is maximized. We will carry out this 
process visually by observing the goodness of fit graphi- 
cally at selected values of the activity coefficients at 
infinite dilution. 

Calculations using Excel 


In 12.75= 1 — In A 12 — A 2 i 
I n 3.50 = 1 — In A 21 — A 12 


A 12 = 0.10603, A 2 i = 0.69852 


The Wilson model with these parameters was used to 
calculate the activities in Table 6.10 and Figure 6.13. 

The azeotropic data may also be used to correlate the 
data. At the azeotrope, Equation (6.37) applies to each 
component: 


OH 


760 


exp 


25.017 — 


8010.6 


88.078 + 273.16 + 80.22 


= 1.1019 


n° c) 

100.\ OH 

IOOVoh 

a 'oh 

Toh 

T(K) 

psat 

^OH 

Koh 

psat 

'w 

Kw 

100.00 

0.00 

0.00 

0.0000 

0.0000 

373.16 

1545.097 

kSh 

759.6325 

1.0005 

93.00 

1.18 

21.95 

0.0118 

0.2195 

366.16 

1170.976 

12.0731 

587.9832 

1.0209 

89.75 

3.22 

32.41 

0.0322 

0.3241 

362.91 

1026.481 

7.4522 

520.0768 

1.0206 

84.02 

8.41 

46.20 

0.0841 

0.4620 

357.18 

809.910 

5.1549 

416.3136 

1.0723 

83.85 

9.10 

47.06 

0.0910 

0.4706 

357.01 

804.160 

4.8874 

413.5229 

1.0704 

82.12 

19.78 

52.42 

0.1978 

0.5242 

355.28 

747.677 

2.6938 

386.0047 

1.1678 

81.64 

28.68 

53.44 

0.2868 

0.5344 

354.80 

732.645 

1.9329 

378.6483 

1.3103 

81.25 

34.96 

55.16 

0.3496 

0.5516 

354.41 

720.631 

1.6640 

372.7583 

1.4056 

80.62 

45.25 

59.26 

0.4525 

0.5926 

353.78 

701.594 

1.4186 

363.4066 

1.5562 

80.32 

60.30 

64.22 

0.6030 

0.6422 

353.48 

692.688 

1.1685 

359.0232 

1.9078 

80.16 

67.94 

68.21 

0.6794 

0.6821 

353.32 

687.979 

1.1091 

356.7037 

2.1127 

80.21 

68.10 

68.26 

0.6810 

0.6826 

353.37 

689.447 

1.1049 

357.4272 

2.1156 

80.28 

76.93 

74.21 

0.7693 

0.7421 

353.44 

691.508 

1.0602 

358.4421 

2.3703 

80.66 

85.67 

82.70 

0.8567 

0.8270 

353.82 

702.789 

1.0439 

363.9944 

2.5207 

81.51 

94.42 

91.60 

0.9442 

0.9160 

354.67 

728.621 

1.0119 

376.6763 

3.0373 

82.50 

100.00 

100.00 

1.0000 

1.0000 

355.66 

759.771 

1.0003 

391.9133 

Kw 
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TABLE 6.10 Calculated Values 


of Activity Coefficients 


=Yoh- calc 

y w , calc 

12.7498* 

1.0000 

10.5405 

1.0011 

8.0233 

1.0072 

4.8918 

1.0374 

4.6464 

1.0426 

2.6317 

1.1437 

1.9705 

1.2534 

1.6953 

1.3442 

1.4093 

1.5200 

1.1790 

1.8521 

1.1093 

2.0648 

1.1081 

2.0696 

1.0534 

2.3649 

1.0198 

2.7221 

1.0029 

3.1633 

1.0000 

3.5000* 


“Estimated-visual fit. 


Similarly for water 


760 


exp 


18.485- 


3922.0 


-42.25 + 273.16 + 80.22 


= 2.1254 


Solving for the two Wilson parameters that will produce the 
preceding two values at the azeotrope (x = 0.6854) 


In 1.1019 = — ln(x + a(l — x)) 

a b 


+(1 -x) 


K x + a( 1 — x) ( 1 — x) + bx 
ln2.1254 = — ln(l — x + bx) 
a b 


— x 


x + a(l— x) (1— x)+6x 


Solution: rz = 0.07256 and 6 = 0.71921. 

The correlation with the data is shown in Figure 6.14. The 
correlations shown in Figures 6.13 and 6.14 are remarkable 
when it is considered that only one point per curve was used. 

However, the first correlation does not pinpoint the 
azeotrope (Where does it predict the azeotrope will occur?) 
and the second is inferior with respect to the values at infinite 
dilution (What values does it predict?). 

The calculations presented here are more to the point of 
preparing for analysis that uses all of the data and, for 
example, minimizes the residuals shown in Equation (6.36). 
This preparation involves the selection of candidate models 
and approximate initial values for search routines. It may 
also be the case that only approximate values are needed. 

In predictive models, the regular solution model for liquids 
assumes that the excess entropy and excess volume vanish and 
results in an expression for the excess Gibbs free energy as in 
terms of the volume fractions and solubility parameters. A 
correction for molecular size differences is included. 



Liquid mole fraction IPA 

0.10603 0.69852 j 

Xj + 0.10603X 2 X 2 + 0.69852^ J 


Yi = 


1 


X, + 0.10603X., 


exp 


FIGURE 6.13 Data correlation using estimated activities at infinite dilution. 
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Liquid mole fraction IPA 


FIGURE 6.14 Data correlation using activities at azeotrope. 


The UN1FAC (UNIQUAC Functional Group Activity Coef- 
ficients) method uses the UNIQUAC correlation for the activity 
coefficients. The idea is to use phase equilibrium data to 
determine parameters that characterize interactions between 
structural groups and then to use these parameters in unknown 
systems with the same functional groups (Poling et al., 2001). 

Example 6.2.2.2.1-2: Distribution Coefficients of 
Ethane-Propylene System Using the RKS Equation 
of State and Wilson Model 

Refer to the conditions in Example 6. 2. 2. 1.2-1. Recalculate 
the distribution coefficient using the Wilson model for the 
activity coefficient. 

Solution: The activity coefficients for ethane (1) and propy- 
lene (2) for the conditions stated in Example 6. 2. 2. 1.2-1 are 

y, = 1.038717 
y 2 = 1.012183 

These values were obtained with Aspen using the UNIFAC 
estimates for the Wilson parameters. 

The calculations of the distribution coefficients using 
these estimates and the results in Table 6.4 are shown in 
Figure 6.9. 

6. 2. 2. 3 Summary of VLE Expressions and Data The 
expressions in Figure 6.8 are a summary of the discussion 
in Section 6.2.1 on VFE. The summary can be judiciously 
used to express the equilibrium relations in terms of con- 
centration, temperature, and pressure, which were originally 
expressed as the equality of the chemical potentials and 
subsequently as equality of the individual fugacities between 
phases. Although the current focus is on vapor-liquid systems, 
some aspects will be seen to carry over to liquid-liquid and 


fluid-solid systems. Some data for particular circumstances 
are presented in Figure 6.15a and b and Table 6.11. 

The charts (called Depriester charts) in Figure 6.15a and b 
were prepared with an average composition allowance and 
provide good engineering approximations. If the molecular 
force fields for light hydrocarbons are simple and not sig- 
nificantly interactive, the resulting K values are weak func- 
tions of composition. More extensive charts are also available 
(e.g., Hadden and Grayson, 1961). Table 6.11 contains sol- 
ubility data and Henry’s law parameters for a variety of 
compounds. 

Example 6.2.2.3-1: Comparison of Several Methods for 
Obtaining the K Values for an Equimolar Mixture of 
Ethane, Propane, and n-Butane at — 70 F and 300 psi 

Solution: Aspen Plus was used for the last three rows of the 
following table. In those cases, the first reference is to the 
liquid phase model and the second is to gas phase model. 
Peng-Robinson was used for both phases. The largest dis- 
crepancy is for «-butane. Can you offer an explanation? 


Component 

C 2 H 6 

c 3 h 8 

U-C 4 H 10 


P = 200 psi, T= 

-70 °F,.y,-= 0.333333 


P sat (psi)" 

62.5300 

7.3380 

0.9071 

P sdt /P 

0.31270 

0.03669 

0.00454 

Chart 

0.37000 

0.04000 

0.00750 

W-RK 

0.38220 

0.71570 

0.01320 

U-RK 

0.36700 

0.07144 

0.01280 

PR-WS 

0.33220 

0.07340 

0.01555 


W-RK = Wilson-Redlich-Kwong; U-RK = UNIQAC-Redlich- 
Kwong; PR-WS = Peng-Robison-Woo-Sandler mixing rules. 
"Green and Maloney (1997). 
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2 


(a) 

FIGURE 6.15 DePriester chart (Green and Maloney, 1997). K values for light hydrocarbon systems (a) at low temperatures and (b) at high 
temperatures. Reprinted with permission of McGraw-Hill. 

<Pf = 0.805049 
<pf = 0.921645 
n, = 0.97329 

n 2 = 1.022 

We are now prepared to describe the equilibrium state 
that under ideal conditions is reached in a single equilibrium 
stage, which is generally described in Figure 6.1 and in 
Figures 6.2 and 6.3 for the particular operations of gas 
absorption and stripping and flash vaporization and 
condensation. 

6.2.3 Gas Absorption and Stripping 

An equilibrium stage for gas absorption is illustrated in 
Figure 6.2. In the limit that the gas phase solvent (C) in 
insoluble in the liquid phase solvent (B) and the liquid phase 
solvent is nonvolatile, only the gas phase impurity crosses 
the gas-liquid interface. Under these circumstances, the 


equilibrium relation may be expressed in terms of mole 
fractions for A: 


y A = K A x A 


(6.66) 


where, for example. 


K a = 


YaPa\T) 

0A P 


(6.67) 


which neglects the Poynting correction factor and assumes that 
the pure component vapor is ideal at saturation. The integrity 
of the gas and liquid phases is otherwise maintained by 


Ta + Tc = 1 


(6.68) 


and 


+ x b = 1 


(6.69) 


respectively. 
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FIGURE 6.15 ( Continued ) 


If C is soluble in B or if B is volatile, the corresponding 
mole fraction stipulation must in general be replaced with a 
phase equilibrium expression analogous to that for A. When 
considering if this replacement is necessary, the following 
approximations may be helpful: 


• If the liquid solution is dilute, B is slightly volatile, and 
the gas phase is ideal, then 



• If C is slightly soluble in the liquid and the gas phase is 
ideal and consists mostly of C then 


xc 


P 

Yc p c i( J) 


(6.70) 


We are considering an equilibrium stage at a fixed temper- 
ature and pressure. The pressure may be fixed by the 
condition of the inlet streams or the pressure may be 
augmented with pumping and compression. The mechanical 
energy balance will be needed for these calculations. The 
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TABLE 6.11 Selected Solubility Data and Henry’s Constants in Water (Yaws, 1999) 


Substance 

Molecular 

Weight 

Boiling 
Point (K) 

Temperature 

(°C) 

Henry’s Law Constant 

Mole Fraction Basis: Mole Basis 

(atm/mole fraction) (atmm 3 /mol) 

Solubility Mass 
Basis (ppmw) 

Acetone 

58.08 

329.44 

25 

3.6505 

0.000065709 

1,000,000 

Acrolein 

56.064 

325.84 

20 

4.557 

0.000082025 

211,000 

Acrylic acid 

72.064 

414.15 

25 

0.022397 

4.0314E-07 

1,000,000 

Benzene 

78.114 

353.24 

25 

308.26 

0.0055486 

1,755 

n-Butyl mercaptan 

90.189 

371.61 

25 

499.32 

0.0089877 

600 

Carbon dioxide 

44.01 

194.67 

25 

1212.2 

0.02182 

1,950 

Carbon disulfide 

76.143 

319.37 

25 

5817.4 

0.10471 

1,879 

Carbon monoxide 

28.01 

81.7 

25 

63364 

1.1405 

23.77 

Carbon 

tetrachloride 

153.822 

349.79 

25 

1629.9 

0.029338 

785.7 

Chloroform 

119.377 

334.33 

25 

227.84 

0.0041011 

7,500 

Cumene 

120.194 

425.56 

25 

798.42 

0.014371 

50 

Cyclohexane 

84.161 

353.87 

25 

10785 

0.19412 

56.1 

n-Decane 

142.285 

447.3 

25 

285080 

5.1314 

0.052 

Diethylamine 

73.138 

328.6 

25 

3.9376 

0.000070875 

1,000,000 

Diethyl ether 

74.123 

307.58 

25 

45.412 

0.00081741 

60,880 

Dimethyl ether 

46.069 

248.31 

18 

36.909 

0.00066435 

65,180 

n-Dodecane 

170.338 

489.47 

25 

456190 

8.2113 

0.0037 

Ethane 

30.07 

184.55 

25 

26770 

0.48186 

60.4 

Ethyl acrylate 

100.117 

372.65 

25 

13.874 

0.00024973 

73720 

Ethylamine 

45.084 

289.73 

20 

1.4442 

0.000025995 

1,000,000 

Ethylene glycol 

62.068 

470.45 

25 

0.00010506 

1.891 IE— 09 

1,000,000 

Ethyl mercaptan 

62.136 

308.15 

25 

160.77 

0.0028938 

14,780 

1 -Heptene 

98.188 

366.79 

25 

22220 

0.39996 

18.16 

1 -Hexanol 

102.177 

430.15 

25 

1.1721 

0.000021097 

5,875 

Isopropanol 

60.096 

355.41 

25 

0.68936 

0.000012408 

1,000,000 

Methane 

16.043 

111.66 

25 

35356 

0.6364 

24.4 

Methanol 

32.042 

337.85 

25 

0.28851 

5.1932E— 06 

1,000,000 

Nitroglycerine 

227.088 

523 

20 

0.0054644 

9.8359E— 08 

1,380 

n-Pentane 

72.15 

309.22 

25 

70302 

1.2654 

38.5 

Phenol 

94.113 

454.99 

25 

0.042199 

7.5958E— 07 

80,190 

Propane 

44.096 

231.11 

25 

37998 

0.68396 

62.4 

Propylene 

42.081 

225.43 

25 

11313 

0.20363 

200 

Tetrahydrofuran 

72.107 

338 

20 

2.9242 

0.000052635 

1,000,000 

Vinyl acetate 

86.09 

345.65 

25 

27.631 

0.00049735 

25,530 

Vinyl chloride 

62.499 

259.78 

25 

1243.7 

0.022387 

2.697 

w-Xylene 

106.167 

412.27 

25 

376.53 

0.0067775 

174 

Note : Pressure in mmHg. 

Do not use for CO 

2 and H 2 S above 1 atm. ppmw — 

parts per million by weight; ppmm 

= parts per million by mole. 


energy balance may be solved separately to determine the 
heat duty required to maintain the specified temperature. We 
are concerned here only with the mass balances. 

6.2.3. 1 Mass Balance-Constant Total Flows Consider a 
single stage consisting of a stirred vessel with internals that 
distribute the gas, promote mixing, and minimize the quan- 
tity of liquid that is carried overhead. The situation is 
depicted in Figure 6.16. 

As implied in Figure 6.16, the total molar flow rates of 
the liquid and gas streams are assumed constant. The 
inevitable change is assumed to be a small fraction of 


the total flow. This assumption will be alleviated later. The 
liquid phase mole fractions are denoted by x and y denotes 
a gas phase mole fraction. These mole fractions pertain to 
any component so that every component is being absorbed 
or stripped. 

The degrees of freedom based for an equilibrium stage 
that satisfies the mass balances are computed as follows in 
terms of total molar flows and mass fractions: 

• Unknowns = 2 + 4 N c ( N c mole fractions in each 
stream and two flows) 

• Mass balances = N c 
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yW 



FIGURE 6.16 Single-stage gas absorption. 

• Mole fraction summations = 2 (2 are automatically 
satisfied by constant flow assumptions) 

• Equilibrium between outlet streams = N c 

Degrees of freedom = 2/V c 



x (°) = 0 x<i) 


X 


The degrees of freedom for a typical absorption problem are 
satisfied as follows: 

• Gas feed: flow (1) and mole fractions (N c — l) = N c 

• Solvent composition (mole fractions) =N C — l 

• Desired mole fraction of key component in gas 
product = 1 

Total specifications = 2/V c 

A mass (molar) balance on the key component is given by 

= (6J2) 

This result states that the outlet mole fractions lie on a straight 
line of slope — A/^ L /A/^ V that passes through the inlet point 
(* (0) , y (0) ). Refer to Figure 6.17. The straight line represents 
the material balance and is the called the “operating line” for 
the single stage. Equilibrium requires that the point represent- 
ing the outlet concentrations must also fall on the equilibrium 
curve. The intersection of the mass balance and the equili- 
brium curve is then provided by the value of y 1 1 ’, since this 
value is specified. 

The slope will give the liquid flow rate required to achieve 
the desired outlet mole fraction of the key component. This 
flow rate can then be used to determine the remaining mole 
fractions with the same graphical construction, except that 
the slope is known and the intersection with the equilibrium 
curve is unknown. If a component is being stripped, the input 
point will lie below the equilibrium curve. 

Note that the absorption of the key component increases 
with a relative increase of the liquid rate. However, the result 


FIGURE 6.17 Graphical solution for single equilibrium stage. 

is that more solvent must be treated before reuse in the 
absorption stage and the cost of this treatment increases with 
both the quantity of solvent and the dilution of the impurity. 
The reader might consider how to represent a second 
equilibrium stage in series with the first. 

We are presuming that that the equilibrium curve pri- 
marily depends of the concentration of a single species. If 
the equilibria can be expressed as a straight line, that is, 

y, = KjXj, Kj ss constant (6.73) 

Equation (6.72) can be solved for the outlet conditions: 


1 i 

+ A, 1 + Aj 


where <p Ai is the fraction of species i that is not absorbed and 
Aj is the absorption factor for species i defined by 



(6.75) 


Large values of A correspond to large absorption rates but 
also to large liquid flows and the unfavorable economics 
noted above. A reasonable practical compromise is approx- 
imately 1.4 (see Couper et al., 2005). 

For components that are stripped, the fraction not 
stripped follows from Equation (6.72) as 
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where <p s is the fraction of species i that is not absorbed and 
S, is the absorption factor for species i defined by 


, KiAf (V) 


(6.77) 


The stripping factor has an interpretation to the absorption 
factor and an optimal value of around 1.4 as well (see 
Couper et al., 2005). 

6. 2. 3. 2 Mass Balances — Nondiffusing Components If 
there are one or more components in each phase that do not 
cross the gas-liquid interface (see discussion in Section 6.2), 
their flows may be combined in each phase to provide a 
constant flow basis for the gas and liquid phases: 
andA/g , respectively. These flows will be referred to as 
the solvent flows. The solvent flows may be used in the 
mass balances instead of the total molar flows if the concen- 
tration measures are changed from mole fractions to mole 
ratios (see Section 2. 1 . 1 . 1 ). For example, consider the flow of a 
component i at the liquid inlet or outlet: 


v,-A/' (L) = 



Mole ratio = 

XUs = Xi 



a/- (L) 

_kes 


Flow rate of 


(6.78) 


nondiffusing 

components 

= a A 


The collection of indices for the nondiffusing components in 
the phase under consideration is denoted by S in each phase. 
Since the form remains the same, all of the results in the 
preceding section may be replaced with mole ratios and 
solvent flows. Changes in the total flows are of no conse- 
quence in this framework. However, the equilibrium relations 
must be transformed into the new system, which will not 
conserve linearity. For example, 

y = /(*) =► = / (y^) =► Y = F(X) (6.79) 


y(i) 


a 4 l) 


X (1) + 


y(0) 


K ] Y (0) 

. 


(6.81) 


is a straight line on Y—X coordinates. The fractions not 
absorbed or not stripped are transformed in a similar fashion. 
Note that the linearity in the equilibrium relation is preserved 
in the region where 


X < K '_ ] (6.82) 

The size of the vessel cannot be determined without addi- 
tional information such as an estimate of the gas residence 
time required for the gas and liquid stream to equilibrate. An 
approximate diameter may be calculated on the basis of 
limiting the superficial gas velocity to 0.25 ft/s based on 
the tank diameter (Treybal, 1980). 

Example 6.2.3.2-1: Acetone Absorption 

The acetone mole fraction in an air stream is to be reduced 
from 0.15 to 0.05 by contact with pure water in stirred 
tank. The unit will operate at 20 °C and 101 kPa pressure 
and may be assumed to be completely mixed. The NRLT 
parameters for acetone (1) in water (2) are given by 
(Aspen, 2000): 


An = 6.3981 B\i = — 3256.18 
A 2l = 0.0544 B 2 \ = 755.949 


where 


r, y = Ay + zy 7(°R) 
In Gjj = — 0.30r (/ 


Equilibrium data: 

Assuming an ideal gas phase and a nonideal liquid phase 
described by the activity coefficient model discussed above 
may be applied for acetone (1): 


where the phase equilibrium relation in terms of mole frac- 
tions is/and in terms of mole ratios is F. If the mole fraction 
relation is linear. 


_ yi Pf(T) 

y i - P 


y = Kx=>Y = 


KX 

1 + {k- Tjx 


The NRTL model for the activity coefficient is given in 
(6.80) Table 5.3. 


The operating line (material balance) for each diffusing 
species, 


X^T 2 lG2i | x\t\ 2 G\ 2 

(Xi + G21X2) 2 (X2 + G12X1) 2 
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The parameters are given by the equations above as 

T 12 = 0.2311 
T2i = 1.4861 
G n = 0.9330 
G 2 1 = 0.6403 

The vapor pressures at 20 °C are (Yaws et al., 2005) 

Pf = 3.545 psi 
Pf = 0.3393 psi 


so that 


Xi 

*2 

In Yi 

Ki 

.Vi 

0.0000 

1.0000 

1.7017 

5.4835 

0.0000 

0.0250 

0.9750 

1.5795 

4.8527 

0.0294 

0.0500 

0.9500 

1.4648 

4.3268 

0.0523 

0.0750 

0.9250 

1.3572 

3.8852 

0.0705 

0.1000 

0.9000 

1.2561 

3.5118 

0.0850 

0.1250 

0.8750 

1.1613 

3.1940 

0.0966 

0.1500 

0.8500 

1.0723 

2.9220 

0.1060 

0.1750 

0.8250 

0.9888 

2.6879 

0.1138 

0.2000 

0.8000 

0.9104 

2.4854 

0.1203 


These results are plotted in Figure 6.18. 

The slope of the mass balance can be interpreted as the 
ratio of the inlet liquid to the inlet gas flow since the liquid and 
gas flows are assumed to be the same at the inlet and outlet. To 
estimate the effect of this assumption, we can carry out the 
same calculations using mole ratios of acetone instead of 
mole fractions but retaining water as the nonvolatile liquid 


solvent and air as the insoluble gas phase solvent. The 
converted equilibrium data is 


Xl 

,Vl 

Y, 

F, 

0.0000 

0.0000 

0.0000 

0.0000 

0.0250 

0.0294 

0.0256 

0.0302 

0.0500 

0.0523 

0.0526 

0.0552 

0.0750 

0.0705 

0.0811 

0.0758 

0.1000 

0.0850 

0.1111 

0.0928 

0.1250 

0.0966 

0.1429 

0.1069 

0.1500 

0.1060 

0.1765 

0.1186 

0.1750 

0.1138 

0.2121 

0.1284 

0.2000 

0.1203 

0.2500 

0.1367 


Tu n = 0.176471 
Ft out = 0.052632 

See Figure 6.19. 

The ratio of the inlet flows is obtained by dividing the 
slope by (1 +0.176471) to give 0.2111 mol liquid/mol inlet 
gas. Consequently, it was indeed not necessary to consider a 
change in the liquid and gas rates due to the transfer of 
acetone. 

The mole fraction of water vapor may be estimated as 
0.3393/14.7 = 0.02308 (the vapor pressure of water is given 
above) or approximately 2%. Using Henry’s law (1/// for 
nitrogen =1.3 x 1 0 5 from Figure 6.20), the dissolved air in 
the exit water is approximately 1.3 x 1(T 5 (0.85)760 = 
0.0084 or less than 1 mol%. 

The water requirement is then 0.2105x454x(l/1000)x 
(1/3. 7854)x359x293/273 = 9.73 gal water/ft 3 gas. A much 
more efficient multistage arrangement is applied in Prob- 
lem 6.1. A large quantity of water is needed here because all 
of the solvent must contain the solute at a concentration in 
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x : mole fraction acetone in liquid 


FIGURE 6.18 Single-stage construction using mole fractions. 
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FIGURE 6.19 Single-stage construction using mole ratios. 
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equilibrium with the outlet gas, which is, by the nature of the 
problem, quite low. 

Example 6.2.3.2-2: Determine the Solvent Requirements 
for Single-Stage Version of Tower 302: Off-Gas Absorber 
in Acrylic Acid Process 

The exit stream from the acrylic acid reactor is rapidly 
quenched to prevent deeper oxidation to side products 
(refer to Section 1.2.3). The product stream is subsequently 
contacted in T-302 with an aqueous solvent to separate the 
acid solution from the light gases. Refer to Figure 6.21. 

The stream temperatures are considerably different so 
that a nonisothermal analysis is called for but we will 
assume isothermal conditions at 30 °C and 29psia for 
illustration. The problem is to select a water rate required 
to remove the light gases and retain the acids in the exit 
solvent stream. 

The infinite dilution activity coefficients for acetic and 
acrylic acid are 2.8256 and 4.2563, respectively. These 
values were obtained from Aspen Plus using the UNIQUAC 
model with UN1FAC estimation. 



FIGURE 6.20 Henry’s law ( P, = H,x,) parameter. Reprinted 
from Hougen et al. (1954) with permission of John Wiley. 


FIGURE 6.21 Tower T-302. Reprinted with permission of Pearson. 
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Solution: 

We will assume that propylene, nitrogen, oxygen, and 
carbon dioxide follow Henry’s law that the water and acids 
are ideal is ideal, and that the acids are corrected with the 
activity coefficients at infinite dilution. 

Equation (6.74) is applied in the following table to 
estimate the fraction not absorbed for each component. 
The calculations are carried out with the suggested value 
of the optimal absorption factor. This value primarily applies 
to multistage operations and is seen here to be totally 
inadequate for the single stage leaving more than 405 of 
the acetic acid in the gas phase and approximately a quarter 
of the acrylic acid. 


Care must be taken to include all of the equipment in the 
process flow diagram, especially in process simulators. 
The value of Q, for example, refers to the heat exchanger. 
The value of Q for the drum is most often zero. 

There are a number of common problems associated with the 
flash operation. These are defined by the nature of the process 
specifications that are used to satisfy the degrees of freedom 
resulting from the application of the mass and energy balances 
and the conditions of phase equilibrium. The number of vari- 
ables is 3(Nq + 3) + 1 , three streams each with a flow, a temper- 
ature, and pressure, and C mole fractions, and the heat duty. The 
temperature ( T) and pressure (P) of streams L and V are equal in 
Figure 6.22, which anticipates the application of thermal and 
mechanical equilibrium and which will be imposed below. 



l/H @ 30 °C mole 

P sat (30 °C) 








Species 

fraction/atm" 

psia* 

yoo 

K 



(0) 

y) 

A 

<pAi 

n 

a 

ON 

8.84E-05 



5734.7726 

0.00 

14.7000 

0.0109 

9.4717E-06 

1.0000 

n 2 

1.10E-05 



46081.5047 

0.00 

1056.7000 

0.7865 

1.1787E— 06 

1.0000 

o 2 

2.10E-05 



24137.9310 

0.00 

51.9000 

0.0386 

2.2503E— 06 

1.0000 

co 2 

5.30E-04 



956.4086 

0.00 

60.5000 

0.0450 

5.6793E— 05 

0.9999 

h 2 o 


0.6165 


0.0213 

1.00 

150.1000 

0.1117 

2.555 1E+00 

0.2813 

HAc 


0.3982 

2.8256 

0.0388 

0.00 

1.6100 

0.0012 

1.4000 

0.4167 

HAcr 


0.1006 

4.7563 

0.0165 

0.00 

7.9700 

0.0059 

3.2921 

0.2330 

" See Figure 6.20. 
h See Appendix C. 


Increasing the solvent rate by a factor of approximately 

15 still leaves a substantial amount of the acids in the gas 
phase. 

Species 

l/H @ 30 °C mole 
fraction/atm" 

P sat (30 °C) 
psia* 

yoo 

K 

*< 0) 

y< 0) W tV) 

(0) 

y) 

A 

1 PAi 

c 3 h 6 

8.84E-05 



5734.7726 

0.00 

14.7000 

0.0109 

1.3531E— 04 

0.9999 

n 2 

1.10E-05 



46081.5047 

0.00 

1056.7000 

0.7865 

1.6839E-05 

1.0000 

o 2 

2.10E-05 



24137.9310 

0.00 

51.9000 

0.0386 

3.2147E— 05 

1.0000 

co 2 

5.30E— 04 



956.4086 

0.00 

60.5000 

0.0450 

8.1134E-04 

0.9992 

h 2 o 


0.6165 


0.0213 

1.00 

150.1000 

0.1117 

3.6501E+01 

0.0267 

HAc 


0.3982 

2.8256 

0.0388 

0.00 

1.6100 

0.0012 

20.0000 

0.0476 

HAcr 


0.1006 

4.7563 

0.0165 

0.00 

7.9700 

0.0059 

47.0300 

0.0208 


“ See Figure 6.20. 
h See Appendix C. 


6.3 FLASH VAPORIZATION 

The flash vaporization unit includes the equipment for 
vaporizing the mixture, achieving the pressure reduction, 
and separating the resulting two-phase mixture. The short- 
hand configuration used in Figure 6.3 does not include these 
items. A more detailed view is shown in Figure 6.22 as well 
its relation to the short-hand version. 


6.3.1 Mass Balances 

We have cut the F, L, V, and Q lines with the envelope that 
defines the equilibrium stage and the boundary for the 
material balance. The heat transfer medium will not affect 
the material balance since it does not communicate with the 
process. If we take the expansion across the valve as 
adiabatic, any Q that we calculate will be assigned to the 
heat exchanger design. The material balance for C 
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FIGURE 6.22 Short-hand representation of flash vaporization. 


components can then be written in molar units as 

4 F V (F) = x| L W (L) + x,- V) A/" (v) , i = 1, 2, . . . ,N C 

(6.83) 

where 

Nc Nq Nc 

E*i L, = >. = 1. £*T = 1 (6.84) 

i= 1 i= 1 i= 1 

The number of mass balances and mole faction relations is 
N c + 3. 

6.3.2 Energy Balance 

Kinetic and potential energies are not important in these 
circumstances and there is no work performed within the 
boundaries that we have defined. Consequently, the energy 
balance in Equation (3.91) reduces in molar units to 

H (F) AT (F) + Q = ff (v) A/' (v) + //( l) AC (L) (6.85) 

The stream enthalpies are presumed to be known functions 
of the stream variables (see the discussion of departure 
functions in Chapter 3) and therefore do not in themselves 
introduce any new variables. The energy balance brings the 
total equations to Nc + 4. 

6.3.3 Equilibrium 

We are assuming that the heat and mass transfer rates are 
sufficiently high, and therefore that the mixing process in the 
unit are sufficiently effective so that the conditions of 
streams L and V satisfy the thermodynamic conditions of 


thermal, mechanical, and chemical equilibrium. This means, 
respectively, that in addition to the temperatures and pres- 
sures of the two streams being equal, the chemical potential 
of each component is the same in the two streams. We have 
learned how to express the equality of chemical potentials in 
terms of the distribution coefficient: 

x| V) = ^,:(x (L) , x< v > , T, P)x| L) , i=l,2,...,N c (6.86) 

The equality of chemical potentials has been expressed as 
the proportionality of the liquid and vapor mole fractions as 
discussed above. These equilibrium expressions increase the 
number of equations by N c + 2 to give 2N C + 6. 

The number of unknowns is 3N C + 1 0 so that N c + 4 
specifications are needed. 

If the feed is completely known, an additional N c + 2 
specifications are available leaving two degrees of freedom. 
This implies that if any two of the following variables or 
relations between them are specified, the equations listed 
above can be used to determine the others: 
r,P,x( L ),x( v ),7V (V) ,A/' (L) , and Q. 

6.3.4 Common Problem Specifications 

Although it is arbitrary how we set the degrees of freedom, 
some combinations arise much more than others. A list of 
common problem specifications is given below (Seader and 
Henley, 2006): 


1. 

Af {V) /W (F) — 0, P 

Bubble-point temperature 

2. 

A/’ (V) /A/’ (F) - l.P 

Dew-point temperature 

3. 

W' {V) /W (F) - 0, T 

Bubble-point pressure 

4. 

Af (v) /W (F) = 1, T 

Dew-point pressure 

5. 

T,P 

Isothermal flash 

6. 

<2 = 0, p 

Adiabatic flash 

7. 

Q,P 

Nonadiabatic flash 

8. 

Af (v) /Af (F) 

Percent vaporization flash 


The first four specifications refer to bubble- and dew- 
point calculations. A discussion of bubble and dew points 
may be found in Section 6.2.1, which includes a graphical 
illustration in Figure 6.4. The operating temperature must be 
between the bubble and dew points of the feed. If the dew 
point is exceeded, a superheated vapor will result with no 
liquid. If the bubble point is not reached, a subcooled liquid 
will result with no vapor. The calculation of bubble and dew 
points will be incorporated in the calculations for flash 
vaporization as they correspond to the onset of the con- 
ditions of no vapor or no liquid flow (at equilibrium). 

The specification of a vapor fraction of one, for example, in 
the current context, does not include the possibility of a 
superheated vapor (refer to Section 6.2.1). The current context 
calls for saturated outputs so that an infinitesimally small 
amount of liquid must remain to form the equilibrium liquid 
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phase. The vapor has the feed composition in this case. The 
fifth and eighth specifications consider operating conditions 
within the boundaries determined by the first four. 

All of the specifications thus far mentioned refer to the 
drum feed stream (unlabelled in Figure 6.22) and must be 
achieved by the action of the heat exchanger and valve on 
the feed stream 77 Specification 7 is primarily on the input 
side of the heat exchanger. 

We will consider some applications from the first five 
categories. It will be convenient to adopt the notation used in 
the discussion of vapor-liquid equilibrium in Section 6.2. 1 : 


Xi = x 


(L) 


»■ = X} 


(V) 


i= 1,2,... (Vc 


(6.87) 


Zi = X, 


(F) 


Since the distribution coefficients are positive increasing 
functions of temperature, we can define a temperature for 
each component where the value of K is 1 : 


TpK,{J,,P) = \ (6.89) 

If Tmax and 7 mm are the temperatures above which and below 
which all of the K's are greater or less than 1, respectively, it 
follows that 

Min {77} = T min 

Max {77} = T max (6 ’ 90) 

i 

Consequently, 


T min -< Tb A T lt -< -^max (6.91) 


The input stream to the drum will be referred to as the feed. 

6.3.5 Distribution Function — Limitations 

We will consider cases where the distribution function 
depends only on the temperature and pressure, either 
because of the problem specifications or the assumed phase 
behavior of the mixture. A summary is given in Table 6.12. 

The form of the equilibrium relation expressed in 
Table 6.12 will be used in all of the flash vaporization 
calculation that remain in this section 

6.3.6 Bounds on Bubble and Dew Points 

It is very useful to be aware of the bounds on the bubble and 
dew points. We can bracket the bubble and dew points for K, 
a function of T and P as follows. In all VLE applications, the 
sum of the vapor mole fractions must be one, so that 

N c 

Y J Ki{T,P)x i = 1 ( 6 . 88 ) 

1=1 

Since the mole fractions are positive and between 0 and 1, it 
is not possible for all of the distribution coefficients in 
Equation (6.88) to be either greater than 1 or less than 1. 
We can use this fact to determine an allowable range of 
temperatures for Equation (6.87) 


Note that if either the bubble point or the dew point is 
available, it may be used as a bound for the other. 

6.3.7 Solution for = 0, P — Bubble-Point 

Temperature 

Under these conditions, the liquid will be at the feed 
composition and flow rate, a trivial solution of the mass 
balance under the above conditions. Substitution of the 
equilibrium conditions into the vapor mole fraction summa- 
tion gives 

N c 

Y J K i (T,P)z i =\ (6.92) 

i— 1 

The Nc equilibrium relations and Equation (6.92) are the 
N c + 1 equations needed for the vapor mole fractions and 
the bubble-point temperature. A graphical representation of 
the problem for the binary case is given in Figure 6.23. 

The problem amounts to finding the root of the following 
nonlinear function: 

N c 

f{T) = Y j K i {T,P)z i -\ (6.93) 

1=1 

The root can be bounded by the method described above, 
which can greatly facilitate the calculations, whatever 
numerical technique is used. 


TABLE 6.12 Conditions Where y = K(P, T)x: Application to Flash Specifications 


Liquid Phase 

Gas Phase 

K Variables 

Specifications 

Ideal 

Ideal 

T,P 

All 

Ideal solution 

Nonideal 

y, T, P — y given 

Dew-point calculations: 2, 4 

Nonideal 

Ideal solutions 

x, T, P — x given 

Bubble-point calculations: 1, 3 

Nonideal 

Nonideal 

x, y, T , P — x and y given 

Iterative calculations where x and 
y taken from previous trials 

Weak dependence on 
concentration 

Weak dependence on 
concentration 

T, P (DePriester charts — Figures 6.15 
and 6.26) 

All 
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FIGURE 6.23 Bubble-point temperature problem for a binary 
system. 

Example 6.3.7- 1: Calculate the Bubble Point of the 
Following Mixture at 2 atm 


Assume ideal behavior. 


Component 

Mole Fraction 

Vapor Pressure 
at 80 °C (kPa) 

“/,c 3 h 8 

ch 4 

0.20 

3000 

333.33 

c,h 6 

0.20 

9 

1.000 

c 3 h 8 

0.35 

7 

0.78 

C 4 H,o 

0.25 

0.55 

0.061 


The relative volatility values indicate that it would not be 
difficult to remove most of the benzene in a single flash 
without significant losses of the other components. See 
Example 6.3.9- 1. 


Form distribution coefficient — ideal case; P in atm 
P sM (i T) 

K(i, T) = y- 1 - x 9.869233 x 1CT 6 

Bounds on equilibrium temperature ( K) 

^(l, t) — 1 = 0, Solution is Tj = 120.81 = T mm 

K{ 2, T) — 1 = 0, Solution is 712 = 233.46 

K( 3, T) — 1 = 0, Solution is T 3 = 248.06 

K( 4, T) - 1 = 0, Solution is T 4 = 292.35 = T max 

Solve for bubble point 

1=4 

f(T)='£ K (i,T)z i , l - 1 
1-1 

rA ? 20 = 293)}- Solu,i ™' s;r = 149 42 

7=4 

£ tf(i, 149.42)^-1 = 1.0 Checks! 

i - 1 

Check range of vapor pressure validity. See reference 
above. 


Species 


Range 


ch 4 

90.69 


190.56 

c 3 h 6 

87.89 


365.57 

c 3 h 8 

85.47 


369.83 

C 4 H,o 

134.86 


425.12 


Solution: 

Feed composition — species ordered as listed in preceding 
table: 


0.2 

0.2 

0.35 

0.25 


,P = 2 atm 


Example 6.3.7-2: Saturation Temperature for IP A— 

Water System 

Calculate the equilibrium or saturation temperature at 1 atm 
in the IPA-water system at a liquid mole fraction of 0. 1 1 8 
for IPA. Use the data and activity coefficients from Example 
6 . 2 . 2 . 2 . 1 - 1 . 

Solution: 


Vapor pressure data (Green and Maloney, 1997); P in Pa, T 


in K 



39.205 

-1324.4 

-3.4366 

3.10195 x 10~ 5 

2 

57.263 

-3382.4 

-5.7077 

1.0431 x 10- 5 

2 

59.078 

-3492.6 

-6.0669 

1.0919 x 10- 5 

2 

66.343 

-4363.2 

-7.046 

0.94509 x 10~ 5 

2 


P sat (/, T) = exp(c u + C ~Y + c u 3 x In T + c lA x r c ‘- 5 ) 


Activity coefficients and vapor pressures from Example 

6 . 2 . 2 . 2 . 1 - 1 : 


Yi( x ) = 


1 


x + 0.10603 


exp ( 1 — x) 


0.10603 


0.69852 


0.89397 x + 0.10603 1 - 0.30148x) 
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y 2 (x) = 


1 


x exp x 


1 — x + 0 . 69852 + 

0.69852 


0.10603 


1 - x + 0.69852x x + 0.10603(1 - x) 


Pf(T) = exp 25.017- 


8010.6 
80.078 + T 


Pf{T) = exp 18.485 - 


3922.0 
—42.25 + T 



Bounds on bubble and dew points at x = 0.118: 
p^i(p) 

K i = y, (0.01 18) = 1, Solutionisr = 306.38 

psat( p\ 

K 2 = y ? (0.118) 2 v ; = 1, Solution isT= 371.44 
’ 760 

Iteration function 

f(x, T) = Yi{x)x P ^- + y 2 (x) ( 1 - x) - 1 
m ' 760 2V A ' 760 

Solution for x = 0. 1 18 


FIGURE 6.24 Dew-point temperature problem for a binary 
system. 


Example 6.3.8- 1: Calculate the Dew Point of the Mixture 
in the Preceding Example 


Assume ideal behavior. 
Solve for dew point: 


S(T) = E 


Zj 

Ki(T) 


g(T) = 0 


120 < T < 293 


T = 263.16; 


/(0.0118, r) = o 1 

Solution is {T = 367.38) 

re (306,371) J 

Experimental value = 366.16 K. Check some other points. 


£- 


Zi 


= 0.99985 Checks! 


-tUT) 

Check range of vapor pressure validity. See reference above. 


6.3.8 Solution: for A/’ (V) /A / ’ (F) = 1, P Specified: 
Dew-Point Temperature 

The vapor will be at the flow rate and composition of the 
feed, a trivial solution of the mass balance. The liquid mole 
fraction summation and equilibrium condition gives the 
N c + 1 equations needed for the liquid mole fractions and 
the dew-point temperature. The calculations are similar to 
those for the bubble point. A graphical summary for the 
binary case is given in Figure 6.24. 

Again, the problem amounts to finding the root of a 
nonlinear algebraic equation for the temperature: 


N c 


f ( T ) = £*<■- 1 = £ 


i Ki(x,y, T, P) 


- 1 


(6.94) 


Species 

7min (K) 

Tmax (K) 

ch 4 

90.69 

190.56 

c 3 h 6 

87.89 

365.57 

c 3 h 8 

85.47 

369.83 

C 4 H, 0 

134.86 

425.12 


The solution is out of vapor pressure range for methane. 
What is the next step? 

The next example is again concerned with calculating the 
dew point of a mixture but with an equation of state. 

Example 6.3.8-2: Calculate the Dew Point of an 
Equimolar Mixture of Propylene and Isobutane at 20 atm 
Assuming an Ideal Liquid and Application of the Peng- 
Robinson Equation of State for the Vapor 


The root can be bounded by the temperatures shown in Physical properties: 

Equation (6.90). Note that the bubble point could be used if it 

were available. 1 = propylene (C 3 H 6 ); 2 = isobutane (C 4 H I0 ) 
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1 

2 

T c (K) 

365 

408 

P c (atm) 

45.60 

36.00 

CO 

0.148 

0.176 

Vl (G/L) 

612 

557 

7-ref (K) 

223 

293 


k \2 = —0.014 (see Table 2.5) 

Pf(T) = 1 exp 0.2495796 x 10 4 

1 1 ' 101.325 F \ 


a(T) = \\ + 2yfc(T) V^(T)(1.014) 

+ y/a 2 (T)y/a 2 (T)) 

b= l -(b l + b 2 ) 

f<<Z ’ T ^ = Z - (bP/RT) 

a(T) 

p((RT/P)zj + 2b{RT/P)Z - b 2 ^ - 1 
Component fugacity coefficients (Table 6.3): 


0.1179981 x 10 6 
+ T+ 0.9407885 x 100 


0.8528422T 


M-J) 


exp(Z — 1 ) y- — In ( Z 



+ 0.4267405 x 10 3 In T + 0.00035782867’ 2 


Pf(T) = 


1 


101,325 


exp - 0.2280513 x 10 4 


0.1370518 x 10 b 


- 0.46894867’ 


T+ 0.1219671 x 1000 
+ 0.3691451 x 10 3 lnr + 0.137195 x lO^T 3 

R = 0.082061 atm/ (mol K) 

P = 20 atm 


a(T) ( ^^^(f)+^(f)^T) b r \ 
2-JlRTb y a(T) b J 

ln f z + (l + V2)(20b/RT) \ 

n \Z + (1 - V2)(20b/RT)J 

M Z , T ) = exp(Z — l)|-ln(z-^ 

a{T ) ( y/a 2 iX) yW(T) + ja 2 {J) j a 2 {T ) Z> 2 \ 

2\flRTb y a(T) b J 


f Z + (1 + V2)(20b/RT) \ 
\Z+(l-V2)(20b/RT)J 


1 = 


Equation of state: Peng-Robinson (Table 2.1). 

a{T) 


1 


Z - (bP/RT) p(^[RT/p)Z) 2 + 2b{RT/P)Z - Zr) 


t(w) = 0.37464 + 1.5422 co - 0.26992 or 


a\(T) = 0.45724 




, N r 2 408 2 f ( n r \ , 

a 2 {T) = 0.45724 — 1 + 1 - a(0.176) 


b\ = 0.07780 


365 R 
45.60 


b 2 = 0.07780 


40877 

36 


Pure component fugacity coefficients pressure = § 


<Pi (+ T,%) = exp(z — 1) -ln( z-|y 


Ch(T) ln / r+(l + V2)(Z>^/77r) \ 
2\[2RTb\ n lz+(l -V2)(b^/RT)J 


<Pi(z, T, |) = exp(z - 1) - ln ( z - ^ 


fl 2 (r) ln ( g + (1 + V2)(b 2 %/RT) \ 
' 2\[2RTb 2 n 1 z + (1 - V2)(b 2 i;/RT ) J 


Iteration function for dew point: 

Use distribution coefficient expression from Figure 6.1 
assuming liquid is an ideal solution: 


Ki = 


rt(T,Pf(T))Pf(T) 

l v P 

<t>i 


exp 


Rf J V ^ P \ 

Pf(T) 
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The iteration function for an equimolar vapor is then as 
follows: 

Assume the Poynting correction factor = 1 . Check value 
at end of calculations: 

Set r v = V and z L = L 

( 20 

/.(V, L, T) = 0.5 (»i(V, T) - — - - (r))f , (r) 

+02(V ’ 7 'Vj(i,Li>j(7-))P 2 (T)) " ‘ 

where is the fugacity coefficient of the pure liquid. 
Calculation procedure: 

1. Assume a value for T between saturation temperatures 
at 20 atm. 

2. Compute value of z for liquid and vapor using 
for the vapor and 

for the liquid. See Figure 6.25 to 

rationalize the ranges. 

3. Calculate new value for T with 

4. Repeat until value of temperature converges. 
Calculation results: 





2 

f(z) 1 

0 

-1 

-2 

FIGURE 6.25 Roots of typical isotherm for Peng-Robinson 
equation of state. 

Fugacity coefficients: 

Vapor: 

0! (0.64075, 342.94) =0.82315 
0 2 (0.64075, 342.94) = 0.67104 

Liquid: 

0! (0.077029, 342.94) = 1.0658 

0 2 (O.O77O29,342.94) = 0.46904 

Example 6.3.8-3: Repeat Example 63.8-2 but Use the 
DePriester Charts to Formulate the Equilibrium Relations 

Read two values from the chart in Figure 6.15b and deter- 
mine constants in In K=A/T+B for each component. 

Recall that component 1 is propylene and component 2 is 
isobutane. 



T 

z v 

z L 

Tnew 

347.5 

0.663 78 

0.078625 

343.28 

343.28 

0.642 60 

0.07713 5 

342.97 

342.97 

0.640 90 

0.07703 8 

343.1 

343.1 

0.641 95 

0.07709 7 

342.96 

342.96 

0.640 86 

0.07703 5 

342.94 

342.94 

0.640 75 

0.07 02 9 

342.94 


Values at dew point: 

Poynting correction factor: 

n 1 (r,v) = exp^v(20-p 1 (r)^ 



Solution is {A 2 = —18583, B 2 = 27.176, Ai = —3699.1, 
Bi = 6.2465}: 


n 2 (r, V) = exp( — V(20 — p 2 (t) 


K\(T) = exp 


-3699.1 


6.2465 


ni(343.94, 42.08/612) = 0.97349 
n 2 (343.94, 58.124/557) = 1.034 


K 2 {T) = exp 


/ — 18583 
\T + 460 
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f( J) Q - 5 {^ Kx{T ) + k 2 (T)) 1 

A'i(f) = 1, Solution is t = 132.19 
Ki(t) = 1, Solution is {? = 223.8} 

, Solution is T = 213.29 °F = 213 f 9 ~ 32 + 

273.16 = 373.88 K 

This temperature is close but outside the range of the two 
data points. Repeat the example with points in a higher range 
and compare the result with that obtained in Example 6. 3. 8-2. 

6.3.9 Solution for T, P Specified: Isothermal Flash 

The liquid fraction in this case may be eliminated from the 
mass balance since the vapor and liquid fractions must sum 
to 1. The vapor phase mole fractions may be removed by 
using the equilibrium conditions. The results are that 

Xi = 7= (6.95) 

i + (Ar (v) /Ar iF] )[K,{T,p) - 1] 

and therefore that 


f{T) = 0 
T G (130, 224) 


y t = KjXj = 


Ki(T,P)zj 

i + (A/' (v) /A/' tF) )[^ i -(r,p) - i] 


(6.96) 


Since the mole fractions must sum to 1 and the distribution 
functions are known, either one of these results may be used to 
form a single nonlinear function of the vapor fraction 
(i? = A representing the difference between the 
sum and unity. However, better convergence properties are 
obtained ; if use is made instead, then the difference must vanish: 


xp [Kj(T,P)- l)=i 
jrf 1 + &[Ki{T,P) - 1 ] 


(6.97) 


The unknown is i7, the vapor fraction in Equation (6.97). In this 
case, determination of ■& gives the vapor and liquid mole 
fractions from the preceding two equations. The heat duty and 
liquid faction are given by 


Af (h) /Af {F) = 1 - (6.98) 

and 

+ (6.99) 

Af (F) 

The conditions under which there is a fractional solution for 
the vapor fraction may be derived as follows (although we 


know the result!). Note that 


g(&) = 


1=1 


[Kj(T,P) - !]--■ 

i + 0[*/(r,,p)- l] 


( 6 . 100 ) 


The function g is a monotonic decreasing function since all of 
the terms that make up its derivative are negative: 


g'W 


xp \K i (T,P)-l} 2 z i <Q 
i=\ {1 + ^[Ki(T,P) — l]} 2 _ 


(6.101) 


The conditions for the fractional solution (in the [0,1] range) 
are therefore 


Nc N c 

8(0) = - 1 ) Zi = Y J K i (T,P)z i - 1 > 0 (6.102) 

/—I i= 1 

or the temperature must be greater than the bubble point of the 
feed and 


i=i < i= l 


2; 


Hk,(t,p) 


<0 (6.103) 


or the temperature must be less than the dew point of the feed. 
The possibilities are illustrated in Figure 6.26. 

The problem is therefore to find the root of g over the unit 
interval after determining that the root exists. If the test fails 
at the origin, g( 0) < 0, the solution is that a subcooled liquid 
results. If the test fails at unity, g(l)>0, the solution is a 
superheated vapor with the feed composition. 



0 * 1 


FIGURE 6.26 Behavior of objective function for determining 
vapor fraction. 
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Example 6.3.9- 1: Isothermal Flash Calculation 


Flash the mixture given in Example 6.3.7- 1 at 2 atm. Find a 
temperature where the mole fraction of methane in the gas 
phase is greater than 0.99. Again assume ideal behavior. 
Check on the vapor content at conditions in Example 6.3.7- 1 : 


1. Formulate K function from vapor pressure data. 


. , 9.869233 x 10-6 

K(i,T)= exp 


+CiAT Cl ’ 5 


Cm +~Y~ + Cij In T 


2 . 


Formulate g function and solve for current (T = 190) 
split 


1=4 


g($) = 


i= 1 


[K(i,T) - l]z iA 
1 + 0[K(i, T) - 1] 


T-303 



FIGURE 6.27 Acid extraction Tower 300. Reprinted with per- 
mission of Pearson. 


g(0) = 3.4921 


g(l) = -67.188 


§ = 0.17247 

K(i,T) r u y(l) = 0.9545 

m [1 + T) - 1)] 


Try lower T (say, 170) will condense less methane because 
of high volatility. 

0 = 0.12582 
y(l) = 0.99076 

Check that the solution is in the range of vapor pressure 
data (equations): 

The following are the results are from a rigorous process 
simulator — Aspen Plus. The Peng-Robinson equation of 
state with Boston-Mathias modifications was used for 
both the liquid and gas phases. 

Aspen Plus results for Example 6.3.9- 1 


m 

0.79249 E - 01 
0.22991 
0.40268 
0.28816 
Vapor fraction 


T(l) 

0.99038 
0.42394 E - 02 
0.51703 E- 02 
0.21494 E- 03 


m 

12.497 

0.18440 E- 01 
0.12840 E- 01 
0.74589 E - 03 
0.13253 


Example 6.3.9-2: Flash of the Extract from the Acid 
Extractor ( Tower 303), Stream 13 

Refer to Figure 6.27. The objective is to return the DIPE 
solvent to the extractor and to subsequently separate the 
acrylic and acetic acid products. 

Flash vaporization is to be considered as a first step in 
meeting this objective. Because of the reactive properties of 
acrylic acid, the flash is to be evaluated at 90 °C and at a 
more conservative value of 40 °C. At least 90% of the DIPE 
in the feed stream 13 is to be taken overhead in the vapor 
product. 

The isothermal flash solution may be used in a trial-and- 
error fashion by fixing the temperature and iterating on 
pressure until the desired split is achieved. Raoult’s law 
will be used since the pressures will be low: 


Component 1 = diisopropyl ether 
Component 2 = water 
Component 3 = acetic acid 
Component 4 = acrylic acid 


Vapor pressure data — see Appendix C: 



15.9552 

-2.0276 x 10+ 03 

-2.8551 

2.7660 x 10~ 04 

-9.9111 x 10~ 14 

2.9861 x 10+ 01 

-3.1522 x 10+ 03 

-7.3037 

2.4247 x 10-° 9 

1.8090 x 10~° 6 

2.8376 x 10+ 01 

-2.9734 x 10+ 03 

-7.0320 

-1.5051 x 10~° 9 

2.1806 x 10~° 6 

2.3067 x 10+ 01 

-3.1437 x 10+ 03 

-4.8813 

4.3690 x 10~° 4 

-4.9161 x 10~ 13 
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where the vapor pressure in mmHg is given by 


p i y j __ 1Q W ' ; i+ fl (,2/T+a/,3 l°gio 


where T is in K nits. 

Ideal distribution coefficient and feed rates: 


Solve isothermal flash equation over allowable pres- 
sure range until 90% condition on DIPE is attained. 

Solution: 


n = 0.2 


n 


*(;,r,n) = P(;,D/ _ 


where IT is the applied pressure in bar. 


x 760 


Af (13) 


z{i) = 


198.8 

6.08 
86.81 

aC 

N (n) 


Flash equations: 


1 1 ^ j^(\ + #(K(i, r,n) - 1 ) 

K{i, r, n)z(i) 


y(i, T n) = 


i + *(*(/, r,n)-i) 


# = 0.83216 


n = -K 1 ^ 7 } 11 )^ = 0.90133 


r(l) 


A7:' 3) kmol/h 

(=i 

y 

/ 

T 

2 

3 

1 

, &, t . n 

& F = 1324.1 

[1299.51 



4 

) 



(b) Say T=90°C 


0.88457 
9.7166 x 10~ 2 
2.4647 x 10~ 3 
0.0158 


n = i .28 

#= 0.85853 



1 171 . 3 ’ 


' 1299 . 5 " 


128.66 


198.8 


3.2635 


6.08 


20.921 


86.81 


^ v(i,#, r,rn# 

n = • v ’ = 0.90198 


V L 4 J 




, #, j, n 


r(l) 


■&F= 1366.1 


0.85802 
0.11191 
2.9054 x 10~ 3 
2.7172 x 10^ 2 



'1172. r 


152.88 


3.9691 


37.120 


x(i, #, r, n) = 


z(i) 


i + #(K(i,T,n)~ i) 

Fraction of feed appearing in vapor product: 

y(l)# 

for component 1 = ' = fl 

r(l) 

Set flash temperature and determine pressure by trial and 
error that will take 90% of the DIPE overhead. 

(a) Say T=4Q °C 

T = 273.16 + 40 

Solve following for pressure range (set j = 1, 2, 3, 4): 


K(j,T,U ) = 1 

n e (o.oi, io) 

0.012809 < n < 0.36848 


The required pressures are therefore 0.20 bar and 1.28 bar, 
corresponding to 40 and 90 °C operating temperatures. In 
the first case, the vapor contains 54% of the acetic acid in the 
feed and 24% of the acrylic acid in addition to 90% of 
the DIPE. In the second case where the pressure is higher, 
65% of the acetic acid is in the vapor and 43% of the acrylic 
acid as well as 90% of the DIPE. The difference in vapor 
pressures is not sufficient to provide a good separation in one 
step. 

Note that the pressure has no effect on the separation 
factor for the ideal case: 

_ yi/yj _ Pi 

11 Xi/Xj Pj 

The preceding problem was also solved using Aspen Plus 
with the UNIQUAC model for the liquid phase under an 
ideal vapor phase. The pressures obtained were 0.23 and 
1.38 bar, respectively, which are close to the values obtained 
above. The vapor and liquid compositions and flows from 
the Aspen simulation are shown below for comparison. 
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Aspen Plus Results for Example 6.3.9-2 





T=90 °C 


T=40°C 


Feed 

Vapor 

Liquid 

Vapor 

Liquid 

Mole flow (kmol/h) 
DIISO-01 

1299.5 

1170.027 

129.4729 

1169.591 

129.9088 

Water 

198.8 

182.6619 

16.13811 

165.47 

33.33001 

ACETI-01 

6.08 

3.273491 

2.806509 

2.312824 

3.767176 

ACRYL-01 

86.81 

19.71348 

67.09652 

8.318573 

78.49143 

Mole fraction 

DIISO-01 

0.8166844 

0.8505107 

0.6007631 

8.69E-01 

0.5291656 

Water 

0.1249379 

0.1327797 

0.0748819 

0.1229627 

0.1357652 

ACETI-01 

3.82E-03 

2.38E-03 

0.0130224 

1.72E-03 

0.015345 

ACRYL-01 

0.0545566 

0.01433 

0.3113325 

6.18E-03 

0.3197241 

Total flow (kmol/h) 

1591.19 

1375.676 

215.514 

1345.693 

245.4974 

Pressure (atm) 

1 

1.32987 

1.32987 

0.2273336 

0.2273336 


6.3.10 General Isothermal Flash Iteration 

In the more general case, the distribution function depends 
on composition and the preceding algorithm will not work as 
it stands. A problem is that we do not know the values of x 
and y to use in the distribution function. We can, however, 
calculate approximate values by carrying out the flash, 
assuming Raoult’s law applies. These values can be used 
in the first trial to calculate the K values in the iterations for 
the vapor fraction. Refer to Figure 6.28. 

Based on the value of the vapor fraction, new values of x 
and y can be calculated, still using the assumed values to 
calculate the K’s. If the new values agree with the old, we 
effectively have a solution to the problem by using the 
correct values in the iterations or the vapor fraction. Other- 
wise, we can replace the old values with the new and repeat 
the same procedure until the mole fractions agree. Detailed 
algorithms are available for a variety of applications [see, for 
example. King (1980) and Sandler (1999)]. 

6.3.11 Sizing of Flash Drum 

The following heuristics (Couper et al., 2005) may be used 
to size the flash drum: a gas-liquid separator: 

• Gas-liquid separators are vertical. 

• Optimum length to diameter is 3, but a range of 2. 5-5.0 
is common. 

• Holdup time is 5 min half full for reflux drums, 
5-10 min for product feeding another tower. 

• Gas velocity in gas/liquid separators is given by 


v = Jfc* 


( /^Liquid 
P Vapor 


— 1 


See Section 13.2 for basis of Equation (6.104) in interphase 
momentum transfer. 

The value of k is given by 

k = 0.10 ft/s without a mesh de-entrainer 
k = 0.35 ft/s with a mesh de-entrainer 



(6.104) 


FIGURE 6.28 Isothermal flash iteration. 
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FIGURE 6.29 Summary of sizing method for flash drum. 


For vertical pads, the value of k is reduced by a factor of 2/3. 
Good performance can be expected at velocities of 30-100% 
of those calculated with the given k\ 75% is popular. 

• 99% entrainment removal is attained with mesh pads of 
4-12 in. thickness; 6 in. is popular. 

• Disengaging spaces of 6-18 in. ahead of the pad and 
12 in. above the pad are suitable. 

A summary is given in Figure 6.29. 

Example 6.3.11-1: Size the Flash Drum for Example 
6.3.9- 1 


Liquid flow rate: 

W (L > = [£-UM,]A/- (l) = [£ a ,M,.]AT ( f) (1 - #) 

= (0.086187(12.011 + 4 x 1.008) 

+ 0.2281(3 x 12.011 + 6 x 1.008) 

+ 0.39975(3 x 12.01 1 + 8 x 1 .008) 

+ 0.28596(4 x 12.011 + 10 x 1.008))500 
x ( 1 — 0.12582) 


The feed flow rate is 5001bmol/h and the density of the 
liquid and vapor phases are 43.359 and 0. 1495 lb/ft 3 , respec- 
tively. 

Vapor flow rate: 

W {v) = [E.v,'M,-]AA (v) = [E^K (F V 

= [(0.9906(12.011 + 4 x 1.008) 

+ 0.004782(3 x 12.011 + 6 x 1.008) 

+ 0.004315(3 x 12.011 + 8 x 1.008) 

+ 0.0001653(4 x 12.011 + 10 x 1.008))]500 
x 0.12582 


W (L) = 19770.0 lb/h 


Drum volume based on 5 min holdup: 

T = 43§59® S0ll " ,OniS,/d = 75 " 3 

/75.993\ 1/3 

Drum diameter for II /I) = 4.1) =( J =2.8921 ft 

Gas velocity required for disengagement (75%) and 
corresponding diameter: 


0.75 x 0.35 


43.359 



1/2 


W (v) = 1025.0 lb/h 


0.1495 


= 4.4627 
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1025 D 2 

= 0.1495 x 4.4627 x n x — , Solution is D = 

3600 4 

0.73713 D= -0.73713 Less than 2.89ft so use 
2.89 ft diameter and 11.56 ft height. Height above liquid 
is then 5.78 ft. 

Say mesh is 1 ft. The disengaging space is 1.5 ft ahead 
and 1ft above, giving 3.5 ft. Consequently, there adequate 
space above the liquid. 



Upper consulate 
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FIGURE 6.31 Examples of binary phase equilibria. 


Liquid-liquid extraction is a separation operation whereby 
specific components dissolved in a liquid are selectively 
removed by contact with a second liquid, ideally immiscible 
with the first, which has a higher affinity for the specific 
components. Refer to Figure 6.30. 

The mixture containing the components targeted for 
removal is the feed to an extraction process. The liquid 
with the higher affinity for the targeted components is the 
solvent. The feed is thereby refined and is referred to as the 
raffinate. 

The solvent that contains the extracted components is 
referred to as the extract. The operation shares some general 
features with gas-liquid operations. Like flash vaporization, 
a second phase needs to be formed from the same constit- 
uents. However, unlike flash vaporization, the formation of 
the second phase is not one of our prerogatives and we must 
theoretically and/or experimentally investigate the compli- 
ance of candidate systems. This amounts, in the simplest 
case, to finding an immiscible solvent that can selectively 
remove the solute from a binary mixture. 

Immiscibility in binary systems (e.g., the pure feed and 
solvent streams above) depends on the temperature, pres- 
sure, and composition. Three possibilities are illustrated in 
Figure 6.31. 

In the center drawing of Figure 6.31, a closed region 
bounded above by the upper consulate temperature and 
below by the lower consulate temperature defines the region 
where two phases exist. Equilibrium concentrations in the 
two phases (1 and 2) are connected by a horizontal tie line 
since both phases must be at the same temperature for 
thermal equilibrium. Vapor-liquid equilibrium appears at 
higher temperatures and liquid-solid equilibrium appears at 
lower temperatures. If the two-phase region merges with the 


Feed 


Solvent 


Extraction 

unit 

Mixing, mass transfer, 
and phase separation 


Raffinate 


Extract 


VLE region, the upper consulate temperature does not exist 
(see the left-hand drawing in Figure 6.31). If the two-phase 
region merges with the SLE region, the lower consulate 
temperature does not exist (see the right-hand drawing in 
Figure 6.31). 

The two concentrations at either end of the tie line corre- 
spond to phase equilibrium at the temperature of the tie line 
and the pressure for the figure. As discussed in Section 6.1, 
this corresponds to an extremum in the Gibbs free energy for 
the system and is represented by equal chemical potentials 
(and fugacities) between the two phases. The complete ther- 
modynamic analysis of phase splitting includes not only that 
dG = 0 at a fixed temperature and pressure but also that 
d< 2 >G ^ 0 at the two equilibrium states or phase. 


6.4.1 Equilibrium in Ternary Systems 

Liquid ( 1 )— liquid equilibrium is generally characterized by 
the equality of chemical potentials [Equation (6.4)], which 
translates into the equality of fugacities [see Equation (6. 10)] 
or 


xiV = y W 


(6.105) 


since the same standard state applies to each phase. The 
implementation of Equation (6.105) requires that the param- 
eters of the activity coefficients be known experimentally or 
estimated. The ASOG (Analytical Solution of Groups) and 
UNIFAC are group contribution methods that provide esti- 
mates of activity coefficients based on the Wilson and 
UNIQUAC expressions of the excess Gibbs Free energy, 
respectively. If sufficient binary are available, the multi- 
component generalizations of binary models in Table 6.6 
can be used. 

The equilibrium data may be generated by following the 
consequences of adding N \ moles of species i to the mixture. 
At equilibrium, both the equilibrium and the following 
material balances must be satisfied: 


FIGURE 6.30 Stream identification in an extraction unit. 


Ni = n\' ] + A/f } 


(6.106) 
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Note that the distribution coefficient is given by the ratio of 
activity coefficients 


' *f> K, (1) 


(6.107) 


pressure. Dispersion and coalescence are also considera- 
tions. The following discussion is carried out with mass 
units, but molar units may also be used. Recall that mole 
fractions may be obtained from mass fractions with Equa- 
tion (2.38). 


Equations (6.105) and (6.106) have been used often in 
determining the value of the parameters in the activity 
coefficient model to minimize the difference between the 
calculated and experimental mole fractions (e.g., Arce and 
Blanco, 1998; Kao and Lin, 1999). 

In the following section, we will consider only ternary 
systems for which experimental data or the results of reliable 
calculations are available. The objective is to determine the 
solvent requirements and size of a single-stage extraction 
unit that will provide a desired degree of separation. 

6.4. 1.1 Solvent Selection The activity coefficient data 
can play a significant role in solvent selection. For example, 
as noted at the outset, the selectivity of the solvent for the 
solute should be high. We might say that the selectivity has 
several ingredients: 

• High Affinity of Solvent (3) for Solute (1) Relative to 
Carrier (2) 

The ratio 


y^x^ 3 ) = y^x 

x jP) _ 7l ( 3 ) (6.108) 

xi ( 3 ) yi 

should be as low as possible. 

• Low Affinity of Solvent (3) for Carrier (2) 

The ratio 


K2 (3) X2 0) = y2 (2) X2 (2) 


X 2 


(3) 


Yi 


( 2 ) 


(6.109) 


x 2 


( 2 ) 


K 2 


(3) 


should be as low as possible. 


The ratio of the preceding two characteristics provides a 
meaningful definition of selectivity: 


C Ki ( 2 ) /K, (3) 
/2 (2)/ K2 (3) 


( 6 . 110 ) 


which should be as high as possible. See Kao and Lin (1999) 
for an example of the use of selectivity in solvent selection. 

More sophisticated use of the activity coefficients in the 
selection of solvents has been proposed (Cusack et al., 
1991). In addition, the solvent should be easy to recover, 
nontoxic, have low flammability limits, and a low vapor 


6.4. 1.2 Data Collection and Representation The follow- 
ing discussion of a hypothetical experiment raises some 
important features of ternary LLE data and its graphical 
representation. We begin with a mixture of the pure solvent 
and the pure feed and note the concentration of each in the 
other phase, which we presume has formed. We will con- 
sider a ternary system consisting of three species numbered 
as follows: 

1 = impurity 

2 = pure feed: raffinate phase 

3 = pure solvent: extract phase 

The Gibbs phase rule [Equation (6.11)] gives three 
degrees of freedom (d> = Nq + 2 — N„ = 3). This means 
that we could fix the temperature and pressure and have one 
degree of freedom to generate the solubility curve. 

Small amounts of the impurity are added to the mixture 
stepwise thereafter with the mass fraction of two independent 
components measured in each phase. Concentration measure- 
ments are taken repeatedly until constant results are obtained 
at each step. The situation is depicted in Figure 6.32. 

The collection of concentration pairs collected in this 
way can be tabulated as illustrated in Table 6.13, which 
constitutes a sampling of the conditions where equality of 
chemical potentials is present. 

On a rectangular diagram, the collection of points under 
each column (phase) in Table 6.13 will yield a curve that is 
part of the total solubility curve. Each point on the raffinate 



Mixin 9 Separation 

equilibration" 



FIGURE 6.32 Ternary LLE data collection. 
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TABLE 6.13 Tabulation of Ternary Equilibrium Data 

Solvent Phase — Extract Feed Phase — Raffinate 


(£) (5) (E) (S) 

co\ = a)\ a>3 = a>3 

(«!, ftj 3 ) points at extract end 

of tie line 


(R) (R) 

ft)j Cftj 

(&>!, oj 3 ) points at raffinate 
end of tie line 


curve corresponds to one point on the extract curve. The 
points may be connected with a tie line, indicating that phase 
equilibrium is present under these conditions. A possible 
scenario is given in Figure 6.33. 

With the progressive addition of component 1 in the 
manner indicated above, a condition is reached where the 
phase boundary disappears with the addition of a very small 
additional amount of the impurity (1). The two phases are of 
course identical at this point and have gradually reached this 
condition as seen by the progressive approach of the two end 
points of the tie lines. 

The apexes of the right triangle represent the pure com- 
pounds. Although not needed, the concentration of compo- 
nent 2 can be scaled along the perpendicular drawn from the 
hypotenuse to the right angle. 


Pure 1 



FIGURE 6.33 Graphical ternary equilibrium data — one pair 
mutually soluble. 



FIGURE 6.35 Conjugate line for tie line interpolation. 

The equilibrium data can take other forms. The form 
presented here falls under the category of “one pair mutually 
soluble.” Another type is “two pairs mutually soluble,” an 
example of which is shown in Figure 6.34. There is no plait 
point in this case (see Arce and Blanco, 1998). 

6.4.1. 3 Interpolation Interpolation between tie lines is 
often required. To accomplish this, conjugate line is used. 
The conjugate line is the locus of points representing the 
intersection of a horizontal line through the raffinate point 
and a vertical line through the extract point of each relevant 
tie line (Luyben and Wenzel, 1998) (see Figure 6.35). 

6.4.2 Single-Stage Operation 

6.4.2. 1 Equipment The extraction equipment consists of 
a well-mixed vessel and a settler following the tank to separate 
the emulsion as illustrated in Figure 6.36. The streams leaving 
the settler presume that the raffinate is the light phase. The 
mixer is a baffled vessel as discussed in Chapter 5. The settler 
is a horizontal cylindrical vessel. 

The emulsion enters the settler (Treybal, 1980) and strikes 
a vertical impingement plate, which minimizes disturbances 


Pure 1 



FIGURE 6.34 Example of ternary data — two pairs mutually 
soluble. 



FIGURE 6.36 Single-stage mixer-settler arrangement. 
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to the main section of the settler where the drops coalesce and 
settle by gravity. A coalescer may also be provided at the 
entrance to the settler to aid in the formation of larger droplets, 
which settle faster. The interface is at the center of the vessel. 

The settler may be sized approximately (Treybal, 1980) 
by taking the LID to be 4 where the diameter is given by 

D(ft) = 0.22 V (R) (gal/min) + V (s) (gal/min) (6.111) 

The extract and raffinate phases leaving the settler are the 
exit streams for the mixer-settler configuration as an equi- 
librium stage and are therefore considered to be in 
equilibrium. 

The mixer-settler configuration is a single-stage version 
of the multistage configuration illustrated in Figure 1.10 for 
the acrylic acid process. In that case, the pure feed is water, 
the solvent is DIPE, and the solutes (two in this case) are 
acrylic and acetic acids. 

6.4.2.2 Mixture Rule The mass balances associated with 
the addition of two mixtures to form a third possess a useful 
property when represented on the same graph. Namely, the 
concentration of the third mixture lies on a straight line 
connecting the concentration of the two original mixtures. 
This rule is illustrated in Figure 6.37. 

There are three mass balances that can be written for this 
mixing operation since it is a ternary system. 

w (Ml) w ( Ml ) + w (M2)yy(M 2 ) = w ( M )yp(M) 

w (M.) W (M,) + W (M 2 ) W (M 2 ) = w (M) W (M) (6.112) 
yp( M ‘) _)- yp( M 2) = yy( M ) 

The mixing rule can be proved using similar triangles and 
these three equations. 

Note that the same equations apply if a mixture M 2 is 
extracted from a mixture M. The mole fractions in Mj may 
be negative if the operation removes something that is not 
there. The region enclosed by the (0,1) axes represents what 
is physically realizable, but the validity of the mixture rule 
extends beyond these limits. 


The distances from M to the two components are in 
proportion to the respective quantities. This is known as the 
Lever rule, but it is primarily useful conceptually. It is more 
convenient to read the concentrations and use the equations 
to solve for the amounts of the mixtures. It is convenient to 
remember that the larger the fraction of the mixture taken by 
one of the two ingredients, the more the mixture must look 
like that ingredient. The mixture point is therefore closer to 
the end point representing the dominant ingredient. 

As noted above, the collection of points constituting the 
extremes of the tie lines is called the solubility curve. A 
mixture falling within this envelope will split into two phases, 
the concentrations of which are connected by the line through 
the mixture composition according to the mixture rule, A 
single phase exits outside the solubility curve. 

6.4. 2. 3 Mass Balances There are four streams associated 
with the mixer-settler in Figure 6.36 and for each there are 
two independent mass fractions. There is one mass balance 
for each component. We choose to write the individual 
balances for species 1 and 3 to maintain consistency with 
the graphical coordinates and replace the balance for species 
2 with the overall balance. The degrees of freedom for this 
system are shown below to be six. 

Variables(12) : 4streams(l rate) = 2 compositions 
Mass balances (3) 

tt>j F) W (F) + <W[ So) >V (So) = w[ Rl) W (Rl) + c of' ] W (Sl) (6.113) 
&4 F) >V (f) + cof o) W (So) = 4 Rl) W (Rl) + o4 s,) W (s # (6.114) 

W (F) + yp( s °) = yv (Rl) + yy (Sl) (6.115) 

Equilibrium (3): 

q(J Rl) = /xj Sl) , t= 1,2,3 ^ Graph (6.116) 
$=12-3-3 = 6 (6.117) 


Pure 1 



FIGURE 6.37 Mixture rule (comprised of two figures). 


The graph of the equilibrium solubility data is the full 
expression of chemical equilibrium at the specified T and 
P and is therefore equivalent to the three equalities of the 
chemical potential between the raffinate and the extract. 
There are consequently six degrees of freedom (number of 
variables-mass balances-equilibrium relations). 

We are required then to fix six of the variables or relations 
between them before we use the mass balance and equili- 
brium data to determine the unknown values. It makes good 
sense that we would know the feed and the purity of the 
solvent, which amounts to four concentrations and one flow 
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minimum and maximum values of the mixture composition 
(co^lmin, respectively. These values correspond to 

the intersections of the feed solvent line with the solubility 
envelope as indicated in Figure 6.38. A tie line connects the 
intersection corresponding to the maximum solvent flow to 
the minimum possible raffinate composition in the single- 
stage operation. 

With the feed and solvent streams completely specified, 
then the compositions of the extract and raffinate streams 
can be read from the graph and the material balances used to 
calculate the flows. The procedure may be repeated using the 
raffinate as the new feed. This is called cross-flow extraction 
and results in substantial solvent requirements. 


FIGURE 6.38 Limits on solvent-to-feed ratio. 

or five variables, and the desired purity of the feed, that is, 
the concentration of species 1 in the raffinate, which com- 
pletes the specifications. We can now solve for the quantity 
of solvent required and the concentrations and amounts of 
the resulting phases. Refer to Figure 6.38. 

The points representing the concentration of the feed, 
stream F, the concentration of the solvent, stream So, and the 
composition of the raffinate, stream R lf can all be located on 
the graph of the equilibrium data. The single concentration 
specified for the raffinate is sufficient to locate it on the 
graph since it must lie on the solubility curve. It is limited by 
the location of M within the solubility curve as indicated by 
the maximum and minimum values of the impurity concen- 
tration in M. The ideal target for the raffinate is the inter- 
section of the solubility curve with the solvent axis 
representing complete removal of the impurity. 

The extract composition must lie at the opposite end of 
the tie line connecting it to the desired raffinate composition. 
This can be accomplished by estimating the location of the 
desired tie line between the two that bracket the raffinate 
composition. The tie line through the raffinate can be 
graphically located with the conjugate line. 

The tie line connecting the raffinate and extract intersects 
the line that connects the feed and the solvent since each 
combination is the same mixture M. The composition of M can 
be read from the graph and the amount of solvent calculated as 
follows: 

yy(Mi) _ yy(F) + yy(S 0 ) _ yy(Ri) + yy(Si) (6.118) 


Example 6.4.2.3-1: Extraction ofHAc from Chloroform 
with Water (Seader and Henley, 2006) 

A mixture of chloroform, CHC1 3 , and acetic acid at 1 atm 
(101.3 kPa) is to be extracted with water to recover the acid. 
LLE data are given below. 

a. 45 kg of a mixture containing 35 wt% chloroform and 
65 wt% acid, which is treated with 22.75 kg of water 
at 18 °C in a simple one-stage batch extraction. What 
are the weights and compositions of the raffinate and 
extract layers produced? 

b. If the raffinate layer from the above treatment is 
extracted again with half of its weight of water, what 
will be the compositions and weights of the new layers? 

c. If all the water is removed from this final raffinate 
layer, what will its composition be? 


Heavy Phase (wt%) Light Phase (wt%) 


CHC1 3 

H 2 0 

CH 3 COOH 

CHCI 3 

H 2 0 

CH 3 COOH 

99.01 

0.99 

0.00 

0.84 

99.16 

0.00 

91.85 

1.38 

6.77 

1.21 

73.69 

25.10 

80.00 

2.28 

17.72 

7.30 

48.58 

44.12 

70.13 

4.12 

25.75 

15.11 

34.71 

50.18 

67.15 

5.20 

27.65 

18.33 

31.11 

50.56 

59.99 

7.93 

32.08 

25.20 

25.39 

49.41 

55.81 

9.58 

34.61 

28.85 

23.28 

47.87 


Solution: 


w ( Ml) ^yy(F) + yy(So)^ = + |V( S °) (6.119) 


w (So) _ Jp - w ( ! M) 


(6.120) 


The maximum and minimum solvent flows within the region 
of two-phase operation can be obtained by substituting the 


The solubility data (complete set) were selected and used 
to make a new chart (xy scatter with grid) on a separate sheet. 
The series (solubility envelope) was formatted with a smooth 
solid line. It may be easier in what follows to remove the data 
symbols (Marker — None) from the solubility envelope data 
series. They will be identified again with the tie lines. 

The tie lines can be plotted on top of this chart as follows: 
Select the tie line end points (two sets) using the crtl key. 
Since the data are ordered there will be one set near the top of 
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the preceding table and a corresponding set the same dis- 
tance from the bottom. Select copy under the edit menu 
followed by paste special under the edit menu on the chart 
(choose new data series with x values in the first column). 
Click on the new data series (two points) that will be on top 
of the previously plotted series. When selected, only two 
points should be highlighted. Format the series with a dotted 
line and a convenient color (same as solubility envelope, for 
instance). The plait point is not included in this step. It is 
equivalent to a collapsed tie line. 


3 1 


43.173 Location of M by 

trial (34) with 
43.173 fixed 

Read product stream compositions from graph and compute 
amounts from material balances 
« (R) = 0.23 

cof ] = 0.475 

0.23>V (R) + 0.475W (S) = 0.43173(67.75) 

W (R) + W (S) = 67.75 

Solution : W (R) = 11.965, W (s) = 55.785 


Heavy Phase (wt%) Light Phase (wt%) 


CHC1 3 

h 2 o 

CH 3 COOH 

CHCI 3 

H 2 0 

CH 3 COOH 

99.01 

0.99 

0.00 

0.84 

99.16 

0.00 

91.85 

1.38 

6.77 

1.21 

73.69 

25.10 

80.00 

2.28 

17.72 

7.30 

48.58 

44.12 

70.13 

4.12 

25.75 

15.11 

34.71 

50.18 

67.15 

5.20 

27.65 

18.33 

31.11 

50.56 

59.99 

7.93 

32.08 

25.20 

25.39 

49.41 

55.81 

9.58 

34.61 

28.85 

23.28 

47.87 


Plot the equilibrium data and the inlet compositions 

Feed 


Feed 


0.00 


65.00 

65.00 

Solvent 




100.00 


0.00 

0.00 

Compute M; read composition of M from chart: 

yy(So) . 

= 22.75 



yy (F) = 

= 45 



W^co 

j M) = 0.65W (f) 



yy (M) = 

= yy (F) + >V (S|,) 



,.( M ) 

&>1 - 

0.43173 



yy (M) = 

= 67.75 




0)2 

"1 


1 

0.99 

0.00 

Raffinate 

2 

1.38 

6.77 

Raffinate 

3 

2.28 

17.72 

Raffinate 

4 

4.12 

25.75 

Raffinate 

5 

5.20 

27.65 

Raffinate 

6 

7.93 

32.08 

Raffinate 

7 

9.58 

34.61 

Raffinate 

7 

23.28 

47.87 

Extract 

6 

25.39 

49.41 

Extract 

5 

31.11 

50.56 

Extract 

4 

34.71 

50.18 

Extract 

3 

48.58 

44.12 

Extract 

2 

73.69 

25.10 

Extract 

1 

99.16 

0.00 

Extract 


New feed 

cof ] = 0.035 
« (R) = 0.23 

(4= 1 - 0.2 - 0.035 = 0.735 
0.23W (R) = cu“>V (M) 

0.5W (r) + W (R) = W (M) 

4 M) = 0.15333 
W (M) = 17.948 

pure solvent at 1/2 the mass of the new feed (R) 

Read product compositions and compute amounts as 
above. 


j (R) 

J (3) 

, (R) 

J (0 


J (R) 

\ 2 ) 


0.0138 = 0.736 

0.0677 w[j]= 0.251 

o.9i5 = 0.0121 


W (R) + W (E) = 17.948 

0.0677W (R) + 0.251 W (S) 

= 0.1533(17.948) 

Solutions : W (R) = 9.5664, 
W (s) = 8.3816 


Extend line from S through R to vertical axis to find 8% 
HAc as shown in Figure 6.39. 


Example 6.4.2.3-2: T-303 Acid Extractor — Solvent Flow 
for Single Equilibrium Stage 

Just after the reaction section in the manufacture of acrylic 
acid, the product stream (9) at 27,463 kg/h consists essentially 
of 23 wt% acrylic acid and 77 wt% water. The actual stream 
contains about 1 % acetic acid. The product stream is to be fed 
to an extraction column (see Figure 6.27) and contacted with a 
recycled diisopropyl ether stream (23) that contains 2.6 wt% 
water. The objective is to reduce the acid concentration in the 
water stream to 0.5 wt% (12). The acid is therefore recovered 
before the water stream is sent to the waste tower. 

Determine the solvent requirement for a single equili- 
brium stage. 
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wt% Water 

FIGURE 6.39 Determination of water-free concentration. 


Equilibrium data are available at 40 °C and 2 bar but most 
of the data are outside the range of operating conditions. The 
results will therefore be approximate. 


Water Phase 


Ether Phase 


(i)D 

Q) A 

cod 

cda 

0.00125 

0.00000 

0.99676 

0.00000 

0.00146 

0.06694 

0.97586 

0.02067 

0.00263 

0.32750 

0.93628 

0.05981 

0.00404 

0.64690 

0.91333 

0.08274 

0.00400 

0.73712 

0.90082 

0.09542 

0.00389 

0.77622 

0.89262 

0.10379 

0.00380 

0.79814 

0.88686 

0.10968 

0.00374 

0.81218 

0.88260 

0.11404 

0.00369 

0.82194 

0.87934 

0.11738 

0.00366 

0.82911 

0.87676 

0.12003 

0.00363 

0.83460 

0.87468 

0.12217 


in = weight fraction: D, diisopropyl ether; A, acrylic acid. 


Only the lowest tie lines have any significance in this 
application. The first here are plotted in the following figure. 
The feed, solvent (pure), and the desired raffinate compo- 
sition are located on the plot. A tie line with R as an end point 
is then estimated (an understatement!) and the intersection 
with the line connecting F and S is drawn. The flow rate of 
stream S can then be estimated giving a solvent to feed ratio 
of 75.6 or 2,078,034 kg/h. 

For an estimation of M for single-stage solvent require- 
ment (see Figure 6.40). 

In Example 7.3-2, it is found that six equilibrium stages 
and a solvent flow rate of 145,1 14 kg/h are required for this 


separation if a countercurrent arrangement (see Chapter 7) is 
used. If the countercurrent arrangement is a series of mixer- 
setters, the calculations in Example 5.3-1 show that the 
volume of the mixers must be 3100 gal. 

If 3 100 gal tanks are used in the present example, we 
calculate the number by using a residence time of 3 min. In 
this case, the flow to each mixer should be 


Af (F) 


' 1 75.6' 


3100 

= — gpm 


p( F ) = 1.0137 kg/1, see Example 5.3-1 
p(s) = 0.70183 kg/1 


A/" (F) kg/h 


1 75.6 

-L 

7.4805 

1 

3100 

1.0137 ' 0.70183 

28.317 

60 

3 


Af (F) = 2159 kg/h 


It requires 13 tanks acting as single stages. 

In summary, the single-stage operation requires 14.3 
times as much solvent as the countercurrent arrangement 
of mixer-setters and more than twice the number of stages. 


6.5 ADSORPTION 


The surface of particular porous solids plays a vital role in a 
number of important chemical engineering operations. In the 
separation of gas mixtures and liquid mixtures, for example, 
a surface that preferentially adsorbs either the desirable or 
the undesirable components can provide the required purity. 
In the case of catalytic reactions, the surface hosts the reaction 
process by providing a large number of sites that bind the 
catalyst and possibly one or more reactants or products. In 
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FIGURE 6.40 Estimation of M for single-stage solvent requirement. 


both cases, a large surface per unit volume is often provided by 
a highly porous solid. Consequently, molecular participants 
must diffuse into and out of the particle as well as interact with 
the surface. The diffusion process is analyzed in Chapter 10. 

Adsorption processes consist of the selective uptake of 
one or more components, called adsorbates, from a gas or 
liquid mixture by a porous solid referred to as the adsorbent. 
The adsorbates are bound to the internal surface of the 
adsorbent, which is measured in hundreds of square meters 
per gram. The internal surface of most adsorbents is pro- 
duced by the expulsion of water vapor. 

The forces of interaction between the diffusants and the 
solid can be primarily van der Waals forces or they may 
involve chemical bonds. The former is referred to as 
physical adsorption and the latter as chemical adsorption. 
Figure 6.41 illustrates both types for the adsorption of 
hydrogen on N t . 

As a molecule of hydrogen approaches the surface, it is 
trapped by shallow potential energy well characteristic of 
physical adsorption and as an enthalpy of adsorption (A H p in 
Figure 6.41). This process can result in the formation of 
more than one layer of physically adsorbed molecules. 

The deep well next to the surface represents the chem- 
isorption of hydrogen atoms in this case and has an enthalpy 
change (A H c in Figure 6.41). There is an activation barrier 
to chemisorption (equal to E in Figure 6.41). Since the 


hydrogen molecule dissociates into hydrogen atom, this is 
called dissociative chemisorption. Not all chemisorption is 
dissociative. 

The heat released in physical adsorption is of the order of 
the heat of condensation where the heat effect of chemi- 
sorption larger and in the range of heats of reaction. Chem- 
isorption is normally irreversible and takes place in catalytic 
systems. Industrial adsorbents rely on physical adsorption, 
which is reversible. 

During the transient period, the adsorbate diffuses into 
the adsorbent and progressively saturates the solid surface. 
The saturation process is completed when the concentration 
on the solid surface is uniform throughout at the value 
associated with the gas phase conditions. The exterior and 
interior gas phase conditions are the same at equilibrium or 
saturation. The saturation process is illustrated in Figure 6.42. 

The mass transfer processes, which are an important 
feature of these operations, is discussed in Chapters 1 0 and 1 2. 

6.5.1 Adsorbents 

Characterization of a porous region is often limited to the 
basic parameters defined and illustrated in Table 6.14. 

Other parameters used to characterize porous solids are 
the specific surface area, S g , defined as the internal surface 
area per unit mass of solid, and the external surface area per 
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Energy 
(not to scale) 


Chemical 

adsorption(dissociative) 


Dissociation 

energy 


Ml 


Distance from 
metal surface (nm) 


Physical adsorption 


FIGURE 6.41 Adsorption of hydrogen on nickel (Davis and Davis, 2003). Reprinted with permission of McGraw-Hill. 


unit mass S m , which is the boundary between the inside and 
outside of the particle. 

The surface area can be measured by the BET (Brunauer- 
Emmet-Teller) method, which determines the amount of a 
gas, usually nitrogen required for a monolayer coverage. 
Knowledge of the cross-sectional area of the adsorbed gas 
molecule then gives the surface area. The method is dis- 
cussed in Ruthven (1984). 


A finer description of the porous structure is given by the 
pore size distribution, fir), where f(r)dr is the fraction of the 
particle volume that is made up of pores with radii between r 
and r + dr. The pore size distribution can be measured by 
nitrogen adsorption and mercury porosimetry (Satterfield, 
1970). 

Mercury porosimetry makes use of the relationship of the 
pressure, P, required to force mercury into a pore of radius r: 



surface Depth 

FIGURE 6.42 Concentration profiles during adsorbent 
saturation. 


1 — 2ctcos0 
P 


( 6 . 121 ) 


where a is the surface tension of Hg and 6 is the contact 
angle. 

Because of the definition of the pore size distribution. 


OO 

e p = Jf(r)dr (6.122) 

o 

The surface area per unit volume for a pore of radius r is 2/r 
so that 


P v S g = J 2 /(r)dr (6.123) 

0 
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TABLE 6.14 Characterization of Porous Solids 

Mass or Volume Parameter Definition 

=Denominator Relations 


Mass or Volume 
=Numerator 



Solid or tme density = mass/volume 


Ps 

Apparent density-mass/volume 


Pp 

Porosity = volume/volume 
fi p 

Void volume = volume/mass 

Pp = Ps(i-£ P ); v, = % 
Bed porosity = volume/volume 


fib = i - - 

pp 

Bulk density = mass/volume 
Pb 


Pb = PpU -«b) 


Note : The shaded regions in the first and second columns represent the region whose mass or volume is being used in the numerator or denominator of the 
definition in the third column. 


If a single pore size exists, 

f(r) = £& (r - f 0 ) 


Adsorption operations are divided into purification oper- 
ations and bulk separations. The dividing point is a feed 
(6.124) composition of approximately 10 wt% adsorbate. 


It follows from the preceding equation that 

2e _ 2V g 
PpSg 


(6.125) 


This value can be used as the average pore radius when the 
pore size distribution is not known. 

The most important industrial adsorbents are summarized 
in Table 6.15. The oxygen containing compounds have 
hydrophilic properties and the materials with carbon as 
the major component have hydrophobic properties. The 
zeolites and molecular sieves have specific pore diameters 
and the zeolites have interconnected cage-like structures that 
will exclude molecules larger than a specific size. These 
materials are highly selective. 


6.5.2 Gas Adsorption 

In Chapter 3, we noted with the introduction of Equation (3.2) 
that the extensive variables (§) and the associated intensive 
variables (H) that describe a thermodynamic chemical system 
are introduced through work terms in the differential of the 
internal energy function or the First Law. 

dU(S,... Ni ...,...n k ...) = TdS 

+ Mi d Nj + y; d S k (6.126) 

The intensive variables are the first derivatives of the internal 
energy function and are therefore functions of the extensive 
variables. For the PVT systems we have studied thus far, the 







TABLE 6.15 Industrially Important Adsorbents 






True 

Apparent 

Packing 

Micropore 

Macropore 

Specific 

Specific Heat 

Thermal 




Major 

Shape" 

Density 

Density 

Density 

Volume 

Volume 

Surface 

Capacity 

Conductivity 



Adsorbent 

Component 

and Size 

(kg/m 3 ) 

(kg/m 3 ) 

(kg/m 3 ) 

(cm 3 /g) 

(cm 3 /g) 

(m 2 /g) 

(J/(kg K)) 

(W/(m K)) 

Porosity 

Oxygen-containing Silica gel 

Si0 2 

P, S (1-8 mm) 

2200 

750-1250 

300-850 

0.30-1.15 

<0.10-0.25 

100-850 

0.92-1.0 

0.14-0.20 

0.45-0.65 

adsorbents 

Activated alumina 

A1 2 0 3 

G, S (2-10 mm) 

3000-3100 

1200-2400 

700-950 

0.40-0.60 

0.10-0.15 

100-400 

0.88-1.05 

0.12 

0.13-0.6 


Zeolites and 

Si0 2 A1 2 0 3 

P, S (1-5 mm). 

2100-2600 

1100-1500 

400-900 

0.20-0.30 

0.30-0.70 

350-1 100 

0.80-1.05 

0.13-0.58 

0.5-0.6 


molecular 


HC (6-7 mm). 











sieves 


CP (2-4 mm) 











MCM 

Si0 2 A1 2 0 3 

HC 


550 (min) 

170-450 

Mesopore: 

450-1200 



0.20-0.52 









0.21-1.00 







Clay mineral and 

Si0 2 A1 2 0 3 

P, G 

2200 

1600-1700 

500-700 

~150 

0.19-0.40 

120-500 



0.20-0.35 


pillared clays 












Carbon adsorbents 

Activated carbon 

C 

P, G (l-10mm), 

CP 

P, G 

1880-2200 

440-900 

250-550 

0.20-0.50 

0.40-1.5 

200-4000 

0.76-0.92 

0.65-0.1 

0.45-0.77 


Activated coke 

C 

~1900 

~900 

450-600 

0.01-0.10 

0.20-0.30 

15-400 



~0.35 


Carbon molecular 

C 

P, S, CP 

1800-2100 

900-1290 

600-900 

~0.18 

0.38-0.60 

100-1500 

0.84-1.00 

0.65 

0.35-0.57 


sieves 













Carbon nanotubes 

C 

P 




Mesopore: 

150-650 












0.05-0.45 







Polymeric resins 

C, H 

S, G 

1000-1300 

400-900 

300-750 

<0.10-0.43 

0.37-1.50 

80-1500 

0.33-1.5* 

0.06-0.07* 

0.35-0.65 

Complexation 


Si0 2 , C, Cu, 

P, G, CP 





0.20-1.60 

50-670 





sorbents Ag 

Source: Ullmann (1994). 

"P, fine powder; S, spheres; G, granules; HC, hollow cylinder (external diameter); CP, cylindrical pellets (diameter). 
*In dry state. 
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work term is — P(= £)(dY)(= S). Other systems such as 
magnetic and electric systems (Callen, 1960) are incorpo- 
rated into the thermodynamic framework in this manner. 

6.5. 2.1 Equilibrium Relations for a Single Adsorbate (see 
Smith et al., 2005) Here we consider a unit mass of adsorb- 
ent and assume that it is completely inert. Consequently, only 
the adsorbate and the single the equilibrium gas phase will 
contribute to the calculations. The adsorbed component of the 
gas phase forms a two-dimensional phase resting on the 
adsorbent surface. The adsorbed species does work against a 
spreading pressure II in order to increase the occupied area on 
the surface A. In general, 

dU = TdS- ITdA + /xdlV (6.127) 


N N N=N 

/dln^cW=/(l— Z)^— J dZ (6.132) 

0 ' 0 N = 0 

The ideal value of 1 is taken for Z for a fresh surface with the 
expectation that the adsorbed species will exhibit ideal 
behavior under these conditions. 

N 

N N /' d N 

In lim — = / (1 — Z) (Z-l) (6.133) 

yP yP^OyP J v ' N y J 
o 

The limit is indeterminate and can be evaluated with 
THopital’s rule: 


and 


— A dll + N d/j. = 0 at constant T (6.128) 


N AN 1 

lim — = lim — — ^ = — 
yP^OyP yP->od(yP) k 


(6.134) 


which is the Gibbs-Duhem equation at a constant temper- 
ature. In this case, the area is per unit mass of the adsorbent 
and may be taken as S g , a characteristic of the adsorbent. 

The chemical potential in the condensed state is equal to 
the chemical potential of the component in the gas phase 
equilibrium. Using the definition of fugacity in Equa- 
tion (6.8) and assuming that the gas phase is ideal, the 
preceding equation may be written as 


where k is the slope of the isotherm (yP vs. /Vat constant T) at 
the origin. The isotherm is then given in terms of the equation 
of state as follows: 


N = kyP exp 


a-z)^-(z-i) 


L0 


(6.135) 


a dll = RT d In yP at constant T (6.129) 


where a = S g /N and y is the gas phase mole fraction of the 
adsorbate. This relation can be used to generate an isother- 
mal plot of the gas phase pressure versus the amount 
adsorbed with an equation of state for the adsorbed phase. 
Suppose that the following analogue of the compressibility 
factor applies to the adsorbed phase: 


Z = 


Ua 

RT 


(6.130) 


Some useful special cases are given below. Note that N may 
be replaced with w, the mass of adsorbed material per unit 
mass of adsorbent. Other units are also possible with the 
associated changes in the parameters. 


Case 1: Z = 7 

This is the ideal case that results in Henry’s law: 


N = kyP 


(6.136) 


Differentiating this expression and using the expression for 
the molar area and Equation (6.129), 


When the amount of adsorption is small, all isotherms obey 
Henry’s law: 


dZ = — da 4 dn 

RT RT 

= — da + d In yP 
RT 


n. [ d N 

RT g N 2 


d N 
Z — 
N 


+ dlnyP 


+ din yP 


(6.131) 


Or integrating from a fresh surface (N= 0, P = 0, Z= 1) to an 
arbitrary quantity of adsorption — at a constant temperature. 


Case 2: Z = 


-In 



where N max 


is a constant 


This is the ideal-lattice-gas equation (Smith et al., 2005). 
The integral yields the isotherm 


N _ kyP 
N max N max -)- kyP 


(6.137) 


This is referred to as the Langmuir isotherm. 
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Other: 

There is no equation of state that will describe the full range 
of adsorption data. Equations in addition to the ones above 
that have been useful in correlating adsorption data are the 
Freundlich equation. 


N = a(yP) 1/P 


and the Toth equation. 


N = 


yP 

(b + (yP)') 1 ^ 


(6.138) 


(6.139) 


If the adsorbent is highly selective, the small amount of 
adsorption over the target species can be neglected and the 
data for the single component can be used to describe the 
adsorption. The case of multicomponent adsorption where 
the adsorption of two or more species is appreciable has been 
treated with extensions of the Langmuir and Freundlich 
isotherms. We will consider applications involving signifi- 
cant adsorption of one component only. 

Gas adsorption is most often carried out in fixed beds of 
adsorbent particles, which gradually become saturated with 
adsorbate and must be regenerated while a fresh bed is placed 
on stream. Fixed-bed adsorbers are discussed in Chapter 12. 
Equilibrium considerations can be used to estimate the time at 
which the bed will become saturated (see Chapter 12) in the 
cases of both gas and liquid adsorption. 


6.5.3 Liquid Adsorption 

6.5. 3.1 Equilibrium In the case of liquids, many appli- 
cations involve the selective adsorption of one or more 
components dissolved in a solvent. In the case of a single 
component, the equilibrium isotherms used in the case of gas 
adsorption are applied with the partial pressure replaced 
with the concentration of the adsorbate in the liquid over the 
surface. For example, 


and 


w = ap x ^ 


(6.140) 


WWxP 

(hw/£) + P 


(6.141) 


for the Freundlich and Langmuir isotherms, respectively. 

6.5. 3.2 Liquid Adsorption Operations Batch operations 
for the purification of liquids can be carried out in stirred 
tanks where the liquid to be treated is placed in contact with 
a powdered adsorbent in a stirred tank of suitable size. Such 
operations are called slurry adsorption and the equilibrium 


stage view of the batch mode is discussed below. The 
transient period is discussed in Chapter 12 as well as 
adsorption in fixed beds. 

6. 5. 3.2.1 Batch Operation We want to reduce the mass 
concentration of a solute from p (F) to a fraction <p of this 
value in a volume Vl of feed by introducing a mass W a d s of 
solid adsorbent. The object is to determine the amount of 
adsorbent to use. The methods to follow for sizing the tank 
and agitator system are discussed in Section 5.1. 

A material balance at any point during the process must 
state that whatever solute has disappeared from the fluid phase 
must be found in the solid phase. We can use the average value 
for the adsorbate loading, (w) (mass of adsorbate per unit 
mass of adsorbent), to express the mass of adsorbate in the 
solid: 


(w) Wads = 


WPads dV 


Adsorbent particle 


(6.142) 


The integral is generally represented by the area under the 
curve in Figure 6.42 at the corresponding time in question. At 
equilibrium, the local concentrations and the average con- 
centration are equal. 

The material balance is given by 


PVl + {w)Wads = P (f) Vl 


or 

(w) 


V L 

Wads 


(p- P (F) ) 


(6.143) 


which is a straight line of slope — W/Wads that passes 
through the point (0, p <F) ) in (p,(vr)) coordinates and inter- 
sects the equilibrium curve at the conclusion of the ideal 
(equilibrium stage) process. 

At the conclusion of the process, the fluid and solid phases 
are at equilibrium at a fraction of the original concentration, 
( pp (F> . This is represented graphically at the intersection of the 
equilibrium curve and the material balance or operating line 
on Figure 6.43. 

A multistage operation results from filtering the product 
and introducing fresh adsorbent. This is illustrated by the 
dashed line in Figure 6.43. Each step involves emptying and 
recharging one or more vessels while charging others. The 
number of vessels needed for treating a continuous feed 
depends upon the time required for each of these steps in 
addition to the time required for the separation to take place. 
The separation time requires a transient analysis of the mass 
transfer operation (see Example 12.6.1-1), which tracks the 
time required to pass from the feed composition to the 
equilibrium curve (or near to it!). At this juncture, we 
can, for example, carry out an equilibrium stage analysis 
and compute the amount of adsorbent required for a given 
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W'max kf> 

W = — 

1 + kp 

W’max = 0.1295 g/g 
k = 2.141 /g 

For a fill time of 4h, 

V L = 4 x 66.259 = 265.0361 = 70 gal 

The initial concentration is 
1.0775 


P (F) = ■ 


-263.3 = 4.2823 g/1 


66.259 

The amount of adsorbent required is given by Equation (6. 1 45): 


FIGURE 6.43 Single-stage batch adsorption (slurry). 


policy. The amount of adsorbent required to reduce the 
concentration to a fraction of the feed is given by 


Linear isotherm : Wads 


v L ri-y 

a (p 


(6.144) 


Langmuir : W a ds 


VlP (F) (1 -<p) 

W’max 


1 

kyp ( F ) 


1 

(6.145) 


The linear and Langmuir isotherms are discussed above. 


Wads 


265.036(4.2823) (1 -0.005) 
0.1295 


7 7 + 1 

2.14(0.005)4.2823 


199, 036 g = 438.4 lb 


Graphical construction: 

The graphical solution begins with a plot of the given 
equilibrium data (w vs. p) and locating the charging con- 
ditions and final equilibrium conditions. These steps are 
shown in Figure 6.44. 

The slope of the operating line is so small (see inset) that it 
appears to coincide with the horizontal axis. The inset portrays 
the situation near the output, which is found by locating the 
point on the equilibrium curve corresponding to the desired 
purity of the adsorbate. The quantity of absorbent required can 
be calculated from the slope (see Equation (6.143)): 


Example 6.5.3.2.1-1: Adsorption Step in the Production 
of Hexyl Glucoside 

The material balance for a proposed continuous process is 
given in Problem 4 in Chapter 2. The adsorber feed consists 
of hexanol (Af^ = 551.08 g mol/h) and hexyl glucoside 
(A = 1.0775 g mol/h) at a total volumetric flow rate of 
y fi ) _ 66.259 1/h. Determine the amount of adsorbent 
required for a batch adsorption system for a final concen- 
tration in the hexanol effluent 0.5% of the feed. 

Storage must be provided to accumulate the feed over the 
time required to process the amount accumulated. If the 
adsorption is done in stages, the tank size is determined by 
the time required to complete all of the stages, which includes 
filling, processing, emptying, filtering, and cleaning. Allow- 
ance must also be made to accommodate disruptions in the 
process. In this example, we will assume that 4 h is required 
for the adsorption process. 

The adsorption isotherm for the glucoside is (de Roode 
et al., 2001) 


V L 265.036 

^ = 0.001332 or W* = mm = 198,976g = 4381b 


This large adsorbent requirement (estimate the volume) is 
typical of single-stage operations, which must equilibrate 
at the low concentrations required of the output. For example, 
if the adsorption operation were carried out in two steps with 
equal concentration drops, the adsorbent requirement would be 


(Wads)i = 


265.036(4.2823) (1 -0.498) 


0.1295 

1 


r+1 


= 5,362g 


(Wads ) 2 = 


2.14(0.498)4.2823 
265.036(4.2823)0.498(1-0.01004) 


0.1295 

1 


2.14(0.498)4.2823(0.01004) 


+ 1 


= 98, 619g 


Total = 103, 981 g = 229 lb 
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FIGURE 6.44 Equilibrium and operating lines for hexyl glucoside adsorption. 


The adsorbent requirement is nearly halved; however, the 
number of operations has doubled. 

6.6 SINGLE-PHASE STIRRED TANK REACTORS 

In contrast to the completely mixed systems considered thus 
far, a stirred tank reactor is a completely mixed system in 
which the contents may not be in equilibrium. Here we are 
referring to chemical reaction equilibrium. We will consider 
first the case where the reaction processes have not yet 
equilibrated when the products are withdrawn. Chemical 
reaction equilibrium is considered in conclusion. 

The single-phase stipulation generally excludes, for exam- 
ple, such operations as gas absorption and liquid extraction 
with reaction. A CSTR is illustrated in Figure 6.45. 

A steady feed is supplied. The molar discharge rate prevents 
any accumulation in the tank due to flow or chemical reaction. 
Any remnants of the unsteady conditions associated with a 
startup program are assumed to have been washed away. 

The conditions in the exit stream are identical with those in 
the tank. The volume of the reaction mixture, U R , is equal to 
the volume of the vessel in the case of gases. The temperature 
of the contents is established by the supply or removal of heat 
accomplished by a submerged heat exchanger, by circulation 
through an external heat exchanger, or through the vertical 
walls of a jacketed reactor. Heat supplied to the reactor is 
counted as a positive value of Q. 

The CSTR responds immediately to changes in the feed 
or tank conditions and may be chosen on this basis for 
process control implementation. The CSTR is also applied to 
systems where there is a kinetic/selectivity advantage to low 


reactant compositions (see Chapter 7), which at the same 
time is a drawback since the rate is at its lowest value here. 

Without the feed and product streams, the stirred tank is a 
batch reactor that supplies the holding time required for an 
initial charge of reactive components to reach a desired level 
of conversion. The batch reactor is an unsteady-state reactor 
where all of the elements in the system have exactly the same 
age. There is, therefore, no mixing of elements of different 
ages. 

The CSTR and the batch reactors are related to the ideal 
plug flow reactor (PFR), a conduit of circular cross section 
through which all of the fluid elements flow with the same 
velocity. An observer moving with the velocity of the fluid in 
the PFR would experience the same conditions in time as a 
stationary observer recording conditions in a stationary 
batch reactor. Also, it may be shown that if a series of 
CSTRs with all outlets, save the last, attached to the inlet of 
the succeeding member of the series, the series will converge 
to the PFR (Denbigh, 1966). 



FIGURE 6.45 Continuous stirred tank reactor. 
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The reaction rates in the following discussion will be 
expressed as 

Reaction rate = Ar(T) F(concentrations) 

V y / V y / 

k{T) = rate constant = k 0 e~( E / RI "> Distance from equilibrium 
ko = preexponential factor 
E = activation energy 
dA1T)_ E ' 
d T RT 2 

(6.146) 

except for the biocatalytic production of L-tyrosine. Addi- 
tional discussion of chemical kinetics may be found in 
Chapter 8. 

6.6.1 Continuous Stirred Tank Reactors 

Multiple chemical reactions, N r in number, are accounted for 
with the following stoichiometry: 

J2^iA = 0j=h2,...,N r (6.147) 

all i 

If the molar rate per unit volume of the /th reaction is !Z vj , the 
mass balances for the CSTR may be written in molar units as 

N t 

A r, = Mf ] + ^ &ijOt vj V R i = 1, 2, . . . , N c (6. 148) 
7=1 

where 


of freedom if the feed composition is fixed. An expedient 
approach to the sizing problem is to fix the reactor temper- 
ature and volume and solve for the extents until a desired 
product distribution is obtained. 

Note in particular that the energy and mass transfer 
problems are uncoupled by specifying the value of the 
reactor temperature. The solution to the mass balance will 
in this case provide the means to evaluate the heat load, 
which must be met to maintain the specified value of the 
reactor temperature. 

For liquid systems, the reaction rates depend, in many 
cases, on the molar compositions. For gas phase reactions, 
the prevalent composition variables are partial pressures or 
mole fractions. The composition variables in both cases 
must be expressed in terms of extents to close the system 
of algebraic equations [Equation (6.152)], for the extents. 
In general, the kinetics for both liquid and gas phase 
systems will be nonlinear so that a numerical solution 
to the system of equations will generally be required. 
Some analytical solutions can however be obtained for 
particular cases. 

6.6.1. 1 Liquid Phase Systems — Temperature Speci- 
fied For liquid phase reactions, the small difference in 
density between the inlet and outlet can be neglected. The 
flow rates in terms of the extents can be replaced with molar 
compositions: 

<* = <?+ E ( 6 - 153 ) 

y, all reactions 


where V is the volumetric flow rate. Upon substitution of 
Equation (6.153), the balance equations, Equation (6.151) 
for the extents become: 


is used in Section 2.4. Following the approach used for the 
macroscopic mass balances with multiple reactions in Sec- 
tion 2.4, the reaction extents may be introduced as follows: 


= R ; (c,.(c( F) ,^),r)r R for ally (6.154) 


91 i = 


9t rj dV = 9t vj V R 


j =1,2,..., Nr (6.149) 


Vr 


Mi = M ( P + Vifij for all / (6.150) 

j 

Substitution of Equation (6.150) into the mass balance, 
Equation (6.148), gives 

^ difiHj - 9t vj V R ) = 0 for all i (6.151) 

j 

= 9l V jV R for all j (6.152) 


The extents have been scaled by the volumetric flow rate. A 
dependence of the reaction rate on pressure has not been 
expressed since it is not normally important for liquids. The 
average residence time is denoted by Tr. 

6.6. 1.1.1 Single Irreversible First-Order Reactions Sup- 
pose we have a single liquid phase reaction with the follow- 
ing stoichiometry that we wish to carry out in a CSTR: 

A + bB — > Products (6.155) 


since the reactions are independent (see Section 2.4.2). 

In general. Equation (6.152) with an equation of state 
represents a system of algebraic equations with two degrees 


The reaction is irreversible in the sense that the equilibrium 
conversion is nearly complete at the conditions we plan to 
carry it out. If we suppose that the feed to the CSTR is very 
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concentrated in B, 

cf » bcf (6.156) 

then we can expect no noticeable change in the concen- 
tration of B across the reactor. If in addition the reaction 
order with respect to A is 1, the kinetics can be expressed in 
the linear form regardless of the order with respect to B, ft. 

St v = kc [ B )P c A = kc { g )P (cf - ^ , § < Vcf (6.157) 


The solutions to this quadratic equation are 


Vc 


(F) 


Vc 


(F) 


kc 


(F)2„(F)/S 


Vr 


±- 


\ 


Vcf o' 
4 |_ 2 

, (F)2 (F)£ T/ ^ 

key c b ’ Vr 


kc 


,(F)2 (F)/3 


Vr 


(6.164) 


Since 


The mass balance 


1 

V 


= kc 


(F )P 

B 




(6.158) 


\ 


Vc 


(F) 


kc 


(f)2 mp 


Vr 


Vc 


(F) 


kc A ^ 2 c^ P V R kc 


>- ■ 


Vc 


(F) 


( f )2 mp 


Vr 

(6.165) 


or 


H 


Vc 


.(F) 


1 + (VcT/ikcfc^Vy)) 


(6.159) 


The extent, relative to its maximum value, depends on the 
ratio of two rates: the feed rate of A relative to a measure of 
its reaction rate, actually the maximum possible. If the ratio 
is large, the reaction rate is small relative to the feed rate of A 
and the extent will therefore be proportionally small. Note 
that the relative conversion of A is given by 


the positive root is greater than 1 and therefore unacceptable 
since the extent is bounded by the feed rate of A with the 
prevailing stoichiometry. The solution for the extent is then 


Vc 


(F) 


kc 


Vcf 

4 i_ 2 

(F)2 (F)/S v ^ 

A C B V R 


1 

2 


N 


Vc 


(F) 


, (F)2 (F)/3 T7 
kc\ t B " Vr 


Vc 


.(F) 


kc 


,(F)2 (F)/? 


Vr 


(6.166) 


_ Vcf - Vc A _ f Vcf - Vc A _ § 

* Vcf Vcf Vcf Vcf 

and that the volume for a specified conversion is 

y Vcf g/Vcf 
* kcT&'l-Wc?) 


(6.160) 


given by 


(6.161) 


The interpretation of the ratio of flow rate to reaction rate 
discussed above applies here as well. The volume for a given 
conversion can be obtained for an arbitrary order as 


Vr 


Vcf g/Vcf 

kcT-W (1 - (f/vcT ))" 


(6.167) 


In the present case, of course, a = 2. 


Bear in mind that the fractional conversion for a single 

fF) 

reaction is generally — v A (fi/Vc\ ). 

6. 6. 1.1.2 Single Irreversible Second-Order Reactions If 
the kinetics of the single reaction considered in the previous 
section are second order. Equation (6.157) becomes instead 

R v = kc ( B )P cl = kc ( B )P (cf - 0 , £ < Vcf (6.162) 

The mass balance is 


I 

(l -(?/Vcf)) 2 

Vcf 

VcTKkcfWv,) 


(6.163) 


6.6. 1.2 Gas Phase Systems — Temperature Specified For 
gas phase reactions, the mole fractions need to be related 
to the extents. The total molar flow rate can be calculated 
from the addition of the individual flows in Equa- 
tion (6.151): 

fif = fif {¥) + Y, ?/ An i (6.168) 

j , all reactions 


where the mole change for the /th reaction is 

A nj= Y ^ (6-169) 

i, all components 


The sum of the stoichiometric coefficients for each reaction 
gives the mole change associated with that reaction, An,-. 
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The contribution to the change in the total molar flow rate is 
scaled by the extent for each reaction. The mole fractions in 
the system are given by 


y, = 


AT 


■^/ F) + all reactions 
- / V (F) + J2j , all reactions^ ^ n j 


y\ ' + XJ/,all reactions 
1 + J2j , all reactions (§// -A/" (F) ) Aw y - 


(6.170) 


The balance equations (6.152) for the extents become 


a/- ( f) 


La^ f) J 


= *? y yo 




,T,P)V S for all j 

(6.171) 


The extents have been scaled by the total molar flow rate at the 
inlet. The pressure has been reintroduced into the rate expres- 
sion to reflect the usual case for kinetics in gas phase systems. 


Example 6.6.1.2-1: Multiple Second-Order Reactions 
and Sizing of R-301 


The reactions in the production of acrylic acid (see Section 
1.1) form a series of three second-order reactions between 
propane and oxygen in the gas phase. The reactor is a fluid 
bed containing small suspended catalyst particles (see Fig- 
ure 1.15). The product is withdrawn from a cyclone over- 
head. The remainder of the circulating gas is returned along 
with particles removed from the product stream through the 
heat exchange section. We want to estimate the volume of 
the fluid bed reactor (see Figure 6.46). 


Stream No. 


4 6 


Temperature (°C) 

191 

310 

Pressure (bar) 

4.3 

3.5 

Mole flow (kmol/h) 

2482.2 

2444.0 

Component mole flow (kmol/h) 



Propylene 

127.0 

14.7 

Nitrogen 

1056.7 

1056.7 

Oxygen 

280.9 

51.9 

Carbon dioxide 

— 

60.5 

Water 

1017.6 

1165.9 

Acetic acid 

— 

6.54 

Acrylic acid 

— 

87.79 

The stream data is reproduced from Table 1.3. 

Pressure and temperature: P = 350 kPa, T = 310+ 


273. 16K 


Components 

are labeled as follows: 

Species 

Label 

c 3 h 8 

1 

0 2 

2 

n 2 

3 

co 2 

4 

h 2 o 

5 

HAc 

6 

AAc 

7 


Stoichiometric coefficients: 

(Verify that reactions are independent.) 


R-301 



' -1 

-1 

-1 ' 

3 

5 

9 

2 

2 

2 

0 

0 

0 

0 

1 

3 

1 

1 

3 

0 

1 

0 

1 

0 

0 _ 


A Hi = A«2 



1 

2 


Kinetics (see Appendix B): 

R vj = Kj(T) yi y 2 P 2 


where 


FIGURE 6.46 Reactor R-301 and heat transfer loop. Reprinted 
with permission of Pearson. 


K(i, T) = kjj exp 



kmol/(m 3 reactor h kPa 2 ) 
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and 



-15,000- 


1.59 x 10 5 " 


E = 

20, 000 

k = 

8.83 x 10 5 

kcal/kmol 


.25,000. 


1.81 x 10 8 



with R = 1.987 kcal/(kmolK) 

The kinetic constants are the product of the true kinetic 
constants per unit mass of the catalyst and the bulk density of 
the fluidized catalyst. The reactor volume in the mass 
balance therefore includes both gas and catalyst. 

Reactor inlet flows are considered to be 90% of total flow in 
stream 4, the reactive channel. The remaining 10% will pass 
through the unreactive channel to account for known bypass- 
ing. Define flows and inlet mole fractions and reaction rate: 


Say (p = 0.98 x 4.0047 x 10~ 2 = 3.9246 x 10~ 2 for 
98% of maximum 

Vr{<t>) = A/"| F '^0, Solution is V = 160.32m 3 


Output flows from reactive channel : 


wr 


"2.2868' 

M2 


24.791 

M 3 


951.03 

M 4 

= 

59.999 

M 5 


1063.5 

Me 


6.5079 

Mi 


87.675 


Total output flow: reactive channel with bypass 


AT (F) = 0.90 


127 


' 114.3 ' 









2.2868 


127 


"14.987' 

280.9 


252.81 


24.791 


280.9 


52.881 

1056.7 


951.03 

aa ( f) 

with y (F) (/)= / m 

951.03 


1056.7 


1056.7 

0 

— 

0 

59.999 

+ 0.10 

0 

= 

59.999 

1017.6 


915.84 

E ffjvf 

1063.5 


1017.6 


1165.3 

0 


0 


6.5079 


0 


6.5079 



87.675 


0 


87.675 

0 


0 













kmol/h 


t y (F) (i) + (-fe/AA (F) ) - (h/M m ) - te/A r (F} )) 

1 + (-(l/2)fe/A T (F) ) - (l/2)fe/A f (F) ) + (l/2)fe/AA (F} )) 


y( F ) (2) + (-(3/2)fa/A/- (F) ) - (5/2)fe/A^ (F) ) - (9/2)fe/AT (F) )) 2 
1 + (-(l/2)fe/AA (F) ) - (l/2)fe/A/- (F) ) + (l/2)fe/AA (F} )) 


Ratio of mass balances: i- = 

51 «1 X(M) 


Set <p 


M^ 


Compare with stream 6 in Table 1.3 (reproduced above). 
The total volume is then (10/9)160.32 = 178.13m 3 . 


R { (<p) = r(<p)=K(\,T) 

,, (y 0 (l) - y((l/D + m2, T))/(K( 1. m + ((AT(3, T))/(K(l,T)))))((y 0 (2) - y( 3/2) + (5/2)((AT(2. T))/(K(1, T))) + (9/2)((g(3, T))/(K(l, T))))) p2 

(1 - (<p/2)((l/l) + {{K(2, T))/(K(1, T))) - ((K(X T))))) 2 


Establish limiting reactant: 
Outlet molar flows: 



Solution is{^ = 4.0047 x 1 0 2 J- 
= Maximum value of q> for depletion of 1 
Solution is{<p = 4.3513 x 1 0 2 } 

= Maximum value of q> for depletion of 2 

Reactor volume: 


This does not include the heat exchange equipment (tubes). 
We can think of the gas circulating through a heat exchange 
chamber with some circulation of the catalyst particles. 

See Example ccc in Chapter 13 for diameter calculation 
(D= 3.46 m). 

The height is given by 3.1416^j^(//) = 178.13, Solu- 
tion is H = 18.945 m 

6. 6.1. 3 Selection of Reactor Temperature The Arrhe- 
nius dependence of rate parameters on temperature is given 
in Equation (6.146). Temperature is an effective process 
variable for influencing the relative rates of competing 
processes provided that the activation energies of the proc- 
esses are significantly different. Temperature will have the 
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strongest effect on the process with the highest activation 
energy. 

For single irreversible reactions, the highest possible 
temperature should be implemented. This is also the case 
for reversible endothermic reactions since the equilibrium is 
shifted toward the products with an increase in temperature. 
If the reaction is exothermic, there is a competition between 
the increase in the rate parameter and the shift of the 
equilibrium toward the reactants. This competition leads 
to an optimum operating temperature (Aris, 1965). 

For multiple reactions, the question of yield comes into 
play along with conversion. For example, a low temper- 
ature may be desirable from a selectivity point of view 
(undesirable reactions have higher activation energy but 
may result in low productivity (conversion) if adopted 
without compensation in the latter stages of reaction 
(see Table 7.3). 

In the acrylic acid system, the first reaction is the most 
desirable of the three reactions that take place (see Sec- 
tion 1.2). It is the least sensitive to temperature having the 
lowest activation energy (see Appendix to Chapter 1). 
A low temperature would therefore be favorable in the 
early stages of conversion when the concentration depend- 
ence of the reaction rates are greatest and the rates of the 
undesirable reactions would be affected by temperature to 
a greater extent. A high temperature would be desirable in 
the later stages of the reaction from the viewpoint of 
conversion. We might expect an optimum temperature 
therefore at intermediate conditions. The required calcu- 
lations follow. 

Example 6.6.1.3-1: Temperature Selection for Acrylic 
Acid Reactor 


Recall that = R, V so that 


Sj_ K(j,T) 

K(\JY 


7 = 2,3 


and 

= K(\. 1)^4 


The reactor volume is considered in Example 6.6. 1.2-1 
where account is taken of some nonidealities in mixing. An 
ideal value of 178 m 3 will be assumed here. The operating 
pressure is 350 kPa. 

Therefore, we may determine the dependence of the 
reaction rates on the temperature with 

V= 178 m 3 

P= 350 kPa 

T = 300 K 

K(3,T) 

%3 

, K(2,T) 

K(l,T) 

!h = m,T) 

(127.0 - - g 2 - &)(280.9 - 1.5fr - 2.5& - 4.5g 3 )P 2 y 

(2482.2 -fj/2-^/2 + ^/2) 2 

The result is 




*2 




Definition of Numerical 

Inlet Flows in kmol/h From 







References 


Stream Table 

300 

0.23601 

300 

2.9832 x 10“ 4 

300 

1.3919 x 10“ 5 




325 

1.6064 

325 

3.8712 x 10“ 3 

325 

3.4433 x 10“ 4 

Propylene 

1 

127.0 







Acetic acid 

2 

0 

350 

7.7741 

350 

3.2570 x 10“ 2 

350 

5.0366 x 10“ 3 

Hydrogen 

3 

0 

375 

25.288 

375 

0.17110 

375 

4.2729 x 10“ 2 

Oxygen 

4 

AC (f) = 280.9 

400 

53.17 

400 

0.54718 

400 

0.20785 

Nitrogen 

5 

1056.7 







Water 

6 

1017.6 

425 

79.597 

425 

1.1860 

425 

0.65224 

Carbon dioxide 

7 

0 

450 

97.341 

450 

2.0152 

450 

1.5400 

Acrylic acid 

8 

0 

475 

106.54 

475 

2.9604 

475 

3.0363 




500 

109.60 

500 

3.9691 

500 

5.3055 

Kinetic parameters — 

-see Appendix C: 

575 

99.571 

575 

6.9520 

575 

17.916 

15,000 


1.59 x 10 5 

600 

92.332 

600 

7.736 

600 

23.924 


25,000 


1.81 x 10 8 

Eu N 


K(i, T) = k, iexp( —-22; ) kmol/(m 3 reactor hkPa 2 ) 

RT 


The results in graphical form are given in Figure 6.47. 

The optimum temperature is seen to be approximately 
500 K under the assumed ideal conditions. The design 
temperature is 583 K. 
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FIGURE 6.47 Reaction extents versus reactor temperature in 
acrylic acid system: solid line, species 1; dashed line. 2; and dotted 
line, species 3. 


6. 6.1. 4 CSTR — Energy Balance Once having estab- 
lished the operating temperature by, for example, chemical 
considerations (see problems) or by equilibrium limitations 
(see Section 6.3.3), the heat load on the heat exchange 
system may be calculated with the energy balance, Equation 
(3. 6. 3-3), which may be written as 

Qr = Q + Q g (6.172) 


Calculations for the acrylic acid reactor follow in Example 
6.6. 1.4-1. 


Example 6.6.1.4-1: A Priori Calculation of Heat Load on 
Acrylic Acid Reactor R-301 

The heat load on acrylic acid reactor was calculated in 
Example 3. 6. 3-1 using reaction extents based on a full 
knowledge of the reactor effluent. Here we calculate the 
reaction extents (and the reactor effluent) from knowledge of 
the temperature and reactor volume. The heat load is then the 
difference of the removal and generation term from Equation 
(6.173). 

Following the preceding example: 

Definition of numerical references — hydrogen not needed: 

Propylene 1 

Acetic acid 2 

Hydrogen 3 

Oxygen 4 

Nitrogen 5 

Water 6 

Carbon dioxide 7 

Acrylic acid 8 


Specific heats: 


'0.4339 x 10 5 

1.52 x 10 5 

1.4250 x 10 3 

0.7860 x 10 5 

623.9 


'O' 

0.4020 x 10 5 

1.3675 x 10 5 

1.2620 x 10 3 

0.7003 x 10 5 

569.7 


0 

0.2762 x 10 5 

0.0956 x 10 5 

2.4660 x 10 3 

0.0376 x 10 5 

567.6 


0 

0.2910 x 10 5 

0.1004 x 10 5 

2.5265 x 10 3 

0.0936 x 10 5 

1153.8 


0 

0.2911 x 10 5 

0.0861 x 10 5 

1.7016 x 10 3 

0.001 x 10 5 

909.79 

s — 

0 

0.3336 x 10 5 

0.2679 x 10 5 

2.6105 x 10 3 

0.0890 x 10 5 

1169 


0 

0.2937 x 10 5 

0.3454 x 10 5 

1.4280 x 10 3 

0.2640 x 10 5 

588 


0 

7.7550 

2.9386 x lO^ 1 

2.0878 x 10~ 4 

7.159 x 10~ 8 

9.0960 x 10- 12 . 


.1. 


The generation of thermal energy is defined as, 


5=0: c p in J/(kmol K); s = 1 : c p in J/(mol K) adjusted below 
to kmol basis 


e g = E^/[- AW «/] 

j = i 


and the removal rate by the reactor effluent as 


&= E [<>(».- hT 

all species 


(6.173) 


c p (i, 0) = (1 - s it i) a U \ + a u2 — 


a ^/0 


sinh(t/,3/0) 


«i,3/0 


0=5 


neoshU,;,/^ ) +l000Si '' J/(km ° 1K) 

(6.174) Inlet flows in kmol/h from stream table and heats 
of formation for gases at 1 atm and 25 °C in kcal/mol: 
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127.0 

0 

0 

^( 4 ) = 28°-9 

1056.7 

1017.6 

0 

0 


20.42 

-434.84 

0 

0 

A// f = 

0 

-241.8 

-393.5 

-336.23 


. = , K(3,T) 
3 K(l,T ) 

. , K{ 2, T) 

2 

ih=K(l,T) 


(127.0 g 3 ) (280.9 - L5gi - 2.5£, - 4.5 g 3 )P 2 y 

(2482.2 -| 1 /2-^/2 + f 3 /2) 2 


Units are kJ/mol; adjusted to J/kmol below in enthalpy 
formation. 

Formation of enthalpy function based on elements at 
standard conditions: 

Elements at standard conditions: 


Solution isfe = 97.459, § 2 = 7.2256, = 19.773} 

— f 1 A(7’) x 10 -9 generation rate x 10~ 9 
Q = 10.176 x 10 10 Btu/h 


H(i,x) = 10 6 A/Tf. 1 + J c p (i,0)d0 

298.16 

i—6 

Q r = X W‘, 583) - i/(j, 191 + 273) = 1.0552 x 10 10 J/h 

i= 1 

-1 -1 -1 

0 1 0 


0 0 0 
3 5 9 


■&= 2 


0 0 0 

1 1 3 

0 1 3 

1 0 0 


15.000 1.59 x 10 s 
2 E = 20,000 kcal/kmol k = 8.83 x 10 s 

25.000 1.81 x 10 s 


R= 1 .987 kcal/(kmol K) 


K(i, T) = k iA exp( kmol/(m reactor hkPa") 


V = 178 
P= 350 
T= 583 


a(jv) = ^ X) 


Z— 1 


1=1 


g(2,X) 


!= 8 

+ 5] %//(/, A) 

Z=1 


A(3,A) 

A(1,A) 


(1.0552 - 10.176) x 10 10 = -9.1208 x 10 10 

This result indicates that 9.120 x 10 10 J/h must be removed 
from the reaction medium in order to maintain a steady 
temperature of 583 K. This result differs from the value of 
8.2007 x 10 lo J/h obtained in Example 3.6.3- 1 by approx- 
imately 10% due to the kinetic modeling and reactor sizing 
included in the present calculations. 

If the convective removal of thermal energy by the reactor 
effluent matches the generation rate, the reactor can be 
operated without heat exchange with the surroundings. 
The operation in this case is called autothermal. 

6.6. 1.5 Autothermal Operation We can discuss the 
major characteristics of autothermal operation within the 
context of the acrylic acid reactor R-301. Continuing with 
the preceding example and the results of Example 6.6.2- 1 
used to construct Figure 6.47, the generation term as a 
function of temperature can be determined. The generation 
term is given by Equation (6.173). The results are given in 
Table 6.16. 

These results are plotted in Figure 6.48. 

The behavior of the generation curve in Figure 6.48 is 
generally what we can expect in other situations. Generation 
curves will generally increase rapidly from low to inter- 
mediate values of temperature because of the exponential 
dependence of the rate constants. Instead of leveling out for 
complete conversion, they may decrease to zero at reaction 
equilibrium. If the reactor volume were increased, these 
features would be enhanced. 

The removal term due to flow of the process stream is 
given by Equation (6. 6. 3-3). Assuming no phase changes in 
the reactor, the removal term can be written as 


q x = 7V (F) (cj ; F) )(r- r (F) ) 


(3.110) 



SINGLE-PHASE STIRRED TANK REACTORS 167 


TABLE 6.16 Thermal Energy Generation in R-301 


Q g {T,H ,) = 

-?iA(T)x KT 9 

Generation rate x 10 9 





T 

?i 

T 

?2 

T 

§3 

T 

Qg ( T , 

300 

0.23601 

300 

2.9832x 10 -4 

300 

1.3919 x 10~ 5 

300 

0.14157 

325 

1.6064 

325 

3.8712 x 10~ 3 

325 

3.4433 x 10~ 4 

325 

0.96432 

350 

7.7741 

350 

3.2570 x 10- 2 

350 

5.0366 x 10~ 3 

350 

4.6783 

375 

25.288 

375 

0.17110 

375 

4.2729 x 10~ 2 

375 

15.302 

400 

53.17 

400 

0.54718 

400 

0.20785 

400 

32.515 

425 

79.597 

425 

1.1860 

425 

0.65224 

425 

49.580 

450 

97.341 

450 

2.0152 

450 

1.5400 

450 

62.468 

475 

106.54 

475 

2.9604 

475 

3.0363 

475 

71.54 

500 

109.60 

500 

3.9691 

500 

5.3055 

500 

78.511 

575 

99.571 

575 

6.9520 

575 

17.916 

575 

99.218 

600 

92.332 

600 

7.736 

600 

23.924 

600 

107.13 


where the average specific heat of the mixture and each 
component are defined respectively by 

<Cf > = o( c i?)(T ~ T {F] ) (6.175) 

T 

< c ?} = 7zW / C '" dT (6 - 176) 

J] '(F) 

If we assume that the average specific heat of the mixture is 
constant, then the removal rate is linear in temperature with 
slope proportional to the flow rate. 

A number of possibilities can be illustrated for the 
intersection of the generation and removal curves, the 
intersection being the solution to the energy balance. 
Some of these are illustrated in Figure 6.49 and depend 
on the slope of the removal line and inlet temperature. The 
slope is varied in Figure 6.49 but the same behavior can be 
demonstrated by varying the inlet temperature. If the max- 
imum slope of the generation curve is less than the slope of 
the removal curve, one intersection can exist at a temper- 
ature depending upon the inlet temperature. 



FIGURE 6.48 Energy generation in acrylic acid reactor. 


If, on the other hand, the maximum slope of the gen- 
eration curve is greater than the slope of the removal line, 
more than one intersection is possible with the final temper- 
ature of the reactor depending upon the startup procedure. 

Consider the removal curves labeled Q r in Figure 6.49a 
and begin with one whose slope is relatively large because of 
a relatively high throughput. A single intersection at a low 
temperature would result since a significant reaction rate 
could not be sustained with such a high removal rate. As the 
throughput is gradually decreased, the situation would be 
slightly improved with the reactor temperature rising 
slightly along the lower portion of the generation curve 
until the “ignition” temperature is reached at the illustrated 
position of Q r . Even though additional intersections are 
possible, we expect that the system will go to the nearest 
stable state. A slight decrease in the flow rate will result in a 
very large increase in temperature (AT^ni^on) and 
conversion. 

Now consider the removal curves labeled Q r in Figure 
6.49b and begin with one whose slope is relatively small 
because of a relatively small throughput. A single intersec- 
tion at a high temperature would result with a significant 
reaction rate and conversion. As the throughput is gradually 
increased, the reactor temperature would decrease along the 
upper portion of the generation curve until the “extinction” 
temperature is reached at the illustrated position of Q r . Even 
though additional intersections are possible, we again expect 
that the system will go to the nearest stable state. A slight 
decrease in the flow rate at the extinction point will result in 
a relatively large decrease in temperature (Ar extinction ) and 
conversion. 

Multiple steady states are accompanied by the notion of 
stability: Under what, if any, disturbances to the system will 
the system travel to another steady state? The middle 
(circled) state is unstable, since, for example, a small 
temperature rise would be reinforced by the generation 
rate exceeding the removal rate. The system would therefore 
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FIGURE 6.49 Multiple steady states, ignition (a) and extinction (b) in well-mixed acrylic acid 
reactor. 


travel to the steady state at the higher temperature. A small 
temperature decrease would similarly cause the system to 
move to the lower steady state. Similar arguments can be 
made in support of the stability of the remaining two states. 

Note that the system could be taken through a sequence of 
steady states that begin with the ignition states discussed 
above and return along the extinction route, a different 
sequence of reactor conditions. The system is consequently 
said to exhibit hysteresis. 

6.6. 1.6 Heuristics Some heuristics for single CSTRs are 
as follows (Couper et al., 2005): 

• The reaction rate must be established in the laboratory. 

• The residence time and product distribution eventually 
must be found in a pilot plant. 

• The optimum proportions of stirred tank reactors are 
with liquid level equal to the tank diameter. At high 
pressures, slimmer proportions are economical. 

• Power input to a homogeneous reaction stirred tank is 
0.5- 1.5 hp/1000 gal but three times this amount applies 
when heat is transferred. 


• Ideal behavior is approached when the residence time 
is 5-10 times the time required to achieve 
homogeneity. 

• Homogeneity is obtained with 500-2000 revolutions of 
the properly designed stirrer. 


6.6.2 Isothermal Batch Reactor 

A batch reactor is a stirred tank that is initially charged with 
reactants and maintains uniform conditions as the reaction 
proceeds without product withdrawal or further addition of 
reactants. Calculation of the production rate for the reactor 
must therefore account for the charge time, the drain or 
product removal time, and the time required for any other 
operation such as cleaning or sterilization in addition to the 
reaction time. 

6.6.2. 1 Mass Balance Since there are no inlets or out- 
lets to the batch reactor, the statement of mass conservation 
at the beginning of Chapter 2, implies that the time rate of 
change of the total amount ( i mass or moles) for each 
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species (i) in the batch reactor is due only to chemical 
reaction: 

dN N ' 

, 1 = ^2 VijKjVz withAI, = Ni(0) at t = 0; i = \,2,...,N C 

j= i 

(6.177) 

where the number of moles of species i in the mixture is 
Nj(t) at time t. The charge to reactor is given by Nf 0). V R is 
the empty volume of the vessel in the case of gases and the 
mixture volume in the case of liquids. For liquid phase 
reactions, we will consider only those cases where the gas 
phase, as well as variations in the volume of liquid, may be 
neglected in accounting for mass variations. 

Introducing extents 

Nj(t) = Ni{ 0) + Y f) ‘Ai for a11 1 (6.178) 

j 

and substitution into the mass balance gives 

Y (■§ - = 0 for a11 1 {(x 1 79 ) 

or 

d£; 

-p = St rj V R %j (0) = 0 for all j (6.1 80) 

6. 6.2.2 Liquid Phase Reactions at Constant Density Here 
we assume that the kinetics for each reaction are of the 
form: titl e. T). The molar concentrations may be expressed 
as 

y R = Ci = Ci ° + Y ®ii (Jf~j for a11 ' (6.181) 

which, when substituted into the kinetic expression, pro- 
vides 

df' 

d l = titj(Z, T), 3(0) = Ofor ally (6.182) 


where 

« = (© <6183) 

With a specified temperature and charge, there are no 
degrees of freedom. 

6. 6.2. 3 Some Background for Example 6.6.2.3-1 Lev- 
odopa (L-dopa) is used to treat Parkinson’s disease and has 
the molecular structure shown in Figure 6.50. It is produced 
in vivo from L-tyrosine where it is subsequently converted to 
dopamine, a neuron transmitter (see Figure 6.51). 

The ability of cells to communicate with one another is 
essential to reflexes and local responses and therefore to 
homeostasis (the notion of an internal environment and the 
necessity of maintaining its composition as relatively con- 
stant). Most nerve cells communicate with each other by 
means of chemical agents called neurotransmitters. One 
nerve cell alters the activity of the next by releasing a 
neurotransmitter from its ending that diffuses through the 
extra cellular fluid separating the nerve cells and acts upon 
the second. 

Dopamine is a catecholamine (nomenclature basis see 
Figure 6.52) neurotransmitter; it is found predominantly in 
three major pathways in the central nervous system. One of 
the most important dopamine paths projects from the sub- 
stantia nigra pars compacta to the neostriatum composed of 
the caudate nucleus and putamen. These are part of the basal 
ganglia located deep within the each cerebral hemisphere 
just above the spinal cord (see Figure 6.53). 

This pathway controls movement and balance and coor- 
dinates motor function. In Parkinson’s disease, the amount 
of dopamine delivered to the basal ganglia is diminished 


O 



FIGURE 6.50 Cyl 1 1 1 NO 4 , L-3,4-dihydroxyphenylalanine. 



Hydroxylase Decarboxylase 

C 9 HhN 0 3 , L-tyrosine C 9 HiiN 0 4 , levodopa CsHuNCU, dopamine 


FIGURE 6.51 In vivo production of dopamine. 
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Catechol (Benzenediol) Amine (primary) Catecholamine 

CgHnNO 2 , dopamine 

FIGURE 6.52 Nomenclature basis. 


resulting in a loss of motor control. Symptoms include 
tremor, muscular rigidity, and dyskinesia or involuntary 
movements. Each year about 50,000 Americans are diag- 
nosed with Parkinson’s disease and over one million may 
presently have the disease. That means that you probably 
know, or know of, someone who has the disease. 

Dopamine does not cross the blood-brain barrier and it 
therefore cannot be used therapeutically. However, L-dopa 
does cross the blood-brain barrier and is subsequently 
converted to dopamine; L-dopa can therefore be used as a 
therapeutic agent. 

Example 6.6.2.3-1: Production of L-Tyrosine-Feed Stock 
to L-Dopa Plant 

Your company is planning to produce L-dopa from tyrosine 
and to produce tyrosine in-house. You are required to size 
the reactor(s) and determine the operating conditions to meet 
an L-dopa production rate of 1% of the total market. 

A literature search uncovered an experimental study 
(Lloyd-George and Chang, 1995) where microencapsulated 
whole cells of Erwinia herbicola are used to catalyze the 
reaction: 

NH 4 C1 + CH 3 COCOOH + C 6 H 5 OH -> CoH, ,N0 3 + H 2 0 + HC1 


The cells that contain the necessary cofactors and enzymes 
are made available in microcapsules consisting of the cell 
suspension in a buffered environment and surrounded by an 
alginate-polysine-alginate. The batch reactor environment 
is illustrated in Figure 6.54. 

The Ks are equilibrium constants associated with steps in 
the underlying molecular mechanism. 

The experimental conditions we will duplicate in order to 
be consistent with the kinetic data are as follows: 

Stirring rate = 240 rpm 

Temperature = 37 °C 

Reaction medium: 

Solution 1: Solution 2: Solution 3 = 8:1:1 by volume 

Solution 1 : Phosphate buffer (0. 1 M, pH = 8) containing 

A = 80 mM, £ = 80mM, C = 40mM 
A = ammonia, B = pyruvate, C = phenol 

Solution 2: Microcapsules containing 6.6 mg of protein/ml 
of microcapsules 

Solution 3: Phosphate buffer 




The kinetic parameters were found to be 
Kp = 0.28 mM 


Kc = 0.47 mM 
800-1000 pm 


Suspended 

microcapsules 



Alginate- polysine- 
alginate 
membrane 


Suspended cells 


LJ 


FIGURE 6.54 Batch reactor configuration for tyrosine 
FIGURE 6.53 Location of substantia nigra. production. 
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K a K b = 1871 mM 2 with K A for saturation with phenol and 
tyrosine 

V ma x = 4.34 mM/h 

Using the batch reactor equations, the time required achieve 
a desired extent, is given by 


where 



dr 

3t{z,T) 


1 _ 1 f K a K b K c | K b K c 

Sl(:,T) y ma x[(Co- 2 ) 2 (C c0 -r) (C 0 - z)(C c0 - z) 


| K c ( K a K b K c /Kp)z \ 

( Cco-z ) (C 0 — z) 2 (C c o — z) J 


Substitution into the kernel of the integral gives 

1 1 


R(z, t) y ma , 



1 

l 

(Co - Cco)’ 

1 (Co - C c0 ) 2 

l 

N 

i 

o 

(z - Cco) 

(z - Co) 2 _ 


+ - 


Me 


(Co - C c0 ) [(z - Co) (z - C c0 ) 




(z - C c0 ) 

1 


C c0 (K a K b Kc/K p ) 

(Co - C c0 ) 2 

1 (C« - C c0 ) Co 


(z - Co) (z - C c0 ) (z - Co ) 2 C, 


cO 


The kinetic model is based upon the ternary mechanism 
with all steps occurring much faster than the product form- 
ing step. The concentrations in the reaction rate expression 
have been replaced with their representations in terms of the 
extent per unit volume (expressed as z for the integration 
variable). The initial concentration of A and B are both equal 
to Co and the initial concentration of C is equal to C c0 . We 
assume that the initial concentration of C is strictly less than 
the initial concentrations of A and B. These restrictions suit 
the experimental conditions stated above. The limiting 
reactant [see Equation (2.75)] is C since 


Combining terms 


1 1 

(z - Co) ~(z- C c o) 

KaKbKc | K b K c | C c0 {K a K b K c /K p ) 
(Co - Cco) 2 (Co ~ CeO (C 0 - C c0 f 


k max _ K c 

3t(z, T ) (z - C c0 ) 


1 

(z - Co) 2 


K a K b K c 
(Co — C c0 ) 


0 KaKbKc ) 

Co I 

K P 

0 

<o 

1 

O 

<0 


0 — C,0 + Vj^j m ax fc.max — C c 0 (?A,max — Hb, max — Co 


Integrating 


The integration may be accomplished with partial fraction 
expansions applied to the individual terms in the expression 
above for the inverse of the reaction rate: 

Functions of z to be integrated and the result are bolded. 




y n 


R(z,T) 


dr = f' f — K c In 


C c0 - £ f 
Cco 


1 1 

"z - (2Co - C c0 ) 1 

4- 

K a K b K c | K b K c | C c o(K A K B Kc/K P ) 

(C 0 - z) 2 (C c0 - z) " (Co - C c0 ) 2 

(z — Co) 2 ( z — Cco) 

i 

(C 0 - C c0 ) 2 (Co - C c0 ) (Co - Cco) 2 


1 

(C 0 -z)(C c0 -z) 

z 

(C 0 - z) 2 (C c o - z) 


l 

l 

l 

(Co — Cco) 

2 

(z - Co) 

(z - Cco) 

1 


1 

1 


(Co — C c0 

.0 

E-Co) 

(z - Cco)J 


1 


1- 

Cco 


(Co - z) 2 (Co - z) 2 (C c0 - z) 
1 CcO 

(z - Co) 2 (Co - C c0 ) 2 


(Co - Cco) 

(z - C„) 2 


In 


Cco — §/ Cco — 


-cO 


-cO 


■ KaK b K c 

0 K A K b K c ) 

Co 1 

1 1 

[(Co - C c0 ) 

K P 

(Co — Cco). 

[Cco Co - 


or 


1 1 (Co - Cco) 

(z - Co) (z - C c0 ) (r - Co) 2 


*(z, T) 


dz = - 



K b K c 
(Co — C c0 ) 


C | C c0 
(Co- Cco) 2 V *p. 


Cco 

(Co - C c0 ) 2 


1 

(z - Co) 


1 

(z - Cco) 


(Co - Cco) Co 
(z — Co)" Cco 


x In 


Cco - g, 
CcO 


K b K c 
(Co — C c0 ) 


K a K b K c A | C c0 \ 
(Co-C c0 ) 2 V 
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X 


In 


Co - £V 
Co 


K a K b K c A 

(Co — C c0 ) \ 


CoV 

1 1 

Kp) 

[c„ Co - A-j 


or 


d: 


R(z,T) 


= t 


V n 


a- 


K c + 


K b K c 

(Co — C c0 ) 


K a K b Kc A C c0 \ 
(Co-C c0 ) 2 V Kp) 


X 


In 


Cco - a 

CcO 


K b K c 

(Co — C c o) 


K a K b Kc A C c0 \ 
(Co - C c0 ) 2 V a 7 / 


x 


In 


Co - A 


Co 


k a k b k c k a k b k c A C c0 \ 

Kp (Co - C c0 ) V Kp) 


X 


1 

A 


Co -A 


The reaction time required to reach 99% conversion of 
phenol can be computed with this result using the data 
provided and allowing the rapid equilibrium constant for 
ammonia to become large enough to have no effect on the 
results: 


A) = 


4.34 


40 


40x - 0.47 + 


X ' 1 + 028 ) ) ln(1 


(1871/7^)0.47 
40 

1871 x 0.47 
40 2 


1871 x 0.47 
40 2 


(1871/^)0.47 ^80 — 40x 

40 n 


1871 x 0.47 
40 


1 


80 

40 

028 


K a = 10,000 1(0.99) = 63.280 
K a = 20,000 t(0.99) = 63.279 
K a = 40,000 1(0.99) = 63.279 


x 


1 + 


40 

028 


1 


1871 x 0.47 
0.28 

1 


80 80 - 40x 


the reactor is 


0.99 C c0 V _ 0.99(40 x 0.001 x (19, 720/454)) V(l) 
63.279 + 7 ““ 63.279 + 7 

= 2.4476 x 10~ 4 V(1) lb tyrosine/h 

If 1% of the L-dopa market of 250 tonne/year is the target, 
the desired production rate of tyrosine is 

0.10 x 250 x 2000 x (197.21/187.21) 

0.90 x 365 x 24 

= 6.68071b tyrosine/h assumng90% 
efficiency with respect to operating hours 

The reaction volume is then 

2.4476 x 10~ 4 V = 6.6807, 

Solution is V = 27, 295 1 or 72 11 gal 


6. 6.2. 4 Gas Phase Reactions and Equation of State at 
Constant Volume Here we presume that the kinetics for 
each reaction is of the form 3l v (y,P,T). In order to use 
the mass balances in Equation (6.180), we need to express 
the mole fractions in terms of the extents and we need the 
pressure in terms of the extents. 

The total number of moles in the tank at any time is given 
by adding Equation (6.180) 


N, 

N = N(0) + J2^Anj 


7=1 


(6.184) 


where 


N c 

A A = X>i/ (6-185) 

;=1 

The sum of the stoichiometric coefficients for each reaction 
gives the mole change associated with that reaction, A nj. 
The contribution to the change in the total molar flow rate is 
scaled by the extent for each reaction. 

The mole fractions in the system are given by 


Note that the fractional amount of phenol converted is given 
by 



CcO 


The reaction time is therefore 63.279 h. If 7 h are required to 
drain, clean, and recharge the reactor, the production rate of 


Nt(0) + E 

N i j. all reactions 

N = N( 0) + E P«/ 

y, all reactions 

+(o)+ E M$/ v *) 

j , all reactions 

c (0) + E te/ApA 

j, all reactions 


(6.186) 
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The balance equations for the extents become 


Assume that the rate of decomposition is given by 



= Rj(g,T,P), 


m 


0 for all j 


(6.187) 


where 


R r = k{T)f A P " 

where A designates sulfuryl chloride. Using Equation 
(6. 6. 2. 2-3) for the mole fraction 


«-(&) - 


= initial molar density 


dR 
d t 


= k(T)RT 


M o) - f 

,c(o)+r. 


The pressure P can be obtained from a pressure explicit 
equation of state into which the mole fractions have been 
expressed in terms of the reaction extents: 

P = P(T,V R ,N) = P(T,V R ,g) (6.188) 

Provided that the mole changes in the reactions are signifi- 
cant, the total pressure is a direct measure of the progress of 
the reactions. Its time profile is determined by 


We, therefore, need to know the composition of the mixture 
at some time. It is reasonable to assume that the initial 
charge was pure sulfuryl chloride. The initial pressure can be 
recovered by extrapolation of the pressure-time data. Con- 
sult the reference for the data to determine the validity of this 
assumption. 

Since there is a single reaction, the ideal gas law can be 
easily inverted to obtain the extent in terms of pressure; refer 
to Equation (6.184). Otherwise, it would be necessary to 
solve for the extent profiles followed by substitution into the 
equation of state to obtain the pressure profile: 


d P 
df 



(6.189) 


For an ideal gas, the preceding result is easily valuated using 
the expression above for the total number of moles in the 
system. The result is 


P 

RT 


c(o) + r =* r 



i 

RT 


c p-m ) 


Substitution into the pressure differential equation yields 
^ = kRT(2P(0) - P," 


- = S ry> jSj 

] 

Example 6.6.2.4-1: Reaction Order for Sulfuryl Chloride 
Oxidation 

Smith (1981) measured the total pressure during the constant 
volume decomposition of sulfuryl chloride at 279.2 °C. The 
decomposition products are sulfur dioxide and chlorine. 
Suggest a reaction order from the following measurements: 


or 


In 


2 - 


m 


= — kRTt , n = 1 


_= 1 +kRT(n- l)P(0)"~ l t 


[2 ~(P/Po)T 


n > 1 


Refer to Figure 6.55. Linear extrapolation to t= 0 provides 
an initial pressure of 323.41 mmHg. Linear plots of the data 
indicate that the first-order model provides better fit of the 
data. 


t (min) 

P (mmHg) 

3.4 

325 

15.7 

335 

28.1 

345 

41.1 

355 

54.5 

365 

68.3 

375 

82.4 

385 

96.3 

395 


Eventually all of the sulfuryl chloride decomposed. 


t 

P 

n = 1 

ln(2 - P/P( 0)) 

n = 2 

1/(2 — P/323.41) — 1 

3.4 

325 

-0.00493 

0.00494 

15.7 

335 

-0.03649 

0.03717 

28.1 

345 

-0.06909 

0.07153 

41.1 

355 

-0.10278 

0.10825 

54.5 

365 

-0.13765 

0.14758 

68.3 

375 

-0.17378 

0.18979 

82.4 

385 

-0.21126 

0.23524 

96.3 

395 

-0.25021 

0.28429 
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n = 1 



0.00000 

•0.05000 

- 0.10000 

-0.15000 

• 0.20000 

-0.25000 

•0.30000 



FIGURE 6.55 Linear plots of data. 


6.7 CHEMICAL REACTION EQUILIBRIUM 

Chemical reaction equilibrium appears as an important 
consideration even at the very beginning stages of process 
design. It establishes the limiting reactor conditions neces- 
sary to achieve a desired conversion or the conversion limit 
at a specified set of process conditions. From a macroscopic 
point of view, these conditions exist at the equipment outlet 
and are the result of the microscopic rate processes expe- 
rienced by the process materials prior to reaching the outlet. 
Reaction rates that are applied near the chemical equilibrium 
state need to vanish at the limiting condition. 


For completely mixed systems, the equilibrium per- 
sists throughout the system. Phase equilibrium is a sep- 
arate consideration and therefore may or may not be 
present. 

The Gibbs free energy is a minimum in a reactive single- 
phase system at a specified temperature and pressure. At the 
equilibrium point, therefore, 

dG = J2GidNi = J2 Hi dN i = 0 ( 6 . 1 90 ) 

For a single reaction, ij/A, = 0 , the mole numbers must 
change in proportion to each other and to the limiting 
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reactant (A), 

dG = Vg iT 4tcWa = 0 (6.191) 

or 

N c 

X>G, = 0 (6.192) 

i=i 

From Equation (6.8), the chemical potential in the mixture 
can be written in terms of the value for the each component 
in a standard state at the temperature of the system. 

G, - G° = RT In ^ (6.193) 

f i 

As discussed in Section 3.6. 1.1, the reference state or 
thermodynamic dead state for all chemical species is the 
elements in their most stable form at 25 °C and 1 bar. 
The standard state for all chemical compounds is at 
25 °C and 1 bar and then as follows: for gases, it is 
the ideal gas; for liquids and solids, it is that state of 
aggregation; for solutes in aqueous solution, the standard 
stare is the hypothetical 1 molal solution of the solute in 
water. These standard states translated to the temperature 
of the system can be taken as the standard states in 
Equation (6.193). Substitution of Equation (6.193) into 
Equation (6.192) gives 

N c N c j 

Y Vid! + hw = 0 (6.194) 

;=1 i= 1 fi 


The ratio of fugacities in Equation (6.197) is called the 
equilibrium constant. (It is not constant! It depends 
on temperature.) The individual fugacities depend on 
pressure and concentration as well as temperature. At 
equilibrium, the equilibrium constant t provides a func- 
tional relationship between the reaction extent and the 
temperature and pressure that must be satisfied. In order 
to make use of this relationship, we need to know the 
Gibbs free energy change for the standard reaction 
at the temperature in question as shown in Equation 
(6.195). 

From the definition of the Gibbs function, 

AG° = AH° r - TAQ (6.198) 

In Section 3.6.1, the experimental basis for the tabulation of 
heats of formation was discussed as well as their relationship 
to the standard heat of reaction. 

AH° r (298 K, 1 bar) = Y f} ' A#/., (298 K, 1 bar) 

all species 

(3.118) 

At the same time, these tabulations can include calculations 
of the entropy change for the standard reaction based on 
specific heat data and of the Third Law of Thermodynamics: 
The entropy of all perfect crystalline substances is zero at 
absolute zero (Smith et al., 2005). The standard Gibbs free 
energy change is then evaluated with Equation (6.198). One 
such tabulation is in Yaws (2003). 

Using these tabulated values, the equilibrium constant 
may be evaluated at 298 K: 

K(T) = e - (AG * //r, ' ) at T = 298 K (6.199) 


The first term is called the standard Gibbs free energy 
change (or better, the Gibbs free energy change for the 
standard reaction) at the temperature of the system. The 
second term can therefore only be a function of temper- 
ature: 


AG| 

RT 


+ ln K(T) = 0 


where 


AG£(r,lbar) = 5>,G? 


(6.195) 


(6.196) 


Equation (6.195) provides the temperature dependence of 
the equilibrium constant: 


lnK(T)lnK(298) 


/' d 

[AG« 1 

/ dr 

RT 2 


298 


( 6 . 200 ) 


Using the thermodynamic identity 

d(G/T) _ H 
dT ~ ^T 2 


( 6 . 201 ) 


and 


we arrive at the working relationship: 


m = n 


fp 


n< 


(6.197) 


In K(T) = In AT(298) 


A H° r 

£d T 

RT 2 


298 


(6.202) 
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where 


The standard Gibbs free energy change for the reaction is 


A H° r (T, 1 bar) = ^ A//}? ,.(298 K, 1 bar) 

all species 
T 

+ Y. [ C P‘(T, 1 bar)dr (3.119) 

all species 2 g§ K 

is the standard enthalpy change for the reaction. The H 9 are 
the enthalpies of the pure components at the standard 
reaction states. 

If the standard heat of reaction is nearly constant over the 
temperature range of interest. Equation (6.202) can be 
integrated to give 


lnK(T) = In /if (298. 16) + 


(—A H° r ) [ 1 


R 


T 


1 

298.16 

(6.203) 


This assumption may not be as bad as one may think on the 
basis that the enthalpy is a strong function of temperature. 
The point here is that the heat of reaction is a difference of 
enthalpies, each of which increases with temperature, at 
possibly the same rate. 


Example 6.7-1: Equilibrium Constant for the Synthesis 
of Hexyl Glucoside by Condensation 


A G° r = -940.04 - 237.14 - (-152.3) - (-910.4) 

= -1 14.48 kJ/mol 

The equilibrium constant can be evaluated with this result 
and Equation (6.199). 

This is clearly a very large equilibrium constant. Accord- 
ing to Equation (6.203), its value at 60 °C may be obtained 
with the standard heat of reaction. The standard heat of 
reaction at 25 °C is 


A = -1079 - 285.83 - (-377.5) - (-1273.3) 
= 285.97 kJ/mol 


Assuming this to be constant. 


In AT(333.16) = 46.185 


285,970(0.23901) 

L987 


1 1 
333.16 298.16 


58.305 


Now this equilibrium constant can be expressed as 


^( 333 . 16 )=^ 

a G a A 


YpYw XpA'w 
YgYa *gXa 


= K y K x = K y K c 


The condensation reaction between «-hexanol and glucose 
can be used to synthesize hexyl glucoside with the aid of an 
enzyme catalyst, |3-glucosidase. See discussion in Chapter 2 
and the summary of related examples. The synthesis reaction 
takes place in an aqueous phase at 60 °C: 


The value of K c was measured to be constant at 1.90 over a 
range of conditions that will be preserved in the scale up. 
This result obviates the need to evaluate the activity coef- 
ficients, but it can be noted that, in this case, there are some 
activity coefficients that deviate substantially from one! 


CgHnOe + C6H13OH C12H24O + H2O 

The idea here is to find the equilibrium relation that will be 
useful in the material balances in process synthesis. 

Solution: 

We want to apply Equations (6.199) and (6.202) for 
which we require enthalpy and Gibbs free energy of for- 
mation data. The data are summarized below: 


Component 

Standard 
State (T, P ) 

G? 

(kJ/mol) 

(kJ/mol) 

Source 

Glucoside (P) 

Solid 

-940.04 

-1079 

Aspen Plus" 

Water (W) 

Liquid 

-237.14 

-285.83 

Langes 

Hexanol (A) 

Liquid 

-152.30 

-372.5 

Langes 

Glucose (G) 

Solid 

-910.40 

-1273.3 

Langes 


“ This estimate was made with the process simulator. Aspen Plus, 
Property Estimation. 


Example 6.7-2: Check on Methanol Conversion 
to Formaldehyde 

In Examples 2.3. 1.1-1 and 3. 6. 1.2-1, material and energy 
balances were carried out on the methanol oxidation reactor 
described in the former example. It was assumed that the 
conversion of methanol was 100% at an outlet temperature 
of 425 °C. We can determine the validity of that assumption. 
Formaldehyde reactor: 

Data from Sandler-TRC tables. 

Definitions: 


Species 

Reference 

CH 3 OH 

1 

o 2 

2 

HCHO 

3 

h 2 o 

4 

n 2 

5 
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The standard states for the reaction system can be taken 
as the pure components in the gaseous state at 1 atm. 
Assuming ideal behavior, all of the /V are unity. The heats 
and free energies of formation will be taken for the gaseous 
state at 298 K. 

Heats of formation (kJ/mol): 


- 200.6 


0 

AH f = -108.6 
-241.8 


0 


Specific heats (J/(mol K)): 



"19.038 

9.146 x 10~ 2 

-1.218 x 10“ 5 

-8.034 x 10~‘ 


25.460 

1.519 x 10' 2 

-0.715 x 10- 5 

1.311 x 10“ 9 

H = 

22.791 

4.075 x 10~ 2 

0.713 x 10~ 5 

-8.695 x 10~‘ 


28.883 

-0.157 x 10" 2 

0.808 x 10' 5 

-2.8712 x 10" 


32.218 

0.192 x 10~ 2 

1.055 x 10~ 5 

-3.593 x 10" 1 


j = 4 

C p (k, T) = Ok, i + ^2 a k jT~ x 
j= 2 


Stoichiometric coefficients and feed mole fraction 


[»] = 


' -1 


"0.08' 

-0.5 


0.10 

1 

M = 

0 

1 


0 

0 


0.82 


ys,i = °- 82 


Standard heat of reaction: 

*= 5 


A H r (T) = J2 ^.i(A///) ; i + 0.001 / c p (i,x)dx 

'=' '=* 298 

H r { 298) = -149.8 
H r { 400) = -149.53 

Gibbs free energy change (kJ/mol) and equilibrium con- 
stant at 298: 

-162.0 

0 

AG f = -102.5 
-228.6 
0 

i=5 

AG° r = ^t7 /jl (AG f ),. 1 = -169.1 


K( 298) = exp 


169.1 


0.008314 x 298 


= 4.3813 x 10 


,29 


Equilibrium constant as a function of temperature: 

K{t) = exp ( ln(4. 3813 x 10 29 ) + / ^ R {P) ^ y j 
W M V ’ J 0.0083 14J 2 I 

\ 298 / 

K( 298) = 4.3813 x 10 29 
^(600) = 2.7398 x 10 16 

The equilibrium conversion will be essentially 100% at this 
value of the equilibrium constant. 

Equilibrium constant as a function of composition and 
pressure: 

Assuming that the gas is ideal, the fugacities are equal to 
(see discussion on evaluation of fugacities) yP. Since the 
reference state fugacities are unity, the equilibrium constant 
becomes 

K = n( yi pf 


Taking methanol as the key reactant (A), the mass balances 
for the reactor are given in terms of conversion as 

«, = «/ 0 + ViXAltAo 

The mole fractions are then 

= ym + djXAyM 
1 + XAyAo/’Z 

The equilibrium constant can then be formed as follows for 
no product in the reactor feed: 

_ y, -0 + &jX A y A o 
1 + -T4J.40/ 2 


K{T) 


(1 - x A ){r 


PaWaP 05 

0.5x^)°' 5 (1 + 0.5x4j 40 )° 5 


where r is the ratio of the oxygen to the methanol mole 
fraction in the feed. 

Calculation of conversion: 


v = 10/8 


P= 1 


Xq = 0.08 


(l-x)(r 


A .0.5 x 2p0.5 

0.5x)°' 5 (1 + 0.5xxo)°' 5 


= A"(425 + 273) = 3.9764 x 10 14 
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g(*) = 


x° 0 5 x 2 P°- 5 


(1 — jc)(r — 0.5 jc)°' 5 (1 + 0.5xxq) 


\ 0.5 


g(x) = 3.9764 x 10 14 
.v e (0.9999999, 1) 


L Solution is {x = 0.999999999999999} 


Example 6.7-3: Phase Equilibrium with Chemical 
Reaction — Synthesis of Hexyl Glucoside 

The synthesis of hexyl glucoside (P) can take place in a 
biphasic system as described in Chapter 1 . The condensation 
reaction between hexyl alcohol (A) and glucose (G) takes 
place in the aqueous phase and produces water (W) and 
hexyl glucoside (P) (see Figure 6.56). 

Biphasic condensation of glucose and hexanol using 
almond (3-glucosidase: 

The product P distributes between the aqueous phase 
and the organic phase. In the organic phase, it is supposed 
that P forms aggregates containing m molecules of P and 
that these aggregates do not partition between the two 
phases. The organic phase becomes saturated with water 
and the liquid phase becomes saturated with the alcohol. 
When the product is removed from the organic phase, the 
aggregates decompose to form the monomer so that there is 
no loss of product due to the aggregation. It will be 
convenient then to not deal with the aggregates in the 
material balances but just the total product in the organic 
phase. This will require the use of an apparent phase 
equilibrium constant in terms of the total product in the 
organic phase that accounts for both phase and chemical 
equilibrium. Data were taken for various alcohols 
(Panintrarux et ah, 1995) from which the data shown in 
Figure 6.57 for hexanol was highlighted. 

Calculate the aggregation and phase equilibrium con- 
stants and the size ( m ) of the aggregates. 


Aqueous 

phase 


G +A = P + W 


Interface 

Hexanol 
phase (A) 


P 


A mP =P m 


W 


FIGURE 6.56 Biphasic condensation of glucose and hexanol 
using almond [3-glucosidase. 



FIGURE 6.57 Apparent phase distribution coefficient for hexyl 
glucoside (solid points); scaling factors on axes apply only to this 
compound. 


Solution: 


Define the aggregation and phase equilibrium constants 
as 


Em 


[Pn 


[P]"o 


K„ = 


j^L 

[P] aq 


The apparent, or total, composition of P in the organic phase 
is 


Morg.app = [PL* + m \P] 


org 


or 


Kap = Kp + m 


Morg.app = [P} 0 rg + m \ P m] 0 rg 

^]org,app=^org + ^«M:rg 


This relation can be cast in terms of phase equilibrium 
constants as follows: 



Jorg.app 

[PU 



{P \ org 

[PU 


mK, 


[P]Z S [P] 
1 [p] 


K„ + mK m K" p ' [P] 


m— 1 

aq 


m 

aq 


aq 


This result in light of the fact that the plot of K dp versus [P] 
in Figure 6.57 is linear leads us to believe that, over the range 
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of compositions covered in the experiments, both the phase 
and aggregation coefficients are constant and m — 2. 

The equation of the straight line is approximately 


K. dp _ 0.620 - 0-380 
10 1.1 1 1 J 


aq 

K, v = 109.091 [P] + 3.80 


0.380 


[P] 


orq,app 


[PI 


= 109.091 [E] + 3.80 


PROBLEMS 

6.1. Calculate the bubble point for an equimolar mixture of 
«-pentane and n-propionaldehyde at 1.5 atm. Assume that 
the vapor is ideal and the liquid follows the van Laar 
equation (see Problem 6.2). 

6.2. Equilibrium measurements in the H-pentane (1) pro- 
pionaldehyde (2) system have shown that j/j” = 3.848 and 
y*- ; = 3.979. Using the van Laar equation, compute the 
values of yq and P for the values of x , listed in the following 
table. The experimental values are listed for comparison and 
for providing the vapor pressure data. The temperature is 
40 °C. 


Experimental Calculated 


Xi 

yi 

P (bar) 

0.0000 

0.0000 

0.7609 

0.0503 

0.2121 

0.9398 

0.1014 

0.3452 

1.0643 

0.1647 

0.4288 

1.1622 

0.2212 

0.4685 

1.2173 

0.3019 

0.5281 

1.2756 

0.3476 

0.5539 

1.2949 

0.4082 

0.5686 

1.3197 

0.4463 

0.5877 

1.3354 

0.5031 

0.6146 

1.3494 

0.5610 

0.6311 

1.3568 

0.6812 

0.6827 

1.3636 

0.7597 

0.7293 

1.3567 

0.8333 

0.7669 

1.3353 

0.9180 

0.8452 

1.2814 

1.0000 

1.0000 

1.1541 


6.3. Formulate the K function for a component of a vapor- 
liquid mixture under the following circumstances 

a. Ideal vapor-ideal liquid. 

b. Vapor is ideal solution (Lewis-Randall rule) — liquid 
phase follows Margules two constant model. 

c. Vapor is nonideal mixture — liquid component obeys 
Henry’s law. 


If an equation of state is required, use the Virial equation 
of state. The only variables are T, P, and the liquid and vapor 
mole fractions. This means that you must define all param- 
eters in these terms and list sources of data. 

6.4. A number of selective solvent systems have been tested 
to improve the separation of carboxylic acids from fer- 
mentation broths. Methylcyclohexanol (C6H 13 CH 3 OH) has 
been found to be particularly effective for the extraction of 
levulinic acid (CH 3 OC 3 H 4 COOH) from water (Senol, 
2005). A 40 wt% aqueous solution of levulinic acid flowing 
at 2000 lb/h is available for extraction with methylcyclo- 
hexanol. The final acid concentration is to be no more than 
2.5 wt%. The separation operation is to take place at 25 °C. 
Equilibrium data are available at 25 °C (Senol, 2005): 


Water Phase Methylcyclohexanol Phase 


Water 

Levulinic Acid 

Water 

Levulinic Acid 

0.9865 

0.0000 

0.0782 

0.0000 

0.9231 

0.0625 

0.0750 

0.0465 

0.8354 

0.1434 

0.0848 

0.1126 

0.7203 

0.2502 

0.0961 

0.2142 

0.6170 

0.3473 

0.1120 

0.3157 

0.5070 

0.4340 

0.1585 

0.4232 


Some useful pure component liquid data that may be used in 
approximating the mixture values are as follows (Yaws, 
1999, 2003): 


Density (g/cm 3 ) 

Viscosity (cP) 

Water 

1.018 

0.7399 

Levulinic acid 

1.127 

4.501 

Methylcyclohexanol 

0.913 

10.88 


a. What are the maximum and minimum solvents to feed 
ratios for a single cross-flow extraction? 

b. What are the limiting amounts and solvent concen- 
trations in the extract and raffinate for the minimum 
solvent to feed ratio in part a? 

6.5. In the production of acetone by the dehydrogenation of 
isopropyl alcohol, a stream containing 35 kmol/h hydrogen, 
35 kmol/h acetone, and 20 kmol/h water is to be flashed at 
2 bar and 20 °C. 

Assume that there is no hydrogen in the liquid product. 
The distribution coefficient for hydrogen is very large. 

a. Using VLE data, find an equation for the activity 
coefficients acetone and water as a function of com- 
position. You may choose the Wilson equation or any 
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other that you feel is more applicable. The fit to the 
data may be obtained by trial and error based on 
critical observations. 

Assume that the activity coefficients are independent 
of temperature and pressure. 

b. Find an expression for the distribution coefficient of 

both acetone and water assuming that the vapor phase 
fugacity of these components obeys the Lewis- 
Randal rule f) = yfi(T. P) where is the 

fugacity of the pure component (/) at the temperature 
and pressure of the mixture, and y i is the mole 
fraction. You may choose any nonideal model for 
the vapor phase and you may use an integrated form 
for the fugacity. If you use an integrated form, set up 
the integral that has to be evaluated to obtain the 
result. 

c. Compute the bubble point of the feed at 2 bar if there 
were no hydrogen present. 

d. Compute the flow rates and compositions in the vapor 
and liquid product streams shown assuming that the 
vapor and liquid mixtures are ideal. Remember that 
the hydrogen mole fraction in the liquid is zero. You 
might consider the effect of this in the expressions that 
you want to use as the distribution coefficient of 
hydrogen becomes very large. 

6.6. Oil is to be extracted from meal using benzene in a 
single equilibrium stage mixer-settler. The unit is to treat 


20001b of completely exhausted meal. The untreated 
meal contains 8001b of oil and 501b benzene. The fresh 
solvent contains 201b of oil and 13101b of benzene. The 
underflow is to contain all of the meal, 1201b of 
unextracted oil, and retained solution. Experimental data 
acquired at the same conditions indicate that the con- 
centration of the retained solution depends on the amount 
retained: 


Concentration 

lb Oil/lb Solution 

Amount Retained 

lb/lb Solid 

0.0 

0.500 

0.1 

0.505 

0.2 

0.515 

0.3 

0.530 

0.4 

0.550 

0.5 

0.571 

0.6 

0.595 

0.7 

0.620 


Determine the 

a. amount of overflow, 

b. concentration of oil in the overflow and in the retained 
solution, 

c. amount of retained solution per lb of exhausted meal. 
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MICROSCOPIC VIEW 
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MULTISTAGE SEPARATION AND REACTOR OPERATIONS 


The stages discussed in Chapter 6 will not, in many cases, be 
sufficiently practical to implement because of excessive 
material and/or equipment requirements. In this chapter, 
the multistage analogs of those single-stage operations 
will be developed. The same principles will be used, but 
the development will lead to single items of equipment that 
offer a multistage separation capability rather than to a direct 
multiplication of the single-stage steps. The stagewise com- 
ponent will remain so that the stream conditions will change 
stepwise throughout the equipment, but the outlet conditions 
will not be the same as the interior conditions. This progres- 
sive stepwise change is an intermediate condition between 
completely mixed systems where the output and interior 
conditions coincide and the processing systems where the 
interior states continuously change from inlet to outlet. Since 
our viewpoint must change focus to reach the interior 
conditions of the equipment, we place multiple equilibrium 
stage systems in the microscopic category. 

In the limiting case of continuous variation throughout 
the equipment, the macroscopic equilibrium stage notion is 
carried into the microscopic notion of local equilibrium. The 
balance equations for mass, energy, and momentum become 
differential equations, since the conservation principles must 
be applied to differential elements in order to bring the local 
variations into view. The interactions of the processing 
equipment with the surroundings will appear in the bound- 
ary conditions associated with the differential balance equa- 
tions: for example, interfacial mass transfer rates in 
absorption, heat transfer rates to reactors, momentum trans- 
fer rates to suspended droplets at flooding. Such rates 
determine, for example, equipment sizes when coupled 


with a net macroscopic requirement. The complications 
of turbulence in these circumstances have led to the defini- 
tion of the interfacial transport coefficients based on exper- 
imental determination organized by the microscopic balance 
equations. 

To improve upon the separations achieved in the single- 
stage arrangements developed in Chapter 6, it will be argued 
that the most efficient arrangement is a countercurrent flow 
of the two phases, where the separating agent for one stage is 
provided by the output from the previous stage. In every 
case, the equilibrium relations discussed in Chapter 6 can be 
expressed graphically and the graphical construction pro- 
vides the number of stages required for the separation. The 
two central features of the single or multistage graphical 
constructions are the equilibrium relation and the material 
balance or operating line. 

We will consider the case of multicomponent systems for 
gas absorption only. Except for distillation, we will assume 
isothermal operation. Isobaric operation will also be 
assumed. Aside from the real applications that are included 
within our purview, we will gain substantial insight into 
those applications that are not. 

Pressure drop calculations and equipment diameters 
based on flooding are considered in Chapter 13 where 
turbulent momentum transfer is discussed. 


7.1 ABSORPTION AND STRIPPING 

The basic aspects of absorption and stripping are discussed 
in Sections 1.2.3 and 6.2.3. The basic aspects consist 
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primarily of the equilibrium relations and the material 
balances for isothermal operation as well as the typical 
applications. 

7.1.1 Isothermal Binary Gas Absorption 

As pointed out earlier, the gas of stripping components from 
a liquid is treated in the same way as absorbing components 
from a gas phase. The form of the equations is exactly the 
same. The distinction will be made in the examples so that 
the discussion will be framed primarily for the application to 
gas absorption. 

Refer to the single-stage analysis in Section 6.2.2 and 
consider improving the amount of absorption. For example, 
a second stage operating similarly to the first stage may be 
added as illustrated in Figure 7.1 where a separate fresh 
solvent flow to the second stage is provided to effect 
additional absorption. 

The fresh solvent provides a fresh equilibrium state for 
the output of the second stage. The mass balance for the 
second stage and its interaction with the equilibrium curve 
are the same as the first stage. If the same liquid to gas 
ratio is used, the graphical representation is given in 
Figure 7.2. 

We are assuming that, aside from the target species 
(impurity), there is no appreciable interphase mass transfer 
and that the impurity is present in sufficiently small 
quantities such that its transfer has no noticeable effect 
on the total flow. This latter assumption can be easily 


A/W, y< 12 > 




x (0) = 0 


FIGURE 7.2 Graphical solution for the cross-flow cascade. 


removed with the use of mole ratios, which were 
introduced in Chapter 1 and applied to gas absorption in 
Section 6.2.2. 

The purity of the gas product increases with the second 
stage and will continue to do so with the addition of even 
more stages as well as fresh solvent. The arrangement is 
called a cross-flow cascade. A major drawback of this 
cross-flow arrangement is that there is an ever-increasing 
quantity of solvent to be treated and it is becoming more 
and more dilute. The gradual dilution can be seen from the 
fact that 

■y(/+l) < y(j) (7.1) 

implies that 

x (/+1) < x u) (7.2) 

We take this to be a property of the equilibrium relation. 

The liquid leaving each stage can consequently act as a 
solvent, less efficient to be sure since it is not fresh, for the 
preceding stage. Taking advantage of this by reintroducing 
the liquid product from each stage, beginning with the 
last, will therefore increase the number of stages required 
but will result in a disproportionately large savings in 
solvent regeneration or purchase costs. We are thereby led 
to the countercurrent contacting arrangement shown in 
Figure 7.3. 

Gas absorption may also be carried out in a continuous 
contacting fashion where the intermediate steps of phase 
separation are bypassed. The packed tower is an example of 
a continuous contacting device for lower capacity opera- 
tions, for example, and will be discussed in Chapter 12. We 
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FIGURE 7.3 Stage in countercurrent cascade. 


will continue here with the countercurrent arrangement of 
equilibrium stages. 

7.1.2 Countercurrent Cascade-Tray Tower 

A sequence of stirred tanks becomes less attractive as the 
stages increase in number since each step requires a new 
vessel with mechanical mixing as well as liquid-pumping 
and gas-moving equipment. A better operation that exploits 
gravity to mix and move fluids within the contacting opera- 
tion can be arranged in a vertical cylindrical tower as 
illustrated in Figure 7.4. 

Liquid travels down the tower and gas travels up. The two 
streams are kept separate, except for regular intervals where 
the two are mixed and separated. The liquid flows down 
between trays in a closed channel called a downcomer. At 
the end of a downcomer, there is an opening that directs the 



Bubble cap tray Sieve tray 


FIGURE 7.5 Bubble-cap and sieve tray. (Courtesy of SGL Group.) 


liquid flow across a tray or plate. The plate is outfitted with 
portals that allow the upward passage of gas and promote 
mixing and interfacial mass and energy transfer. The liquid 
falls to the plate below through the next downcomer after 
flowing over a retainer designed to hold up liquid on the 
plate. The retainer is called a weir. 

The liquid is prevented from falling through the 
portals on the plate by the upcoming vapor stream and 
the design of the portals. Two popular designs are shown 
in Figure 7.5. 

Mixing and separation take place above the plate to the 
extent that the exiting gas and liquid streams are in equi- 
librium. The plate functions as the stirred tank in the 
countercurrent construction discussed above. The corre- 
spondence between the two is shown in Figure 7.6. 

A picture of a tray tower used for absorption is shown in 
Figure 7.7. 

The first steps in the approximate design or sizing of the 
absorption equipment involves the determination of the 
number of stages and the solvent flow rate that is required. 
We presume that the following are given: 

• Inlet gas flow rate, composition, and pressure. 

• Desired purity of the outlet gas. 

• Solvent composition. 

• Operating pressure and temperature for isothermal 
operation. 



FIGURE 7.4 Schematic of flow in a tray tower for gas-liquid FIGURE 7.6 Transition from a stirred tank to a tray tower, 

contracting. Courtesy of Koch Modular Process Systems. Courtesy of Koch Modular Process Systems. 
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FIGURE 7.7 Absorption tower. Courtesy of Clean Gas Systems. 


We will take a graphical approach to determine the 
number of equilibrium stages for systems that entail the 
transfer of a single component. An algebraic method will 
be used for dilute multicomponent systems. The actual stage 
requirement will be obtained through use of an empirical 
efficiency that accounts for the lack of reaching equilibrium 
in the stage. The actual number of stages will be used to 
estimate height of the tower. The tower diameter will be 
determined in Chapter 13. 

7.1.3 Graphical Procedures for Single Components 

Refer to the tower illustration in Figure 7.8. Allowance is 
made for changes in the liquid and gas flows from stage to 
stage. 

Note that we are numbering the trays from the bottom to 
the top. This is not always the case, so care must be taken to 
establish the scheme being used. It is also helpful to be aware 
of the physical associations when interpreting the results, as 
these interpretations are independent of the numbering 
scheme. 

Each stage is an equilibrium stage, so the streams 
leaving the stage are in equilibrium. We are assuming 
that each phase consists of a solvent and a solute and 
that the solvent is not taken up to any appreciable extent 
by the other phase. 

Therefore, there are +1 liquid flows, N s + 1 vapor flows, 
N s + 1 liquid, and N s + 1 vapor mole fractions, or 4 (N s +1) 
+ 1 unknowns, including the number of stages. 



FIGURE 7.8 Stream labels. 


There are N s stages, each a chemical processing unit, each 
of which must satisfy conservation of mass. There are N 
balances for the solute. A subscript on the mole fractions 
will not be necessary, since there is only one solute. These 
balances may be taken in a number of ways. This most 
obvious is to consider a single stage (n): 

x (l n+ i)j\f(‘n + i) +3 ,(v„-i )^(”»-,) = x {l»)N l » +y Mj\fM (7.3) 

The most convenient, however, is to begin with the bottom 
(or top) stage and progressively add a stage at a time as 
indicated in: Figure 7.8 

y Cv " ) A/' (v " ) + x {h) N {ll) = x (/ " +l) 7V (/ " +l) + y (vo AT (vo) (7.4) 

Since the solvent flows are assumed constant for each phase, 
we have the 2 N s relations: 

A/' (, " ) (l - = AC (/iVs+l) (l - x (/jVs+l) ), n = 1,2,. . . ,N S 

(7.5) 

- y W), n = l,2,...,N s 

(7.6) 
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There is one equilibrium expression for each stage for the 
solute: 


/4=M i") « = 1,2, ...,N S (7.7) 

In total, there are 4/V s relationships between the unknowns. 
There are, therefore, five degrees of freedom. 

In a gas absorption problem, we would generally 
know the inlet gas conditions, the solvent composition, 
and the gas purity required. Consequently we can count 
AC, y( v °(, x^ /jVs+1 \ andy( v °( as given leaving one degree of 
freedom. We will assume that the solvent flow is fixed 
for now and return to the question about how best to do 
this later. 

The number of unknowns can be substantially reduced 
if the liquid and vapor flows are constant. This is the case, 
or nearly the case, in two circumstances that can be seen by 
taking a closer look Equations (7.5) and (7.6). These 
relations state the condition that only one component is 
crossing the gas-liquid interface or the equivalent that 
the solvent flow is constant throughout the column in 
each phase. 

For dilute systems, where 

y (0) < 1 and x (1) < 1 (=> x ( ' Vs+l) < 1) (7.8) 

the equations above reflecting the invariability of the solvent 
flows reduce to 


A f ( ‘") = A r {lN+l) = Af { '\ n = 1,2, . . . , N s (7.9) 

A r(v " ) = Af (vo) = A/' (v) , n=l,2,...,N s (7.10) 

In this case, the solvent conditions are satisfied to a very 
close approximation by constant total molar rates of the 
liquid and vapor rates. The mass balances written above for 
the solute can then be rearranged as 


y = 


A/- (/) 

Af (v) ' 


-(/»+ i) 


(y (vo) - 


Af (/) 

AC (V) ' 


>), n= 1,2, ...,N S 

(7.11) 


This result, called the operating line, states that the inter- 
stage composition pairs {x l " + 'Ky '’^ } lie on a straight line 
of constant slope that passes through the mole fractions 
at the bottom of the tower { x (6) 

, y( v °' } as well as the mole 
fractions at the top [x^^+'^ybv,)}. Note that both the 
liquid and vapor flows decrease with the height of the 
tower, which is a stabilizing feature of the constant slope 
assumption. 


If the system is not dilute, we can introduce the mole ratio 
composition measure (see Section 2. 1.1.1) and again obtain 
a straight operating line since the use of this composition 
measure requires the use of the constant nonsolute flows 
expressed in Equations (7.5) and (7.6): 

x (ln) N (Q = _^±_ = X^A (f 

S * V ^ 

Constant liquid phase solvent flow! 

See Equation (7.5) 

(7.12) 

= 1 - v (’'»)^AA (Vn) = Y^AT^ 

Constant gas phase solvent flow! 

See Equation (7.6) 

(7.13) 


Substitution into the mass balances gives 

\rW \rU) 

Y m = — f^X {! " +l) + (T (0) §y* (1) ) n = 1,2,,. . ,N S 

Af s Af s 

(7.14) 

a straight line called the operating line with the properties 
stated above for the case of dilute systems. 

In conclusion, assuming that only one component is 
absorbed, we must use mole ratios and nonsolute (solvent) 
molar stream rates that are constant in each phase in order 
to obtain a straight material balance line that passes 
through the stream conditions at the top and bottom of 
the tower. For dilute systems, we may use mole fractions 
and total molar stream rates that are constant in each phase 
in order to obtain a straight material balance line that 
passes through the stream conditions at the top and bottom 
of the tower. 

The equilibrium data in each case must be expressed in 
the same concentration scale used in the mass balances. If, 
for example, the equilibrium data are given in terms of mole 
fractions, we may use the definitions to convert the data to 
the mole ratio scale. If the data are given in terms of mole 
ratios, we may convert it to mole fraction scale with their 
relationship implied by Equations (7.13) and (7.14). 

We will continue the discussion in the mole fraction scale 
but with the similarity to the mole ratio scale very much in 
mind. The mole fraction scale is common in multi- 
component systems where the equilibrium data are seldom 
if ever expressed in the mole ratio scale. 

The equilibrium line can be plotted on mole fraction 
coordinates. The operating line can be located on the same 
coordinates. It will always fall above the equilibrium 
line for a self-consistent application. This can be seen 
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FIGURE 7.10 Relative location of operating lines and the 
equilibrium curve. 


FIGURE 7.9 Relative location of liquid and vapor mole fractions. 


as follows: First, consider the mass balance for a single 
stage: 




A f (/) 

V v) ' 


.(In) 


\r(D 

+ (y {Vn -' ) +— m* (/ " + i) ) n=l,2,...,N t 


AT ( 


(7.15) 


composition pair represented as y ^’- 1 } is seen to fall 
below the equilibrium curve for stripping. 

These considerations place the operating line for absorp- 
tion above the equilibrium line and the operating line for 
stripping below the equilibrium line. The two cases are 
illustrated in Figure 7.10. 

The solvent flow fixes the outlet liquid composition by an 
overall material balance: 


This relation states that the outlet compositions , yl v ”) } 
fall on a straight line of slope — that passes through the 
point representing the inlet liquid and gas flow compositions 
{x < ' ln+i \ y( v »- 1 )}. In gas absorption, the gas composition 
must decrease from inlet to outlet. In a stripping operation 
where a solute is removed from the liquid phase, the gas 
phase composition must increase from inlet to outlet (refer to 
Figure 7.9). 

The interstage composition pair ,y < - Vnl } is seen to 

fall above the equilibrium curve for absorption. The interstage 


AC (/) (-X (/l) - x (/jv+l) ) = or (7.16) 


x(h) _ x (h+ i ) 


a r {v) 
+ A r® 


(yM-yM) 


(7.17) 


The inlet and outlet conditions can then be used to locate 
the operating line by fixing the end points. The remaining 
gas phase compositions as well as the liquid compositions on 
all of the stages may be determined by alternating between 
the equilibrium curve and the operating line while recalling 
what the composition pairs mean on each (see Figure 7.1 1). 



Stage stepping; 

Starting at the top of the column, a horizontal 
line from y N to the equilibrium curve gives x N . 

A vertical line from the equilibrium curve to the 
operating line gives the interstage gas 
composition associated with x N , y N _ v Must end 
on operating line. Can also startatbottom of 
column 


x 


FIGURE 7.11 Stage stepping for gas absorption. 
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Note that the last step is a partial one, but one that must 
end on the operating line. This means that we have justifi- 
ably sacrificed the assumption of an equilibrium stage on the 
last step in order to satisfy the material balance. Also note 
that the indicated concentrations above or below the stage 
are what this theory predicts you would measure if you 
sampled the liquid and vapor steams at that location in an 
operating tower. 

We now have a graphical technique to solve the problem 
that we defined at the outset. The graphical technique is 
described in terms of mole fractions. In these terms, it 
applies to dilute systems. However, the same graphical 
technique may be followed with mole fractions replaced 
with mole ratios and total molar flow rates replaced with 
nonsolute molar flows without the assumption of dilute 
systems. 

It is clear from the construction method that many 
liquid flows will provide the required gas purity, since 
the same procedure may be followed for a range of slopes. 
The question of which to choose is therefore not a 
technical problem for the most part. The choice is an 
economic one. 

Without the specification of the liquid flow, we may still 
draw the equilibrium curve, locate the top of the tower, 
and define the line through the inlet gas composition on 
which the outlet liquid composition must fall (refer to 
Figure 7.12). 

Starting with a very large flow rate where the operating 
line is vertical and progressively decreasing the liquid flow, 
we see that the number of stages can be determined for each 
flow condition until the operating line touches the equili- 
brium curve at what is called a pinch point. This may occur 
at the inlet gas composition or at an intermediate point 
between the inlet and outlet gas composition. The latter is 
illustrated in Figure 7.12. 



As the pinch point is approached, the number of stages 
approaches an infinitely large number, and the liquid flow 
cannot be decreased further. The minimum solvent flow is 
therefore determined by 




(V.) 


u(%) 


ml - ) 


(7.18) 


The liquid rate must be larger than this minimum value in 
order to have a finite number of stages. 

There is an economic interplay been the solvent flow 
and the number of stages that gives rise to an optimum 
selection of the liquid rate. There is an operating cost 
associated with the solvent flow that reflects regeneration 
cost and a depreciated investment cost associated with the 
number of stages or the column. At low liquid rates, the 
operation is close to equilibrium; therefore, a large number 
of stages are required, which results in a costly column. At 
high solvent flows, the distance from equilibrium is 
increased by a more dilute liquid, so a large investment 
is not needed for the column. However, the cost of 
regenerating the solvent increases with the solvent flow. 
Consequently, at both high and low solvent flows, we are 
faced with high costs that suggest an intermediate mini- 
mum. A graphical representation of the total cost is given 
in Figure 7.11. 

The optimum is found under constant economic condi- 
tions to be nearly proportional to the minimum flow for a 
wide range of operating conditions. In this case, the cost 
calculations are replaced with a value for a defined in 
Figure 7.13. 



A (mol/time) 


FIGURE 7.12 Effect of solvent flow on the operating line. 


FIGURE 7.13 Costs versus solvent flow. 
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W (V > 



FIGURE 7.14 Butane recovery column. 


Example 7. 1.3-1: Butane Recovery — Fixed Number 
of Stages 

Butane (/7-C4H 1 0 ) in a refinery gas stream is recovered 
by absorbing it in a liquid, heavy-oil stream. A five-tray 
gas-liquid countercurrent absorber column is used. 
Measurements of the mole fractions in the exit gas stream 


from the absorber indicate 3mol% C4H40. Fifty moles of 
liquid, containing no C4H 10 , are fed into the top of the 
absorber for every 100 mol of gas fed to the bottom of the 
absorber. 

Calculate the concentration of //-butane in (a) the gas 
stream fed to the absorber assuming constant liquid and 
vapor flows in a dilute system and (b) the outlet gas 
composition using the inlet mole fraction obtained in part 
(a) but using mole ratios (see Figure 7.14). 

Solution: (a) 

The K value for //-butane at 40 °F and 35 psia is approxi- 
mately 0.50 (refer to the DePriester charts in Chapter 5). The 
equilibrium curve is therefore the straight line with slope = 
0.50 drawn in Figure 7.15. 

The slope of the operating line is the specified liquid to 
gas ratio, also 0.50. The conditions at the top of the absorber 
are given as (0, 0.03). With the slope and this point, the 
operating line may be drawn. 

Beginning at the top of the tower, exactly five stages may 
be stepped off. The conditions at the bottom of the tower 
may be read from the graph. The result is 

x (l '> = 0.296 
= o.l78 



FIGURE 7.15 Graphical solution to the butane recovery problem. 
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Solution: (b) Mole ratios 


y(0) = yo)(i_y°)) = 0 2i6545 


X ,6) = 

A/ fl) s M/ <v) s=0.5(l+ r (0) )= 


0 

0.589 


y <0) and X <6) specified 
specified 
Assume Y (5) 

Calculate X (l) 

Determine A/ s 

Iterate on Y (5) until A/ s =5 


y( 5) ^ 

N s 

0.01 0.350671 

6.6 

0.025 0.325204 

3.9 

0.019 0.335391 

4.75 

0.017 0.338786 

5 


Equilibrium data: 

y=0.5xor 

y=0.5X/(l+0.5X) 


Apparently, the assumption of a dilute solution underestimates the effectiveness of 
the column and provides a conservative estimate of the allowable feed composition. 
For the feed composition arrived at by using the dilute phase assumption, the outlet 
mole fraction was 0.03 mole ratios the outlet mole fraction is estimated to be 0.016. 


X 

Y 

0.0000 

0.0000 

0.0500 

0.0244 

0.1000 

0.0476 

0.1500 

0.0698 

0.2000 

0.0909 

0.2500 

0.1111 

0.3000 

0.1304 

0.3500 

0.1489 

0.4000 

0.1667 

0.4500 

0.1837 

0.5000 

0.2000 

0.5500 

0.2157 

0.6000 

0.2308 

0.7000 

0.2593 


The last trial is shown in Figure 7.16. 

7.1.4 Isothermal Liquid Stripping 

In stripping, one or more components are removed by 
contacting with an unsaturated gas phase. The mass balances 


are the same as those in absorption but the direction of the 
interfacial mass transfer is in the opposite direction so that 
the operating line falls below the equilibrium line. The 
number of degrees of freedom are the same but different 
selections are made that are suitable to stripping: the inlet 



Mole ratio X 


FIGURE 7.16 Outlet mole fractions for five stages. 
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Stage stepping: 

Starting atthe top of the column, a horizontal 
line from x ,Ws+1) on the operating line where the 
associated interstage composition is y (Ws) to the 
equilibrium curve. The value ofx (Ws) is obtained 
from the equilibrium curve. The step represents 
stage N s . The stepwise descent along the 
operating line is continued with the last step 
ending precisely on the operating line atthe 
outlet liquid composition. 


FIGURE 7.17 Stage stepping for liquid stripping. 


liquid conditions (A f^ Ns+1 \ x^ ,Ns+l ^), the gas phase purity 
(y <0) ), and the desired purity of the liquid (x (1) ) are known. 
The final degree of freedom is taken by the gas flow, which 
will be determined by the same economic arguments as the 
liquid flow in absorption. The gas flow fixes the outlet liquid 
composition by an overall material balance: 


curve so the number of stages increases and approaches an 
infinitely large number as the pinch point is approached. The 
minimum solvent flow is therefore determined by 


Af {v) = AA (/) 


x (iV s +l) _ x (i) 

y(N S ) _ y( 0) 


(7.21) 


^) (x d) _*(*.+!)) = A^>(y(0) -y W )or (7.19) where 


y(N a ) = y (0) + (*(*.+!) _ (7.20) 

J\f ( 1 

The inlet and outlet conditions can be conveniently used to 
plot the operating line. Given any single gas phase compo- 
sition, the remaining gas phase compositions as well as the 
liquid compositions on all of the stages may be determined 
(see Figure 7.17). 

The discussion has again been in the mole fraction frame 
but can be cast directly in the mole ratio frame, which is 
necessary for the case of relatively large mass transfer rates. 
We have a graphical technique to solve the stripping problem 
for a specified gas flow. It is clear from the construction 
method that, like the liquid flow in gas absorption, many input 
gas flows will provide the required liquid purity. The question 
about which to choose is therefore not a technical problem for 
the most part. The choice is again an economic problem. 
Without the specification of the gas flow, we may still draw the 
equilibrium curve, locate the bottom of the tower, and define 
the line through the inlet liquid composition on which the 
outlet gas composition must fall (refer to Figure 7.18). 

To find the minimum gas flow, begin with a very large 
value where the slope is near zero and decrease the flow 
progressively until any part of the operating line touches the 
equilibrium curve. This may occur before the inlet flow is 
reached, which is shown in Figure 7.18. During the progres- 
sion, the operating line becomes closer to the equilibrium 


y (N a ) =f(r, P, x (iVs+1) ) = equilibrium function (7.22) 

There is an interplay between the gas solvent flow and the 
number of stages that gives rise to an optimum gas flow rate. 
There is an operating cost associated with the gas flow that 
reflects recirculation cost and a depreciated investment cost 
associated with the number of stages or the column. The 
situation is analogous to the optimum liquid flow in absorp- 
tion. Again, the optimum is found under constant economic 
conditions to be nearly proportional to the minimum flow. 



FIGURE 7.18 Effect of gas flow on the operating line. 
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Equilibrium data: 

X 

y 

0.033 

0.03959 

0.072 

0.08288 

0.117 

0.11271 

0.171 

0.13594 


where 

x = mole fraction acetone in water 
y = mole fraction acetone in air 

Solution: 


FIGURE 7.19 Stripping of acetone from water. 


Example 7. 1.4-1: Stripping of Acetone from Water 

A water stream containing 15 mol% acetone is to be stripped 
to an acetone content of 2 mol% using a pure air stream (see 
Figure 7.19). Countercurrent contact in a perforated tray 
tower at 101 kPa will be employed. Air may be considered 
insoluble and water may be assumed nonvolatile. Assuming 
constant liquid and gas rates, determine the 


a. Draw an equilibrium curve with mole fractions. Locate 
the inlet gas point (0.02,0). Draw the line from the inlet 
gas point to the vertical line through the inlet liquid 
mole fraction (0.15). Increase the slope until the line 
touches the equilibrium curve (refer to Figure 7.20). 


This occurs at v = 0. 128. The maximum slope is therefore 



0.128-0 
0.15 - 0.02 


0.98462 


or the minimum moles of gas per mole of liquid 


a. minimum gas flow per unit of liquid feed 

b. number of stages required 


V w \ _ 1 

j 0.98462 

s / min 


1.0156 



0 0.02 0.04 0.06 0.08 0.1 0.12 0.14 0.16 0.18 0.2 

Mole fraction acetone in water 


FIGURE 7.20 Minimum gas flow for acetone stripping. 


194 


MULTISTAGE SEPARATION AND REACTOR OPERATIONS 


Acetone-air-water system at 101 kPa 



FIGURE 7.21 Graphical solution to the acetone stripping problem. 


The actual gas rate must of course be smaller. We will 
assume an economic factor of 1.25 (see Figure 7.21). 

Plot operating line and step off the stages. 

The number of equilibrium stages is seen to be three. 

7.1.5 Dilute Multicomponent Absorption 
and Stripping 

In the case of multicomponent systems, it is often necessary to 
use a detailed model of the unit in order to properly account 
for the variation in the individual flows. If, however, the 
system is sufficiently dilute in the soluble or volatile com- 
pounds that the total liquid and vapor flows remain close to 
their inlet values and the distribution coefficient for each 
species is constant, the group method devised by Kremser can 
be used. The method may also be used effectively for provid- 
ing the starting values in a rigorous iterative procedure. 

In the following calculations, we will follow an individual 
component and use the notation illustrated in Figure 7.8. 
Since the subscript, j, will appear on every element, we do 
not need to carry it through the calculations. However, we 
will do so in order that this fact is clear. 

Mass balance on a single tray see Equation (7.3): 

A/'j v "- l) + A/f +l) = A rf n) + Afj Vn) (7.23) 

Assuming that the individual ratios of the component flows 
leaving each stage are constant, as well as the equilibrium 
distribution coefficient. 


liquid flows from the mass balance given in Equation (7.23) 

J\r ( j v " ) Af ( j v "- l) = Af { j ln+,) - { j In) = Aj(J\fj Vn+l) - A/'j Vn) ) (7.25) 
The change in the vapor rate over the column is 

r( v N a ) yv /"( v o) 


Afj - Afj 


J\f( VN A _ ^( V W s-l) 


Afp-' 1 - N) 


(»w, 

i 

= \ A J 

a r ( - Ns) -uf a) 

\f( v Ns) _ /W-(vjVs-l) 

j j 


(vjv s - 2 


Ns -l^ A N s -2 +a .] 


(M __ IW-M 

/ J j 

i v N s ) A/-(v« s-l) 


Afj - Afj 


(7.26) 

(7.27) 


Af - i 


Aj-l 


where A(j /o) =A y -A/'j Vo) 


(7.28) 


Substitution of the fraction not absorbed, 


<Pna J = 


AT. 


( v N S y 


L Af ( j Vo) J 


(7.29) 


and noting that from the mass balance on the top tray 


Af\ 


( v «s-l) 


= U ( i VN ‘\l+A) -Af 1 . 


FiVs+l) 


(7.30) 


give 


<Pn a,/ = 


’ A j - 1 ’ 

A r^Ns+l) 

J 

A^ s+1 - A- 

A y Ws+1 - 1 

'~o 

- 

Af s+1 - 1 


(7.31) 


In place of ip „ .. :, we could solve for the fraction not stripped, 

Aj = Aff-’ ) /AT^=Ar W /[KjAf M } (7.24) 

The change in the vapor rates across the trays may be written ( Pnsj= 

in the following recursive format obtained by eliminating the 


Af { j lt) 




(7.32) 
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In terms of the stripping factor 

Sj = aj x = N { . n) /A r [ j n) = [Kjj\r M }/j\r {ln) ( 7 . 33 ) 

the result is 


1 

1 

i 

a r {vo) 

i 1 

'Sj - Sj s+y 

S N S + 1 _ { 


1 - S^ s+1 


In the application of these results to absorption, we assume that 
the inlet liquid and gas flows are known for each component as 
well as the number of trays and the operating temperature and 
pressure. The calculations may be carried out as follows: 

1 . Evaluate A or S for each component using inlet/outlet 
flows for the vapor and liquid rates. Evaluate A for 
those components that for the most part enter in the 
gas phase. Evaluate S for those components that for 
the most part enter in the liquid phase. It may be 
necessary to iterate on these values, since it will 
normally not be possible to use the values for the 
same tray at the beginning. Experience indicates that 
the values of A and S should be in the range of 1.25- 
2.00 with 1.4 being a good target. 

2. Determine the fraction not absorbed or not stripped 
for each species and use the results to calculate outlet 
flows for each component. 

3. Add the results to determine outlet flows and 
compositions. 

4. Repeat the calculations if the calculation of A and S 
with new flow rates gives significantly different results. 



"C 5 24 

2000 

FIGURE 7.22 Tower for methane purification. 

Example 7. 1.5-1: Methane Purification (Seader and 
Henley, 2006) 

Determine by the Kremser method the separation that can 
be achieved for the absorption operation indicated in 
Figure 7.22 for the following combinations of conditions: 

(a) Six equilibrium stages and 75 psia operating pressure, 

(b) Three equilibrium stages and 150 psia operating 
pressure, 

(c) Six equilibrium stages and 150 psia operating pressure. 

At 90 °F and 75 psia, the K-value of «-CioFF >2 = 0.0011 
A'-values from Figure 2.8 


Species 

75 psia 

150 psia 

in C7 to C12 

1 

41.0000 

18.5000 

2 

7.5000 

3.6000 

3 

2.3000 

1.0500 

4 

0.6600 

0.3200 

5 

0.2100 

0.1000 


Values obtained using calculated ^ 
flows... compare with values used to 
calculate the flows at left. 


P= 75 psia, 

W s =6 


Species 

1 

2 

3 

4 


10 0.0011 given 


0.9306 


AA'"> 

A/TO) 

S A 

Pna <Pns 


M 0,i 

ll Pn S 

^ns S A 

0.0000 

1660.0000 

0.0061 

0.9939 

1649.8780 10.1220 

0.0061 

0.006305 

0.0000 

168.0000 

0.0333 

0.9667 

162.4000 5.6000 

0.0333 

0.034466 

0.0000 

96.0000 

0.1087 

0.8913 

85.5652 10.4348 

0.1087 

0.112388 

0.0000 

52.0000 

0.3788 

0.6219 

32.3392 19.6608 

0.3781 

0.391654 

0.0000 

24.0000 

1.1905 

0.0797 

1.9137 

22.0863 

0.9203 

1.230914 


5 
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10 

500.0000 

0.0000 



0.9956 

2.2000 497.8000 


TO. 0044 











500.0000 

2000.0000 




1934.2962 565.7038 



P=150 psia, 










N= 3 










Species 

jy-ttvsn) 

a r <Va> 

s 

A 

Pna ?>ns 

y* 4 * 


i-iPna 

i-iPns 

1 

0.0000 

1660.0000 


0.0135 

0.9865 

1637.5676 

22.4324 

0.0135 


2 

0.0000 

168.0000 


0.0694 

0.9306 

156.3370 

11.6630 

0.0694 


3 

0.0000 

96.0000 


0.2381 

0.7644 

73.3787 

22.6213 

0.2356 


4 

0.0000 

52.0000 


0.7813 

0.3486 

18.1283 

33.8717 

0.6514 


5 

0.0000 

24.0000 


2.5000 

0.0394 

0.9458 

23.0542 

0.9606 


10 

500.0000 

0.0000 

0.0022 


0.9978 

1.1000 

498.9000 


0.0022 


500.0000 

2000.0000 




1887.4574 

612.5426 



P=150 psia, 










Af=6 










Species 

i> 

aT°’ 

s 

A 

Pna <P„ S 




i Pns 

1 

0.0000 

1660.0000 


0.0135 

0.9865 

1637.5676 

22.4324 

0.0135 


2 

0.0000 

168.0000 


0.0694 

0.9306 

156.3333 

11.6667 

0.0694 


3 

0.0000 

96.0000 


0.2381 

0.7619 

73.1460 

22.8540 

0.2381 


4 

0.0000 

52.0000 


0.7813 

0.2660 

13.8321 

38.1679 

0.7340 


5 

0.0000 

24.0000 


2.5000 

0.0025 

0.0591 

23.9409 

0.9975 


10 

500.0000 

0.0000 

0.0022 


0.9978 

1.1000 

498.9000 


0.0022 


500.0000 

2000.0000 




1882.0381 

617.9619 




7.1.6 Column Efficiency 

We have assumed that the output streams for each stage are in 
equilibrium. This means that the residence time and mixing on 
the stage is sufficient for the interphase mass transfer rate in all 
of the fluid elements to provide the required material transfer. 
This may not be the case in practice and there are a number of 
ways that we can account for this. 

Consider the material balance around a single stage and 
the fact that it must be satisfied whether or not equilibrium 
is achieved at the outlet. The balance represented graphi- 
cally in Figure 7.23 is a straight line that passes 
through the inlet stream compositions, (x^ ln+1 ',y^ v " '*) at 
the outlet. 

For an equilibrium stage, the outlet compositions must 
also fall on the equilibrium curve, which is denoted by y* on 
the figure. If equilibrium is not achieved, then the outlet 
compositions will fall short of the equilibrium curve and the 


T, P fixed 



FIGURE 7.23 Molar balance for the stage showing inefficiencies. 
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efficiency defined below will be less than one: 


Emv — 


-y(v„+l) _ y{v„) 
y(v„+l) _ y(v„)* 


(7.35) 


This is called the Murphree vapor-phase efficiency. A similar 
approach will clearly result in the analogous Murphree liquid- 
phase efficiency. If these values were known a priori , the 
equilibrium curve could be shifted in the appropriate direction 
to give apseudoequilibrium curve that would be used in the same 
way as the equilibrium stage analysis uses the true equilibrium 
curve for determining the number of stages. We will discuss the 
local efficiency after we have developed a broader base in mass 
transfer theory. Another definition of efficiency very often 
employed is the overall efficiency defined by 

Eq = (7.36) 

s , actual 


the spacing is commonly set on the basis of accessibility 
for servicing. This requires 20-24 in. The tower height 
required for the trays can be set on this basis for atmo- 
spheric and high-pressure operation but 30 in. should be 
allowed for vacuum operation (Silla, 2003). Approxi- 
mately 4 ft should be allowed above the top tray for vapor 
disengagement (see heuristics) and 6 ft at the bottom for 
gas inlet nozzles. 

The tower diameter is based on flooding considerations 
where the transfer of momentum to the falling liquid must be 
sufficiently below the point where the liquid drops are 
suspended in the rising gas. The calculation of column 
diameter on this basis is considered in Chapter 13. A not 
unrelated approximation is based on tray efficiency (see the 
next section). The linear gas velocity obtained from 

F G = u G (ft/s) ^ p c (lb/ft 3 ) (7.38) 


that is, the total number of equilibrium stages divided by 
the actual number of stages. Its value is available for a wide 
range of operating conditions in the O’Connell correlation 
(1946) shown graphically in Figure 7.24. A correlation for 
Figure 7.24 is given in Seider and Henley (2006). 

Pl . 

(7.37) 

7.1.7 Column Diameter and Height 

The spacing between trays must be sufficient to limit 
entrainment and carry over from the tray below. However, 


logZ?o = 1.987 — 0.199 log 


-0.0896 1 log 


K a M a rj L 


Pl 


provides maximum tray efficiencies with values of F c 
between 0.75 and 1.0 (Couper et al., 2005). The density 
of the gas is denoted by p G . 

Example 7.1.7-1: Tower 303: Off-Gas Absorber 
in Acrylic Acid Process 

The exit stream from the acrylic acid reactor is rapidly 
quenched to prevent deeper oxidation to side products. The 
product stream is subsequently contacted in T-303 with an 
aqueous solvent to separate the acid solution from the light 
gases. The situation is depicted in the diagram. The 
problem is to determine the solvent rate, the number of 
stages, and an estimate of the column diameter to remove 
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FIGURE 7.24 Overall efficiency for absorbers. Reprinted with permission of McGraw-Hill. 
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the light gases and retain the acids in the exit solvent stream 
(see Figure 7.25). 

The infinite dilution activity coefficients for acetic and 
acrylic acid are 2.8256 and 4.2563, respectively. These 
values were obtained from Aspen Plus using the UNIQUAC 
model with UNIFAC estimation. 


The stream temperatures are considerably different so 
that a nonisothermal analysis may be considered. We will 
assume isothermal conditions at 30 °C for illustration. The 
solvent rate may be fixed in order to obtain an absorption 
factor of 1 .4 for acetic acid and then adjusting the number of 
stages to obtain the desired separation. 


Species 

Vapor Pressure at 

30 sc 

Units 

Source 

Ideal K 

Activity 
Coefficient 
at 1 nfinite 
Dilution 

Water 

0.6165 

psia 

Perrys Green and 
Maloney, 1997 

0.021247 


Acetic 

0.3982 

psia 

Perrys Green and 
Maloney, 1997 

0.013724 

2.8256 

Acrylic 

0.1006 

psis 

Yaws, 2003 

0.003467 

4.7563 


Species 

l/Henry'sConstant .. .. 
at 30 sc Umts 

Source 

K 






Propylene 

8.83939E-05 

mole fract/atm 

Table 6.2. 1.3-1 

5731.449 






Nitrogen 

0.000011 

mole fract/atm 

Fig. 6-17 

46056.82 






Oxygen 

0.000021 

mole fract/atm 

Fig. 6-17 

24125 






Carbon dioxide 

0.00053 

mole fract/atm 

Fig. 6-17 

955.8962 







Equilibrium stages: 

= 9.5 

Efficiency = 

62.6333% 







Actual stages = 

15.16765047 









K 

NI^Nsh) 

ArtMi) 

Fraction 
A not Ab- 

sorbed 

0ut * et New A 
Gas Flows 

New Frac- 
tion not 
Absorbed 

New Outlet 
Flows, 

New A 

Outlet 

Liquid 

Flow 

JfO i) 

Propylene 

5731.4 


14.7 

9.29E-06 0.999991 

14.69986 1.029E-05 

0.99999 

14.699849 9.457E-06 

0.0002 

Nitrogen 

46056.81818 


1056.7 

1.16E-06 0.999999 

1056.699 1.28E-06 

0.999999 

1056.6986 1.177E-06 

0.0014 

Oxygen 

24125 


51.9 

2.21E-06 0.999998 

51.89989 2.445E-06 

0.999998 

51.899873 2.247E-06 

0.0001 

Carbon dioxide 

955.8962264 


60.5 

5.57E-05 0.999944 

60.49663 6.17E-05 

0.999938 

60.496267 

5.67E-05 

0.0037 

Water 

0.021247232 

71.5 

150.1 

2.504797 0.190254 

28.55712 2.7756634 

0.902042 

135.39648 2.5508947 

86.2035 

Acetic 

0.038776254 


1.61 

1.372489 0.013906 

0.022388 1.5209093 

0.006457 

0.0103957 

1.3977485 

1.5996 

Acrylic 

0.016490602 


7.97 

3.227293 1.01E-05 

8.06E-05 3.5762894 

3.98E-06 

3.173E-05 3.2866873 

7.9700 


Sum = 

71.5 

1343.48 


1212.375 


1319.2015 




Adjusted the inlet liquid flow and the number of stages to obtain an absorption factor of 1.4 for 
HAc and a loss of HAc to the vapor less than l%.The number of stages was 9.5 with an efficiency 
of approximately 31.7 % or 30 stages .The heuristic efficiency is slightly less - see section 7.1.8 

The simulator gives 15 stages and a water rate twice that found here. Refer to the stream tables 
given earlier for the acrylic acid process and compare all of the outlet flow rates continue with 
" Diameter based on maximizing the stage efficiency' 
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T-303 



Using a fractional downcomer area of 0.1 (see heuristics at 
end of the section) 

D= 10.785 ft = 10.785(12)(2.54)/100 = 3.2873 m 

Use this result since it is greater than the diameter based on 
flooding. The simulated value is 3.5 m. 

The column height = (16 — l)2 + 4 + 6 = 40ft= 12.2 m. 
The simulator result is 11m. 

Reconcile the differences and similarities between the 
simulator and the results found here. What would you do 
differently? 


FIGURE 7.25 Tower 303 with feed rates. 


7.1.8 Heuristics for Absorption 


The water rate is considerably underestimated at 
71.5kmol/h in comparison to 141kmol/h (refer to stream 
tables). Compare the outlet streams. 

The number of stages found by the simulator is 15, which 
compares well with the 16 found here. The stage efficiency 
found above, 62.6%, is higher than expected (see heuristic 1, 
Section 7.1.8) 

Diameter based on maximizing stage efficiency: 

Use conditions at the bottom of the tower since the 
maximum vapor rate occurs here. 


A/ (v) = 


14.69999931 

3 x 12.01 + 6 x (1.008) 

42.078 

1056.7 

2 x 14.01 

28.02 

51.9 

2x 16 

32.0 

60.5 kmol/h M = 

12.01+32 

= 44.01 

150.1 

2 x 1.008+16 

18.016 

1.61 

2x 12.01+3x1.008 + 32 

59.044 

7.97 

3x 12.01+4x 1.008 + 32 

72.062 


^=E< } 


1343.5kmol/h, M 


i—1 



i—\ 


U (V) 


28.228 


P = 2, T = 460 + 32 + 30 x 1.80 = 546.0 


M g P 

Pg ~ 0.7302 x T 


lb/ft 3 


"ga/Pg = f g where u G (A - Ad) 


VMjL 

Pg 


D = 


\ 


VM„ 


M g p 


0.7302 x T 


(1 — Ad / A) Fq 


\ 


1343.5 1000. 
3600 454 


-28.228 


3-1416 / 28.228 x 2 


0.7302 x 546 


(1 -0.1)0.75 


(Couper et al., 2005) 

1 . Tray efficiencies for light hydrocarbons and aqueous 
solutions in absorption and stripping are in the range 
of 10-20%. 

2. The optimum value of the Kremser-Brown absorp- 
tion factor is in the range of 1.25-2.0. 

3. A safety factor of 10% of the number of trays 
calculated by the best means is advisable. 

4. Tower height: For reasons of accessibility, tray spac- 
ings are made 20-24 in. 

5. Tower diameter: Peak efficiency of trays is at values 
of the vapor factor Fq = uPq 2 , in the range 1. 0-2.0 
(ft/s) (lb/ft 3 ) 172 . This range of F s establishes the 
diameter of the tower. Roughly, linear velocities 
are 2 ft/s at moderate pressures and 6 ft/s in vacuum. 

6. Pressure drop per tray is of the order of 3 in. of water 
or 0.1 psi. 

7. Sieve trays have holes 0.25-0.50 in. diameter, the 
hole area being 10% of the active cross section. 

8. Valve trays have holes 1.5 in. diameter each provided 
with a liftable cap, 12-14 caps/ft 2 of active cross 
section. Valve trays usually are cheaper than sieve 
trays. 

9. Bubble-cap trays are used only when a liquid level 
must be maintained at low turndown ratio; they can be 
designed for lower pressure drop than either sieve or 
valve trays. 

10. Weir heights are 2 in., weir lengths about 75% of tray 
diameter, liquid rate a maximum of about 8 gpm/in. of 
weir; multipass arrangements are used at high liquid 
rates. 

1 1 . For towers about 3 ft in diameter, add 4 ft at the top for 
vapor disengagement and 6 ft at the bottom. 

12. Limit the tower height to about 175 ft max because of 
wind load and foundation considerations. An addi- 
tional criterion is that LID be less than 30. 
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7.2 DISTILLATION 

We have seen that a single flash vaporization will suffice to 
meet a stringent separation standard when one of the com- 
ponents of interest has a very high relative volatility. A 
multistage version of flash vaporization can be applied when 
this relative volatility condition is not necessarily met. The 
multistage version is called distillation. 

7.2.1 Construction of Distillation Operation 

Suppose that we begin with the flash vaporization of a binary 
mixture of A and B, A being the most volatile (refer to 
Figure 7.26). The vapor stream will be called the A stream 
and it will be our objective to make this stream pure A. The 
liquid stream will be called the B stream and we will focus 
on making this stream pure B. Remember we are assuming 
that the A and the B streams are in equilibrium. 

Consider first the A stream. If we add a condenser, it will 
be possible to condense a relatively small amount of the 
vapor to obtain an enriched A stream and an equilibrium 
liquid stream as illustrated in Figure 7.26. 

We could then repeat this condensation a number of 
times, obtaining a richer A stream at each step of the 
way until we reached the required purity (or an azeotrope). 


Condense B 



B " stream 

(L) | _ 0 ^ 


FIGURE 7.26 Purification step for A stream. 


Suppose, for example, that an additional two steps will 
suffice as illustrated in Figure 7.27. 

The situation, however, is not that bright because our A 
stream is diminished in quantity at each step. Also each 
condensation has produced a sequentially colder liquid that 
contains valuable product we have not accounted for. These 
liquid streams will be costly in terms of both capital 
expenditures and operating expenses. We need to take steps 
to improve the situation. 

The liquid product from the last condensation illustrated 
in Figure 7.27 is colder than the overhead from the first and 
is richer in A than the liquid in equilibrium with the over- 
head vapor from the second. It makes sense from a heat 
transfer point of view then to increase the duty of the last 
condenser, remove the second condenser, and introduce the 
final liquid directly into the second condensation. It also 
makes sense from a mass transfer point of view since the 
recycled streams will be richer in A than required for 
equilibrium, resulting in a release of A to the vapor and 
an enrichment of the A stream. The same reasoning could be 
applied to the first and second condensation. The net effect is 
shown in Figure 7.28. 

The A product can be as pure as we like by adding more 
condensation steps and by adjusting the duty on the last 
condenser. Remember that the condenser is responsible for 
returning cold liquid to the process, which in turn provides 
the enriching operation in the sequence of partial vaporiza- 
tions and condensations. Note that our A product can be 
saturated vapor or liquid, a combination of the two, or a 
subcooled liquid depending on how we operate the con- 
denser. The same ideas can be applied to the B stream with 
vaporizations in place of the condensations. The idea is to 
strip A from the liquid to obtain a pure liquid product. Try it! 
The result is shown in Figure 7.29. 

The boiler in the last step is responsible for returning hot 
vapor to the operation, which in turn produces the vaporiza- 
tions required to strip the A from the B product stream. The 
B purity can be as high as we are willing to supply the 
necessary number of steps. It may suffice in some cases 


Mixture 

A,B 


Condense B = Enrich "A” stream 


"A" product 



FIGURE 7.27 Multistep enrichment of A stream. 


DISTILLATION 201 


Condense B = Enrich "A'’stream 


"A" product 


Mixture 

A,B 



FIGURE 7.28 Energy and mass conservation using recycle (reflux). 


Condense B = Enrich "A" stream 


"A" product 


Mixture 

A,B 


"A "stream 
(V) 


"B" stream 
(L) 




x* 

x- 


- :L x* 


— T* 




Strip (vaporize) A 


"B " product 


FIGURE 7.29 Stripping of the B stream with energy and mass conservation. 


where only a pure B steam is desired to keep only the 
stripping operation and omit the enriching steps entirely. 

With a sufficient number of steps, we can obtain two 
arbitrarily pure steams. Remember that the following: 

• At each stage, we assumed that the mixing is suffi- 
ciently intense and the residence time sufficiently long 
for the required amount of energy and mass transfer to 
take place to essentially establish thermal and chemical 
equilibrium. This also requires that the separation of 
liquid and vapor is complete. 

• The A stream was processed through an enriching 
operation focused on obtaining the more volatile com- 
ponent (A) in pure form. The B steam was processed 
through a stripping operation focused on obtaining the 
less volatile component (B) in pure form. 

• The reflux liquid in the enriching operation is required 
to condense B from the A stream and carry it to the B 
stream. 

• The boil-up vapo r in the stripping section is required to 
strip A from the B stream and carry it to the A stream. 


• The enriching and stripping sections are separated by a 
feed stage where a saturated feed stream is introduced. 

• The temperature increases from the B product stage to 
the A product stage. 

With the addition of pumps and compressors to move the 
liquid and vapor streams, the operation just described could 
be accomplished. However, by taking advantage of gravity, a 
more efficient and less costly construction can be provided 
to accomplish the same operations as summarized above. 
Note that the distillation operation can be carried out in a 
continuous fashion without the introduction of discreet 
stages. 

7.2.2 Equipment for Distillation 

The equipment used for contacting the gas and liquid stream in 
distillation is the same as the equipment used for that purpose 
in gas absorption and stripping shown in Figures 7 .4-7.7. The 
vapor in those figures is the A stream and the liquid is the B 
stream. After providing separately for a condenser and reboiler 
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FIGURE 7.30 Kettle reboiler. 

outside of the column and an opening for a feed, the arrange- 
ment provides all of the features discussed in the original 
construction. 

A common partial reboiler (last step in stripping section) 
is shown in Figure 7.30. 

This is a kettle reboiler that vaporizes the liquid feed and 
produces a vapor and bottoms stream that are in equilibrium. 
It is an equilibrium stage as we discussed during the 
construction of the stripping operations in Section 7.1.4. 
The modifications to a tray tower for gas absorption/strip- 
ping for distillation service are illustrated in Figure 7.31. 

Note that the enriching section has been labeled as the 
rectifying section. The two terms are used interchangeably. 
Tray labels are the same. The distillate may be a saturated 
liquid, a saturated vapor, or a saturated two-phase mixture. 
We will not consider the possibility of a subcooled distillate. 
Multiple feeds and side stream withdrawals are common in 


multicomponent systems. They are not considered here (see, 
for example, Kister, 1992). 

The problem: The problem we want to consider for 
binary systems is as follows: 

Given: 

• Feed rate, A ^ F> , composition, z (F \ and fraction liquid. 

• Distillate composition x (£>) and thermal state. 

• Bottoms composition x {B) . 

• Equilibrium data and physical properties. 

• Coolant temperature for the condenser. 

• Thermal state of the reflux. 

Determine: 

• Operating pressure 

• Number of stages 

• Location of the feed tray 

• Reflux rate 

• Column height and diameter 

• Pressure drop across the unit 

• Condenser and reboiler loads 

The solution (McCabe-Thiele analysis): We have at 
our disposal the balance equations for mass, energy, and 
momentum, and thermodynamics including physical and 
chemical properties. Before applying these tools, let us 
make a few observations of what we can expect. 





FIGURE 7.31 Distillation equipment. 
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The macroscopic momentum balance can be used, for 
example, to provide the proper support for the tower given 
typical wind velocities. It can also be used (product with the 
local velocity) in the form of the macroscopic mechanical 
energy balance to calculate pressure drops with empirical 
friction factors. The pressure drop calculation will in fact 
be handled empirically almost entirely and the small effect of 
pressure on the heat and mass transfer process will be neglec- 
ted. This leaves the balance equations for mass and energy and 
thermodynamics. The equimolal overflow assumption has 
implications in the application of both balance equations. 

We will assume that the liquid and vapor flow rates in the 
enriching and stripping sections are constant and possibly 
change only at the feed stage, depending on the thermal state 
of the feed: 


7V (vi) = Af (V2) = . . . 

_ J\f(vN F - 1) 

= a r {Vs) 

(7.39) 

_ j\f( v " F + 1) _ 

. . . = A f (VNs 

) = jyM 

(7.40) 

a r (h) =W (/2) = ... 


= AT (/s) 

(7.41) 

J\fVN F ) _ J\J-Vn f + l) _ 

. . . = a r {lNs 

) = 

(7.42) 


This is the assumption of equimolal overflow and comes about 
from the following consideration. If the two compounds have 
approximately equal latent heats of vaporization, the conden- 
sation of an amount of vapor will be compensated by the 
vaporization of an equal amount of liquid since the latent heat 
of condensation will be released almost entirely in the liquid. 
The vaporized liquid will nevertheless have a different com- 
position than the condensed vapor. 


Except for minor variations in the enthalpies, the energy 
balance across each tray will be automatically satisfied 
under the assumption of equimolal overflow, leaving the 
energy balance to be applied to the feed stage, the reboiler, 
and the condenser. Likewise, the total material balance will 
be automatically satisfied around each stage leaving its 
application to the feed stage, the reboiler, and the condenser. 
A component balance can be applied to these stages as well 
as all of the individual stages in the column. 

The stages including the condenser and reboiler are 
individual processing units with two input and two output 
streams as the original construction illustrates. There is 
therefore one mass balance for each component. Also we 
consider energy losses from the column to be negligible, 
even for large diameter towers that are not lagged. Note the 
heat generation in the tower is a volumetric effect and heat 
losses are a surface effect. The surface to volume ratio is 
inversely proportional to the diameter, making it increas- 
ingly unnecessary for insulation as the diameter increases. 

7.2.3 Application of Material and Energy Balances 
to Feed Tray 

Stream enthalpies are needed for the application of the 
energy balance around the feed tray, as well as around 
the condenser and the reboiler. The enthalpy terms in the 
energy balance can be formulated in terms of partial molar 
quantities, but to be consistent with our approximate calcu- 
lations, we will formulate the enthalpy in simpler terms 
(refer to Figure 7.32). 

At a fixed pressure and composition, the saturated liquid 
and vapor enthalpies are H L and H v , respectively. In the 
saturated region, the enthalpy is a weighted average (by 



x,y T 


FIGURE 7.32 Enthalpy approximations. 
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the fraction liquid, q) of the saturated values. The enthalpy in 
the subcooled region is considered relative to the saturated 
liquid with a constant heat capacity. The enthalpy in the 
superheated region is considered similarly relative to the 
saturated vapor. Note the correspondence to the Txy diagram 
and that the graph will change numerically from the bottom to 
the top of the tower but the general behavior will be the same. 

We assume that the enthalpies of the liquid and vapor do 
not change appreciably across the feed tray and again that 
there is no heat loss from the column. The system is defined 
by breaking the feed stream and the liquid and vapor streams 
above and below the tray. The energy and total mass 
balances respectively are 

J\r {F) H F + A r M H v + AT {Ir) H l = A r {ls) H L + Af M H v 

(7.43) 

Af (F) + + W" (/fi) = W (/s) + W (vfi) (7.44) 

If we take the changes in the vapor and liquid flows across 
the feed tray as the unknowns, these two independent 
equations give: 


AT (v r ) A/ i,R) 


qV (F) 










(1 -q)SA f) 


fA v s) a /' (,s) 


FIGURE 7.33 Stream splitting at the feed tray for saturated feed. 

which indicates that sufficient vapor condenses to raise the 
liquid feed to its bubble point. In the last case, the super- 
heated vapor vaporizes sufficient liquid to be cooled to its 
dew point. 

The energy balance will be needed again for the heat 
duties. Before proceeding, let us check the degrees of 
freedom to be certain that there is sufficient information. 


AT M =Af {vs) +Af {F \l-q*) 


(7.45) 


7.2.4 Degrees of Freedom 


Af('s) = + 


(7.46) 


Unknowns: 


where 


x, y: 2 (N s + 1) — stages + reboiler 


H v -H f 

H v -H l 


(7.47) 


x (°) ,D,Af (R \ zf, M (f) , q* , Af (B) , Af { " R] , U (vS> , W (,/f) , A r [iS) , 

A's, 2o Qr '■ 14 


The value of q* depends on the state of the feed. The 
possibilities are summarized in Table 7.1. 

The entry for the saturated feed indicates that the liquid 
and vapor portions augment the corresponding internal 
saturated flows. This is illustrated in Figure 7.33. 

In the case of the subcooled feed, the vapor flow result 
with the value of q* from the subcooled entry gives 


J V (vs) - Af {vR) ] A H v = C pl (T b - T f )AT [ f) (7.48) 


Total = 2 N s + 16 

Relations : 

Equilibrium relations: N s + 1 

Mass balances: N s + 1 + 2 + 2 = stages (component) 
+ stages (total) + condenser 

Total condenser: 1: x iD] = 


TABLE 7.1 Values of Feed Thermal Parameter 

Feed Condition Value of q 

Subcooled liquid: q* = 1 + Cpl ^ v Tf ^ 

H = H l ~ C pl (T b — T) 

Saturated mixture: q* = q, the fraction liquid 

H F = qH L + H v 

Superheated vapor: q* = - Cpl{T ^ Td) 

H f = H v + Cpy ( T F — T d ) 


Energy balance: l(used) + condenser and reboiler: 3 

Total = 2 N s + 10 
Degrees of freedom = 6 

Specify: “Tt F> , z (F \ x (D \ RR, x (B \ q*. The reflux ratio has 
been specified for convenience. A method for its evaluation 
depends on being able to determine the solution when its 
value is known. 
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7.2.5 Material Balance for Enriching or 
Rectifying Section 

We are entitled to write one material balance for each 
internal stage since the total is already satisfied. However, 
if we include the condenser, as indicated in the Figure 7.34, 
two balances may be written. 

It is convenient to choose the total and the light component 
balances for the subsystems defined by the boundaries shown 
in Figure 7.34. The boundary is progressively shrunk from the 
stage above the feed to the top stage in the tower. The results are 


the preceding equation. The reflux is saturated liquid and an 
analysis similar to the one carried out for the feed tray will 
verify that the liquid flow in the enriching section is equal to 
the reflux rate. 

JV {Ir) = J V {D) (7.52) 

Since the top streams will be nearly pure, the bubble point 
and dew points will be nearly equal. 

Equations (7.50) to (7.52) imply that 


7V (Vfi) = 7V (/r) + U (D) (7.49) 




RR 

RR+ 1 


r(« 


RR+ 1 


(7.53) 


U M / Vn - l) = A f [lR) x^ + Af [D) x {D) , n = N f + 1 , . . . N S 

(7.50) 

In the last step, the boundary includes the overhead 
condenser, the reflux drum, and the splitter. We will assume 
for the time being that the there is no vapor product, that is, 
that the condenser is a total condenser. A partial condenser 
will be considered shortly. In both cases, the distillate is 
saturated at its bubble point. In summary, the material 
balance for the condenser is 

JV {vr) = JV {R) + JV {D) (7.51) 

Note that the reflux, distillate, and overhead vapor all 
have the same composition, a condition that is satisfied by 


where the reflux ratio is defined as 

W (R) 

RR = ^m < 7 - 54) 

Equation (7.53) states that every interstage composition 
pair, {x ( , y iv "' l] ) in the enriching section, falls on a 

straight line of slope RR/(RR + 1) and intercept x a>, /(RR 
+ 1). This is called the enriching section operating line 
( EOL ). The slope is positive and less than 1 and the line 
intersects the y = x line at x (D> . Furthermore, every intra- 
stage composition pair {x (ln \ y (t ’" ) } must fall on the equi- 
librium curve. The equilibrium curve and operating line 
can be plotted from the given information and the assump- 
tion that the reflux ratio is given. The result (EOL) is 



Bottoms 


FIGURE 7.34 Material balance boundaries in the enriching section. 
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FIGURE 7.35 Operating lines for stripping and enriching sections. 


With the assumed value of the reflux ratio and the given 
data, the SOL may be fixed. The operating line in the 
stripping section may be located by the slope and intercept, 
but it is easier to use its intersection with the EOL. 


7.2.7 Intersection of Operating Lines 

The locus of intersection points may be obtained from the 
expression for the same point (x', /) on each operating a line: 

iV (v *y = N {Ir) x j + A (D) .x (z>) (7.59) 

N M y’ = N {,s) x' - N {b) x { b) (7.60) 


Subtracting and using the results for the changes in the 
internal flows from the feed tray analysis gives 


i 

y = 


q* - 1 


z ( p ) 

1 - q* 


(7.61) 


illustrated in Figure 7.35 along with the analogous result 
for the stripping section operating line (the SOL). 

7.2.6 Material Balance for Stripping Section 

Similar to the enriching section, a mass transfer boundary 
capturing all rays below the feed tray and the reboiler can be 
progressively shrunk to the reboiler. A mass balance at each 
step yields the SOL relating the interstage compositions in 
that section. 


yM = 




a r M 


A'n + l) 


U iB) 

Af {vs) 


n = 1,2,.. . Nf-i 


(7.55) 


The interstage compositions in the stripping section therefore 


1 


Af< v s>. 


, which intersects 


fall on the straight line of slope 

the y = x line at x (B> . This EOL is shown in Figure 7.35. 

The vapor return from the reboiler is saturated and 
establishes the vapor rate in the stripping section. Note 
that the boil-up ratio (BR) is defined as and is related 
to the reflux ratio as follows: 


AT {vr) = A c (/fi) + AT (D) = Af [D) (RR+ 1) (7.56) 

AT (vs) = AT {vr) - = AT {vr) - ( 1 - q) A/" (f } (7.57) 

N {d) {RR + 1 ) - ( 1 - q) M (F) 


BR = 




U (B) 


(7.58) 


This straight line, called the q line, is the locus of possible 

, and 


(F) are known from the 


intersections of the two operating lines. Its slope, 

intersection with the y—x line, z 
given conditions. Since the EOL is fixed, it in turn fixes the 
intersection point. Since the SOL intersection with the y — x 
line is given, the location of this operating line is completed 
with the intersection point. See Figure 7.36. 

The q line can be found in the region swept out by rotating 
it clockwise from the y-x line to the y-x line. These two 
limiting positions arise from very large negative and positive 
values for q*, respectively, where the slope of the q line is 



FIGURE 7.36 Intersection of operating lines — the q line. 
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unity. Within this region, three subregions can be identified 
corresponding to the values of q* associated with the three 
thermal states of the feed discussed above. 

Example 7.2.7-1: Operating Lines in Acetic Acid-Water 
Distillation 

A saturated mixture of acetic acid in water flowing at 
100 lb-mol h is to be separated into two streams, one 98 mol% 
acid and the other 98 mol% water, by distillation. The feed is 
52mol% acid and is at 101.3 kPa. The vapor fraction of the 
feed is 0.63. 

Locate the operating lines if the reflux ratio is 3.72. 

Solution: 


VLE data are available in Green and Maloney (1997). 


■^water 

y water 

t° C 

0.0000 

0.0000 

118.30 

0.1881 

0.3063 

110.60 

0.3084 

0.4467 

107.80 

0.4498 

0.5973 

105.20 

0.5195 

0.6580 

104.30 

0.5824 

0.7112 

103.50 

0.6750 

0.7797 

102.80 

0.7261 

0.8239 

102.10 

0.7951 

0.8671 

101.50 

0.8556 

0.9042 

100.80 

0.8787 

0.9186 

100.80 

0.9134 

0.9409 

100.50 

0.9578 

0.9708 

100.20 

1.0000 

1.0000 

100.00 


A chart was constructed in Excel consisting of the y — = x 
data for water (the more volatile component). The y— = x 



FIGURE 7.37 Feed status and the g-line location. 


line containing the top and bottom compositions were 
plotted on the same chart, each as a new data series. 


x B : 

0.0200 

0.0200 

Top and bottom concentrations 

x D : 

0.9800 

0.9800 



0.0000 

1.0000 

0.0000 

1.0000 

y = x line 


The q line was plotted with the feed mole fraction (0.48) 
and q (0.37) fixed. Two points were used: the feed and a 
variable x with the y computed from Equation (7.61). The 
plot was extended beyond the equilibrium line by visually 
observing the results (see Figures 7.37 and 7.38). 



FIGURE 7.38 Location of the feed and bottoms product. 
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Water-HAc VLE at 101.3 kPa 



x h 2 o 

FIGURE 7.39 Location of EOL. 


0.3700 0.4800 q line 

z: 0.4800 0.4800 

0.3500 0.5563 


The EOL was also drawn as a new series with two points: 
the distillate on the 45° line and the y intercept calculated 
from Equation (7. 2. 5-5) (see Figure 7.39). 


RR = 3.7200 EOL at actual reflux 

0.9800 0.9800 

0.0000 0.2076 


The SOL was drawn with the Excel drawing tool from the 
y intercept to the intersection of the EOL with the q line. 

7.2.8 Number of Stages 

We can now determine the number of stages associated with 
the value of the reflux ratio that is being used by applying the 
properties of the equilibrium data and the operating lines. 
We will begin at the reboiler and progress up the tower. It is 
equally valid to begin at the top of the column. We will 
consider a total condenser and leave the other configurations 
to the problems (refer to Figure 7.40). 

A vertical line drawn from the intersection point of the 
SOL with the y-x line, x u<> to the equilibrium curve gives the 
value of the mole fraction of the equilibrium vapor that is 
being returned to the column, y {B) . This vapor and the liquid 
leaving tray 1 at mole fraction x 1 - 1 ' ' form an interstage 
composition pair that must fall on the SOL. The point 
and therefore x 1 - 1 ' 1 are determined by a horizontal line 


from the equilibrium curve found prior to the SOL. The 
composition of the equilibrium vapor y( Vl 1 leaving tray 1 is 
found by drawing a vertical line from the SOL at x 1 ' 1 ' ' 1 to the 
equilibrium curve. The stream compositions and flows on 
the first tray and reboiler are also shown in Figure 7.40. 

It is possible to proceed through the stripping section in 
this manner. 

Note that the interstage composition above each tray is 
determined by a horizontal line from the equilibrium curve 
to the SOL. If instead the horizontal line is extended to the 
EOL, then above the tray is the enriching section and below 
the tray is the stripping section. This is by definition the feed 
tray. The least number of trays will be obtained if the switch 
to the EOL is made as soon as possible since a larger step 
will be made. 

This stepping algorithm is applied until a horizontal line 
can be drawn to x . This stage is the top tray in the tower 
with a total condenser (with no subcooling) where the 
distillate and reflux compositions are equal to the overhead 
vapor composition. It will not be a full equilibrium stage if 
the horizontal line did not originate on the equilibrium 
curve. It is necessary to begin and end on the operating 
lines since they represent the material balances. The equi- 
librium assumption may be sacrificed, but not the material 
balances. 

The stream compositions and flows on the top tray and 
condenser are depicted in Figure 7.41 for this case of the 
total condensation of a liquid to its bubble point. In this case, 
the overhead vapor, the distillate, and the reflux, all have the 
same composition, 

The last step in the tray-counting procedure above is the 
top tray and the condenser is counted separately. 
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Stage 1 



Reboiler 



FIGURE 7.40 Stage stepping — bottom up. 


The situation for a vapor distillate is somewhat different, 
as illustrated in Figures 7.42 and 7.43. The operating line 
remains the same with the vapor distillate mole fraction 
replacing the liquid distillate mole fraction. 



The distillate and overhead vapor compositions are dif- 
ferent and the last liquid phase mole fraction in the enriching 
section falling on the operating line will be the reflux 
composition. The projection to the equilibrium line will 
be the condenser. 
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1.00 x 



FIGURE 7.43 Steps in the enriching section for a vapor distillate. 

Example 7.2.8-1: Number of Stages for Acetic Acid- 
Water Distillation 

Use the graph prepared in Example 7. 2. 7-1. Use the 
autoshapes, lines, freeform, and zoom tool (for the narrow 
region at the top of the column) in Excel. (See Figure 7.44.) 

The number of stages was determined to be 36 with the 
feed tray being tray 13. There are 12 trays in the stripping 


section and 23 trays in the enriching section. The number of 
trays in the top of the column is less reliable because of the 
restricted space between the operating and equilibrium 
curves. See Example 7.2.9- 1. 


7.2.9 High Purity Products 

In the case of a very high purity product, it may not be practical 
to visually step off the stages in the regions of the 45° line where 
the products are located: near x <B) equal to zero and x a:> equal 
to one. In these cases, a recursion relation can be used until the 
visual process can be resumed or initiated. We presume that 
the equilibrium line can be approximated until that point with a 
constant relative volatility but other forms could be used. The 
volatility should be evaluated at an average temperature over 
the range of conditions encountered in the calculations. A good 
value at the bottom of the tower is the reboiler temperature 
(refer to Figure 7.45). The form of the equilibrium relation is 
not important for this section of the tower as long as it 
adequately represents the data. It is more important at the 
top of the tower where an inverse is required. 

During the process of counting stages from the bottom 
up, we have the point x 1 - 1 " 1 on the operating line and 

we wish to locate the next point x ^ n+ '' ) , y- v »f The y-coordinate 
is can be calculated from the assumed equilibrium relation: 


ax 


(In) 


y = 


1 + (a — 1 )x( / b ) 


(7.62) 


Water-HAc VLE at 101 .3 kPa 



x h 2 o 


FIGURE 7.44 Water-HAc VLE at 101.3 kPa. 
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FIGURE 7.45 Stage construction from the bottom. 


The associated value of the liquid phase mole fraction can be 
obtained from the operating line for the stripping section, 
Equation (7.55). 


.f/^i y^+M {B) x B /U M 
1 + Af [B) /Af {vs) ' 


y M + xb/BR 

[1 + l/BR } 


(7.63) 


The value of the boil-up ratio is given in Equation (7.58). 

Given a point on the operating line, we can, with the 
preceding equations, locate the next point. The process is 
initiated by 

x (/o) = x (B) (7.64) 


y (v - l} = y(v„) = X (B) (7 .65) 


Equations (7.64) and (7.65) start the SOL at the reboiler 
composition on the y-x line. This process must be stopped 
when the approximation for the equilibrium line fails or soon 
after the intersection of the operating line, before the 
intersection with the equilibrium curve. The graphical tech- 
nique for stepping off the stages is initiated with the last 
calculated point on the operating line. 

If starting at the top of the tower (refer to Figure 7.46), the 
procedure can be restated as follows. Given the point 
x (h,+\) .yiv,,) on enriching section operating line, deter- 
mine the next point x l ' lnl .y < - Vn - 1 ' 1 with: 


(a/'-yb'i)) — (a — 1) 


(7.66) 


The corresponding value of y comes from the enriching 
section operating line: Equation (7. 2. 5-5): 


■ y ( v «-0 = . 


RR 

RR+ r 


Mn) 


AD) 


RR+ 1 


(7.67) 


The calculations are initialized with 

x (In s+l) = y (vNs) = x (z>) (7.68) 

for a total condenser. As with these calculations, this process 
must be terminated when the approximation for the equilibrium 



FIGURE 7.46 Stage construction from the top. 


line fails or soon after the intersection of the operating line, 
before the intersection with the equilibrium curve. 

Utilization of the recursion relations is also useful when the 
relative volatility is near unity over the entire operation. It is of 
course possible to impose different values of the volatility 
over concentration intervals. On the other hand, the ability to 
magnify in graphics software can greatly facilitate the graph- 
ical procedure (see Examples 7.2.11-1 and 7.2.11-2). 

Example 7.2.9-1: Stages Required for Acetic Acid-Water 
Distillation Using the Recursion Relations 

Determine the number of trays in the acetic acid-water 
distillation tower using the recursion relation in both 
sections of the tower. 

Solution: 

An overall material balance provides the distillate and 
bottoms flow rates: 

48 = 0.027V (b) +0.98A/' (D) 

100 = A/" (z>) +7V (S) 

M {d) = 47.9171b mol/h 
A f {B) = 52.0831b mol/h 


Value of BR from Equation (7.56) = 3.13285 

Starting at the bottom of the tower, the recursion relations 
in Equations (7.62) and (7.63) will give the interstage com- 
positions in the stripping section. The first is the reboiler. The 
feed tray has been reached when the x-coordinate exceeds the 
x-coordinate of the intersection of the operating line. 

The intersection is given by the solution to 


3.72 0.98 

3.72+ l A + 3.72+ 1 
0.37 0.48 

0.37- 1 A + 1 -0.37 


(7.47) 

(7.64) 


Solution: x = 0.40298, y = 0.52523 
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A relative volatility of 1.8 is able to represent the 
equilibrium data in the stripping section: 


•^•water 

Data 

^ water 

a= 1.8 

y - water 

0 

0 

0 

0.1881 

0.3063 

0.294295 

0.3084 

0.4467 

0.445264 

0.4498 

0.5973 

0.595394 


The recursion 

relation gives 


,r'" '> 

y(”») 

Stage 

0.02 

0.02 


0.031699 

0.035433 

REBOILER 

0.047022 

0.055647 

1 

0.066673 

0.08157 

2 

0.091205 

0.113934 

3 

0.120823 

0.153005 

4 

0.155167 

0.198312 

5 

0.19318 

0.248459 

6 

0.233144 

0.301179 

7 

0.272949 

0.35369 

8 

0.310521 

0.403254 

9 

0.344225 

0.447717 

10 

0.373108 

0.48582 

11 

0.396906 

0.517214 

12 

0.415886 

0.542252 

Feed 


This result agrees with the graphical result. However, in 
the more restricted region at the top of the tower, the results 
from the two methods are different. 

The values of the relative volatility used in the enriching 
section are given by 


y - water 


•^•water 

Data 

1.45 

1.75 

1.8 

0.0000 

0.0000 



0 

0.1881 

0.3063 



0.294295 

0.3084 

0.4467 



0.445264 

0.4498 

0.5973 



0.595394 

0.5195 

0.6580 


0.654223 


0.5824 

0.7112 


0.709354 


0.6750 

0.7797 


0.784232 


0.7261 

0.8239 


0.82267 


0.7951 

0.8671 


0.871643 


0.8556 

0.9042 

0.895742 



0.8787 

0.9186 

0.913072 



0.9134 

0.9409 

0.938626 



0.9578 

0.9708 

0.97051 



1.0000 

1.0000 

1 




The recursion relation gives 


^•(Al+1 ) 

y(v n ) 

Stage 

0.98 

0.98 


0.971259 

0.973111 

31 

0.961477 

0.965401 

30 

0.950601 

0.956829 

29 

0.938595 

0.947368 

28 

0.925449 

0.937006 

27 

0.911177 

0.925758 

26 

0.895829 

0.913662 

25 

0.879492 

0.900786 

24 

0.862288 

0.887227 

23 

0.818038 

0.852352 

22 

0.767376 

0.812423 

21 

0.712225 

0.768957 

20 

0.65539 

0.724163 

19 

0.60003 

0.680532 

18 

0.548993 

0.640308 

17 

0.497229 

0.599511 

16 

0.45404 

0.565473 

15 

0.419608 

0.538335 

14 

0.393137 

0.517472 

Feed 


There are 18 trays in the stripping section, a significant 
difference from the graphical method, and more reliable. 
Can you improve on the graphical solution in this case? 

7.2.10 Energy Requirements 

As discussed in Section 7.2.2, the application of the First Law 
and the total material balance to the reflux drum will complete 
the application of these principles to our distillation model. 


7.2.10.1 Total Condenser (See Figure 7.41.) 

A f M H v = Af {R) H L + A r (D) H L + Q c (7.69) 

J \f M = Af (R) + A f (D) = (RR + 1 )Af (D) (7.70) 

Q c = AT (D) (RR+ l)Aff v (7.71) 

7.2.10.2 Partial Condenser (See Figure 7.41.) 

Q c =Af (D] {RR)AH v (7.72) 

7.2.10.3 Reboiler (See Figure 7.30.) 

Q r = ( BR)BAH V (7.73) 


This energy requirement is usually fulfilled by the satu- 
rated steam utility in the plant with the lowest possible 
pressure (temperature). If possible, the pressure in the 
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column is selected so that this energy may be removed with 
cooling water, which is normally a relatively low-cost utility 
that is available in the plant. See Section 7.2.12. 


Condenser load 

A (k,T) = dijt x (1 - T/Xt ^ u+d, ’ kXT/kl ’ k+di ’ k><{T / kl ' k 


Example 7.2.10.3-1: Energy Loads on the Acetic Acid 
Distillation Tower 


Specific heats of the pure liquids in J/(lcmol K) — see Green 
and Maloney (1997) 

T in K units 

1 = water 

2 = HAc 


c = 


2.7637 x 10 5 
-2.0901 x 10 3 
8.125 

-1.4116 x 1(T 2 
9.3201 x 1(T 6 


1.3964 x 10 5 
-3.2080 x 10 2 
0.89850 
0 
0 


i—5 


C(k, T) = Y, c hk x T 


i— 1 


i=l 


Latent heats of vaporization in J/kmol for pure compo- 
nents — see Green and Maloney (1997) 


d = 


5.2053 x 10 7 
0.3199 
- 0.212 


0.25795 


2.0265 x 10 7 
0.11911 
-1.3487 
1.4227 


X = 646.75 594.41 


These are the critical temperatures in K, which are needed to 
calculate the reduced temperature in the expression for the 
latent heat: 

A (k, T) = d hk x (1 - T/X hk ) d2 * +d3 * xT/k '* +di * x{T/Xl * )2 


With heats of mixing, we could formulate the enthalpy of the 
liquid and vapor for substitution into the condenser heat balance. 

The vaporization term is the difference between the 
enthalpy of the distillate as a vapor at its dew point and 
the liquid (same composition) at its bubble point. In many 
cases, the distillate is nearly pure, so the bubble point and 
dew point are approximately equal. The sensible heat effect 
can be neglected in such cases and the latent heat for the pure 
component or an average, weighted by the mole fractions, of 
the two latent heats. 

Q c = 47.917 x 0.454 x (3.72 + 1) x (0.98 x A(l, 373.16) 
+ 0.02 x A(2, 373.16)) = 4.1535 x 10 9 J/h 

4.1535 x 1 0 9 / (4.1840 x 252.16) = 3.9368 x 10 6 Btu/h 
<2, = 3, 936, 800 Btu/h 

Reboiler duty 

f = (RR x D + qF) /B - 1 

P= (3.72 x 47.9170 + 0.37 x 100)/52.083 - 1 = 3.1329 
Q r = 3. 1329 x 52.083 x 0.454 x (0.98 x A(2, 1 1 8 + 273) 

+ 0.02 x A(l, 1 18 + 273) = 1.7917 x 10 9 x 252.16) = Btu/h 
Q r = 1.6757 x 10 6 Btu/h 

7.2.11 Efficiency and Column Height 

As discussed for gas absorption and stripping, an overall tray 
efficiency for fractionators may be defined. An extension of 
the correlation earlier for absorbers (see Section 7.1.6) is 
given in Figure 7.47. 



Viscosity-volatility product (cP) 


FIGURE 7.47 Overall column efficiency (Seader and Henley, 2006). Reprinted with permission of 
John Wiley & Sons. 
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The overall column efficiency is a function of the product 
of the average volatility and the liquid viscosity that may be 
determined at the feed stage conditions. 

E a = 50.3 (ariy 0226 (7.74) 

Example 7.2.11-1: Height of Acetic Acid-Water Column 

Example 7 .2.7-1 are plotted in Figure 7.48 as well as the 
curve representing a constant relative volatility of water to 
acetic acid equal to 1.8. Recall that distillation may be 
practical with volatilities as low as 1.2. 

77h, o = 0.0265 cP at 100 °C ;; HAc = 0.465 cP at 100 °C 
r] = 0.98(0.0265 + 0.02(0.465) = 0.03527 cP 

^H->0 n njf. 

' Eq = 50.3(1.8 x 0.03527) -0 ' 226 = 93.791 

Total trays = 31/0.93791 = 33.05 or 34 plus 
a condenser and reboiler 

Height = 68 ft for a 24 in. tray spacing + 3 ft at top for vapor 
disengagement and 5 ft at bottom for liquid level and 
reboiler return = 76 ft LtD = 31.6 (near 30: see Heuristics 
in Section 7.2.13). 

Note: The reflux drum may be sized by following the 
procedures for flash drums (see Section 6.3). 

7.2.12 Summary of Calculations and Setting Process 
Operating Conditions 

• Specifications: We are considering the design of a new 
column for the separation of a given binary mixture 
into two defined product streams. The following var- 
iables are fixed at the outset: , z^ F \ x^ D \ x <Bi . 


Set P and retrieve/compile/calculate equilibrium 
data. The most economical cooling medium in the plant 
is water. It is supplied approximately at 90 °F, and is to 
be returned at not higher than approximately 120 °F for 
cooling and recirculation. The column pressure is then 
set at the bubble-point pressure of the distillate at 1 20 °F, 
which is essentially the vapor pressure of the nearly pure 
overhead product. If this calls for vacuum operation, the 
column pressure may be set at several pounds above 
atmospheric pressure for a base-case design. An inter- 
mediate pressure equal to the dew point of the distillate 
might be tried for multicomponent overhead products. 
Further reductions in the operating pressure can be 
achieved with the use of increasingly cooler heat trans- 
fer media: chilled water, chilled brine, and so on. The 
imposition of higher pressures results in higher reboiler 
temperatures, which may have a deleterious effect on 
the bottom product, for example, the bottom product 
may decompose. The maximum temperature normally 
found for reboilers is approximately 500 °F. Further- 
more, the cost of high-pressure equipment can be 
prohibitive. 

• The value of q* may be set at a saturation value by the 
designer in order to avoid extensive vaporization or 
condensation at the feed plate. Setting this value at a 
value different than the existing one in the feed means 
that the column must be preceded by a heat exchanger. 
The feed must be saturated when it enters the column or 
the energy required to do so must be supplied by the 
reboiler or condenser. 

1. Plot equilibrium data and the 45° line on mole 
fraction coordinates. 

2. Locate the feed, distillate, and bottoms composition 
on the 45° line. 


Water-HAc VLE at 101.3 kPa 



x h 2 o 


FIGURE 7.48 Representation of acetic acid-water equilibrium with a relative volatility of 1.8. 
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3. Calculate q* and draw the q* line. 

4. Select a value of RR greater than the minimum (see 
below). 

5. Locate the y-intercept and draw the EOL from the 
distillate composition to the q* line. 

6. Draw the SOL from the bottoms composition to the 
intersection of the EOL with the q* line. 

The minimum value of RR can be determined by the 
following intersection point on the q line as it is moved from 
Z F on the 45° line (refer to Figure 7.49). 

The 45° line refers to operation at total reflux and provides 
the minimum number of stages (see Example 7.2.12-1). 

Example 7.2.12-1: Determine the Minimum Number of 
Stages for the Acetic Acid-Water Distillation 

Solution: 

Use the graph prepared in Example 7.2.7- 1. Step off 
equilibrium stages between the bottoms, x , and the distil- 
late composition, X' <H) (see Figure 7.50). 


The minimum number of equilibrium stages is 15. The 
actual number of equilibrium stages was found in Example 
7. 2. 9-1 to be 31, which supports the heuristic that the ratio 
should be approximately 2 (see Section 7.2.13). 

Move the intersection point toward equilibrium along q* 
line until any point on the EOL or the SOL touches the 
equilibrium curve. This point is called a pinch point for 
the following reason. As the intersection point moves along 
the q line, the required number of equilibrium stage 
increases and becomes arbitrarily high as the pinch point 
is approached. Note that the pinch point may occur before 
the intersection of the q line with the equilibrium curve. The 
pinch point provides the minimum reflux ratio by using the 
value of the y-intercept according to Equation 7. 2. 5-5. 

Example 7.2.12-2: Determine the Minimum Reflux Ratio 
for the Acetic Acid-Water Distillation 

Solution: 

Use the graph shown in Figure 7.38. Following the proce- 
dure in the discussion, the pinch point at the intersection of the 
q line with the equilibrium curve is reached (see Figure 7.51). 



FIGURE 7.49 Effect of reflux ratio on number of stages. 


y H2 o 
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Water- H Ac VLE at 101.3 kPa 



x h 2 o 

FIGURE 7.50 Minimum stage construction for water-HAc distillation. 

Water- HAc VLE at 101.3 kPa 



FIGURE 7.51 Determination of the minimum reflux ratio. 
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Using an extended grid scale in Excel, the value of the y- 
intercept was found to be 0.2390, so that, from Equation 7 .2.5-5 : 

v(») 

— = 0.2390 => RR m in = 3.1 

RRnrn + 1 


This value conforms to the heuristic (see Section 7.2. 13) that 
the minimum reflux ratio should be given by 


RR min 


RRmin 


1 

a — 

a 
a — 


1 


U (D) /U {F) 

1 


U (D) /U (F) 


2.609 


1 = 3.696 


for a bubble-point feed and a dew-point feed, respectively. 


7. Step off the stages, being certain to interpret the 
number in the column correctly. 

8. Determine the condenser and reboiler duties. 

9 . Determine the capital and operating costs for the current 
value of RR. This will require the sizing of the reboiler, 
the condenser, the reflux pump, and so on. Pump sizing 
is discussed in Chapter 4. Heat exchangers are consid- 
ered in Chapter 14. The height and diameter of the 
distillation column will be discussed presently. Also, it 
can be noted that software such as Aspen Icarus Process 
Evaluator can do both sizing and cost estimation. 

10. Return to step 4 until the important features of the plot 
are revealed. 


• The general features of a yearly cost versus reflux ratio plot 
are contained in the particular case of benzene-toluene. 


At the high reflux ratios, the cost of operating the column 
will be high both because of the higher demand for cooling 
in the condenser and because of the correspondingly large 
call for heating in the reboiler. Recall the proportionality 
between the BR and RR in Equation (7.58). The diameter 
will be large to accommodate the large internal flows. 

On the other hand, as the reflux is decreased, the number of 
stages increases without limit. This implies that an arbitrarily 
large capital investment is approached, no matter the cost per 
unit height. The column will be tall to accommodate the large 
number of stages. These competing features give an optimum 
value for the reflux ratio, as illustrated in Figure 7.52. 

Instead of evaluating the economics as a function of the 
reflux ratio, a shortcut is often employed whereby the opti- 
mum reflux ratio is calculated as a proportion of the minimum 
reflux ratio, the proportionality factor being rooted in the 
economics. Consequently the value of the economic factor 
must be part of the specifications for the design problem. A 
typical value is 1.2 (see Section 7.2.13). 


7.2.13 Heuristics for Distillation Towers 

(Couper et al., 2005) 

1 . Tower operating pressure is determined most often by 
the temperature of the available condensing medium, 
100-120 °F if cooling water; or by the maximum 
allowable reboiler temperature, 150 psig steam, 366 °F. 

2. Sequencing of columns for separating multicomponent 
mixtures: (a) perform the easiest separation first, that is, 
the one least demanding of trays and reflux, and leave 



FIGURE 7.52 Optimum reflux ratio for a benzene-toluene distillation (from Peters et al., 2003). 
Reprinted with permission of McGraw-Hill. 
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the most difficult to the last; (b) when neither relative 
volatility nor feed concentration vary widely, remove 
the components one by one as overhead products; (c) 
when the adjacent ordered components in the feed vary 
widely in relative volatility, sequence the splits in the 
order of decreasing volatility; (d) when the concentra- 
tions in the feed vary widely, but the relative volatilities 
do not, remove the components in the order of decreas- 
ing concentration in the feed. 

3. Economically optimum reflux ratio is about 1.2 times 
the minimum reflux ratio. 

4. The economically optimum number of trays is near 
twice the minimum value. 

5. The minimum number of trays is found with the 
Fenske equation (Henley and Staffin, 1963) (see 
Problem 7.4 for a derivation). 

6 . 


log(xW/l-xM)(l-xW/xW) 
V ot( D ) a( B ) 


(7.75) 


7. Minimum reflux for binary or pseudobinary mixtures 
is given by the following when separation is essen- 
tially complete (;t D ~ 1): 


RR mm M {D) 


j\f( F ) a — 1 

when feed is at the bubble point and 

[RRmm + 1]AT (D) _ a 

U {F) a - 1 


(7.76) 


(7.77) 


when feed is at the dew point. 

8. A safety factor of 10% of the number of trays 
calculated by the best means is advisable. 

9. Reflux pumps are made at least 25% oversize. 

10. For reasons of accessibility, tray spacings are made 
20-24 in. 

1 1 . Peak efficiency of trays is at values of the vapor factor 
F s = up]/ 2 , in the range 1.0-1. 2 (ft/s) (lb/ft 3 ) 1/2 . This 
range of F s establishes the diameter of the tower. 
Roughly, linear velocities are 2 ft/s at moderate pres- 
sures and 6 ft/s in vacuum. 

12. Pressure drop per tray is of the order of 3 in. of water 
or 0.1 psi. 

13. Tray efficiencies for distillation of light hydrocarbons 
and aqueous solutions are 60-90%. 

14. Sieve trays have holes 0.25-0.50 in. in diameter, the 
hole area being 10% of the active cross section. 

15. Valve trays have holes 1.5 in. diameter, each provided 
with a liftable cap, 12-14 caps/ft 2 of active cross section. 
Valve trays usually are cheaper than sieve trays. 


16. Bubble-cap trays are used only when a liquid level 
must be maintained at low turndown ratio; they can be 
designed for a lower pressure drop than either sieve or 
valve trays. 

17. Weir heights are 2 in., weir lengths about 75% of tray 
diameter, liquid rate a maximum of about 8 gpm/in. of 
weir; multipass arrangements are used at high liquid 
rates. 

18. Reflux drums usually are horizontal, with a liquid 
holdup of 5 min half full. A takeoff pot for a second 
liquid phase, such as water in hydrocarbon systems, is 
sized for a linear velocity of that phase of 0.5 ft/s, 
minimum diameter of 16 in. 

19. For towers about 3 ft in diameter, add 4 ft at the top for 
vapor disengagement and 6 ft at the bottom for liquid 
level and reboiler return. 

20. Limit the tower height to about 175 ft max because of 
wind load and foundation considerations. An addi- 
tional criterion is that LID be less than 30. 

Example 7.2.13-1: Tower 305 

The last separation step in the process for the manufacture 
of acrylic acid (see Section 7.1.2 and Figure 7.53) is the 
separation of a process stream containing 86.8kmol/h of 
acrylic acid and 6. 1 kmol/h of acetic acid. The small 
amount of water is being neglected. Distillation in a tray 
tower is used to obtain a 99.9 mol% acrylic acid stream and 
a 95 mol% acetic acid stream. Acrylic acid will dimerize 
significantly above 90 °C or so. The operating pressure 
must be chosen accordingly. Estimate the number of trays 
required for a constant relative volatility (see Figure 7.53). 



FIGURE 7.53 Waste tower in the acrylic acid process. 
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Solution: 


Need to estimate top and bottom temperatures to get 
average volatility. Set bottom at 89 °C, just below 
limit. 


See database for vapor pressures" 
log P sat =A+B/T+C logT+DT+ET 2 


Coeff. 

HAc 

HAcr 

log a 

T(9 C) 

T(K) 

log a 

a 

A 

2.8376E+01 

2.3067E+01 

5.3086E+00 

89 

362.16 

4.0319E-01 

2.53038092 

B 

-2.9734E+03 

-3.I437E+03 

1.7030E+02 

51.5 

324.66 

5.1982E-01 

3.30992914 

C 

-7.0320E+00 

-4.8813E+00 

-2.I507E+00 






Average volatility = 2.92 


D -1.5051E-09 4.3690E-04 -4.3690E-04 

E 2.1806E-06 -4.9161E-13 2.1806E-06 


Calculation of operating pressure at 1.1 325E+02mm Hg Vapor pressure of HAcr at 90 °C 89 °C 


Bottom of tower assuming pure HAcr: 

1.5099E-01bar 


-8 . 6226E-0 1 barg 


Estimated pressure drop with 10 trays at 0.1 psi/tray = 51.70068 mmHg = 0.06892857 bar 
Top pressure = 61.55 mmHg or 0.0821 bar. Note that stream 18 is at 0.07 bar. 

Top temperature is then approximately, assuming pure HAc : 

51.5 324.66 61.17475421 

Used above to calculate average relative volatility. 


Equilibrium data and enriching section: Column pressure at approximately -1 barg 


*HAc 


Yhac 


0.01 


0.02865 


0.02 


0.05624 


x B : 


0.001 


0.06 


0.157102 


Xd : 


0.95 


0.1 


0.244966 


0.2 


0.421965 


x F = 


0.065662 


mole fraction HAc in feed 


T 


T 


0.3 


0.4 


0.5 


0.6 


0.7 


0.8 


0.9 


0.555838 


0.660633 


0.744898 


xd = 0.95 
x D 


0.814126 


= 0.105, Solution is: {[fi m = 8. 0476]} 


0.872014 


0.921136 


0.963343 


Rm+ 1 

RR = 1.75 x 8. 0476 = 14. 083 
R = 14.083 x 6.3299 = 89. 144 


x D 


14. 083+ 1 

L 


= 6. 2985 x 10“ 2 
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(see Figure 7.54). 


Stripping section: 

Use recursion relation since graph too constricted 


RR= 

14.083 

yml 

B= 

86.57 

0.001 0.001 

D= 

6.3299 

0.002914 0.002004 

F= 

92.9 

0.005829 0.003533 

q= 

1 

0.010246 0.005849 

a= 

2.92 

0.01689 0.009334 


0.026774 0.014517 
0.041241 0.022105 
0.061918 0.032949 
0.090486 0.047932 


Reboiler + 7 stages 


VLE HAc - HAcr system 



FIGURE 7.54 Equilibrium trays in the enriching section. 
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Summary 

Total trays; 
condenser = 1 
enriching section = 5 
feed tray = 1 
stripping section = 7 
reboiler = 1 

Viscosity of HAc at 5 1.5°C = 0.7980 cP 

Viscosity of HAcr at 89°C = 0.4603 cP 

Eff at top = 50.3(3.3 1 x 0 . 7980)“°' 226 = 40.386 

Eff at bottom = 50.3(2.53 x 0.4603) “°' 226 = 49.98 8 

Say efficiency = 0.40 
Number of stages in tower = 33 

Height = 2 x 32 + 4 + 6 = 74 ft = 22 m. 

The number of trays and the height in the rigorous design 
are 36 and 25 m. 


7.3 LIQUID-LIQUID EXTRACTION 

The single-stage extraction operation introduced in Sec- 
tion 6.4.2 may not provide the purity required without 
excessive use of solvent and equipment volumes for large- 
scale operations. The purity issue might be alleviated by 
successive treatments of the same batch with fresh solvent 
at each step. The solvent issue can be alleviated by using 
spent solvent from later stages in earlier ones, since there is 
residual capacity for doing so. The former configuration is 
referred to as a cross-flow cascade. The latter refers to 
countercurrent operation. Recall that the solvent phase is 
also called the extract. 



FIGURE 7.56 Second extraction step. 


7.3.1 Multistage Cross-Flow Cascade 

The first two stages in a cross-flow cascade are illustrated in 
Figure 7.55. Each stage is a mixer-settler arrangement to 
emphasize the more general characteristic of mixing and 
separation. The feed to the second stage is the raffinate from 
the first stage. Otherwise, the second stage is operated in the 
same way as the first. The graphical procedure is the same as 
the first, except that the feed location has changed. The same 
solvent is used, but at a possibly different flow rate. 

The graphical procedure used for the single stage in 
Section 6.4.2 can therefore be repeated as illustrated in 
Figure 7.56. 

Additional stages may be added in the same way as the first 
addition. The raffinate from stage n — 1 becomes the feed to 
stage n. The raffinate is retained as the product. The idea is to 
lower the concentration of the impurity, which brings 
the raffinate closer to the 2-rich phase of the 2-3 binary 
systems. The cross-flow cascade therefore has the ultimate 
capacity to meet any purity requirement. The issue of requir- 
ing large volumes of solvent to do so is aggravated with each 
additional stage. This drawback is addressed by counter- 
current operation. 



FIGURE 7.55 Cross-flow cascade — the first two stages. 
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7.3.2 Multistage Countercurrent Operation 


rule. For example, for stage N s , Equation (7.78) gives 


The cross-flow cascade is converted to countercurrent oper- 
ation by fixing the source of solvent for each stage to be the 
solvent flow or extract from the succeeding stage. Material 
from stage n is in equilibrium with a raffinate of lower 
concentration than the solvent from stage n — 1 . It can 
therefore serve as a solvent for that stage. This will be 
less efficient than the pure solvent. It will considerably 
reduce the solvent flow (Figure 7.57). 

The solvent feed to the process therefore comes from an 
imaginary (N s+ \) stage in stream Sn,+i- The degrees of 
freedom can be calculated by extending the results from 
the single stage to N stages. 

Unknowns: 

W (R ' } : (N s + 1)(1 +2) = 3(A S + 1) 

W (Si) : (N s + 1)(1 + 2) = 3(N S + 1) 

N s : 1 

Equations: 

Mass balances = 3N S 

Equilibrium = 3N S 

fi> = 3 (Ns + 1), + 3 (N s + 1), + 1 - 3 N s - 3A S = 7 

FixW- F| andW^^^ completely andx^" 

In solving for the remaining variables, we will repeatedly 
use the mixture rule, introduced in Chapter 6. 

The total mass balance for system consisting of the first n 
stages is 

W [F) + yp(s»+i) = yy(«„) + yyW) n =l,2,...N s (7.78) 

Note that the feed ( F ) point is known in the preceding 
equation. If two of the remaining streams can be specified, 
the fourth will follow from the application of the mixture 


yy( F ) + w^ ,Vs+1 ^ = W {Rfls) + W (Sl) (7.79) 


This means that the mixture formed by the feed and fresh 
solvent is the same as the mixture formed by the raffinate 
and the exit solvent. All of the concentrations required to 
locate the streams graphically are known, except for the exit 
solvent concentration. The mixture is located at the inter- 
section of the lines connecting the solution pairs. The 
mixture composition is given by the mass balance based 
on the streams with known compositions: 


(M) _ x[ F) W {F) + jcf" ,+l) W (s * +l) 
1 yy( F ) _|_ yy(&v s +i) 


(7.80) 


A line drawn through the raffinate point and the preced- 
ing mixture composition will pass through the final solvent 
concentration. This point must be located on the equili- 
brium curve, since it represents a stream leaving an equi- 
librium stage. The companion stream R x falls at the 
opposite end of a tie line from S\. The steps are summarized 
in Figure 7.58. 

Rearranging the mass balance, Equation (7.78) 


w (F) - w {Si) = yy (R,,) - yF (s " +i) (7.8i) 


The left-hand side of Equation (7.81) does not vary with 
the stage number and the right-hand side links the raffinate 
from the current stage to the solvent flow from the next stage. 
This relationship between interstage streams is analogous to 
the material balance in gas absorption and distillation, which 
also linked the interstage compositions. The linkage was 
called an operating line. We call the left-hand side of 
Equation (7.81) an operating point, A, which represents 
the removal of Si from F. 



FIGURE 7.57 Countercurrent configuration. 
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FIGURE 7.58 Location of stage 1 product streams. FIGURE 7.60 Stepping off the stages. 


Let us consider the fate of component 3 in this removal 
process: 


4 A) w (A) = - 4 5l) >v (Si) 

(7.82) 

orifJ F) 0 J A) - "3 Sl) W (Sl) 

°r if® 3 _ °’ " 3 “ W (s<) _ W F) 

(7.83) 

lfW (Sl) > W (F \ but small, 4 A) >- l.IfW (Sl) 

A W (F) , 

but small, -< 0 

(7.84) 


Therefore, there are circumstances under which the gener- 
alized mixture, A, will not find itself within the range of 
realizable mass fractions and will in fact lie either to the left 
or to the right of this triangular space. 

The mass balance equations allow for whatever deficits or 
credits are necessary for a solution. The triangular space 
defined by the values of 0-1 merely represents the region of 
realizable mixtures. Points outside this region are mathe- 
matical, not physical, possibilities. 

The operating point may be located on the basis that it lies on 
two known lines: the line though F and ,S'i and the line through 



FIGURE 7.59 Location of the operating point. 


R Ns and S Ns+ \ The result is shown below in Figure 7.59 for the 
case when the operating point falls on the right side of the 
diagram. 

The solvent flow from the next stage is obtained by drawing 
a line from the operating point to the raffinate from the current 
stage. The raffinate and solvent flow from the same stage are 
connected by a tie line as shown in Figure 7.60. 

The raffinate associated with each solvent flow is located 
with a tie line from the solvent point to the raffinate side of 
the equilibrium diagram. 

Note in the construction of the equilibrium stages in 
Figure 7.60 that the slope of this operating line is greater 
than the slope of the tie lines. Should these slopes be equal at 
any point in the operating range, a pinch point will be 
encountered, which will prevent further reduction in the 
concentration of the impurity. An infinite number of stages 
will be accumulated as the point is approached. We can 
locate this point and demonstrate that it constitutes the 
minimum solvent flow rate by first considering the effect 
of the solvent rate on the operating point. 

Consider the situation is depicted in Figure 7.61. 



FIGURE 7.61 Effect of solvent flow on the operating point. 
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The feed, raffinate, and inlet solvent points in Figure 7.61 
are considered fixed. The solvent rate is progressively 
increased through three values. The mixture point travels 
along the line connecting the feed and the inlet solvent, 
becoming closer to the solvent as the solvent rate or pro- 
portion increases. This can be argued on physical grounds 
and can also be seen from the expression for the mole 
fraction of component 1 in the mixture. 


= x 


(So) 


JF) (So) 


W (s «s+i > 

’ W iF) 


(7.85) 



FIGURE 7.63 Determination of the minimum solvent flow. 


We can therefore be assured that the slope of all tie lines 
encountered during the stage stepping operation will be 
less than the slope of the operating line if the operating 
point is to the left of the intersection of the steepest 
relevant tie line with the line through the raffinate and 
fresh solvent points. This intersection is labeled A min in 
Figure 7.62. 

The relevant tie lines begin with the uppermost one that 
when extended goes through the feed point and ends with 
the tie line whose extension goes through the raffinate 
point. 

The solvent flow associated with the minimum operating 
point is obtained by finding the corresponding mixing point 
graphically as illustrated in Figure 7.63. 

The minimum solvent flow can then be calculated from 
the mixture point found graphically. 


( 'Umm ) 
A 1 


x [ p + xf o) (W (Sw » +I ) /W (F) ) min 

i _|_ (w (s " s+i Vw (F )) min 


(7.86) 


Similar calculations are carried out when the operating 
point falls on the left side of the diagram. As on the right-hand 
side of the diagram, the operating point travels to the left as the 
solvent flow increases. We again want the actual operating 
point to be to the left of the region containing the intersections 



of all relevant tie lines with the solvent factor as in the case of 
gas absorption and stripping. 

Example 7.3.2-1: Extraction of Acetone from MIBK 
with Water (This example will discuss the use of Excel to 
solve extraction problems. The version of Excel will 
almost certainly not coincide with that of the reader. 
However, there may be enough similarities that the 
benefits will outweigh the inconvenience of making the 
required transition.) 

A liquid-liquid extraction column, operating at 25 °C, is fed 
20,000 lb/h of a mixture of 40 wt% acetone, 55 wt% methyl 
isobutyl ketone (MIBK), and 5 wt% water (see Figure 7.64). 
A solvent stream fed to the top of the column contains 95 wt 
% water, 2.5 wt% acetone, and 2.5 wt% ketone. 

The raffinate-rich product stream from the top of the 
extractor has a composition of 89.5 wt% ketone, 7.5 wt% 
acetone, and 3 wt% water. The solvent-rich product stream 
from the bottom of the column contains 81 wt% water, 16 wt 
% acetone, and 3 wt% ketone. 


ffl 1 < fiA ' s ) = 0.075 
® 2 (RWs) =0 895 
®3 (RWs) =0.030 


<0^+11=0.025 

tW2 (SW s +i)= 0 .025 

£0 3 <sn s +i)=o. 95 o 



® 2 (f) =0.55 

®3 (f) =0.05 


®! ( S 1 - 0.16 
® 2 ( s 1 ) = 0.03 
® 3 ( s 1 ) = 0.81 


FIGURE 7.62 Location of the operating point for the minimum 

solvent. FIGURE 7.64 Acetone extraction. 
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Calculate the solvent flow rate, the minimum solvent rate, 
the number of theoretical stages in the extractor, and the 
amount of acetone recovered. 

Component 1 = acetone, component 2 = MIBK, 
component 3 = water 

Solution: (with discussion of Excel application) 


The equilibrium data are available at 25 °C as follows: 



Raffinate 



Extract 


«1 

Ci>2 

CO 3 

"i 

CO 2 

0>3 

0.0000 

0.9700 

0.0300 

0.0000 

0.0250 

0.9750 

0.0590 

0.9110 

0.0300 

0.0255 

0.0255 

0.9490 

0.1000 

0.8700 

0.0300 

0.0580 

0.0270 

0.9150 

0.1500 

0.8200 

0.0300 

0.0880 

0.0270 

0.8850 

0.2000 

0.7650 

0.0350 

0.1150 

0.0350 

0.8500 

0.2500 

0.7100 

0.0400 

0.1600 

0.0370 

0.8030 

0.3058 

0.6442 

0.0500 

0.1980 

0.0370 

0.7650 

0.3500 

0.5900 

0.0600 

0.2450 

0.0400 

0.7150 

0.4000 

0.5200 

0.0800 

0.2950 

0.0500 

0.6550 

0.4550 

0.4200 

0.1250 

0.3550 

0.0750 

0.5700 

0.4730 

0.1820 

0.3450 

0.4730 

0.1820 

0.3450 


The (all) solubility data were selected and used to 
construct a new chart (xy scatter with grid) on a separate 
sheet. The data may have to be placed in two columns for 
plotting. The series (solubility envelope) was formatted 
with a smooth solid line. It may be easier in what follows to 
remove the data symbols (Marker-None) from the solubil- 
ity envelope data series. They will be identified again with 
the tie lines. The tie lines can be plotted on top of this chart 
as follows: Select the tie line end points (two sets) using 
the Ctrl key. Since the data are ordered, there will be one set 
near the top of the preceding table and a corresponding set 
the same distance from the bottom. Select copy under the 
Edit menu followed by Paste special under the Edit menu 
on the chart (choose new data series with x values in the 
first column). Click on the new data series (two points), 
which will be on top of the previously plotted series. When 
selected, only two points should be highlighted. Format the 
series with a dotted line and a convenient color (same as 
the solubility envelope, for instance). The plait point is not 
included in this step. It is equivalent to a collapsed tie line. 
Figure 7.65 will result. 

Inclusion of Stream Points: See Figure 7.66. Note that 
the symbol S a is used in place of •SW throughout the 
calculations in this example. 




Phase 

0.0300 

0.0000 

Raffinate Phase 

0.0300 

0.0590 


0.0300 

0.1000 


0.0300 

0.1500 


0.0350 

0.2000 


0.0400 

0.2500 


0.0500 

0.3058 


0.0600 

0.3500 


0.0800 

0.4000 


0.1250 

0.4550 


0.3450 

0.4730 

Plait Point 

0.5700 

0.3550 

Extract or Solvent Phase 

0.6550 

0.2950 


0.7150 

0.2450 


0.7650 

0.1980 


0.8030 

0.1600 


0.8500 

0.1150 


0.8850 

0.0880 


0.9150 

0.0580 


0.9490 

0.0255 


0.9750 

0.0000 


Stream points: x 3 

*i 


0.0500 

0.4000 

Feed (F) 

0.9500 

0.0250 

Fresh solvent(S 0 ^S w+1 ) 

0.0300 

0.0750 

Final raffinate(R w ) 

0.8100 

0.1600 

Final solvent(S].) 
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Note that a chart may be reproduced by selecting 
Move or Copy Sheet under the Edit menu 
followed by checking the Create Copy box. 
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the same technique used for the tie lines except 
that onlv the one stream ooint(set) is selected at a time. 
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0.2 0.3 


0.4 0.5 0.6 

Weight fraction water 


0.7 


0.8 0.9 


FIGURE 7.65 Equilibrium data for acetone-water-MIBK. 


Determination of Solvent Flow: The solvent flow can be 
calculated from a material balance. This calculation can be 
illustrated by using the M (mixture) point. The mixture of 
the feed and fresh solvent is the same as the mixture of the 
final raffinate and spent solvent. The lines can be drawn 
using the line drawing tool. See Figure 7.67. 


Minimum Solvent Flow: See Figure 7.68. The chart 
with the solubility data can be used to calculate the mini- 
mum delta point. Beginning with a tie line that passes 
through F if extended and continuing down to the one 
passing through R, extend all tie lines to the line passing 
through R n and S Q . Just draw lines over the tie lines (which 



FIGURE 7.66 Location of the stream points. 
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FIGURE 7.67 Location of the M point. 


are not objects like the lines that are drawn with the tool). 
The point closest to S D on the line through R N and S 0 
provides the minimum solvent flow rate. It will be necessary 
to change the x (expand) and y (negative values) scales for 
this process. 


Location of (Si) m i n : See Figure 7.69. The location of 
the S| associated with the minimum solvent rate can be 
determined by extending a line from F to the minimum 
delta point and noting the intersection with the solubility 
envelope. 



FIGURE 7.68 Location of the operating point for the minimum solvent flow. 
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FIGURE 7.69 Determination of the minimum solvent flow. 


Location of Actual D Point: The actual flow calculated 
above is 2.55 lb solvent/lb feed. The actual delta point can be 
located by extending the line through F and the Si. See 
Figure 7.70. 

First Stage: See Figure 7.71. The first stage may now 
be represented by fixing R ; using the tie line at Si. A step 


to the next stage can be taken by fixing S 2 as the intersec- 
tion of a line from R] to the delta point with the solubility 
envelope. 

Remaining Stages: The remaining stages may be 
stepped off in this manner. Four equilibrium stages are 
needed for the separation (rounding up) (see Figure 7.72). 



FIGURE 7.70 Location of the operating point. 
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FIGURE 7.71 Location of the first stage. 


Example 7. 3.2-2: T-303 Acid Extractor — Number 
of Equilibrium Stages and Solvent Flow Required 

This example is the multistage version of Example 6.4. 2-2. 
A comparison of the solvent requirements is made there. 

Just after the reaction section in the manufacture 
of acrylic acid, the product stream (9) at 27463 kg/h 


consists essentially of 23 wt% acrylic acid and 77 wt% 
water. The actual stream contains about 1% acetic 
acid. The product stream is to be fed to an extraction 
column and contacted with a recycled diisopropyl ether 
stream (23) that contains 2.6 wt% water (see Figure 7.73). 
The objective is to reduce the acid concentration in the 
water stream (12) to 0.5 wt%. The acid is therefore 



FIGURE 7.72 Location of the remaining stages. 
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T-303 



FIGURE 7.73 T-303 acid extractor. 


recovered before the water stream is sent to the waste 
tower. 

Recall from the discussion in Chapter 1 that this separa- 
tion route was chosen largely because the direct distillation 
of stream 9 would require that water be taken overhead, a 
large energy cost. 

Determine the solvent requirements, the outlet raffinate 
and extract flows and compositions, and the number of 
equilibrium stages required. 

The equilibrium data at 40 °C, the operating temperature, 
are given in Example 6.4. 2-2. The data are reproduced here 
for convenience. Most of the data are outside the range of 
operating conditions. The results will therefore be 
approximate. 


Water Phase 

Ether Phase 

0) D 

“A 

0) D 

0) A 

0.00125 

0.00000 

0.99676 

0.00000 

0.00146 

0.06694 

0.97586 

0.02067 

0.00263 

0.32750 

0.93628 

0.05981 

0.00404 

0.64690 

0.91333 

0.08274 

0.00400 

0.73712 

0.90082 

0.09542 

0.00389 

0.77622 

0.89262 

0.10379 

0.00380 

0.79814 

0.88686 

0.10968 

0.00374 

0.81218 

0.88260 

0.11404 

0.00369 

0.82194 

0.87934 

0.11738 

0.00366 

0.82911 

0.87676 

0.12003 

0.00363 

0.83460 

0.87468 

0.12217 


D = diisopropyl ether; A = acrylic acid 


Only the data in the lower concentration range will be 
used. This amounts to using only the bottom three tie lines. 


See Example 7.3.2- 1 for application of Excel to liquid- 
liquid extraction problems. 


Plot equilibrium 
data 

Given stream locations 

Draw portion 
(extract) of 
solubility curve 

0.00125 

0.00000 

0.00125 

0.00500 

raffinate 

0.00125 

0.00000 

0.00146 

0.06694 




0.00146 

0.06694 

0.00263 

0.32750 

0.00000 

0.23000 

feed 

0.00263 

0.32750 

0.00404 

0.64690 




0.93628 

0.05981 

0.00400 

0.73712 

0.97400 

0.00000 

solvent 

0.97586 

0.02067 

0.00389 

0.77622 




0.99676 

0.00000 

0.00380 

0.79814 







Location of M 
point-plot as new 
series (1 point) 

0.00374 0.81218 
0.00369 0.82194 
0.00366 0.82911 

0.00363 0.83460 0.83 0.0366 

0.87468 0.12217 

0.87676 0.12003 

0.87934 0.11738 

0.88260 0.11404 

0.88686 0.10968 

0.89262 0.10379 

0.90082 0.09542 

0.91333 0.08274 

0.93628 0.05981 

0.97586 0.02067 

0.99676 0.00000 


The data are potted in Figure 7.74. The minimum solvent 
flow appears to be defined by the tie line extension that 
passes through F. 

stream F = stream 9 
stream Si = stream 12 
stream Sn s +i = stream 23 
stream R Ns = stream 13 

The calculations for the minimum solvent rate are 
shown on the graph and are based on the value of w'"" 1 
read from the graph. Using an economic factor of 1.25, 
the solvent flow is calculated and used in Figure 7.75 to 
locate the extract from the first stage and the operating 
point. 

The stages may now be stepped off (see Figure 7.76). 

With six stages operated countercurrently, the desired 
separation can be achieved with a solvent to feed ratio of 
5.28. A single stage required a solvent to feed ratio of more 
than 75 (see Example 6. 4. 2-2). 



Weight fraction acrylic acid Weight fraction acrylic acid 
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FIGURE 7.74 Minimum solvent flow for acrylic acid extraction. 



FIGURE 7.75 Operating point for acrylic acid extraction. 
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Acrylic acid extraction from water with DIPE 



FIGURE 7.76 Stages for acrylic acid extraction. 


7.3.3 Extraction Equipment 

There exists a wide range of equipment for multistage 
countercurrent extraction ranging from a train of mixer- 
settlers (see Figures 7.57 and 7.77). 

Through sieve plate towers with complex plate designs, 
to large variety of mechanically assisted designs such as the 
Scheibel column (see Figure 1.19), some attributes of the 
various equipment types are given in Table 7.2. 


Mixer No. 1 Mixer No. 2 Mixer No. 3 



FIGURE 7.77 Mixer-settler train. (Adapted from liquidextrac- 
tion.com.) 


The mixer-settler arrangement is a clear expression of an 
equilibrium stage configuration. Although arrangements 
such as the Scheibel column appear to be a series 
of equilibrium stages, they are closer to a continuous 
contacting device. However, many of the designs of con- 
tinuous contacting equipment are based on the height 
equivalent to a theoretical stage (HETS), a value that is 
best obtained in the laboratory or may be available from the 
manufacturer. The basis of the HETS is rate based and is 
discussed in Chapter 12. In all of these cases where the 
HETS approach is taken, the number of equilibrium stages 
is obviously required. 

The equilibrium stage approach applies directly to the 
sizing of tray towers for liquid-liquid extraction. The 
sieve tray or perforated plate tower is usually selected 
for liquid-liquid extraction. By using some heuristics and 
common values, the actual number of trays and the height 
of an unagitated sieve tray tower may be obtained. The 
equilibrium stage approach also applies directly to the 
mixer-settler configuration. We will follow each of these 
possibilities and apply each to the extraction operation of 
Tower 303 in the acrylic acid process. Some heuristics for 
liquid-liquid extraction are given at the end of this 
section. 
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TABLE 7.2 Features and Industrial Applications of Liquid-Liquid Extractors 


Types of Extractors 

General Features 

Fields of Industrial Applications 

Unagitated columns 

Low capital, operating and maintenance cost 

Petrochemical 


Simplicity in construction 

Handles corrosive material 

High-stage efficiency 

Chemical 

Mixer-settlers 

Good flexibility 

Petrochemical 


High capacity 

Nuclear 


Handles liquids with high viscosity 

Fertilizer 


Handles wide solvent ratios 

Reliable scale-up 

Low NETS 

Metallurgical 

Pulsed columns 

No internal moving parts 

Nuclear 


Many stages possible 

Petrochemical 


Reasonable capacity 

Metallurgical 

Rotary-agitation columns 

Reasonable NETS 

Petrochemical 


Many stages possible 

Metallurgical 


Reasonable construction cost 

Pharmaceutical 


Low operating and maintenance cost 

High throughput 

Fertilizer 

Reciprocating plate columns 

Low NETS 

Pharmaceutical 


Great versatility and flexibility 

Chemical 


Handles liquids containing suspended solids 

Petrochemical 


Handles liquids containing suspended solids 

Simplicity in construction 

Handles mixtures with emulsifying tendencies 

Metallurgical 

Centrifugal extractors 

Short contacting time for unstable material 

Pharmaceutical 

Nuclear 


Limited space required 

Handles easily emulsified material 

Handles system with little liquid density difference 

Petrochemical 


Source: Couper et al. (2005). 


7.3.4 Height and Efficiency of Sieve Tray Towers 

An approximate tray efficiency can be evaluated with the 
following correlation originally due to Treybal (Couper 
et al., 2005): 


D 0 

V ( D ) 

V ( C ) 


Z*°: 5 /v0»' 042 

0 35 I 

oD 0 o 35 \/ c > 

tray spacing, ft 

surface tension, dyn/cm 

hole diameter, ft 

superficial velocity of dispersed phase 
superficial velocity of continuous phase 


(7.87) 


With the number of equilibrium stages determined, the 
height of the tower can be estimated with 


\Eo 


2 4„ ft 


A settling zone of 3-4 ft may be used. These estimates are 
valid to within approximately 25%. 


Example 7.3.4-1: Height and Number of Trays on Tower 
303 with Unagitated Sieve Tray Design 


& ts = 2.0 ft, see heuristics 


Dq = 3 mm = 


0.3 

12 x 2.54 


= 0.0098425 ft, see heuristics 


cr = 17.34 dyn/cm(25 °C). Corrected to40°Cwith data 
(Yaws, 2003) for propyl isopropyl ether = factor of 
approximately (18. 13/19. 76): 

= 15.91 dyn/cm 


v (°) 


m (°) 



-l 


where A ts = height of settling zone, ft 


(7.88) 


V (C) /;7'C) 
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where p = AB ^ ( T I T ^) from Yaws (1999). Dispersed 
phase = solvent since it is the highest throughput 


= O.26218(0.26974) (1_(313/50005))028571 = 0.705 g/cc 
p(C) = 0.347 10(0. 274) (1_ ^ 313/647 13))0 28571 = 1.0137 g/cc 


-> 0.5 


E„ = 0.35- 


15.91 x (0.0098425) 


0.35 


139310 x 1.0137 
27463 x 0.705 


0.42 


= 0.36 


Number of actual trays = 6/0.36 =17 trays 


If the area is located at the midpoint of the horizontal drum, 

DL = 4 D 23 = 206.5 ft 2 
D = 7 ft L = 28 ft 

The stirred tank dimension and horsepower are determined 
in Examples 5.3-1 and 5. 3. 2. 2-1. The tank required is 
approximately 3 100 gal with a diameter of 8 ft and a 
16 hp motor. If we assume an efficiency of 90%, the number 
of stages becomes 7 (2 above the recommended limit). Each 
stage consists of an 8 ft x 8 ft mixer and a cylindrical settler 
7 ft in diameter and 28 ft long. 


4, = 32 4- 6 = 38 ft 


7.3.6 Heuristics for Liquid-Liquid Extraction 


The rigorous simulation arrived at a height of 32 ft and 
15 trays. 


7.3.5 Mixer-Settler Units 

The mixer or stirred tank design basis is discussed in Chapter 5 . 
An illustration of a gravity settler is shown in Figure 6.37. 
The settler is cylindrical in shape with an L/D ratio of 
approximately 4 (a common range values for cylindrical drums 
is 2.5—5). This value and the total flux from the disengaging 
area, 5 gal/minft 2 , are due to Flappel and Jordan (1975) and 
Ryon et al. ( 1959). The disengaging area is the intersection of a 
parallel plane with the cylindrical settler. The maximum 
disengaging area is therefore L/D. The settler may in fact 
be larger than the mixer. 


Example 7.3.5-1: Typical Settler Size for Mixer-Settler 
Alternative to Tower 303 


We will illustrate the calculations with average values for 
the raffinate and extract flows as was done in Chapter 5. 
The average flows for each of the two phases are 


yy( Raffinate) 


yy(Extract) 


27463 + 21089 _ 
2 ~ 
145144+ 151490 
2 


24276 kg/h 
= 148302 kg/h 


The average flow through the disengaging area is then 


' 148302 
0.70483 


24726' 

1.0137 


1000 1 
2831760 


7.485 = 1032.5 


gpm 


The disengaging area can then be estimated as 


A = 


103.5 

5 


206.5 ft 2 


(Couper et al., 2005) 

• The dispersed phase should be the one that has the 
higher volumetric rate, except in equipment subject to 
backmixing where it should be the one with the smaller 
volumetric rate. It should be the phase that wets the 
material of construction less well. Since the holdup of 
continuous phase usually is greater, that phase should 
be made up of the less expensive or less hazardous 
material. 

• Mixer-settler arrangements are limited to at most five 
stages. Mixing is accomplished with rotating impellers 
or circulating pumps. Settlers are designed on the 
assumption that droplet sizes are about 150 pm diam- 
eter. In open vessels, residence times of 30-60 min or 
superficial velocities of 0.5-1. 5 ft/min are provided in 
settlers. Extraction stage efficiencies commonly are 
taken as 80%. 

• Spray towers even 20-40 ft high cannot be depended on 
to function as more than a single stage. 

• Packed towers are employed when 5-10 stages suffice. 
Pall rings of 1-1.5 in. size are best. Dispersed phase 
loadings should not exceed 25 gal/min (ft 2 ). HETS of 

5- 10 ft may be realizable. The dispersed phase must 
be redistributed every 5-7 ft. Packed towers are not 
satisfactory when the surface tension is more than 
10 dynes/cm. 

• Sieve tray towers have holes of only 3-8 mm diameter. 
Velocities through the holes are kept below 0.8 ft/s to 
avoid formation of small drops. Redispersion of either 
phase at each tray can be designed for this purpose. 
Tray spacings are 6-24 in. Tray efficiencies are in the 
range of 20-30%. 

• Pulsed packed and sieve tray towers may operate 
at frequencies of 90cycles/min and amplitudes of 

6- 25 mm. In large diameter towers, HETS of about 
1 m has been observed. Surface tensions as high as 
30-40 dynes/cm have no adverse effect. 
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Reciprocating tray towers can have holes of 126 in. in 
diameter, 50-60% open area, stroke length of 0.75 in., 
100-150 strokes/min, plate spacing normally 2 in. but 
in the range of 1-6 in. In a 30 in. diameter tower, HETS 
is 20-25 in. and throughput is 2000gal/(h)(sqft). 
Power requirements are much less than of pulsed 
towers. 

Rotating disk contactors or other rotary agitated 
towers realize HETS in the range 0.1-0. 5 m. The 
especially efficient Kuhni with perforated disks of 
40% free cross section has HETS 0.2 m and a capacity 
of 50 ml/m 2 h. 



£ £, 


FIGURE 7.78 Comparison of residence time between batch and 
single CSTR. 


7.4 MULTIPLE REACTOR STAGES 

In this section, the progressive transition from completely 
mixed systems through systems formed by multiple com- 
pletely mixed stages to the microscopic view is completed. 
The single CSTR is considered a step in a sequence of 
CSTRs whose limiting behavior is the ideal PFR with 
continuous gradients in concentrations and temperature. 
On the other hand, the single adiabatic PFR in which a 
reversible catalytic reaction ideally reaches equilibrium at 
the outlet is shown to be an effective member of the stage in a 
sequence of such reactors devised to further increase the 
conversion. 

The sequence of CSTRs exposes finite stages in the 
reaction chemistry to external manipulation through such 
variables as temperature. Optimal temperature programs for 
a CSTR sequence are discussed in this context. 


7.4.1 Comparison with Batch Reactor 

A characteristic of the CSTR is that the reactions take place 
at the outlet conditions. This is advantageous, for example, 
when a side reaction of higher order is present and selectivity 
is an important issue. For single reactions, however, the low 
reaction rate is a burden and will result in a longer residence 
time in the CSTR than the batch reactor. This can be seen in 
Figure 7.78 where the extent per unit volume of feed is 

r'(= */v). 

The cross-hatched area under the curve is given by the 
integral of Equation (6.183). It is the batch reaction time 
required to reach the final extent, The total solid area 
(above and below the curve) is given by Equation (6.153) to 
be the average residence time required in the CSTR for the 
same conversion. The extra holding time required in the 
CSTR is then the shaded area above the curve. The extra 
holding time can be greatly diminished by distributing the 
holding time for the CSTR over more than one tank. The 
material balance for the nth tank in a series of CSTRs is 


given by a modification of Equation (6.154) to account for 
the accumulated extent in the feed: 


£(«) _ £(«-l) 
*,(«“") = r "" 


(7.89) 


An example of three tanks is illustrated in Figure 7.79. 
The total holding time for the three stages is the sum of 
the individual values, which are the rectangular areas in 
Figure 7.79. The extra holding time required in the CSTR 
has decreased and is again represented by the shaded area 
above the curve. Additional tanks will bring the two values 
even closer until there is no practical difference between 
them. 


7.4.2 Comparisons with Plug Flow Reactor 

The plug flow model was introduced in Chapter 5. It refers to 
the ideal case of flow of a fluid in a straight round conduit of 
uniform, circular cross section in which all of the fluid 
elements have the same axial velocity. The analogy with 
the batch reactor is clearly that the fluid elements entering 



FIGURE 7.79 Comparison of residence time between batch and 
three CSTR. 
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FIGURE 7.80 Summary comparison of ideal reactors. 


the plug flow reactor experience the same history as their 
counterparts in the stirred batch with time measured by the 
distance traveled divided by the fluid velocity. In this case, 
extensive laboratory kinetic data are not needed. Only the 
time to reach a desired conversion is required, f batch : 


D = 


?batchV (F) 

(L/D) 


(7.90) 



FIGURE 7.81 Stages in CSTR sequence of equal volume and 
temperature. 


The 45° line is a construction aid. The material balance 
curve meets the 45° line at the equilibrium or complete 
conversion, since with either of these conditions at the input, 
there can be no further conversion. 

The material balance curve crosses the horizontal axis at 
the output for no conversion at the input: £ , . This output is 
reflected off the 45° line to become an input for which the 
output is £ 2 - The stepping procedure stops when the desired 
extent is reached or exceeded along the horizontal axis. The 
number of stages is the number of intersections on the 
material balance curve. If the reactor volumes or tempera- 
tures are not equal, additional material balance curves may 
be drawn with these values and used for the output at the 
applicable step. 


These limiting cases are summarized in Figure 7.80. 

Note also, the transition from multiple stages to a 
continuum. 

7.4.3 Number of Stages Required for a Given 
Conversion 

The number of stages required for a given conversion, 
residence time, and temperature can be determined with a 
graphical technique similar to those employed earlier in this 
chapter (Aris). The material balance in Equation (6.148) can 
be written as 

£(«-i) = gM _ (7.91) 

which emphasizes the point that it is easier to solve for the 
input given the output than vice versa. A plot of the input 
extent versus the output extent may be prepared as illustrated 
in Figure 7.81 using Equation (7.91). 


Example 7.4.3-1: Number of Stages for a Diels-Alder 
Reaction 

Diels-Alder reactions refer to the very useful reactions of 
unsaturated carbonyl compounds with conjugated dienes. 
An example is the reaction of butadiene with benzoquinone 
shown in Figure 7.82. 

The kinetics of this reaction are available (Wassermann, 
1965) in the range of 25-55 °C: 

7?(mol/L) 5 = k(T)c A c B with/r(T) 

= exp(— £'(cal/mol)//?7’(K) 

where A = butadiene and B = benzoquinone and the concen- 
trations are in mol/L and 

log 10 A(L/mols) = 5.2 ± 0.6 
E = 14.5 ± 0.6kcal/mol 
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1,3-Butadiene 


p-Benzoquinone 5,8,9,10-Tetrahydro-l,4-napthaquinone 


(Diene) ((Unsaturated carbonyl) (Adduct) 


FIGURE 7.82 Diels-Alder reaction. 


a. Determine the size tank required for 50% conversion 
at 50 °C of a 1 m 7h feed containing 1 .0 mol/L of each 
reactant. 

b. Determine the increase in conversion with the addi- 
tion of one and two tanks, the same size as the first. 

Solution: (a) 

Ci = c'P + fife = 2 - §; i A B 
/?„(£) = l 0 5 - 2 e ^ T ^^>(2 - £) 2 
1=1 

£ = t/f, Solutionis: {[r« = 40459.]} Equation (6.154) 
r R = 40459. s = 40459/3600 = 1 1.239 h 

V R = t r V= 11.239 x 1 = 11.239m 3 
V R = 11.239 x 264.17 = 2969.0 gal 

Solution: (b) 

Plot ^" _1) versus^"' as per Equation (7.91) and step off 
stages (see Figure 7.83). 



FIGURE 7.83 Increase in conversion with the number of stages. 


£(«) 

£(«-!) 

1 

— 2.3742E— 05 

1.2 

0.559984805 

1.3 

0.809988366 

1.4 

1.039991453 

1.5 

1.249994065 

1.6 

1.439996201 

1.7 

1.609997863 

1.8 

1.75999905 

1.9 

1.889999763 

2 

2 


The addition of 1 tank increases the conversion by 
approximately 20%. The increase in conversion achieved 
with the third tank is only 5%. 

Although there are incentives for employing unequal 
volumes in a cascade of CSTRs (Denbigh, 1966). the extra 
cost associated with design, construction, and spare parts 
inventory generally outweighs the advantages (Hill, 1977). 
Temperature selection for the individual tanks is discussed in 
following section. 

7.4.4 Temperature Programs for CSTR Stages 

It is realistic to presume that there are temperature limits 
within which the sequence of reactors can be safely and 
economically operated. The question of the best operating 
temperature is therefore confined to this range, that is, 
T*<T< T*. The determination of the optimal temperature 
most often involves numerical search routines (Nauman, 
2008), which will not be discussed here. The objective of the 
following discussion is to raise some basic ideas that will aid 
in the recognition of the existence an optimal temperature 
and the elucidation of its features in a sequence of CSTRs. 
Rate expressions of the type given in Section 6.6 where the 
function of concentration is given by the mass action 
(Boudart, 1968) and expression for systems close to equi- 
librium (see Chapter 8). 

7.4.4. 1 Single Reactions For single reactions, the extent 
is an implicit function of temperature according to the 
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material balance, Equation (6.154). Differentiation of the Note that the second term in the denominator is due entirely 
material balance gives to the presence of B in the feed. 


d£_ [&R v (S,T)/dT\ H T R 
AT ~ 1 - [{dH v (S, t)/dH) t r ] t 


The sign of the derivative of extent is determined by the sign 
of the numerator in Equation (7.92). 

For irreversible reactions, that is, those where the equi- 
librium is very far to the right, the equilibrium restraint is not 
present in the rate equation so that 


' dKyfaT)' 

dT 


E 

RT 1 


T) ^0 


(7.93) 


Consequently, the reactors should be operated at the highest 
possible temperature, T*. 

For endothermic reactions , both the rate constant and the 
distance from equilibrium increase with temperature. The 
optimal temperature sequence is the same as that for 
irreversible reactions. 

For exothermic reactions, the distance from equilibrium 
decreases with an increase in temperature while the rate 
constant increases. This competition leads to an optimum 
(extremum) temperature that maximizes the conversion. The 
simplest case in this category is 

k f =k fo e~ E f /RT 

A^±B (7.94) 

kb=kboC~ E d RT 

U v = k f c A - k h c B (7.95) 


The reaction extent per unit volume of feed follows from 
Equations (6.153, 6.154), and (7.96): 


m _ k f c ( p - k b c { B ] 
1 + (kf + kb)rR 


(7.96) 


The temperature at which the extent per unit volume of feed 
is a maximum (extremum) follows as 

T max 


E h 


R ln( — E ' - k of t r 


+ R In 


1 + (c<f7cf ') 


K c {c { P/c ( p )(E b /E f )r R 

(7.97) 


7. 4. 4.2 Multiple Reactions When more than one 
reaction is present, it is often the case that there are 
undesirable routes through the kinetic system that result 
in a loss of reactants to the primary objective. In addition 
to conversion, therefore, the yield or fraction of converted 
reactant that is converted to the desirable product is a 
primary objective. The two objectives often compete for 
attention and one must be attended to early in the reaction 
sequence while the other is treated later. The stages in a 
CSTR sequence are particularly well suited for imple- 
menting operating strategies at different stages of the 
reaction sequence. Some examples are presented below 
(see Denbigh (1966) and Hill (1977) for further discus- 
sion) (Table 7.3). 


7.5 STAGED FIXED-BED CONVERTERS FOR 
EXOTHERMIC GAS PHASE REACTION 

The adiabatic reactor is attractive because of the simplicity 
of its design. However, the temperature increase in the 
case of exothermic reactions may be prohibitive from a 
number of viewpoints: catalyst stability, process safety, the 
reaction chemistry, and chemical equilibrium. The temper- 
ature rise in such cases may be checked by the addition of an 
inert diluent, by distributing a cold feed along the reactor 
(cold shot cooling), by excess reactant, or by periodic 
cooling of the reaction mixture. The last case is the subject 
of this section. 

The temperature of the reaction mixture in a fixed bed 
increases approximately linearly with conversion indicated 
by Equation (3.124). At the same time, the equilibrium 
constant decreases with the rising temperature in the bed. 
An ideal equilibrium stage in this case is defined by their 
intersection (see Figure 7.84). 

In order to increase conversion further, the reaction 
mixture can be cooled noncatalytically, say, to the feed 
temperature, and the equilibration process repeated until a 
satisfactory conversion is achieved. The stagewise process is 
illustrated graphically in Figure 7.85. 

The slopes may change slightly change due to changes in 
the average specific heat of the feed. Also an approach 
temperature may be set for each stage to account for 
deviations from equilibrium. The maximum conversion 
for the program in Figure 7.85 is x e? (T (F 7- The interstage 
cooling temperatures and the number of stages are an 
optimization problem. 
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TABLE 7.3 Examples of Optimal Temperature Profiles ( P = desired product) 


Reactions Conditions Optimum Profile 



Arguments 

Initially will decrease high initial rate of reaction 2 
more than 1 (yield consideration). Increase 
temperature for conversion. 


Ei>E 2 


T* 


Increases rate of reaction 1 more than 2 throughout 
the reaction process. 



Ei<E 2 

E 3 >E t 



High initially with regard to conversion. Cooling 
towards reactor outlet since rate of reactions 2 
and 3 will be decreased more than reaction 1. 


Ei > E 2 
E 3 >E t 


T • 



Low initially since rate of reaction 3 will be 
deceased more than rate of reaction 1 . Increase 
temperature for conversion since reaction 2 will 
be less Impacted. 


E 2 >Ei 

E 3 <Ei 



High initially to increase in reaction 1 more than 3. 
Decrease toward outlet will decrease rate of 
reaction 2 more than in reaction 1 . 


r = Equilibrium 



Temperature of mixture (T) 


FIGURE 7.84 Equilibrium stage in a fixed-bed adiabatic 
converter. 


F = Equilibrium 



T« f > 


Temperature of mixture (T) 

FIGURE 7.85 Multiple equilibrium stages in a fixed-bed 
adiabatic converter. 
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Example 7.5-1: Staged Fixed-Bed Converter for SO 2 
Oxidation 

Suppose that sulfur is burned in air to give a reaction 
mixture with the following composition: 

S0 2 : 10% 

0 2 : 20 % 

N 2 : 70% 

The mixture is fed to the converter at 415 °C and 1 atm. 
Neglect any pressure drop in the bed and assume that the 
reaction mixture is cooled to 415 before being introduced 
to the next stage. Determine the number of stages 
required. 


Assuming a constant heat of reaction (see Example 6.7-2): 

y ’ 0.00831434 \T 298 J J 

K( 298) = 2.67668 x 10 12 
K( 800) = 35.4459 

Mass Balance and Equilibrium Constant as a Function of 
Composition 

Key reactant = S0 2 

A. 

JV i = N jo H t XJ\f ao 


Definitions 

Species 

so 2 

0 2 

SO 3 

N 2 


Reference 

1 

2 d = 

3 

4 


-1 

-0.5 

1 

0 


or in terms of mole fractions, the basis being the feed 
composition, 

= yio + VixyAo 
1 + 'tdjXy^ 

Since pressure is 1 atm and the standard state fugacities are 
unity, the equilibrium constant in terms of compositions or 
conversion is given by 


(O.IOjc/1 — 0.5(0. 1)*) 

(0.10(1 -x)/l -0.5(0.1)x)((0.20 + (— 0.5)0.10 jc)/(1 - 0.5(0. 1)jc)) 0 ' 5 


Heats and Free Energies of Formation kj/mol 

From Sandler (TRC tables) 


-296.8 


-300.2 

0 

Gf = 

0 

-395.7 

-371.1 

0 


0 


Specific Heats at Low Pressure-Ideal Gas State J/(mol K) 


25.762 

5.791 x 10 - 2 

-3.809 x 10 “ 5 

8.607 x 10 “ 9 

28.167 

0.630 x 10 ~ 2 

-0.075 x 10 “ 5 

0 

16.393 

14.573 x 10 ^ 2 

-11.193 x lO ^ 5 

32.402 

27.318 

0.623 x 10 ~ 2 

-0.095 x 10 “ 5 

0 


Equilibrium Constant at 298 K and as a Function of 
Temperature 


lnK(298) 


-1 

(0.0083 1434) (298) 


i = 4 




28.6156 


Equating the two forms provides the equilibrium curve: 


K{T) = f(x) 


400 

1.000000 

600 

0.999501 

700 

0.991594 

800 

0.934270 

850 

0.856927 

900 

0.736566 

925 

0.663768 

975 

0.509813 

1000 

0.436057 

1100 

0.21186 

1200 

9.94720 x 10 ~ 2 

1225 

8.28911 x 10 ~ 2 

1250 

6.93627 x 10 ~ 2 

1300 

4.92437 x 10 ~ 2 


Reactor Temperature 


K(298) = exp(28.6156) 

i—4 

DHR = '52& itl ( H f)i tl =- 98.9 
1=1 


T = T 0 + 


y A o[-^H R ] 

(pf) 


Xa 


To = 415 °C 
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FIGURE 7.86 Stages in a sulfur dioxide converter with interstage 
cooling. 



4 

c p (i,T) = Y / a iJ T j - 1 
j= i 

4 

Cpf = ^y ilCp {i, 415 + 273) = 33.2752 

i=i 

Need conversion as a function of T: 

0.10(98900) 

/ = 415 + 273.16 H 33 2152 X ’ Solutionis 

{.x- = 3.36453 x 10~ 3 / - 2.31533} 

x(t) = 3.36453 x 10 3 / - 2.31533 

Plot on the graph until the intersection with the equilibrium 
line completes an equilibrium stage. Then cool to the 
original inlet temperature without catalyst and allow the 
conversion to accumulate throughout the stage (refer to 
Figure 7.86). 

y(t) = 3.36453 x 10~ 3 / - 2.31533 + 0.74 


PROBLEMS 

7.1. A single-stage operation was considered in Problem 6.4 
for the extraction of carboxylic acids from fermentation 
broths with methylcyclohexanol (CTHnCHiOH ). This 


exercise considers the same problem from a multistage point 
of view. 

a. Determine the minimum flow rate of the solvent 
required to reach the desired raffinate composition 
with a multistage countercurrent cascade. 

b. Determine the number of equilibrium stages required 
for a solvent flow rate of 1478 lb/h in a multistage 
countercurrent cascade. 

c. Using the feed and solvent rates, size a typical mixer- 
settler unit for the countercurrent operation. 

d. Summarize a comparison of the single and multistage 
operations. 

7.2. A gas analyzing 70mol% CFI 4 , 15% C 2 H 6 , 10% n- 
CsHg, and 5% «-C 4 H 10 at 70 °F and 30psia is to be scrubbed 
in an isothermal tray absorber with a liquid containing 1 mol 
% «-C 4 H 10 and 99% nonvolatile hydrocarbon oil. At least 
70% of the propane in the entering gas is to be absorbed. If 
the column has three equilibrium stages, estimate with 
Kremser’s group method the liquid to gas ratio that will 
be required and the composition of the exit streams. Note 
that the butane content of the inlet solvent stream may be 
significant regarding the mass balances. 

7.3. Hydrogen peroxide is a widely used oxidizing agent. 
Over half of the production is used by the paper industry to 
bleach pulp. You probably have a container in your medicine 
chest at home. In the standard process for the manufacture of 
hydrogen peroxide, the reaction section is followed by an 
extraction unit that recovers the peroxide from an organic 
working solution. The extract is a 10wt% solution of 
hydrogen peroxide in water at 60 °F and 1 atm. This stream 
is sent at a rate of 2000 lb/h to a distillation unit that recovers 
a 99 wt% water stream for recycle to the extraction unit and a 
70wt% hydrogen peroxide solution for stabilization and 
shipping. You are asked to size the column: height, diame- 
ter(s), calculate the major heat duties, and determine the 
dimensions of reflux drum. 

7.4. As discussed in Section 7.2. 1.2, the minimum number 
of distillation stages corresponds to the limit of an infinite 
reflux. At this limit, there is no feed to the column and no 
product is withdrawn. Assuming that the relative volatility 
is constant at the geometric mean of the top and bottom 
values, derive the Fenske equation (see Heuristic 6 , page 
65, Section 7.13). 

7.5. Consider the absorption of acetone by water in a single 
equilibrium stage as described in Example 6.2.2- 1. The 
objective is to reduce the mole fraction of acetone in an 
air stream from 0.15 to 0.05 by using pure water at 0 °C and 
101 kPa. Compare the single-stage minimum water require- 
ment with the water requirement for the multistage 
operation. 
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7.6. A 52mol% solution of acetic acid in water flowing at 
100 lb-mol/h is to be separated into two streams, a 98 mol% 
acid and a 98 mol% water steam. A two-step process is being 
considered. In the first step, ethyl acetate is to be used to 
extract the acetic acid and produce the desired water stream. 
Distillation is being considered for the second step whereby 
the spent solvent is to be purified and returned to the 
extraction unit. 

a. What is the minimum concentration of acetic acid 
in the water stream that can be achieved in a single- 
step extraction unit and what is the solvent rate 
required? 

b. Devise a two-step cross-flow extraction process. 
Report the purity of the water stream that you achieve 


and the amount and concentration of the (mixed) 
solvent stream that results. 

c. Determine the number of equilibrium stages and 
solvent rate required for a multistage countercurrent 
extraction unit. 

d. What conclusions can you draw from the preceding 
calculations? Suppose a cascade of mixer-settler 
units are under consideration for the countercurrent 
cascade considered in part c. 

e. Determine one of the units for the dimensions of the 
mixer, a closed baffled vessel, and the settler diameter 
of a flat bladed impeller. 

f. Determine the minimum rate of rotation for uniform 
dispersion power requirement of the agitator. 
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The macroscopic view of chemical processing systems has, 
at this juncture, reached the interior of process equipment 
for completely mixed systems and for systems composed of 
completely mixed stages with the stepwise changes taking 
place inside the equipment. In the case of the staged fixed- 
bed converters, the concentrations and temperature in fact 
varied continuously through each bed with the stepwise 
changes taking place across the beds. In these cases, the 
macroscopic view was not sufficient to completely char- 
acterize the pointwise variation of the process variables. 
This chapter carries the analytical viewpoint to these 
interior regions of process equipment where the material 
properties can vary both spatially and temporally. The 
distinction of a staged system is not therefore any longer 
relevant as the continuous variations can be, for example, 
from the inlet to the outlet of a single nonequilibrium stage 
or across the entire bulk phase in a fixed-bed absorber as 
well. The microscopic balance equations, flux expressions, 
parameter estimations, with typical boundary conditions 
provide the tools necessary to develop the applications in 
Chapters 9-13. 

It will be well to consider what is meant by continuous 
and microscopic in the face of the molecular theory of 
matter. Consider the following thought experiment. A con- 
tainer of gas with volume V c is in contact with a volume and 
a heat reservoir. Locate a small volume element of molecular 
dimensions within the container. Suppose that the volume of 
the element is gradually and incrementally increased, cap- 
turing all molecules in its path. If the number of molecules 
that have been captured is plotted against the volume, a 
curve such as the one in Figure 8.1 may result. 


Erratic behavior is expected when a relatively small 
number of molecules have been captured at low volumes 
where the characteristic dimension of the volume element is 
in the order of the distance between the molecules. If, 
however, the erratic behavior gradually decreases and finally 
disappears at some F max <C V c , the system can be treated as a 
continuum where statistical distributions such as the follow- 
ing may be used to deduce meaningful average properties for 
the system: 

/( r, v, t) = fraction of molecules in a small volume 

element about the point of the position vector 
f which have velocities between v and v + dv 
at time t. 

(8.1) 

For example, the average velocity of a species i in a multi- 
component mixture 

OO OO OO 

V;= J j J v/,(r,v, ?)dv. Y dv v dv- (8.2) 

— oo — oo — OO 

Note that the molecular velocity under the integral sign is 
not attached to any single molecule. In order to carry out a 
local material balance, it will be necessary that the velocity 
vector and its first partial derivatives be continuous over the 
spatial coordinate. These requirements are what we mean by 
a thermodynamic phase so that a velocity field must be 
associated with each phase. All of the microscopic balance 
equations will be phase specific for this reason. 
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t = constant 
P and T uniiorm 



FIGURE 8.1 Molar density trial. 


Full discussions of the molecular versus the continuum 
view may be found elsewhere (Hirschfelder et al., 1954). 
Our focus here is to express the laws of mass, momentum, 
and energy conservation in a continuum in coordinate-free 
representations and to express the conditions at the bounda- 
ries of such systems that permit the full description of the 
concentration, temperature, pressure, and velocity fields 
within. 

The coordinate systems most often used in chemical 
engineering are the Cartesian rectangular, cylindrical, and 
spherical systems whose base vectors, S t (* = 1, 2, 3), are 
orthonormal. A review of these coordinate systems is given 
in the appendix with particular emphasis on the base 
vectors. A familiarity with the material in the appendix 
will facilitate the formulation of boundary conditions in 
the various coordinate systems and be of substantial help in 
the formulation of the conservation equations. 

The conservation equations govern the distribution of 
mass, energy, and momentum. The distribution system is 
composed of the following fluxes. 


8.1 MASS FLUX: AVERAGE VELOCITIES 
AND DIFFUSION 

The velocity is an important variable because it is a major 
mechanism for the transport of mass, energy, and momen- 
tum in the system, but because, with a processing time, the 
velocity can lead to a equipment dimensions. 

The velocity is a vector because its components in one 
system of coordinates can be obtained from those in another 
by a simple transformation law. The representation of the 
vector in one coordinate system is given by 

v = v/8/ (8.3) 

where summation is indicated by the repeated subscript and 
8, is the base vector. There are two products defined for these 


systems, the scalar or dot product and the vector or cross 
product. We will make use of the scalar product: 

8 • 8 j = 8 V (8.4) 

The components of a vector in one coordinate system 
(primed) can be obtained from those in another by the 
transformation law. 

v/ = cos Q fi Vi (8.5) 

where cos <9,< ; is the cosine of the angle between the i' and the 
i directions. 

We may also extract the components of a vector using the 
scalar product: 

Vf = v • 8;' = V/8,- • 8/ = cos O/iVi (8.6) 

The last step expresses the trigonometric result that the 
scalar product is the product of the magnitude of the vectors 
and the cosine of the angle between them. 

In the sense that we know the elements of vector in all 
coordinate systems from those in one, the vector is an in- 
variant whose picture we take with different cameras. The 
coordinate system is most often chosen to take advantage of 
physical symmetry in the system when expressing condi- 
tions on its behavior. We will revisit this idea when discuss- 
ing boundary conditions. 

The average species velocity defined above underpins the 
mass and molar flows that we have been using in the 
macroscopic view of the process streams. A key element 
of the relationship is the mass flux vector constructed as 
follows. Consider a small area 8A with unit normal | through 
which component i is flowing with velocity v,. The area is 
illustrated in Figure 8.2. 

The area may be located anywhere within a homogeneous 
region or phase of the fluid system. Homogeneity will provide 
the mathematical properties required for our calculations. The 
area may, for example, be within the pores of a supported 
catalyst particle, between the solid particles in a packed-bed 
absorber or a fixed-bed absorber or within a gas transmission 
line. The reader can generate some possibilities also. 

If the unit normal vector is moved through various angles, 
the area will experience material flows ranging from a 
maximum when it is parallel to the velocity vector to 



FIGURE 8.2 Flow through oriented surface. 
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FIGURE 8.3 Volume element containing captured material 
flows. 


zero when it is perpendicular. In any case, after the elapse 
of a small time 8/, all of the material that has passed through 
8A is contained in the volume element 8V illustrated in 
Figure 8.3. 

The volume is given by 


y 



FIGURE 8.4 Cylindrical coordinates in a straight round tube. 


8V = (v,- ■ g)SA (8.7) 


The mass of species i in the volume element is then 


8;j7,- = Piivjht • ij)8A (8-8) 


We can note at this juncture that the accumulation of any 
property in the cylinder due to the mass velocity could be 
accounted for here by replacing the mass concentration with 
the property concentration. For example, the concentration 
of x momentum is pv x , which could replace the mass 
concentration in the preceding equation if we wished to 
account for the accumulation of x momentum. 

The mass flow rate of species i per unit area or the flux of i 
in the £ direction is obtained by dividing by the time and area 
increments. 


8 nij 

8A8t 


(a-w) ' I 


(8.9) 


The mass flux in a particular direction is the mass flow 
rate per unit area perpendicular to that direction. The vector 
pp/j is independent of the orientation of the area and has the 
property that the mass flux in any direction is its component 
in that direction. It is called the mass flux vector for this 
reason: 


j in a straight round tube of radius R, for example, and 
place a cylindrical coordinate system on the tube axis 
(see Figure 8.4). 

The total mass flow rate of species i in the axial direction 
is given by adding the contributions from each area element 
over the total cross section of the pipe: 


2n R 


2 it R 


Vlf = J J p/\j ■ B r 

0 0 axial d^ r 

component K — 1 
of mass 
flux vector 


hgdd 

d so 

h e = r 



0 0 


( 8 . 12 ) 


where 8 is a unit vector in the axial direction and d,v ;/ is a 
differential distance in the q coordinate direction. The mass 
flow rate through differential surfaces in other coordinate 
systems is expressed in similar fashion. Consider, as an 
example in a spherical system of coordinates, the mass flow 
rate of a reactant i to the surface if a catalytic particle coated 
on the exterior surface with active material illustrated in 
Figure 8.5. 



The mass flow rates, which we have been using to express 

conservation of mass, are the macroscopic expression FIGURE 8.5 Radial flow of a reactant to a spherical catalytic 
of these local flows. Consider flow of a process stream surface. 
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tc 2tc 

yy(surface) = J J p,V/ • C 8 , ) K # ^0^ 

0 0 radial component of d s# ^o 

mass flux vector h# = r sin 6 hg = r 

in direction of 

surface 


2 n R 

PjVj Z \ r=R R 2 sinddOdcp (8.13) 

o o 


relative to the mass average velocity. An individual 
component can have a larger or smaller velocity with 
respect to the mass average velocity, but there is no net 
effect of these individual differences. Each component of 
the mixture is then seen to move at the mass velocity of the 
bulk fluid plus or minus some correction. The bulk move- 
ment is called convection and the relative movement is 
called diffusion. 

P,v, = (8.17) 

convection in mass diffusion in mass 

average reference frame average reference frame 



where ds q is a differential distance in the q coordinate 
direction. In both cases, Equation (8.9) was used where 
the area factor is the product of the two differential distances 
normal to the ^ direction. 


where 

j; = P;0; - v) => ^ j = 0 (8.18) 

all i 


8.1.2 Average Velocities and Diffusion Flows 

The mass flux of i is seen to be the mass of i per unit volume 
multiplied by the velocity by which it is propagated. If we 
carry this observation to the total flux of mass, we can 
express the result as the total mass concentration multiplied 
by a velocity. 

Pv = £p,v, (8.14) 

all i 

The velocity, v, is called the mass average velocity. It 
is a weighted average of the individual specie velocities. 
There is no flow of mass relative to this velocity. This can 
be seen by summing over the relative mass fluxes and using 
the definition of the mass average velocity provide by 
Equation (8.14): 

5>(v/-v)=° (8.15) 

all / 


and the molar analog is given by 


Note that the total mass flux vector is the concentration of 
momentum in the system so that this velocity will be 
important for expressing conservation of momentum. 

Other average velocities may also be defined. The 
volume average velocity, for example, is defined by accu- 
mulating the underlying individual contributions of each 
species: 

v ‘ = 5>V' v ' (8 - 20) 

all i 

Note that ^^p i V i = 1 (8.21) 

all i 


Consequently, 


2nR 


W = 


p\ ■ 8 : r dr d 9 


o o 


(8.16) 


If we collected the effluent from a pipe over a short (if 
flow is unsteady) time period and divided the collected mass 
by the time over which it was collected, we would have a 
measurement of the total mass flow rate expressed in 
Equation (8.16). 

The velocity difference in each term of the summation in 
Equation (8.15) represents the flow of a component (/) 


The Vi are the partial specific volumes. The coefficient of the 
velocity of each species is the fractional volume contribution 
to the total volume of the system. There is no volume flow 
relative to the volume average velocity 

X>^(Vi - V) = 0 (8.22) 

all i 


so that v # is the total volume flux. 


2 71 R 

V= [ [ v* • 8-r dr dO 


0 0 


(8.23) 
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The volume average velocity is zero at a stationary 
phase boundary even though there may be a net flow of 
mass across the boundary. Volume changes on mixing that 
can take place in extraction and gas absorption, for 
example, can be reflected in the movement of a phase 
interface. 

If we think of bulk fluid movement in terms of the volume 
average velocity, we can define the associated diffusion 
flows as follows: 

P,v, = (8.24) 

convection in volume diffusion in volume 
average reference frame average reference frame 


where 


j* = A-(v,- - V) (8.25) 

and 

E) Vi* = 0 (8.26) 


The total mass flux is of course the same in both reference 
systems. The diffusional flows are therefore related. This 
relation and a generalization of the preceding discussion is 
summarized below. 

The velocity and diffusive flows in an arbitrary reference 
frame are given by 


vX =^E^ v ( 8 - 27 > 

i 

P,'V; = p,v R + jf (8.28) 

The diffusional flows are not independent since 

E M ti/< = 0 (8- 29 ) 

k 

W R = Y J Pi^ (8-30) 


The definitions of the weights are given in Table 8.1. 

Parameters for two other reference frames that have been 
used have been included in Table 8.1 — the molar average 
frame and the solvent-fixed frame. 

In many applications, simplifications are possible that 
essentially remove the distinction between the basic refer- 
ence frames. For example, the assumption of constant mass 
density implies that the partial specific volume are all equal 
to its inverse and therefore that the mass average and volume 


TABLE 8.1 Weighting Factors by Reference Frame 


Reference (Frame) 

wf 

W R 

Mass ( ) 

1 

P 

Volume (*) 

Vi 

1 

Molar (N) 

VM, 

c 

Solvent fixed 

c 

Ps 


average reference frames are the same: 

pY= V mi =1 <8J1) 


r* = E PiVx ‘ = E or = py ( 832) 


V = V 


(8.33) 


If the molar density is constant, the molar average velocity 
and the volume average velocity are the same: 


, , ffli 

:Y = y —L =>• cVj = c 

^ M ■ 


<9V \ 

dmj 


m k # 


1 

Mi 


= 77" (8-34) 


V 


* 


E p i^ iYi = 



(8.35) 


v* =-Vc,v, = v w (8.36) 

c 

i 

In addition, for systems with components of equal molecular 
weight, the molar and mass average frames coincide. 

In pure systems, there is of course no distinction 
(Table 8.2). 

Another category of velocities called superficial veloc- 
ities arises primarily in systems of more than one phase or 
more generally when the cross section being considered is 
not entirely available for flow. 


TABLE 8.2 Conditions for Equality of Reference Frames 


Assumption 

Result 

Constant mass density 

v =V‘ 

Constant molar density 

\ N =V 

Equal molecular weights 

V =V ,V 

Pure system 

No distinction 
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FIGURE 8.6 Multiphase cross section for flow. 

8.1.3 Superficial Velocities 

The area available to flow may not be connected in the 
sense that a line connecting two points in the flow area may 
not be contained completely in the flow area. For example, 
consider the flow of a fluid through the cross section in 
Figure 8.6. 

The total cross section is made up of a connected closed 
portion that is not available to the fluid, A s ; an unconnected 
portion that is also not available to the fluid, A d , but with 
which the fluid may interact such as in extraction, adsorp- 
tion, or catalytic systems; and a connected portion, A c , made 
up of the fluid in question. 


Unreal or superficial velocities are defined for conve- 
nience as follows; 

W = p(v)A (8.40) 

A can be the open area plus any one or the combination of the 
others. Since the density and mass flow rate are fixed, the 
average velocity and area are dependent, that is, their 
product is fixed. For example, we can define the following 
three superficial velocities: 


W — p(v) cds (A c + A d +A S ) 

(8.41) 

W = p<v) cs (A c +A s ) 

(8.42) 

W = p(v) cd (A c +A d ) 

(8.43) 


These velocities are all related by 

W 

~ = ( V )cds(A + At + A) = (V) CS (A C + A s ) 
= ( v )cd(A + Ai) = (v) int A c 


• In basic fixed-bed reactors, A d is the stationary solid 
catalyst (assumed unavailable for bulk flow), A s is not 
present, and A c is the gas phase. 

• In a distillation tower, A s is a downcomer, A c is the gas 
phase, and A d is entrained liquid, if present. 

• In a countercurrent extraction tower, A s is not present, 
A d represents the dispersed phase, A c is the continuous 
phase, the two phases moving in opposite directions. 
The dispersed phase is itself a flowing fluid on which 
this discussion may therefore have been focused. 

The total mass flow rate of the fluid through the cross 
section is given by 

W = J pv • | dA (8.37) 


Each is seen to be the product of a fractional area ratio and 
the interstitial velocity. Fluid area fractions are often approx- 
imated with the corresponding volume fractions. Care must 
be taken in the applications to discern what velocity is being 
employed. 

Example 8. 1.3-1 Slip Velocity in Liquid-Liquid 
and Gas-Liquid Systems 

The slip velocity refers to the relative velocity of the 
dispersed and continuous phases in two-phase absorption and 
extraction towers (see Figure 8.7). To begin, we can focus on 
gas-liquid systems where the continuous phase is flowing 
downward and the dispersed phase is flowing up the column. 
Here, we are interested in the droplet rise velocity relative to 
the continuous phase in terms of the superficial velocities: 


where § represents the flow direction, normal to A c . If the 
density is constant over the cross section, a common and 
useful approximation, then 


W = p j v- gdA = pA c (v) int 

(8.38) 

J 

A c 


« mt =^/ v-?dA 

(8.39) 


Ac 


The average velocity of the fluid in the £ direction is denoted 
by (v) int . It is referred to as the interstitial velocity in fixed- 
bed applications such as adsorption, absorption, and cataly- 
sis. It is real in the sense that the fluid would have this 
velocity if the velocity distribution over the connected area 
were constant. 


(v) c A — (v)cd(Ac + Ad) 
W d Ai= (v) dc (A d +A c ) 


Gas 

A / 

6' 

Liquid 1 

I I I 


■ True velocity = <v> d 
Area =A d 
T rue velocity = <v> c 
Area =A C 


FIGURE 8.7 Gas-liquid dispersion. 
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or using volume fractions: 

Mc0c = (V) cd 


our case, a second order Cartesian tensor. The counterparts 
of the unit vectors are the unit dyads, the dyadic products 


of t: 


(v)d<Pd = (v)dc 

where 


1 an 

012 

013 

8i8j = 1 fl2i 

022 

023 

\ <3 3 1 

032 

033 


0m» — (8.47) 


0c + 0d — 1 

/,,\ | /.,\ ( v )cd , ( v )dc 

Vdroplet-(T) c + (v) d - T -^ + — 

The result is easily modified for concurrent flow by changing 
the sign for the continuous phase velocity. 

8.2 MOMENTUM FLUX: STRESS TENSOR 


There are nine of these, one for each position occupied by 1 
and the remaining positions with zeros. A tensor T can 
therefore be expressed as 7’, / 8j8j, that is, 

pvv = pv’/t’ySjSj (8.48) 

There are two vector products, a tensor product, and a scalar 
product defined for the tensor: 

8j8j • 8 k S; : <5 y *8iSi (8.49) 


The mass flows were seen in the previous section to consist 
of a convection term and a diffusion term. The convective 
contribution consisted of two factors: the concentration of 
the conserved quantity and the velocity that propagated it for 
which a number of choices were discussed. These formats 
may be applied also to momentum transfer. 

The most convenient convective velocity in the case of 
momentum transfer is the mass average velocity, since pv is 
already the concentration of momentum. The concentration 
of momentum in the system, say x momentum, is repre- 
sented by py v , the x component of the total mass flux vector. 
If instead of mass, x momentum were being followed in 
Figure 8.3, the resulting relation in Equation (8.10) would be 
pv x \, is the convective flux of x momentum with analogous 
expressions for y and z momentum. 

Convection in the case of momentum transfer therefore 
consists of nine elements v,v ;, ( i,j=x , y, z) in the rectangu- 
lar system. They are examples of the elements of a dyadic 
product: 



8i8j • 8 k = <5,7.8; 

(8.50) 


8; 8jB k = <5y8 k 

(8.51) 


8;8j : 8 k 8| = SuSjk 

(8.52) 

They are so called because of their transformation properties 
and they are defined because they arise in applications. For 
example, the component of pvv in the direction of a unit 
normal to an oriented surface is given by 

pvv • 

n = pVfV/SiB j • ///A = pi’,v / /7/.8 i 8j • 8 k 

(8.53) 


= pvjVjn k S jk 8i = p(v k n k )vi8i 

(8.54) 


= PWn 

(8.55) 


Consequently, pvv is the convective flux of momentum in 
( 8 . 45 ) the same sense that pvis the mass flux vector, namely, that its 
component in any direction is the convective flux of momen- 
tum through an area oriented perpendicularly to that direc- 
tion. We may say that the resulting force on the object into 
Because of the vector components, these quantities move which the momentum flows is pvv • nM. 
between coordinate systems according to the following This is not the total force on the surface. The thermo- 
transformation law: dynamic pressure P, for example, exerts a normal stress on a 

surface, or a momentum flux in the normal direction. In the 
Vj'Vf = VjVyCOSfyjCOS 0 fj (8.46) absence of convection, for example in solids, very strong 

stresses or momentum fluxes are known to be possible. If 
In the sense discussed above for the vector representation, the the small element of volume formed by a differential area 

collection v,V/ constitutes an invariant between coordinate cutting the coordinate plains and moving with the mass 

systems. The invariant is called a tensor, or more precisely in average velocity is subjected to Newton’s First Law, the 
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following result is obtained. The element of area experiences 
a stress system or a momentum flux that can be represented 
by a second order Cartesian tensor. We can therefore express 
the total flux of momentum as 

<I> = pvv + II (8.56) 

This expression is relative to the mass average velocity and 
corresponds to Equation (8.17) for the mass flux. It can be 
considered a definition of II. 

The average normal stress at a point in the medium can be 
obtained by integrating the normal force over the surface of a 
sphere of vanishingly small radius, e: 

Am 2 {P) = J (—11 • n) • (— n) dS, n = 8 r 

s 

Stress on surface with Unit normal to surface 
outward unit normal directed inward 
n 

" V ' 

Normal stress on surface 

(8.57) 


8.3 ENERGY FLUX: CONDUCTION 


The energy content of an element of mass consists of the 
kinetic and potential energy of the element because of its 
motion and position in a potential field and of the “hidden” 
modes reflected by the temperature of the element. This 
latter constituent we identify with the internal energy of 
equilibrium thermodynamics and in so doing assume that the 
element of mass is in a state of “local equilibrium” with its 
neighbors in spite of the global nonequilibrium state of the 
system. Moreover, we will carry along all of the differential 
relationships for the thermodynamic functions. The title 
of “irreversible thermodynamics” is consequently often 
applied to the present subject. 

The energy content per unit mass is therefore 
expressed as 


e = 




Vi 


'J', 


(8.62) 


where t|», is the potential energy per unit mass of species i. 
For example, 


The first factor in the integrand expresses the force on the 
surface and the second factor extracts the normal component 
of that force. The unit normal is the coordinate vector in the r 
direction: S r . The momentum flux can be expanded in terms 
of a Taylor series about the center of the sphere. As the 
radius approaches zero, only the value at the center will 
contribute to the integral: 


Gravity: M', = g6 (8.63) 

Z,e~ 

Electrochemical cell: » P, = ^ (8.64) 

J e , can be constructed incrementally as follows: 

Convection: pe\ (8.65) 


2n n 


(P) = J (n(0) ■ 8 r ■ 8 r )si 

0 0 


sin#d0d0 (8.58) 



(8.59) 


Work against stress system: II • v (8.66) 

Diffusion 

Internal, kinetic, and potential: 

i 

(8.67) 


G, + ^ Vj ■ Vi + j,. 


where tr means to sum the diagonal elements. 

The average normal stress is what we refer to as the 
pressure but it will be advantageous to maintain the distinc- 
tion between P and (P). The total flux of momentum can be 
expressed in a finer grain as either 


PdVwork: ^ PEj, (8.68) 

i 

The remainder we call conduction relative to the mass 
average velocity, q: 


<i> = pvv + (p) 8 + n 0 


(8.60) 


Je = pe\ + II ■ v + 


Ui+-\i- \i + <Pi 


j; + J2 + 9 

i 

(8.69) 


(J) = pvv + P 8 + T 


(8.61) 


This constitutes a definition of the conductive flux. The 
terms may be combined to give 


The stress tensor IIo has zero trace and bears a similar 
relation to the total momentum flux as the diffusional flows 
bear to the total mass flows. 


J < = E 


Hi + -Vi • V; + 'P, 


W , 


• T • V - 


(8.70) 
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where, from Equations (8.56) and (8.61), 

n = P8 + T (8.71) 


The energy flux associated with the shear stresses is rarely 
important in the nonisothermal chemical systems so that 


Je = £ 


V + -V{ • Vi + I Pi 


W, 


(8.72) 


mathematical operations that follow. The result will be a 
differential equation for each conservation law and condi- 
tions at the phase boundary that connect the solutions to the 
phase- specific equations. The boundary conditions will be 
constructed to maintain the conservation laws and to express 
the assumption of local equilibrium that was expressed 
above. It calls for local thermal, mechanical, and chemical 
equilibrium at the phase boundary and supplies the needed 
continuity in the system properties in each phase. 


Since all other terms are frame independent, the conduction 
term must also be independent of the reference frame. The 
kinetic and potential energy terms are also relatively 
unimportant in most applications so that the total energy 
flux in most chemical engineering applications is 

J e = £ [HiYfi] + q = £ [HiSi] + q (8.73) 

i i 

The phrase “enthalpy balance” is often substituted for 
“energy balance” for obvious reasons. 


8.4 BALANCE EQUATIONS 


8.4.1 Mass Conservation 

The mass rate of flow of species i out of the volume element 
is given by adding the fluxes through the small differential 
elements with outwardly pointing normals that comprise the 
surface: 



s 


(8.74) 


The divergence theorem (see Appendix D) allows the 
expression to be converted from a surface to a volume 
integral, which will be more useful below: 


With the preceding definitions of the fluxes of mass, momen- 
tum, and energy, the associated conservation laws may be 
formulated in the microscopic scale. The goal is to arrive at a 
set of equations that govern the evolution of the state of the 
system in time and space coordinates. The state of the 
system is determined by the values of the concentrations, 
temperature, pressure, and velocity of its elements. This will 
not be possible until the fluxes are represented in these 
terms. To accomplish this in a rational manner, a micro- 
scopic entropy balance will be used to display the sources of 
irreversibilities in the system that will serve to identify the 
fluxes and the forces that drive them. 

Consider a two-phase system and construct a small 
arbitrary, stationary, volume element in either phase that 
does not include the phase boundary (see Figure 8.8). 

We exclude the phase boundary because we need to have 
continuity in the system properties in order to carry out the 


V-(pVi)dV=JJ A-v,-ndS (8-75) 

v s 

The continuity requirements for this conversion call for the 
volume to be within a single homogeneous phase. 

The generation of species i inside the volume element 
produces a net accumulation rate for the element given by 

HI r iv dV (8.76) 

where r iv is the local mass rate of production of species i per 
unit volume due to all of the chemical reactions that take 
place within the volume element. The molar analogue is R jv 
so that 

r iv = MiR iv (8.77) 




FIGURE 8.8 Intraphase location of volume element. 


(8.79) 
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The rate of change is equal to the rate of production less the The angular momentum or the moment of momentum 

loss through the surface or balance is satisfied if II is symmetric: 


^ + V • (a-v,-) ~ r u 


dV = 0 


(8.80) 


Since the volume element is arbitrary, the integrand must 
vanish everywhere in the homogeneous phase: 


^ + V • (p\i) = r iv 
V- (A-v + jf) = r h 


(8.81) 

(8.82) 


n = rr (8.87) 

As with the mass balances, Equation (8.82), the momen- 
tum balances in Equations (8.84) and (8.85) need to be 
expressed in terms of system variables before they can be 
used to any significant extent. The issue will be addressed 
in Section 8.5. 

8.4.3 Conservation of Energy 

Following the same procedure as in the mass balance, 
conservation of energy may be written as 


By adding the individual mass balances, the equation of 
continuity (total mass) is obtained 


dpe 

dt 


^+V-J e = 0 


( 8 . 88 ) 


+ V • (pv) = 0 (8.83) 

The sum of the diffusional flows is zero and there is no net 
production of mass by chemical reaction. 

Equations (8.82) and (8.83) must be augmented with 
initial and boundary conditions as well as expression of 
the reaction kinetics and diffusional flows in terms of the 
system variables. This will be addressed in Section 8.5. 

8.4.2 Linear and Angular Momentum Balance 

Calculations similar to those used for the mass balance will 
yield the momentum balance for the volume element that 
constitutes an expression of Newton’s First Law for a 
convective system. The existence of body forces per unit 
mass such as gravity are admitted and play a role similar to 
chemical reactions in the expression of conservation of mass 
in that they express a generation of momentum per unit mass 
of the system. The result for the conservation of linear 
momentum is 


where 


^+V .®' = A 

dt 


(8.84) 


There is no source term for the energy balance and unlike the 
momentum and mass balances, the conserved quantity is not 
normally a state variable. To replace the total energy content 
with state variables, we can begin by separating the constit- 
uents of the total energy, the internal, kinetic, and potential 
energies, and arrive at balance equations for each one of 
them as follows: 


dpe 

~dt 


dpu 

Internal 

energy 



Kinetic energy 


d_ 

dt 




Potential 

energy 


(8.89) 


The kinetic energy of the mixture may be thought of in terms 
of bulk motion and diffusional flows. The diffusional flows are 
due to motion relative to the mass average velocity: 

Diffusional component = - a( v ; — v) • (v, — v) (8.90) 

• Kinetic Energy 

The kinetic energy term can be restructured as follows: 


1 

2 


E A Vi ' v i 


2 PV ' V + 


1 

2 


E A( v i - ▼) • (▼! 


v) 


(8.91) 


d>' = P w + rr (8.85) 

and 

f h = E <u ( -f „ (8.86) 

i 

Chemical reactions do not appear here since they experience 
no change in mass. 


The second term on the right-hand side is called the 
“kinetic energy of diffusion” and can be safely neglected. 
The derivative of the kinetic energy term is therefore 
given by 


1 d 

E A-v i ■ ^ 

i 

1 d 

1 dp\ 1 

dp\ 

dp 

2 dt 

“2 dt py - 

v -2 v ir + 2 v ' 

dt 

- v — 

dt 


(8.92) 
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The preceding identity is derived in the appendix. The 
equations of continuity and motion can be substituted into 
the preceding equation to arrive at the final expression for 
the derivative of the kinetic energy term: 


where 

(SM> 


dp ^di^ + V ' p ^ 2 / 2 - )v = ~ v • V;? - V • (t • v) 

- (-r: Vv) + pv ■ f b 

(8.93) 

The required calculations are included in Appendix D. 
The term(— r: Vv) appears as a loss of kinetic energy 
above. It appears as a source term in the temperature 
explicit form of the internal energy balance. It may 
therefore be regarded as a degradation of mechanical 
energy into heat. 

• Potential Energy 

The mass conservation equations can be used directly 
in the derivative of the potential energy term and we assume 
that the individual potential functions are independent of 
time and produce the individual body forces: ft,, = - VTp. 
The result is that 


may be referred to as an element of mass moving with the 
mass average velocity in order to maintain the nonflow 
framework of equilibrium thermodynamics. There would 
be no net flow of mass across the surface of the element 
moving with the mass average velocity. The differentials in 
this case are given by the chain rule where the coordinates 
are moving with the mass average velocity: 


4/ 

d t 


df df df df 


(8.99) 


The derivative is referred to as the substantial derivative to 
maintain this distinction: 


dt Dt dt 


+ v V/ 


( 8 . 100 ) 


+ V • (V] P,^,V + W, ■ f b/ (8.94) 


dp*P 
dt 

where the following conservation relation for the potential 
functions has been applied: 


Y, = 0 


(8.95) 


• Internal Energy 

Substitution of the balance equations for kinetic and 
potential energy into the conservation equation for total 
energy gives 


dpu 

dt 


pm + Y H 'i i + 9 


Ei"f b -n:Vv 

i 

(8.96) 


Conservation of energy is expressed by the preceding 
three equations. However, the expression of energy con- 
servation in terms of state variables is not accomplished by 
Equation (8.95) because of the appearance of the internal 
energy function. 

The conservation of internal energy can be expressed in 
terms of temperature through the differential relationships 
available for nonflow systems in equilibrium thermo- 
dynamics on the basis of local equilibrium. The differentials 
in thermodynamic relations, for example, 


du = T d.v — Pdv + E jl/dwi 


(8.97) 


The thermodynamic expression in Equation (8.96) is there- 
fore written as 


Du Ds P Dp Do>j 

= T 1 ~ b / pi; 

Dt Dt p 1 Dt ^ Dt 


( 8 . 101 ) 


If § is any quantity per unit mass, it can be shown using the 
equation of continuity that 


apt t d$ 

— + V-ptv = p — 


(8.102) 


Therefore, the following substitutions from the balance 
equations can be made in the thermodynamic differential 
relations in Equation (8.100): 

P lTt = liT + v ' ^ = Y if fb/ - n : Vv ^ Y H d‘ + 9 


Dun dpi 

a7 + v ' [p ' v] = r " 


(8.103) 

(8.104) 


Ds , 
T — = c„ 

Dt 


DT 1 


Dt p [ainT 


ainp 


P,Q> 


DP 

— +Y^i (8-105) 


Dp 

Dt 


= — pV • v 


(8.106) 
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The result is the temperature explicit form of the internal 
energy equation: 


. DT „ „ 

pc p — + V ■ q = -r: Vv - 


9 In p 


9 In T 


Dp 

Lit 


+ E(- A 


- - vR ' + E* ■ f » 


(8.107) 


where 

-A H Rj = Y J ^jH i (8.108) 

i 

The two equations are completely equivalent but from a 
practical viewpoint the temperature explicit form is much 
preferred. 

The term, (— r: Vv), appears as a loss in the kinetic 
energy in Equation (8.92) and as a source in the internal 
energy balance in Equation (8.102), including the tempera- 
ture explicit form Equation (8.106). It is therefore inter- 
preted as a loss or degradation of kinetic to thermal energy. 
The term is largely influenced by velocity gradients, which 
are generated in the vicinity of solid walls. These interac- 
tions are found, for example, with conduits such as pipes and 
pipe bends and with submerged objects such as those 
encountered in packed beds. A pressure drop results in these 
cases, which must be compensated by the pressure of the 
process stream or by the intervention of a pump or com- 
pressor. Some examples are considered in Chapter 14 when 
the macroscopic view is readopted from the basis of the 
microscopic equations. Here, we take the opposite route. 


Making the substitutions indicated in Equation (8.109) will 
yield an equation that can be put in the following format if 
the entropy flux is identified: 

p^t + V j s = T <r (8.110) 

A suitable definition of the entropy flux in the mass average 
frame comprises the conductive flux at the local temperature 
as well as that carried by the diffusive flows: 

j S =f+E^ (8-111) 

The balance of the terms comprise the generation term. The 
result for the generation term can be expressed as the sum of 
three contributions, each determined by a common scalar, 
vector, or tensorial nature of the processes that are repre- 
sented. In each case, the processes appear in the form of a 
flux or rate multiplied by a force, that is, 

'Y, Qi o {Xj}, o = scalar product 

a = a 0 (scalar processes) + <J\ (vector processes) 

+ oi (tensor process) 

a 0 = ((P) - P){-V • v} + Y n p {Aj] 

0-1 = q • {-V In T} + Y ii ■ {-[Vr/A - f b/] } 


( 8 . 112 ) 

(8.113) 

(8.114) 


8.5 ENTROPY BALANCE AND FLUX 
EXPRESSIONS 

At this juncture, the microscopic balance equations form an 
open set in the sense that they are incomplete and cannot be 
solved until the reaction rates and the irreversible fluxes of 
mass, energy, and momentum relative to the mass average 
velocity have been expressed in terms of the dependent state 
variables: concentration, temperature, pressure, and velocity. 

The generation of entropy is due to the irreversible 
processes that are taking place in the microscopic system. 
These irreversible processes are due to fluxes and forces that 
are not present at equilibrium. We expect the entropy 
generation, therefore, to identify these fluxes and the forces 
or imbalances that drive them. 

An entropy balance may be struck by first rearranging 
Equation (8.100): 

Ds 1 Du 1 P Dp ^ ii j Dcoj 
p ~Dt^T 

Equation ( 8 . 1 02) Equation ( 8 . 1 05 ) Equation ( 8 . 1 03 ) 

(8.109) 


a 3 = n 0 : |-(Vv) os } (8.115) 

The subscript on the divergence in Equation (8.114) means 
differentiation at a constant T. The symmetric part of (Vv) 0 
is (Vv) os where 

(Vv) 0 = Vv- QtrVv^S (8.116) 

The chemical affinity of reaction j is defined by 

Aj = Y (8-1 17) 

The rates, forces, and flows vanish together at equilibrium. It 
is reasonable then to regard the fluxes as functions of the 
forces and to express this functionality in a Taylor series 
about the equilibrium condition: 

Qi = 0 + Y; £ij(Xj — 0) + higher order terms . . . (8.118) 
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In an isotropic system, the forces must be of the same tensor 
order as the fluxes (Curie’s principle). Otherwise the coef- 
ficients would need a directional character to resolve the 
difference. Therefore, the preceding series refers to each of 
the generation terms in Equation (8.112) separately. 

If the system is not far removed from equilibrium, only 
the first term may be necessary and we arrive at the linear 
laws proposed by Onsager (1931), who showed that the 
coefficients need to be symmetric (Cy = £/,). The off- 
diagonal elements reflect the thermodynamic coupling of 
the microscopic processes. The major contribution in most 
circumstances, however, is given by the diagonal term that 
provides the flux expressions required to complete the 
formulation of the microscopic balance equations as dis- 
cussed below. 

8.5.1 <r 0 : Scalar Processes 

The two scalar processes represented in the entropy produc- 
tion are volume flow and reaction kinetics. 

8.5. 1.1 Volume Flow A difference between the normal 
stress in a flow system ((P)) and that which would persist in 
the absence of flow (hydrostatic or thermodynamic pressure, 
P) is predicted due to the local volume flow per unit volume 
of the system. 

«P) - p) = -kV • v (8.119) 

The chemical affinities would also appear in the preced- 
ing equation if thermodynamically coupled flows were 
considered. 

The phenomenological coefficient, k, is called the bulk or 
volume viscosity. Measurements have found that the bulk 
viscosity is negligible for most fluids. It is zero for a low- 
density monatomic gases and is a small number for dense 
gases and liquids (Bird et al.. 2002). It will be neglected here 
so that 

(P) = P (8.120) 

n 0 = T (8.121) 

8. 5. 1.2 Homogeneous Reaction Kinetics A complete 
expression of the lineal' laws would have each reaction 
rate proportional to a linear combination of all the chemical 
affinities. The thermodynamically uncoupled expression of 
the linear laws does not include the accompanying affinities, 
that is, 

1Z = —LA (8.122) 

where, from Equations (8.117) and (6.192), 

a = y, + rt J2 * ln p (8 - 123) 


Introducing the equilibrium constant from Equation (6.194) 


A = RT[-lnK(T) + \nK a ] 


where 

ln^ a = h-/' 

J i 

The reaction rate is then given by 


11 = -CRT\n—\ 
K(T) 


(8.124) 


(8.125) 


(8.126) 


At equilibrium, K& = K. Regarding the reaction rate as a 
function of the ratio, the logarithm in Equation (8.126) may 
be expressed as Taylor series for conditions not far removed 
from equilibrium. 


IZ ~ — 


£R7^jo + (1) 


K a 
K(T) 


- 1 


(8.127) 


7 Z v « k 


n 


Reactants 


n a " 


M 


K(T) 


Products 


(8.128) 


where 


k = CRT 


TT 

1 1 Reactants i 


(8.129) 


Equation (8.128) is the format of the familiar mass action 
expression representing a reversible reaction, the forward 
rate being the first term and the reverse rate being the second 
term. To be effectively incorporated into the microscopic 
balance equations, the activities need to be expressed in 
terms of concentrations, temperature, and pressure. For ideal 
gas phase reactions, for example, the activity can be replaced 
with the mole faction times the total pressure. For ideal 
liquid phase reactions at a constant molar density, the 
activity may be replaced with the molar concentration. 

In more general terms, the product factors need not 
contain only reactants or products as indicated. However, 
the resulting equilibrium ratio obtained by setting the rate to 
zero must be an integer power of the thermodynamic result, 
K(T) (Aris, 1965; Denbigh, 1971) if the expression is to be 
applied near equilibrium. The power to which a concentra- 
tion is raised is the order of the forward or reverse reaction 
with respect to that component. For elementary reactions 
where the stoichiometry represents the actual molecular 
events, the reaction order for each component is the 
unsigned stoichiometric coefficient. In any event, the order 
with respect to any of the reagents is rarely greater than 2. 
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TABLE 8.3 Rate Constant Temperature Dependence 
(Espenson, 1981) 


E 

N 

Source 

Activation 

0 

Arrhenius 

energy 

Critical 

v 2 

Collision 

collision 

Temperature dependence of 

theory 

energy 

collision frequency 


Enthalpy of 

1 

Absolute rate 

activation 

Temperature dependence of 
universal frequency 

theory 


The reaction rate constant, k, has been found to represent 
a wide range of kinetic data with only the following tem- 
perature dependence: 

k = k 0 T n q- e/rt (8.130) 

The parameters k 0 , n, and E must be determined experi- 
mentally. Recall Example 6.6.2-21 (Table 8.3). 

If k is carried inside the parentheses in Equation (8.128), 
it is clear that the reverse rate constant is given by 



The temperature dependence of the equilibrium constant is 
given by Equation (6.201). Consequently, 

E~E t = AH r (8.132) 

Finally, it can be noted that homogeneous reactions in a 
fluid phase, the solution to the balance equations with 
reaction kinetics in the format discussed above provides 
the change in the state variables for the fluid stream between 
a reactor input and output. The change provides the infor- 
mation required to calculate, conversion, selectivity, and 
productivity. 

8. 5. 1.3 Heterogeneous Catalytic Kinetics Heterogene- 
ous catalytic kinetics refers to cases where the catalyst exists 
in a separate phase from the reaction components. Very few 
industrially important systems will be overlooked if we 
restrict the discussion to solid catalysts and fluid reaction 
mixtures. This will, for example, include the acrylic acid and 
hexyl glucoside processes that appear throughout this book 
and many other systems as well. Refer to Table 1.2 and 
Section 1.3. 

The expressions for the reaction rate term in the micro- 
scopic balances for heterogeneous catalytic kinetics can be 
rationalized from an introduction to the tools available for 
formulating rate expressions that can correlate rate data, in 
addition to accounting for other data such as mass 


spectrometry, nuclear magnetic resonance data, and so on, 
data obtained for such systems. The formation of a candidate 
rate expression generally entails: 

Formation of reaction mechanism. 

Expression of reaction rates in mechanism. 

Application of the steady-state approximation. 

An active center balance. 

Rate controlling step. 

All of the preceding will be illustrated in the following 
two sections. A brief description is given here. 

By reaction mechanism, we mean a closed sequence of 
elementary reactions, which lead from the reactants to the 
products of an overall reaction whose progress can be 
measured by a single extent (Boudart, 1968). Elementary 
reactions are closed sequences of molecular events between 
the stable species representing the overall stoichiometry, 
reactive intermediates, and active centers. Other species in a 
transition state between the species from which they are 
formed and the species they are about to become are also 
present. These intermediates cannot be isolated and are not 
explicitly represented in telemetry reactions. Elementary 
reactions follow mass action kinetics. 

Active centers are the sites where a relatively stable 
species becomes highly reactive through interactions with 
the active center. Association of a reactant with an active 
center is a step in the closed sequence of elementary 
reactions. The sequence is closed when the depletion of 
an active center is followed by its release in the sequence. 

The highly reactive intermediates are short-lived. The 
“steady-state approximation” states that after a short time 
of the same order of magnitude as the turnover frequency [see 
Equation (8.134) ] the rates of reaction of the reactive inter- 
mediates may be set to zero, that is, the rates of formation are 
equal to the rates of depletion. This implies that the rates of all 
reactions in the closed sequence are equal. 

It may be that one of the steps in the sequence of reactions 
is rate controlling in the sense that the other reactions are 
sufficiently close to equilibrium that their rates may be set to 
zero and the reaction rate set equal to the rate of the 
controlling step. This presumes that the other reactions 
are reversible. In more quantitative terms. 

Rate determining step: Consider a single reaction with rate 
r, the result of a forward and a reverse rate, r { and r h , respec- 
tively. Given r and r b , the forward rate could be calculated 
from r f = r b (l + r/r b ). If, however, the forward rate was judged 
to be equal to r b , the relative error would be [r b (l + r/r b ) — r b ]/ 
r b = r/r b , which approaches zero as r b increases. 

Refer to Table 1.2 for a variety of examples of heteroge- 
neous catalytic systems from the petrochemical industry, and 
to Section 1.3 for examples of biocatalytic systems. Hetero- 
geneous catalysts may be supported or freely suspended in 
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solution (see Chapter 5). Examples of the preceding discus- 
sion will be found in the following two sections. 

8. 5. 1.3.1 Suspensions — Enzyme Kinetics Enzymes, al- 
though we may think of them as preferring the aqueous 
environment offered by the human body, have been found to 
function vigorously when freely suspended in organic sol- 
vents (Klibanov, 1986). This discovery has led to improve- 
ments in enzyme stability, reactant solubility, and diminished 
side reactions involving water. Whole cells, such as baker’s 
yeast and Escherichia coli, may be suspended in aqueous 
solutions. Platinum may be suspended in the solvent for 
hydrogenation reactions. Therefore, although in this section 
we will refer to the case of suspended enzymes, they may be 
thought of in more general terms as active centers, which 
were defined above. 

We will assume that the number of active units per unit 
volume of the reaction mixture is sufficiently large so that a 
limiting process such as that illustrated in Figure 8.1 is 
satisfied. Note, for example, that 1 0 8 cells/ml is representa- 
tive for yeast and bacteria (Aiba et al., 1973). We define a 
pseudohomogeneous reaction rate for the microscopic mass 
balance (Equation 8.81) as 


B attaches to an enzyme containing a fragment, E', to form 
yet another reactive intermediate E'B. The product S and the 
naked enzyme E detach from E' . 

Elementary reaction rates: 

These are molecular events and we apply the law of mass 


action: 

r a = —k\ C aCe + k-i Cea (8.138) 

r B = —k 2 C E 'CB + k_ 2 CE'B (8.139) 

i'r = k^CEA (8.140) 

fs = k 4 c E ' B (8.141) 

r EA = k x c A c E — (k - 1 + k 3 )c EA (8.142) 

r E ' = k^CEA ~ k 2 C E 'CB + k_ 2 CE'B (8.143) 

r E'B = k2C E 'Cs — {k-2 + k 4 ) c E 'b (8.144) 

r E = ki,c E ' B + k_\C E A — k\C A c E (8.145) 


r iV — PE0 r iE 


(8.133) 


Quasisteady-state approximation (QSSA): 


or in molar units 

r iV = MiCEoR-iE 


(8.134) 


c E 


fk - 1 + k 3 \ cea 
V ki ) c A 


(8.146) 


where the mass concentration of the active units in the 
solution is p c and r iE is the rate of production of species i 
per unit mass of active material. The product is the rate per 
unit volume of the bulk phase. 

The determination of r iE is the result of a kinetic study. 


EA rate: 

E! and E'B rates 

f k 3 

Ic E ' B = ^Cea (8.147) 


Example 8.5.1.3.1-1 Ping-Pong Bi-Bi mechanism 

See Davis and Davis (2003). 

Consider the bimolecular reaction between A and B to 
produce the products R and S: 

A + B R + S (8.135) 

Elementary Reactions — Molecular Model: 

Suppose that A combines with the enzyme to form a very 
reactive intermediate, EA. 


i c E > — (k -2 + k A ) — (8.148) 

( k 2 k 4 c B 

Note that the QSSA will always provide one relation for each 
reactive intermediate. An additional relation is needed to 
account for the unknown enzyme concentration. This is 
provided by the enzyme balance. 

Enzyme balance: 

CE + C E ' + C E'A + C E'B = C E0 (8.149) 


E + A^EA-^E' + R (8.136) 

k - i 

The product R is released from EA with a fragment left 
behind to react with B: 


E'+B^tE'B^E + S (8.137) 

k-i 


where c E o is the initial free enzyme concentration. The value 
of c EA may be obtained from this result and the preceding 
consequences of the quasisteady-state approximation. 


{{k-i + k 3 )/ki){l/c A ) + ( k- 2 + k 4 )(k 3 /k 2 k 4 )(\lc B ) + k 3 /k 4 + 1 

(8.5.150) 
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Note that the QSSA and enzyme balance equations may be 
solved in any order that you find convenient. 
Consequently, 


reactants and products and is therefore part of the reactor 
boundary (see Section 9.5.2). An example of the monolithic 
catalysts is illustrated in Figure 8.9. 


((£-1 + /k\)CE 0 CB 

{(k- i + ki)/ki)c B + ( k-2 + kn)(k^/k2kn)cA + ((ki/k 4 ) + 1 )caCb 


(8.151) 


Reaction rate: The diameters of the monoliths are in the neighborhood 

Any one of the reactants or products (from the overall of 15 cm. They contain multiple channels with equivalent 

stoichiometry) may be selected to express the reaction rate diameters from approximately 0.5 to 10 mm. The catalyst is 


1Zr v = 7Z V — k^CEA 


(kik 4 / (&3 + k 4 ) ) Ceo (*a Cb 

c a c b + (ki/k 2 ){{k -2 + k\)l {k^ + k 4 ))cA + {k 4 /k{)((k-\ + k?,)/ (k?, + k 4 ))cs 


(8.152) 


The turnover number or frequency for an enzyme is 
defined as the maximum number of molecules of product 
that can be produced per unit time per molecule of enzyme or 
the number of times that the catalytic cycle is completed per 
unit of time. The value depends on the reaction conditions: 

f = ' R ^ (8.153) 

CEo 

The turnover frequency for the system in Example 8. 5. 1.3. 1-1 is 


deposited on the channel walls. The monoliths can be as long 
as 1 m. A well-known application of monoliths is the cata- 
lytic converter for the automobile. 

In the nonporous case, the reaction occurs on the catalytic 
surface, not in the reaction mixture. Consequently, the 
reaction rate term vanishes from the microscopic balance 
equations for this case and reappears in a boundary condition 
(see Table 8.12): 


{k 3 k 4 )/(k 3 + k 4 ) 

1 + (. ki/k2)((k-2 + * 4 )/(*3 + k 4 )){\ / cb) + (. k 4 /ki)((k-i + k^)/ (k^ + k 4 )){\ / ca) 


(8.154) 


Typical values of the turnover frequency are 10~ 3 -10s _1 
commercial catalysts, and 10 2 -10 4 s _1 for enzymes 
(Bartholomew and Farrauto, 2006). 

8. 5. 1.3.2 Supported Catalysts Immobilization of cells 
and enzymes refers to the attachment of the catalyst to a 
solid surface (Rosevear et ah, 1987). Immobilization, for 
example, prevents the loss of suspended biocatalysts in the 
product stream and, therefore, eliminates or greatly reduces 
the need for cell recovery and recycle operations. See 
Example 2. 3. 2-3 and Problem 2.3 for an example of enzyme 
loss in the manufacture of hexyl glucoside. Immobilization 
can also improve enzyme stability and prevent cell damage 
due to high shear fields in the bulk liquid. 

The availability of expensive metal catalysts can be 
dramatically increased by dispersing small particles with 
a high surface to volume ratio on a support material. It is the 
surface atoms on a bulk metal that provide the catalytic 
action. The following discussion is concerned primarily with 
gaseous mixtures, although much also applies to liquids. 

There are essentially two categories of supported catalysts: 

NONPOROUS In the nonporous case, the reactive surface is 
directly exposed to the reaction mixture, which carries the 


POROUS Porous catalysts generally consist of a porous 
solid containing many convoluted pores of varying dimen- 
sions. They come in many different sizes and shapes as 
illustrated in Figure 8.9. Some typical properties are given in 
Table 8.4. 


TABLE 8.4 Typical Catalyst Properties (Smith, 1981) 



Surface 

Area 

Pure 

Volume 

Mean Pore 

Radius 

Catalyst 

m 2 /g 

cm 3 /g 

A 

Activated carbons 

500-1,500 

0. 6-0.8 


Silica gels 

200-600 

0.4 

15-100 

Si0-Al 2 0 3 cracking 




Catalysts 

200-500 

0.2-0. 7 

33-150 

Activated clays 

150-225 

0.4-0.52 

100 

Activated alumina 

175 

0.39 

45 

Celite (Kieselguhr) 

4.2 

1.1 

11,000 

Synthetic ammonia 




Catalysts, Fe 


0.12 

200-1,000 

Pumice 

0.38 



Fused copper 

0.23 
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(b) 


FIGURE 8.9 Examples of supported catalysts, (a) Monolithic 
catalysts and (b) variety of porous catalysts. Courtesy of BASF 
Corporation, Catalyst Division. 


Refer also to Section 6.5.1 for a basic introduction to 
porous solids. 

A characteristic dimension is approximately 1/16 tol/4 
in. Pore sizes range from less than 50 A (micropores) to 
greater than 500 A (macropores). Surface areas around 
500m 2 /g are typical (that’s about 20 football fields per 
1/4 lb). 

The catalyst is deposited on the walls of the porous 
support so that the reaction conditions needed to calculate 
the reaction rate requires an analysis of external mass 
transfer and internal mass transfer with chemical reaction 
(Figure 8.10). 

The objective at this juncture is the rate expression 
resulting from the three steps associated with the surface 
reaction at the internal reaction site. 

The formulation of kinetic expressions for heterogeneous 
gas phase reactions is very much the same as that for 
enzymatic reactions introduced in Section 8 . 5. 1.3.1 with 
the active center on the interior surface of the support 
replacing the role of the enzyme. 

Example 8.5.1.3.2-1 Generic Hydrogenation with 
Surface Reaction Controlling 

Consider the following reaction, which may be considered 
a generic form for a hydrogenation (A 2 hydrogen) 
reaction; 


FIGURE 8.10 Illustration of the reaction site in porous support. 


Mechanism: Elementary reactions: 

Adsorption (dissociative): 

It is necessary for at least one component to be adsorbed 
for the catalytic action to take place. As noted earlier in 
Section 6.5, the catalytic adsorption step involves the for- 
mation of covalent bonds. An active site, for example, a Pt 
atom, will be denoted by s and adsorption is the result of a 
successful collision of a gas phase molecule with this site. 
These are considered elementary events to which mass 
action kinetics are employed. In many cases, a reactant 
will be adsorbed on a single sight. Here, we consider the 
case of dissociative adsorption as takes place with hydrogen 
(see Figure 6.42). 

A 2 + 2s 2 As 

k - 1 

Surface reaction: 

The B component may be adsorbed or it may remain in 
the gas phase and react with the adsorbed A. The latter is 
referred to as a Rideal mechanism. 

2 As + B Cs + s 

k—2 

Desorption: 

Cs < • ~ • ) C T s 

k - 3 

Reaction rates: 

Adsorption: r i = k\CA 2 c s — k-\c\ s 
Surface reaction: r 2 = k 2 c\ s cs — k- 2 cc s c s 
Desorption: r 2 = k 2 cc s — k- 2 ccc s 

Steady-state approximation: 

The steady-state approximation is that the reaction rates 
are equal: 


A 2 + B+±C 


n =r 2 = r 2 
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Site balance: 

c° = c s + CAs + CCs 

The steady-state approximation provides for the elimination 
of the adsorbed species concentrations and the site balance 
in turn provides the concentration of vacant sites. The reac- 
tion rate, r, , r 2 , or r 3 thus formed, contains only the gas phase 
concentrations. However, in this example, the surface 
reaction is considered to be rate controlling, (see the discus- 
sion of the rate-controlled step in Section 8. 5. 1.3.) This 
means that we can set 

?T « 0, r 3 « 0 


8.5.2 ct / : Vector Processes: Diffusion and Conduction 

The vector processes are the independent molecular fluxes of 
mass and energy. Recalling that the sum of the mass 
diffusional flows is zero, the independent fluxes and forces 
are, respectively: 

Q= = l,#c - l} r and 

V = {[V r (fij - n Ne ) - (t bJ - fiw c )], VlnT:y = 1 ,N C - l} r 

(8.155) 

The linear laws expressed by Equation (8.113) can be 
expressed here as 

Q=-FX (8.156) 


r\ « 0 => cas 



f3 


0 => 


CCs — 


k~z 

—j C C Cs 
«3 


Substitution into the site balance gives 


where C is symmetric matrix of the scalar phenomenological 
coefficients. Carrying out the differentiations in the preced- 
ing equation, and considering the case where the body forces 
per unit mass are the same for all species (e.g., gravity), the 
preceding equation becomes 

Q = -VF (8.157) 

where 


c s = 


1 I kl , k ~ 3 

1 + \ 1 c A 2 +~j — C C 

Ar_i - k 3 


The reaction rate is then given by 


ri = 


k\ , 2 f k— \ k— 2 k—2 

k.i klCso ki k 2 k 3 Cc 


1 


k i k_ 3 

7 — c a 2 +~, — c c 
k _ i k 3 


kF = {Va>i, Vft>2, • . . , V&>at c _i, VP, \7T} t (8.158) 

The Soret effect (thermal diffusion) is the proportionality 
between the mass flux and the temperature gradient and the 
Dufour effect is the proportionality between the energy flux 
and the concentration gradient. These effects as well as the 
proportionality to the concentration gradients off the major 
diagonal are not important in most applications. Conse- 
quently, the linear laws reduce to 

ji= -DaS/coi (8.159) 


or 


q = —X\7T (8.160) 


n s 


k (cA 2 C B - 

[1 + \/ Ka 2 c A 2 + KcCc] 


Approximate homogeneous models of porous catalysts 
such as the one illustrated in Figure 8.10 are often 
employed. The surface kinetics are homogenized in such 
cases as follows (see Table 6.15 for definition of porous 
material properties). 


Uy = Tl.SgPp 

See Section 10.3 for an example. 

In the nonporous case, 1Z S would appear in a boundary 
condition as discussed above. See Section 10.5. 


Equation (8.159) is a form of Fick’s Law of diffusion. 
Equation (8.162) is known as Fourier’s law of conduction. 
The thermal conductivity of the medium is denoted by X. 

If the diffusional flows are represented in other reference 
frames (refer to earlier discussion), the concentration field 
used in the flux expression is changed to preserve specific 
properties of the full matrix of diffusion coefficients. The 
concentration fields and reference frames are associated as 
follows: 


j,= -pDjVcOi (8.161) 

jf = —cMjDjVxi (8.162) 

j r = -Dy Pi (8.163) 
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The molar flux corresponding to jj is tij [see Equation (8.19)]. 

As noted earlier, it is seldom necessary to distinguish 
between the reference frames. We will therefore adopt the 
following form for the diffusional mass flux: 

j, = —Dim's/ Pi (8.164) 


certainly to use experimental data to the extent possible. 
Theoretical models (Chapman-Enskog) are also available. 
Note that the ratio of two predictions provides the means of 
extrapolating data. Measurements under mild laboratory 
conditions may be adjusted for application under extreme 
operating conditions. 


The D im is the diffusivity of species i in a mixture. If it is a 
binary mixture, the two components are identified. For 
example, D AB is the binary diffusivity of A in B whose 
value at infinite dilution is given by 


8.5.4. 1 Diffusivities Approximate values of the diffusiv- 
ity are 10~ 9 cm 2 /s for solids, and 10 -5 cm 2 /s for liquids, and 
ICE 1 cm 2 /s for gases. Table 8.5 lists recommended correla- 
tions for liquids and low-pressure gases (Poling et al., 2001). 


D° ab = lim D ab (8.165) 

Pa^O 


8.5.3 Viscous Momentum Flux 

Since there are no other processes of the same tensorial 
order, the viscous transport of momentum is not thermo- 
dynamically coupled to another process and the momentum 
flux tensor may be expressed as 


Example 8.5.4.1-1 Estimation of Methane Diffusivity in 
Nitrogen for Application to Effective Diffusion in 
Honeycomb Monolith Reactor 

Diffusion data at 29 1 K and 1 bar in a catalytic monolith are 
reported by Hayes and Kolaczkowski (1999). In order to 
analyze these data with the parallel pore model for effective 
diffusivities in porous catalysts, the binary molecular diffusiv- 
ity of methane in nitrogen is required (see Example 10.2-31). 


n» = — 2 » 7 (Vv) 0S 

(8.166) 

2r\N + (— r] — k \ (V • v)B 

(8.167) 


where the rate of deformation tensor is given by 

A = ^{Vv+(Vv)'}=^(V-r)8+(Vv) 0S (8.168) 

Equation (8.167) represents the behavior of many fluids in 
which case they are called Newtonian. It is entirely possible 
that a fluid is Newtonian only over a specific range of shear. 
However, the linear law is not sufficient to represent momen- 
tum transfer in all fluids and, phenomenological approaches 
have therefore been employed to capture non-Newtonian 
behavior. In some sense, these may be regarded as efforts to 
include higher order terms in the expansion of the flux in 
terms of forces. 


8.5.4 Estimation of Transport Coefficients 

The goal of closing the microscopic balance equations that 
was announced at the beginning of Section 8.5 will be 
complete when the diffusivity, thermal conductivity, and 
viscosity are expressed in terms of the state variables. In this 
section, we will summarize a number of empirical correla- 
tions of experimental data that are known to give reasonable 
results over a wide variety of circumstances (Poling et al., 
2001). However, errors greater than 15-20% can occur and 
the user would be wise to compare alternative methods and 


Solution: 


A = CH 4 , B = N 2 


M a = 16.043 = 12.011 +4 x 1.0079 


M b = 28.014 = 2 x 14.007 
Refer to Table 8.6: 

r A = 25.14= 15.9 + 4(2.31) 


E A = 18.5 


Refer to Table 8.5, “binary low pressure gases.” 


D A b(T,P) 


0.00143T 1 ' 75 


(l/M A )+(l/MB) 


0.5 r 


(£a) 


1/3 



D AB {291, 1) = 0.20890 cm 2 /s 

A value of 0.224 cm 2 /s has been reported for methane in air 
at 298 K and 1 atm (Yaws, 2003). This value generally 
supports the calculations above. 

8. 5.4.2 Thermal Conductivities Gases have thermal 
conductivities of the order 10 2 W/(mK). Liquids have 
thermal conductivities of the order 1 0 1 W/(mK) and solids 
10 W/(mK). These are very crude estimates. Table 8.7 sum- 
marizes recommended correlations for liquids and low 
pressure gases (Poling et ah, 2001) (Table 8.8). 
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TABLE 8.5 Correlations to Estimate Diffusion Coefficients for Nonelectrolytes 


Correlation 


Definitions and Units 


Restrictions/Notes 


Binary liquid phase diffusivity at infinite dilution: U;(7' nb p): cm 3 /mol; molar volume of 

Hayduk and Minhas (1982) for B = n-parafffin: j at n.b.p. A = solute, B = solvent 

Pi\ Parachor for species / = V jO 1 /4 
8 yi.47^.58/v A -i. 12 ) with molarvolume(cm 3 /mol) 

d ab = 13 - 3 x 1° ^oTn and surface tension(dyn/cm) 

at the same temperature; 


Otherwise Tyn-Calus (1975) method: 


/!/ \ /P \ 2 T 

D% = 8.93 xKT 8 )^) [£»] - 

\V 2 b ) \PaJ 1b 


— ~ 1 for many organic liquids 

<* a 


T: K 

ij B .: viscosity of solvent (cP) 

Estimate: V, = 0.288 P' 045 : cm 3 /gmol 


• (j s A 20 to 30 cP 

• A = water => P A = 2 P water , 

P/\ 2 V wa ter 

• A = organic acid and B ^ H2O, 
CH3OH, or C4H9OH => 

Pa — 2 P water A ~ 2V water 

• A = nonpolar; 

B = monohydroxy alcohol => 
multiply P B and V B by 8;; B 
See Example 10.4-1 


Concentrated binary liquid solutions- 
Vignes (1966): 


Not good for systems where the 
component may solvate 


d ab = WW[i 


Multicomponent liquid mixtures 
(Perkins and Geankoplis, 1969) 


P^Am^m — XjDajVj 


D°\ cm 2 /s 
x: mole fraction 
r): cP 


a^co 2 


Binary low pressure gases (Fuller et ah, 1966) 
0.00143T 1 ' 75 


™y B 2 [(£v)A /3 + (£v)r 


(see Example 8.5.4. 1-1) 


M AB = 


(l/M A ) + (l/M A ) 


P: bar 

53,, Summation of atomic diffusion volumes 
(see Table 8.6) 

D ab : cm 2 /s 


D AB P cx r 7 / 4 


Multicomponent dilute gas (Sandler and 
Mason, 1968) 


D»: Binary diffusivity of / in j under ideal Derived from Stefan-Maxwell 


gas conditions; independent ofcomposition; 

cm 2 /s 


equations for diffusion of species 
i through a stagnant medium 


d = -L 

/i 

J = 1 y 
J + 1 


Referred to as Blanc’s law 


Knudsen diffusion of gases in small pores 
(Satterfield, 1970) 


d - = 970 Vm a ’ r[ml 


R: radius of (cylindrical) pore; m 
T: K 

D k {. cnr/s 


Collisions with pore walls a 
significant fraction of the total 
number of collisions 
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TABLE 8.6 Atomic Diffusion Volumes 


Atomic and structural diffusion volume increments 


c 

15.9 

F 

14.7 

H 

2.31 

Cl 

21.0 

O 

6.11 

Br 

21.9 

N 

4.54 

I 

29.8 

Aromatic ring 

-18.3 

S 

22.9 

Heterocyclic ring 

-18.3 



Diffusion volumes of simple molecules 



He 

2.67 

CO 

18.0 

Ne 

5.98 

co 2 

26.9 

Ar 

16.2 

n 2 o 

35.9 

Kr 

24.5 

nh 3 

20.7 

Xe 

32.7 

h 2 o 

13.1 

h 2 

6.12 

sf 6 

71.3 

d 2 

6.84 

Cl 2 

38.4 

n 2 

18.5 

Br 2 

69.0 

o 2 

16.3 

so 2 

41.8 

Air 

19.7 




TABLE 8.8 Correlation Parameters (Latini et al., 1989) 


Family 

A* 

a 

P 

Y 

Saturated hydrocarbons 

0.00350 

1.2 

0.5 

0.167 

Olefins 

0.0361 

1.2 

1.0 

0.167 

Cycloparaffins 

0.0310 

1.2 

1.0 

0.167 

Aromatics 

0.0346 

1.2 

1.0 

0.167 

Alcohols 

0.00339 

1.2 

0.5 

0.167 

Acids (organic) 

0.00319 

1.2 

0.5 

0.167 

Ketones 

0.00383 

1.2 

0.5 

0.167 

Esters 

0.0415 

1.2 

1.0 

0.167 

Ethers 

0.0385 

1.2 

1.0 

0.167 

Refrigerants 

R20, R21, R22, R23 

0.562 

0.0 

0.5 

-0.167 

Others 

0.494 

0.0 

0.5 

-0.167 


TABLE 8.7 Correlations to Estimate Thermal Conductivities 


Correlation 

Thermal conductivity of pure organic liquids 
below n.b.p. (Latini et al., 1989) 


Nonaqueous liquid mixture 


Definitions and Units 


*»=E 3 


Low pressure pure gases — nonpolar 
compounds (Chung et al., 1988) 

XM _ 3.75V 
t]C v C v /R 


Low pressure gas mixtures — nonpolar 
(Mason and Saxena, 1958) 


_ y y< k ‘ 

m 


A/,' 1 , Ay - 


M p Tl 

l[=]W/(mK) 

Tb = normal boilng point, K 


See Table 8.8 for A*, a, fi, y 
id = weight fraction 


X : W/(m K) 
r i : Ns/m 2 
C v : J/mol K 
R = 8.314 J/(mol K) 

j 0.215 + 0.28288a- 1.061/8 + 0.26665Z 

+ " 0.6366 + pz + 1.061CC/8 

C v 3 

a = 

R 2 

fi = 0.7862 - 0.7109a) + 1.3168a/ 2 
Z = 2.0+ 10.5T 2 

X tn _ r y [exp(0.04647Vf) - exp(-0.2412T„)] 
x^- ~ r, [exp(0.0464r r y) - exp(— 0.24127//)] 

^ rr c ,M 2 l 1/6 

r, = 2io 

rH(w/(mK))-‘ 


Restrictions/Notes 

50<M<250 
A not N 2 sulfur containing 
compounds, aldehydes 


Neglect effect of pressure up to 
60 bar except near critical point. 
Thermal conductivity of no 
component is more than twice 
another 

If polar compound, can use p = 0.758 
if not available for specific 
compound 


/ X tri /X trj (Mj/Mj) l/4 
/ 8[1 + (Mi/Mj)\ 
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TABLE 8.9 Correlations to Estimate Viscosities 


Correlation 


Pure gases at low pressure (Lucas, 1980) 
i]i; = [0.8077?- 618 - 0.357 exp(— 0.4497V) 
+0.340 exp(-4.058r r ) 
+ 0 . 018 ]F°FO 


£ = 0.176 




M; g/gmol 


Gas mixture at low pressure (Lucas, 1980) 
Use the pure gas equations with following 
rules for the values to be used for the 
mixture: 

T cm ~ ^ ] yjT c i 

p — J?T —L 

1 cm — 1X1 cm v — > 

E>^ 

M m = Yj'iMi 

F°p,„= E v '+ 

**»= fE^l A 


Definitions and Units 


Correction factors ( F) for polarity (P) and quantum ( Q ) effects: 

Polarity P: 

Mr = 52.46^ 

1 C 

F° p = 1 0 < /x r < 0.022 

F° p = 1 + 30.55(0.292 - Z c )' 72 0.022 < p r < 0.075 

F° p = 1 + 30.55(0.292 - Z C ) 1J2 10.96 + 0.10(7’ r - 0.7)|0.075 < /x r 

Quantum F : 

The quantum correction factor, is used only for He, H 2? and D 2 
Fq = 1.222° 15 (l +0.00385(r r - 12) 2/ "sign(r r - 12) j 
Q = 1.38(He),0.76(H 2 ),0.52(D 2 ) 
sign(x) = + 1 , x >- 0 
sign(x) = — 1 , x -< 0 


Restrictions/Notes 


Use pure gas correlation 


A = 1 - 0.01 


Ma x(M,) 


and 0.05 < Max(v,) < 0.7 
A = 1 otherwise 


. Max (Mi) „ 

for > 9 

Min (M t ) 


Low temperature pure liquid viscosity 

ln M =a + b 

pM\ T 

Liquid mixtures (Grunberg and 
Nissan, 1949; Isdale et al., 1985) 


ln Vm = £* ln Vi + j E X ' X i G ‘J 


p(g/cm J ) at 20°C if n.b.p. < 20 °C 

yo(g/cm 3 ) at melting point if freezing point < 20 °C 


Follow the procedure listed below: 

1 . For a binary of i and y, select i by the following priority rules (j then becomes the 

second component) 
i — an alcohol, if present 
i — acid if present 

i — the component with the most carbon atoms 
i — the component with the most hydrogen atoms 
i — the component with the most — CH 3 groups 
Ga — 0 if none of these rules establish a priority 

2. Once the decision has been made which component is i and which is y, 
calculate J] A, and J] Ay from the group contributions in Table 8.11 

3. Determine the parameter W. (If either i or j contains atoms other than 
carbon and hydrogen, set W— 0 and go to step 4.) Let the number of 
carbon atoms in i be N i; and that in j be Nj. 


0.3 161 (A,- — Nj) 


-0.11889 (A/ -A)) 


G# = EAf + EA/ + w 

Gy is sometimes a function of temperature. However, existing data suggest that, for 
alkane-alkane solutions or for mixtures of an associated component with an 
unassociated one, Gy is independent of temperature. However, for mixtures of 
nonassociated compounds (but not of only alkanes) or for mixtures of associating 
compounds, G, is a mild function of temperature. Isdale et al. (1985) suggest for these 
latter two cases Gy(T) — 1 — [l — G,y(298)] 
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TABLE 8.10 Orrick and Ebar Group Contributions for 
A and B 


Group 

A 

B 

Carbon atoms 

-(6.95 + 0.21 N) 

275 + 99 N 

R-C-R 

II 

R 

-0.15 

35 

R 

-1.20 

400 

R-C-R 



R 



Double bond 

0.24 

-90 

Five-membered ring 

0.10 

32 

Six-membered ring 

-0.45 

250 

Aromatic ring 

0 

20 

Ortho substitution 

-0.12 

100 

Meta substitution 

0.05 

-34 

Para substitution 

-0.01 

-5 

Chlorine 

-0.61 

220 

Bromine 

-1.25 

365 

Iodine 

-1.75 

400 

-OH 

-3.00 

1600 

-COO- 

-1.00 

420 

-O- 

-0.38 

140 

o 

II 

u 

-0.50 

350 

-COOH 

-0.90 

770 


TABLE 8.11 

Group Contributions to G,, 

at 298 K 

Group 

Notes 

Value of A 

-CH 


-0.100 

)ch 2 


0.096 

)CH- 


0.204 

>c< 


0.433 

Benzene ring 


0.766 

Substitutions 

Ortho 


0.174 

Meta 


- 

Para 


0.154 

Cyclohexane 


0.887 

ring 

-OH 

Methanol 

0.887 


Ethanol 

-0.023 


Higher aliphatic alcohols 

-0.443 

O 

II 

u 

Ketones 

1.046 

-Cl 


0.653-0.161 K 

-Br 


-0.116 

-COOH 

Acid with: 



Nonassociated liquids 

-0.411+ 0.06074 K 


Ketones 

1.130 


Formic acid with 

ketones 

0.167 


8. 5.4.3 Viscosity The viscosity of gases is of the order 
10 '/\ while liquids are of the order 10 7\ Again, these 
estimates are very crude and can perhaps only serve to detect 
the most serious errors in calculations. Table 8.9 summarizes 
recommended correlations for liquids and low pressure 
gases (Poling et al., 2001) (Tables 8.10 and 8.11). 

8.6 TURBULENCE 

The conservation laws and flux expressions apply at each point 
in the homogeneous medium and, in the case of unsteady flows, 
at each instant of time. When we think of unsteady flows, the 
time scale that we have in mind may be of the order of hours. If 
there is no detectable change over a number of such time units, 
we begin to speak of steady flows or steady state. 

If in the steady-state regime we take measurements of the 
velocity field, or other state variables that are sufficiently 


accurate, we may find under some conditions, an unsteady 
component of the otherwise stable average velocity that 
changes over a very small time scale and has an oscillating 
statistical nature. This condition is called turbulence and has 
the characteristics displayed in Figure 8.11 of the “steady 
velocity’’ field measured in a wind tunnel. 

Note that the average velocity is constant, that the average 
fluctuation about the mean velocity is about 0.85% of the mean 
velocity, and that the record is over an elapsed time of only 
0.4 s. Turbulence may be defined as the irregular motion in 
which the various intensive quantities (concentration of mass 
or energy, temperature, pressure, and so on) vary randomly in 
both the time and spatial coordinates. Isotropic turbulence re- 
fers to the case where the statistical properties of the turbulence 
do not vary with direction. Flow in pipes becomes turbulent at 
a Reynolds number (see below) of approximately 2100. 

The turbulent condition is also characterized by the 
eddy motions that accompany the condition of fluctuating 




Turbulence of wind tunnel = M.o 
Time = 0.4 s (r) 

Relative amplification = 64 s 


0085 


FIGURE 8.11 Steady velocity field in a wind tunnel (Hinze, 1959). Reprinted with permission of 
McGraw-Hill. 
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FIGURE 8.12 Flow behind a cylinder with lateral flow (Hinze, 
1959). Reprinted with permission of McGraw-Hill. 


velocity components. Eddies are clearly present in Fig- 
ure 8.12, which shows the flow field behind a cylinder 
subjected to a high lateral flow. 

This is an example of wall turbulence that has different 
characteristics than free turbulence that may be encountered 
in a free jet or when two fluid phases are contacted as in a 
liquid-liquid extractor. 

The spatial scale of the eddies is approximately 1 mm. 
This eddy motion contributes another mechanism for trans- 
port of mass, momentum, and energy. 

Although the transport equations may hold at each 
instant, the small scale of the turbulent fluctuations makes 
the average flow more interesting in practice where most 
flows are turbulent. Our objective is to cast the conservation 
equations in terms of the average flow (following Bird et al., 
2002) (see Figure 8.13). 



By the average velocity component at a fixed position in a 
turbulent flow field, we mean as follows: 

T 

(v(f)} =)fj v(t+r)dr (8.169) 

o 

where the interval □ is much larger than the time scale of 
the fluctuations in the flow due to turbulence but much less 
than the time scale of the average motion. When this is true, 
we can say that the average value is independent of time over 
a small time interval and write 

<v(f + T))«<v(0> (8.170) 

The fluctuating component is then expressed as 

v=(v) + v' (8.171) 

where 

(v')=0 (8.172) 

The following properties of the averaging operation can be 
identified for the scalar functions, m and n: 


«w» 

= H 

(8.173) 

{{m)n) 

= (m){n) 

(8.174) 

(m + n) 

= (m) + (n) 

(8.175) 

(dm/ ds) 

= d(m ) / ds 

(8.176) 


where s is distance in the direction of the derivative. These 
properties will be used in the following calculations to 
reformulate the mass conservation equations in terms of 
average values. 

8.6.1 Time-Averaged Mass Balance 

The time average of the mass balance for species i in a 
mixture can be calculated as follows: 

(^ + V - ( P ! v + j ! ) ) = ( Uv) (8.177) 

^ + V-(( P/ v) + (j,.)) = (r /v ) (8.178) 

The flux term may be expressed in more useful terms as 
follows: 


FIGURE 8.13 Average and instantaneous velocity. 


(P/v) = ((( A .) + p')((v}+v')) (8.179) 

= (Pi)(v) + (p'/) (8-180) 
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The first term is the familiar convective form, but in terms of 
time-averaged quantities. The second term represents an 
additional transport mechanism for the averaged quantities 
that is due entirely to the turbulent motion. It is an eddy 
transport mechanism, not a molecular-based phenomenon 
like molecular diffusion. 

j' = <py> ( 8 . 18 D 

The averaging process uncovers a contribution of the turbu- 
lent flow field to the reaction rate in terms of time-averaged 
quantities. Consider, for example, the case of an irreversible 
second order reaction under isothermal conditions: 

(r,„) = k(q) = k(cj) 2 + k{c' 2 ) (8.182) 

The result is that the microscopic mass balance can be 
written in terms of time-averaged quantities if we add a 
turbulent transport mass transfer mechanism relative to the 
convective flow and we recognize a possible enhancement of 
the reaction rates. With the understanding that the intensive 
quantities are time averaged, the microscopic mass balance 
can be expressed with one additional term 

^+V-( A .v + j,.+j/) (8.183) 

We assume that there is no net transport of mass by the 
turbulent mechanism 

£ j' = 0 (8.184) 

i 

The equation of continuity is therefore not changed when 
passing to time-averaged quantities. 


8.6.2 Turbulent Flux Expressions 

Following the same procedure with the momentum and 
energy balance equations as for the mass balance yields a 
similar result. The balance equations are augmented by an 
additional flux relative to the mass average velocity but are 
otherwise unchanged when written in terms of the time- 
averaged quantities. The turbulent fluxes, to a first approxi- 
mation, are empirically expressed in a form similar to their 
molecular-based counterparts: 


j' = -pD'Vvj 
q' = -X'VT 


(8.185) 


t' = — 2/z'Vvos (8.186) 


The turbulent transport coefficients are called the eddy 
diffusivity, the eddy conductivity, and the eddy viscosity. 
Note that the same eddy diffusivity applies to all compo- 
nents. Written in this way, the turbulent and molecular based 


fluxes are proportional to the same gradients with one or the 
other predominating at the extremes of flow: 

D ' lm = D im + D l (8.187) 

X t m = X m + X t (8.188) 

r lm = Vm + r l t (8.189) 

It must be emphasized that the turbulent flux expressions in 
Equations (8.188) and (8.189) are very crude approxima- 
tions. The turbulent components are known to be functions 
of the distance from submerged objects, the intensity of the 
turbulence, and so on. In general, the molecular-based 
components are properties of the fluid while the turbulent 
components depend on the characteristics of the fluid 
dynamics. This dependence has been a formidable impedi- 
ment to obtaining solutions to practical problems. 

The difficulties are most apparent in regions with large 
gradients that tend to occur near phase boundaries in chemical 
processing equipment. The processes that take place near 
these phase boundaries may, in fact, provide the basic func- 
tionality of the equipment. The transport phenomena in these 
regions are described with mass, momentum, and heat transfer 
coefficients (see Chapters 12, 13, and 14, respectively), which 
are based on experimental data and characteristic properties 
of the transport equations. The eddy transport coefficients, if 
needed, are applied outside of these regions, which is called 
the bulk phase. 

8.6.2. 1 Empty Tubes The behavior of the eddy diffusiv- 
ity for flow in pipes of diameter D is shown in Figure 8.14. 

Three dimensionless groups are employed in Figure 8.14. 
The Reynolds number is on the horizontal axis and is a 
measure of the convective flux of momentum to the viscous 
flux. Laminar flow takes place at Reynolds numbers less 
than 2100. The inverse of the Peclet number appears on the 
vertical axis and is a measure of the eddy transport of 
momentum to the convective transport. The Schmidt number 
is shown parametrically and is a measure of the rate at which 
momentum is transferred through the system by viscous 
effects relative to the molecular diffusion rate. The laminar 
regime is the result of an analysis of the spread of a pulse 
injection at the pipe entrance in terms of concentration 
averaged over the cross section. 

Of most interest here is the turbulent flow regime 
beyond the Reynolds number of 2100. These results are 
experimental. 

The eddy conductivity and viscosity are often approxi- 
mated with 

— «£>( and -« 1.0 -2.0 (8.190) 

pc p p 
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FIGURE 8.14 Correlation for dispersion of fluids flowing in pipes (Levenspiel, 1999). Reprinted 
with permission of McGraw-Hill. 


8. 6.2. 2 Radial Dispersion in Packed Beds Consider the 
two-dimensional bed of spherical particles shown in Fig- 
ure 8.15. The process may be modeled from a random walk 
(see Denbigh, 1966). Each time that a fluid element moves 
through a layer of particles, it undergoes a lateral movement 
of Dp! 2 to the right or left. 

The direction of the deflection is random. The result is a 
flux in the lateral direction in the same form as the molecular 
flux in Equation (8.151) but with a dispersion (to distinguish 
the process) coefficient, D t . given by a value of 1 1 for the axial 
Peclet number. This is close to the experimental values shown 
in Figure 8.16. See Gunn ( 1987) for functional relationships. 

8. 6.2.3 Axial Dispersion In the axial or direction of flow, 
area open to flow first increases to a maximum value and 



FIGURE 8.15 Radial dispersion process in a packed bed 
(Denbigh, 1966). 


then decreases through the same values. The fluid can then 
be imagined to accelerate rapidly through areas of small 
voidage, and then to slow and mix in those regions of high 
voidage. The rapid acceleration through the low voidage 
areas provides the energy of mixing in the high voidage 
areas. This process as analyzed by Aris and Amundson 
(1957) who found an axial Peclet number of 2.0. This result 
is in good agreement with the data shown in Figure 8.17. 

Lines replace a series of data points in Figure 8.17. See 
Gunn (1987) for functional relationships. Also refer to 
Section 8.7.4 for the influence of axial dispersion on bound- 
ary conditions for fixed-bed reactors. 



,V^ C based on particle diameter 


FIGURE 8.16 Radial dispersion coefficients in a packed bed 
(Smith, 1981). Reprinted wih permission of McGraw-Hill. 
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FIGURE 8.17 Axial dispersion coefficients (Froment and Bischoff, 1979). Reprinted with permis- 
sion of John Wiley & Sons. 


8.7 APPLICATION OF BALANCE EQUATIONS 

The application of the conservation equations to physical 
circumstances invariably requires the selection of a coordi- 
nate system. The coordinate system is normally chosen so 
that one or more of the coordinate surfaces coincide with a 
surface over which we have specific knowledge of the 
physical conditions. These surfaces are normally system 
boundaries and the conditions are called boundary 
conditions. 

The steady-state balance equations are summarized in 
Table 8.12. Two limiting regimes of flow are pointed out: 
The creeping flow regime where the viscous transport of 
momentum dominates the momentum flux (see Section 
9.4.1) and the ideal region where the reverse is true. Ideal 
flows may be used as limits of solutions to flows around 
submerged objects as the distance from the object increases 
(Bird et ah, 2002). 


8.7.1 Boundary Conditions 

The flux expressions derived above in conjunction with the 
balance equations for mass, energy, and momentum consti- 
tute a complete description of microscopic behavior in a 
homogeneous system of known material properties. The 
system is identified by the boundaries it forms with other 
systems within which microscopic phenomena are described 
in an identical way. The descriptions are linked by assuring 
that the physical laws that govern the processes in adjacent 
systems are preserved in exchanges and interactions at 
adjoining boundaries. We consider moving boundaries 
with surface tension so that systems that exhibit significant 
changes of volume on mixing, condensation, and evapora- 
tion, as well as melting and freezing and the influence of 
surface tension on mass transfer may be included at least 
approximately. A summary is given in Table 8.13. 

The conditions at the boundary between two phases are 
considered for mass, energy, and momentum transfer. The 


TABLE 8.12 Summary of Steady-State Microscopic Balances (Unsteady-State Accumulation Term Crossed Out) 


Mass 



J ;) — r iv 



dt 


V ■ (pv) 


0 “Continuity” equation 


Momentum 

Newtonian fluid with bulk viscosity (k) = 0 

1. Navier-Stokes equations if p = constant 

2. Euler’s equation for V • r = 0 



a. 


dt 

t = 


(pVV+PS+T) = ^ Pi f b, 


Av— ( -V-v )S 


and Av = 


Vv+ (Vv)' 


Energy 

Constant partial molar enthalpies 


dt 


+ pc p \ ■ X7T + V ■ q = — T : Vv — 


din p 
din T 


J P,a> 


[v • VP] + y^(— A H Rj )TZj t 


Specific body force same for all components 


q = — kVP 
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TABLE 8.13 Summary of Boundary Conditions for [Phase a] (See Table Notes for Additional Information) 


Condition 

Mass (M) 

Energy (E) 

Momentum (P) 

1 . Local equilibrium 

(a) (/}) 

m; = Mr 

(see note) 

j(a) _ 

Young-Laplace equation: 
P ( ") =P^> + (T [/f- 1 +/?-'] 

2. Permeable 

No slip 

(wj a) - p, W v. s ) • n 
= (W^ - p“V) ■ n 

(4"> - p ( e\ s - n,) • n 
= (j^ - pf ] y s - P^s) ■ n 

( X (“) - p^M^v,) ■ n 
= ( T <» - pW>v<0v,) . „ 
v<“) ■ t = • t 

3. Impermeable 

No slip diathermal 

o 

II 

s 

a 

qT 

1 

'a' 

J e = p/zVj + q => q 1 "* • n = q (/3) ■ n 

T (") . n = T (/i) • n 
v ( “) • t = v (/s) • t 

4. Impermeable 

No slip 
adiabatic 

o 

II 

c 

Jp 

a 

qT 

1 

'a' 

53 

II 

O 

t ( “> • n = T (/i) • n 
v ( “) • t = v w • t 

5. Impermeable 

No slip 
velocity = 0 

Single reaction 

W ( “> ■ n = 0 => v(“> • n = 0 
=> ■ n = i J Mills 

Also,N I -“ ) • n = ftj1Z s 

W (a) • n = 0 => v<“> • n = 0, 
j‘ o) ■ n = 0, 

^qW. n =-[(-A//«)/(-^)]di“ ) 

A = key reactant 

t(“> • n = • n 

v ( ") • t = • t 


Notes: Symmetry may be used to set conditions; require finite solutions; concentrations are continuous between porous boundaries. 


phases may be liquid, solid, or gas so that the conditions, for 
example, apply to extraction (liquid-liquid), distillation 
(vapor-liquid), absorption (gas-liquid), adsorption (gas- 
solid), and so on. It is assumed that boundary conditions are 
being formulated for phase a. The conditions arise from physi- 
cal considerations alone and do not include, for example, 
discarding solutions that are unbounded in the region of interest 
or the need for derivatives to vanish at lines of symmetry. 

The system is supposed to be in a state of “local equi- 
librium” as noted at the beginning of Section 8.3. It follows 
that the two adjoining phases must meet the conditions of 
thermal, mechanical, and chemical equilibrium at the inter- 
face. This implies that the temperature and chemical poten- 
tials be continuous across the phase boundary and that a step 
change in pressure occurs due to surface tension. The 
equality of chemical potentials translates into a relationship 
between the compositions in each phase. A summary is 
provided in Table 6.12 for gas-liquid systems. 

The interface is presumed to have no mass so that the 
mass flux of each species, the energy flux, and the momen- 
tum flux are therefore continuous across the interface. The 
fluxes expressions formulated in Section 8.5 may be used 
but under turbulent conditions, the interphase transfer 
coefficients discussed in Chapters 11, 12, and 13 are 
used. For reactive interface, the mass flux must equal 
the rate of reaction to avoid any accumulation of material, 
and the thermal energy released by the reaction must be 
removed, There is, however, no change of momentum due 
to the reaction. The momentum transferred from a gas may 
be approximated as zero for gas-liquid or gas-solid 
systems. 

Fluids cling to each other through the interface. Thus, we 
may say that the tangential velocity is continuous across the 
interface. 


We will apply these conditions to a variety of situations in 
Chapters 9-13. It is rarely necessary in many typical appli- 
cations to need more than two spatial directions to describe, 
at least to a good approximation, the physical and chemical 
changes that are actually taking place. Symmetry plays a 
central role in such considerations and can result in consid- 
erable simplification of the applicable balance equations. We 
consider the details of the simplification procedure for a 
typical application here and give the results for two-dimen- 
sional problems in the following chapters. 

8.7.2 Reduction to Scalar Equations: 

Laminar Flow in Tubes 

One approach to simplifying the coordinate-free micro- 
scopic balances is to begin with the general equations fully 
expressed on the coordinate system chosen for the applica- 
tion and to eliminate coordinate-dependent terms that are 
inconsistent with our physical view of the of the application. 
A full exposition of the microscopic balance equations on 
the rectangular, cylindrical, and spherical coordinate sys- 
tems is available elsewhere (Bird et al., 2002) with many 
illustrations of simplifications to a variety of applications. 
Another approach is to couple the simplification and the 
coordinate representation steps. We take the latter approach 
here for laminar flow in tubes. 

Consider the steady laminar flow of a pure, constant 
density liquid in a straight round pipe under isothermal 
conditions (see Figure 8.18). 

In the terms of Table 8.13, [phase a] is the fluid and 
[phase fi] is the pipe. The interface is the inside surface of the 
pipe. The system is most conveniently represented in cylin- 
drical coordinates since the boundary is represented by an r 
coordinate surface (r = constant) if the cylindrical system is 
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Since the unit vector in the z direction is constant, the 
differentiation is carried into the velocity terms only. 
Referring to the appendix, the tensor products in the 
first and second terms vanish. The derivative in 
the second term vanishes as well and the third term 
reduces to 


FIGURE 8.18 Laminar flow in a tube. 

located at the center of the tube entrance. Also, we can see 
the symmetry in the angular direction in cylindrical coor- 
dinates since gravity is only acting in the z direction. 

The fluid clings to the motionless wall and the wall is taken 
as impermeable. Consequently, the normal component of the 
velocity (M3) vanishes as well as the tangential component. 
Consequently, the velocity profile will be similar to that 
illustrated in Figure 8.18 where the fluid is anchored at the 
wall and allowed to respond to gravity otherwise. 

The relations in Equations (8.49)— (8.52) will be of 
considerable utility in the adaption of the general equa- 
tions to the tube flow. The velocity and del operator are 
given by 

v = u8 z (8.191) 

d 1 d d 

V = 8 r - + 8 e --+S z - (8.192) 

or r dO dz 

The equation of continuity (Table 8.12) at steady state and 
constant density is 

V • v = 0 (8.193) 

which reduces to the following for the current application: 


V • vv = <$ ZZ 8 Z 


<9v-v_- 

dz 


= S Z 


dv z v z 

dz 


(8.199) 


This also vanishes because the velocity depends only on 
the radial coordinate because of the continuity equation. 
The vector components of the first term in the conserva- 
tion equation are therefore all zero. 

Since the pressure is multiplied by the unit tensor, the 
second term in Equation (8.195) becomes 


V P8 = 


* dP 1 dP 0 dP 

8r 57 +8e r90 + 8z & 


( 8 . 200 ) 


Further reductions are possible in this result but we will wait 
for a more informative point to affect them. 

The third term in the conservation equation involves the 
evaluation of the velocity gradient: 

Vv =( S 4 + S »;! +S 4 ) (S ‘”' ) ( 8 . 201 ) 


Again, since the unit vector in the z direction is independent 
of position, the gradient of the velocity vector in the pre- 
ceding equation reduces to 


_ d , 1 9 d\ dv z 

8r Fr + be 7-dd + Z ¥z) ' v=8z = ~di = ^ Vz = Vz(r) 

(8.194) 

The orthogonality of the coordinate vectors and the fact that 
the z-coordinate direction is constant have been used. 

Conservation of momentum [see Equations (8.84)— 
(8.87)] for a Newtonian fluid at steady state and with gravity 
(z direction) as the only body force is expressed by 

V • (pvv-KPS - ;; [Vv + (Vv) r ]) = g8 z (8.195) 


Vv = 


_ _ dv~ 
8 r 8 z — — 
or 


Therefore, 


(Vv)' = 8 z 8 r 


dv z 

dr 


(8.202) 


(8.203) 


At this juncture, the momentum balance, Equation (8.189) 
has been reduced to: 


The bulk viscosity has been set to zero. 

The first term in the preceding equation is reduced at 
constant density as follows: 

V • pvv = pV • vv (8.196) 


c dP 

8r 9T 

= P,?8 Z 


1 dP " dP\ 

8 ^d0 + 8z &) 


— rjSI 


_ _ dv- dv z 

S z 8 r — + 8 r 8 z — 

dr dr 


(8.204) 


V 


VV=18r ^' 


. 1 9 _ d 

8e 7a0 + 8z & 


v z v z 8 z 8 z (8.197) 


The divergence term on the left side of the preceding 
equation is 


V vv = 8 r 8 Z 8 ; 


dv : v z 

dr 


8a 8,8, - 


1 dv~v z 


r dO 


8 , • 8,8 


dv z v z 
dz 
(8.198) 


_ d 1 9 d 
8t Fr + b °~rdO + ^d~z 


_ dv z 9v-\ 

S z B r — + 8 r 8 z — ) 

or dr J 


(8.205) 
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Since the unit vectors do not depend on the radial coordinate, 
the first term of the operator provides 


The scalar equivalents to the preceding equation constitute 
the momentum balance in the three coordinate directions: 



- dv- dv 

S z B r — + 8 r 8 z — 

or or 

, d 2 v- d 2 v z 

8 z 8 r r + 8 r 8 r 8 z — y 

dr~ dr 2 - 


= 5rz8 r 


<9 2 v z 
dr 2 


+ ^rr8 z 


d 2 v z 

dr 2 



(8.206) 


(8.207) 

(8.208) 


The second term of the operator, however, involves changes in 
the unit vectors in the angular direction of the differentiation: 




dv z 

dr 


+ 8 r 8 z 



/_ <98 r dv : <98 r dv : \ 
\ 8z ~d0~d7 + ~de 8z ~dr ) 


(8.209) 


noting that only the radial coordinate vector has an angular 
dependence . Substitution of the derivatives of the unit vectors 
(see Appendix) gives 


_ 1 / <98 r dv z <98 r _ dv z \ 
V y z ~d6lh + ~d0^ z lh) 


1 dv : 


1 dv- 


= -8 e ■ 8 Z 8 0 — 7— + 8 0 8 z — — 1 


r dr 


' r dr 


( 8 . 210 ) 


= ^<5fcB g 


1 dv z 
r dr 


&66&Z 


1 dv z _ g 1 dv z 
r dr z r dr 


( 8 . 211 ) 


z: 


balance as 


dP 1 d 
dz 1 r dr 


dT , 
pc p v z --k 


1 dT ( dT > 
r - 


r dr V dr 


f = 0 

or 


(8.215) 

~ = o 

r d6 

(8.216) 

m 

= Pg 

(8.217) 

11 give 

the internal 

energy 

\ d 2 T 

J 9z 2 _ 

= — t: Vv 

(8.218) 


Note that, except for the term on the right-hand side of 
Equation (8.216), a uniform temperature field would satisfy 
the energy balance. This term represents the degradation of 
kinetic to thermal energy and the energy balance requires 
that it be removed by convection and conduction in the axial 
direction and by conduction in the radial direction. The term 
is normally so small that the required temperature gradients 
are negligible, validating the assumption of an isothermal 
system. 

We will return to the tube flow problem in the next 
chapter where applications involving nonturbulent momen- 
tum transfer are discussed. In that chapter and the following 
chapters, additional applications of the balance equations 
will be presented. 


The third term of the operator is zero since there is no z 
dependence: 

(s z |;) • (s z 8 r ^ + 8 r 8 z ^) =0 (8.212) 

Substitution of Equations (8.208), (8.211), and (8.212) into 
the divergence term in Equation (8.204) gives the vector 
form of the momentum balance: 



+ 8e 


1 dP dP\ 
r dO ^ z dz) 




= Pg&z 


(8.213) 


or, collecting terms, 


dP 


T OP 


dP I 

fd 2 v z 

1 dv z \ 

dr 

+ 8 6 

r dO 

+ 8 Z 

fe-’M 

y dr 2 

T-lk) ~ P8 


(8.214) 


8.7.3 Introduction to Dimensionless Numbers 
and Characteristic Times 

In the preceding discussion, we can intuitively recognize 
that laminar flow of all Newtonian fluids in straight round 
tubes displays similar hydrodynamic behavior and that 
adjustment in the flow conditions may compensate for 
changes in dimensions. We can quantify this intuition and 
at the same generalize the question somewhat by considering 
any collection of systems that share a common geometric 
configuration in the same coordinate system. Such systems 
differ only in the scale of the operation scale. Furthermore, 
we can consider energy and mass transfer from the same 
point of view. We will say that two systems are hydrody- 
namically or thermally or chemically similar if they obey the 
same microscopic balances in the domain of the scaled 
variables used to describe the system. 

We will designate a scaled quantity by a superscript *. We 
first establish the length and velocity scales: ( 0 , L) and (0, V). 
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For the concentration, temperature, and pressure, we set the 
scales at (c^ m i n , c^ max ), ( f nim , T max ), and (P m i n , F max ). The 
minimum and maximum values are set for convenience and 
have no bearing other than to establish the individual scales 
with characteristic values. In fact, the value of V is often 
taken as the average value of the velocity in which event 
the scaled velocity can take on values greater than unity. 
A summary of the scaled variables is given by 


with less dense elements produced by temperature gradients. 
The driving force is gravity that appears on the right side of 
the momentum balance. An approximation to the effects of 
natural convection can be included by assuming a linear 
variation of density with temperature in that term only: 


P = 


dp 

P0 + gf 


{T - T min ) 

To 


(8.228) 


Xj = Lx* => V = L _1 V* 

(8.219) 

G — G,min T G (G, max 17. min ) 

(8.220) 

P = ^min + T*{T max — T min ) 

(8.221) 

P = Anin + P*(P max — Fmin) 

(8.222) 

< 

II 

< 

* 

(8.223) 


The dimensionless microscopic balance equations can be 
obtained as follows: 

• Assume a constant density, and specific heat, no bulk 
viscosity, a constant diffusivity, viscosity, and thermal 
conductivity. 

• Substitute the flux expressions for mass, momentum, 
and energy with the preceding assumptions in to the 
unsteady- state balances in Table 8.12. 

• Make the balance equations obtained in the preceding 
step dimensionless by substituting the variables defined 
in Equations (8.219)-(8.223). 

The results are 


The reference density is taken as the value at which the 
density has been assumed constant. With this understanding, 
the subscript 0 on the densities is omitted in the final 
equation. 

The dimensionless equations. Equations (8.224)-(8.227) 
contain a number of dimensionless groups obtained by 
dividing each term of a balance equation by the coefficient 
of the convective term. This gives rise to a dimensionless 
time defined by 

**=-, r e = (8-229) 

T c V 

where r c might be called a convective time constant, which 
is the unit of time in the dimensionless system. Note that an 
exponential decays by 10% after one-tenth of a time con- 
stant, by 50% after seven-tenths of a time constant, and by 
95% after three time constants. Also note that the smaller 
the time constant, the faster the process. The convective time 
constant and others are discussed below. 

The dimensionless group, (P max — P m m)/(pV 2 ) was set 
equal to one. The dimensionless pressure is therefore 

P* = P ~ P 0 min (8.230) 

pV 


V* • v* = 0 


(8.224) 


d\* 1 

— + V* • vV = -V*P* V* ■ Av*) 

dt* N Re 1 


1 * . NGr.h *„* 

^ g+ AC gT 


(8.225) 


de 

dt* 

dT* 

dt* 


A 1 v* • V*ri = ■ 


1 


N Re N S( 


-V 2 4 


■ v* • VT* = ■ 


1 


N R eN Pr 


-\7* 2 T 


(8.226) 

(8.227) 


Notes : The momentum balance was modified to approxi- 
mately account for free convection currents in spite of the 
assumption of constant density. Natural convection refers to 
the flows resulting from the replacement of fluid elements 


The remaining dimensionless groups and their physical 
interpretation are delineated in Table 8.14. 

We see that the differential equations describing the 
system differ among generic systems only in the dimension- 
less groups: N Re ,Ns c ,Np T ,NGr, and /Vp r . This means, for 
example, that the correlation of data on system behavior 
need only be carried out with these dimensionless groups in 
lieu of the individual system parameters, a substantial sav- 
ings. The Froude number can often be neglected, so that for 
an isothermal system only two groups remain N Rt and N Sl . 
Note in particular the interchangeability of heat and mass 
transfer problems with the substitution of the Prandtl num- 
ber for the Schmidt number. Additional dimensionless 
groups may appear in the boundary conditions required at 
the inlet, equipment boundaries, and phase interfaces. 
Geometric parameters associated with the equipment and 
interfaces may arise and we will group these in Ne q . If the 
reference concentration and pressure are the inlet values, 
additional dimensionless groups will not be introduced to 
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TABLE 8.14 Dimensionless Numbers — Distinguishing Features of Mass, Energy, and Momentum Transfer in Similar Systems 


Group Name 

Definition 



Interpretation 

Typical Values 
(Approximate) 

Reynolds = Njt_ e 

pLV 



Convection relative to viscous flux of momentum" 


Schmidt = Ns c 

11 



Viscous flux of momentum relative to diffusional 

0.1-1 for gases 


pD Am 



flux 

100-10,000 for liquids 

Prandtl = A Pl - 

CpY] 



Viscous flux of momentum relative to thermal 

0.1-1 for liquids 


X 



conduction 

1-10,000 for gases 

Froude = (V Fr 

V 2 



Momentum flux by convection relative to flux front 



gL 



characteristic height of liquid' 1 


Grashof = (V Gr 

p 2 L i g^ T \T 

1 dp 


Ratio of buoyancy force to viscous force in free 

A Pr V Gr from 10~ 5 to 10 11 


T 

'- r T 

II 

1 

1 

Qd| 

Ml - 

T=T 0 

convection 



"See Section 5.3.3 for application to power requirements for mixing. 


account for these inlet conditions. Moreover in systems with 
two fluid phases the difference in density and viscosity may 
be important, for example. Power input to an agitated tank 
will have an important effect on interfacial areas, bubble 
breakup, and coalescence. These effects may be accounted 
for by the same general procedures being followed here. 
Applications to the correlation of mass and heat transfer data 
are considered in Chapters 1 1 and 14. 

As noted above, r c is a convective time constant that 
is shared by the momentum, mass, and energy transfer 
processes represented in Equations (8.225)-(8.227), respec- 
tively. Superimposed on the convective flow are the molec- 
ular transport processes of viscous flow, diffusion, and 
conduction. Each of these processes is associated with a 
time constant arrived at by dividing through with the 
coefficient of its representation in the balance equation. 
The results are shown in Table 8.15. 

The dimensionless groups can also be interpreted in terms 
of time constants. Diffusion in gases is faster than the viscous 
transport of momentum but the opposite is true for liquids 
as seen by the relative values of the Schmidt number. 

Time constants can be very useful for establishing limiting 
conditions on outcomes in multiprocess systems. For exam- 
ple, consider a liquid flowing in a tube where the r c wall 
temperature is increased very rapidly to a new steady value. If 


TABLE 8.15 Time Constants for Mass, Energy, 
and Momentum Transfer 




Value Relative 

Typical Values 

Process 

Definition 

to T v 

(Approximate) 

Momentum 

pL 2 

T„ = 

1.0 


Mass 

7 

L 2 

A Sc 

0. 1-1 for gases 


Td ~ n 

^ Am 


100-10,000 for liquids 

Energy 

pepL 2 

A Pr 

0. 1-1 for liquids 


T “ X 


1-10,000 for gases 


t v is much smaller than r q , we would not expect the fluid 
temperature to change except in a very thin layer near the wall. 

8.7.4 Dual Geometry and Boundary Conditions 
for Fixed Beds 

A fluid flowing through a bed of solid particles is a common 
occurrence in chemical engineering operations. Examples 
include catalytic reactors, fixed-bed adsorption, absorption, 
and distillation in packed towers. In the first two examples, 
there are transport processes taking place within or on the 
surface of the solid, while in the later two the solid is 
facilitating the intimate contact of two phases. 

To enhance the interaction of the fluid and solid phases, 
the exposed surface of the solid is made large by utilizing 
small particles, but not so small that the pressure drop 
becomes excessive. The application of the conservation 
equations to these situations often involves two geometries 
as illustrated in Figure 8.19. 

From the point of view of the solid, it is assumed that the 
surrounding fluid conditions do not change over the surface 
of the solid. A coordinate system is placed in the solid and 
the transport of mass and energy are described by the 



FIGURE 8.19 Dual geometries in a fixed bed. 
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balance equations subject to uniform boundary conditions at 
the outer boundary. These transport processes take place in 
porous media, which will require some modification of the 
homogeneous transport coefficients developed above. We 
will introduce these modifications in Chapter 10. They will 
include a homogenizing procedure similar to the one we are 
presently engaged in. 

The solid regime interacts with the fluid by exchanging 
energy and mass. This interchange is viewed as a point 
source in the geometry of the fluid phase by scaling the 
surface fluxes of mass and energy from the solid geometry to 
the bed geometry by a factor equal to the surface area of the 
solid per unit volume of fluid. If the fraction of the bed 
volume that is empty (porosity) is e, and the particles are 
spheres of diameter D p the scaling factor is 

6 1 -s 
D p £ 

The solid geometry is thereby relegated to a point in the fluid 
geometry. The reaction rate term in the mass balance is not a 
reaction rate at all in this case. It is a mass transfer rate: 


no reaction. Continuity of concentration and flows at the 
entrance and exit of the bed were applied. The preceding 
boundary conditions produced same behavior in the isolated 
reactor. 

PROBLEMS 

8.1. Prove the following identities: 

a. V • (V • v)8 = V(V • v) 

b. V • (Vv) r = V • (V • v)8 

8.2. Find V • t for a compressible Newtonian fluid. 

8.3. Formulate the momentum balance for a compressible 
Newtonian fluid and display the rectangular components. 

8.4. Plot calculated values of the viscosity of benzene versus 
absolute temperature for the following conditions: 

a. Saturated liquid 

b. Saturated vapor 

c. Low pressure gas 


n iv = Ppsj—^J j,. • (-n) d S 
s 

where S is the surface that encloses the solid and the outward 
directed unit normal is n. 

A general discussion of area and volume averaging is 
available in Slattery (1972). 

The appropriate boundary conditions to be applied to the 
fixed bed were found by Danckwerts (1953) and Wehner and 
Wilhelm (1956) to be 


Cbo = cd(0) 


1 dc b 


N Pe dr 


z = 0 


da 

dr 



= 0 


These results were obtained by providing a fore and an aft 
section within each of which there was axial dispersion but 


The temperature should be varied over the temperature 
range for vapor pressures for benzene. 

Spot check the calculated values with experimental 
values. 

Explain the behavior of the curves. 

Plot the logarithm of the kinematic viscosity of the 
saturated vapor and saturated liquid versus the absolute 
temperature. Note any special features and in what circum- 
stances. if any, these features may be exploited. 

8.5. Isopropyl alcohol is often referred to as the first 
petrochemical (Kent, 1983). Approximately one half of the 
current production is used to manufacture acetone, A large 
percentage of the remaining half is used as a solvent. One 
step in the production of isopropyl alcohol is distillation to 
the binary azeotrope (see Example 6.2.1.2-11). 

Develop the concentration dependence of the diffusivity 
of isopropyl alcohol in water for use in estimating the tray 
efficiencies. 
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Application of the microscopic balance equations for 
momentum transport generally requires the selection of 
an equation of state, a transport model for viscous momen- 
tum flow, a visualization of the major flow patterns, and a 
consideration of the boundary features with respect to 
momentum transfer. The equation of continuity and the 
equations of motion in all three directions can then be 
written and the boundary conditions associated with the 
flow field can be formulated. 

As an introduction to this process, Newtonian fluids with 
constant viscosity and constant density will be considered. 
The equation of state and the transport model parameters are 
fixed at the imposed temperature. The equations of motion 
can be simplified for such applications with the calculations 
illustrated in Section 8.7.2. The results are summarized 
below in Table 9.1 for some unidirectional systems. 

9.1 RECTANGULAR MODELS 

9.1.1 Slit Flow: Extrusion of Plastics Through 
Narrow Dies 

Plastics are generally available in the form of solids, which 
are melted and formed into plastic products. Formation of 
products takes place with a die or mold. The required 
melting and the required pressurization are usually accom- 
plished in an extruder containing a rotating screw. An 
extruder is illustrated in Figure 9.1. 

Raw polymer in the form of particulate solids (pellets, 
powder, etc.) is gravitationally fed onto the screw through a 
hopper. The solids are then conveyed forward, plasticated. 


homogenized, and pressurized along the rotating screw. The 
screw is rotated by electric motors through a gear reducer. 
The barrel is heated electrically or by a fluid heat exchanger 
system. Thermocouples placed in the metal barrel wall 
record and help to control barrel temperature settings. 
Sections of barrel, however, are often cooled to remove 
the excessive heat generated by viscous dissipation. A 
uniformly molten polymer arrives fully pressurized at the 
extruder “head,” thus prepared for further processing. 

The extruded polymer is fed to the die where the polymer 
is formed into a desired shape or product, followed by 
cooling and solidification of the newly formed product. A 
cylindrical die, illustrated in Figure 9.2, is a common shape 
that is used for tubes and blown film. 

Flow Visualization The problem that we wish to address 
here is the relationship between pressurization by the 
extruder and the throughput of molten polymer through a 
cylindrical die. We will, for purposes of illustration, make 
some approximations. If the radius of the cylindrical dye is 
very much greater than its thickness, we can approximate the 
natural cylindrical geometry with a rectangular one. The 
flow direction will be z. The radial direction will be replaced 
with y and the angular distance with x. A summary of the 
flow geometry is illustrated below in Figure 9.3. The center 
of the coordinate system is placed in a symmetrical position. 

Additional assumptions are 

• fully developed flow at the inlet, 

• negligible effect of boundaries in x direction, 

• negligible effects of gravity. 
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TABLE 9.1 Steady-State Momentum Balance, Unidirectional Velocity, Newtonian Fluid with Constant 
Density and Viscosity, Navier-Stokes Equations 


Continuity 

Motion in x direction 
Motion in y direction 
Motion in z direction 
Nonzero momentum fluxes 


Continuity 
Motion in r direction 
Motion in 0 direction 
Motion in z direction 

Nonzero momentum fluxes 


Continuity 
Motion in r direction 
Motion in 0 direction 

Motion in z direction 
Non zero momentum fluxes 


Continuity 
Motion in r direction 

Motion in 6 direction 


Motion in <f> direction 
Nonzero momentum fluxes 
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Plasticizing / feed screw 


Extrusion molding 


FIGURE 9.1 Extruder with exposed view of barrel. Reprinted with permission of Dr. Aaron Ball, 
Western Carolina University. 


• and a Newtonian fluid with a viscosity. This assump- 
tion is perhaps the most restrictive one in the case 
of plastics. 

The circumference of the extruded pipe is W and its wall 
thickness is H. We can readily see that the approximate flow 


field has the following characteristics: 


V* = o 

(9.1) 

Vy = 0 

(9.2) 

= Vz(y, z) 

(9.3) 



FIGURE 9.2 Cylindrical die. 
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FIGURE 9.3 Approximate flow geometry. 


with no variations in the x direction. The appropriate 
simplifications of the balance equations for this situation 
are therefore those summarized in Table 9.1 (rectangular 
coordinates) at the beginning of this chapter. 

Continuity Equation 



(9.4) 


Momentum Balance 



dP 


at = = 0 

(9.5) 

dp 


at = Ps >' = 0 

(9.6) 

dvl dvl~\ 


0 + dy>\ =P8 = = ° 

(9.7) 


Boundary Conditions The boundary conditions associ- 
ated with momentum transfer are in column M of Table 8.13. 
Here the a-phase is the polymer and the (3-phase is the solid 
die. Curvature is not an issue and the die surface is not 
permeable so that Ml and M2 are not needed. The remaining 
boundary conditions (M3-M5) consist of a momentum flux 
condition for the (3-phase and a no slip condition that can be 
applied to the a-phase. Since the die is stationary, the 
tangential component of the polymer velocity must vanish 
at the die surface. 


v z (y,z) = 0 aty(±ff/2)=0 (9.8) 


There are no other boundaries to consider. 

Solution The equations of motion in the x and y directions 
imply that P can at most depend on z. The equation of 
motion in the z direction with the flow imagined above not to 


vary in the x direction is given by 


dp 

r<9v:l 


dy 1 


/( z ) g(y) 


(9.9) 


The flow visualization and the equation of continuity imply 
that v ; can depend only on y. The preceding equation calls 
for a function of z to be equal to a function of y, which can 
only be true if the function is constant: 

flp p p 

— = constant = (9.10) 

02 L 

where P 0 and P L are evaluated at (0, 0, 0) and (0, 0, L), 
respectively. The equation of motion in the z direction 
becomes 


d 1 


V- 

df 


Pq-Pl 

r/L 


(9.11) 


The general solution to the differential equation is given by 




Pq ~ Pi. 2 


2rjL 


y + Cyy + C2 


(9.12) 


The constants, C, and C 2 , can be evaluated with the bound- 
ary conditions given above in Equation (9.1) to give 


v z (y) = Ei 




(9.13) 


where 


'in ax — 


Pi) Pl 
2 rjL 


(9.14) 


The parabolic velocity distribution is a microscopic result in 
that the velocity is described pointwise throughout the die. 
The distribution is shown in Figure 9.4 in comparison to the 
average velocity. 



FIGURE 9.4 Velocity field in the die slit. 
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The average velocity is defined on the basis that it may be 
used to evaluate the total mass flow rate through the slit. 

Example 9.1. 1-1: Average Velocity and Volumetric 
Flow Rate 


Continuity With only a z component of velocity, the 
equation of continuity reduces to Equation (9.4). 

Momentum The momentum balance is given by Equa- 
tions (8.215)— (8.217). 


H/2 

p(v)WH = r s p\ • h-d.S'vd.S’v = total mass flow rate 


-H/2 o 


H/2 W H/2 W 

J j pv z dxdy = J j pv„ 

-H/2 0 -H/2 0 


W =3^ 


1 {h/ 2 ) 


(9.15) 

d.vd_y 

(9.16) 

(9.17) 


Boundary Conditions The fluid must cling to the walls 
(M3-M6 in Table 8.13) or 

v- = 0 atr = /?for0 < z < L (9.19) 

Solution The equations of motion in the radial and angular 
directions imply that the pressure field can only be a function 
of z. The equation of motion in the z direction therefore 
contains the z-dependent pressure term and the r-dependent 
viscous term. 





r Q r 1 

V dr). 


m g{r) 


(9.20) 


At constant density, the volume and mass average velocities 
are equal. The velocity is the volume flux so that the volume 
flow rate, V, is the average velocity multiplied by the cross- 
sectional area: 


TZ = j~ — — — WH 3 (9.18) 

12 i]L 

Note, for example, that V increases linearly with the pressure 
drop and cubically with the slit thickness. 

9.2 CYLINDRICAL SYSTEMS 

9.2.1 Axial Flow — Flow in Pipes and Tubes 


This is only possible if the functions are equal to the same 
constant: 


d(P - pgz) 
dz 


= A 


(9.21) 


The component of gravity in the positive z direction (axial 
flow direction) is g. 

The constant A is therefore proportional to the pressure 
drop: 


A 


P 1 -P 2 

L 


+ Pg 


(9.22) 


Flow in pipes and tubes is ubiquitous in chemical process- 
ing. Pipes transport fluids between units in a plant, across the 
country from wells to seaside distribution facilities. Tubes 
provide the heat exchange area in shell and tube heat 
exchangers and often provide the residence time for chemi- 
cal reactions to take place. 

The reduction of the general microscopic momentum 
balance equations to the case of tube flow was carried out 
in Section 8.7.2 to illustrate the steps involved. 


The general solution to 


11, 

( dvX 

r dr ' 

V dr). 


is 


A r 2 

v z = — — + Blnr + C 
r) 4 


(9.23) 


(9.24) 


Flow Visualization In summary, gravity was placed along 
the axis of the tube. No angular imbalances were imagined 
and the velocity was argued to vanish at the tube wall. 
Consequently, the flow field was imagined to be the parab- 
oloid, shown in Figure 8.18, with the center of the coordinate 
system placed on the tube axis. The system boundary is then 
one the coordinate planes. The simplified balance equations 
in Table 9.1 for a cylindrical system with flow only in the z 
direction therefore apply. 


The constant B must be zero for a finite solution (see note in 
Table 8.13), since the center of the tube is in our purview. 
This solution would be retained in an annular flow problem 
(see also Sections 9. 2. 1.5 and 9.2.2. 1). The value of C can be 
set to satisfy the boundary condition in Equation (9.19) to 
give the final result: 


\Pi - P 2 , 

’ (r\ 2 ' 

L +m \ 

\r) 
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The pressure drop must also be specified to determine the 
resulting flow. Note the similarities to slit flow. 

Example 9.2.1-1: Volumetric Flow Rate 

The volumetric flow rate in the r direction is obtained on 
the same basis as the volumetric flow in thin slits given 
above: 


as a fraction of a characteristic momentum flux. That 
fraction, called the Fanning friction factor, is developed 
for laminar flow as follows. 

The force exerted by the fluid on the tube wall in the z 
direction is given by the z component of the momentum flow 
to the wall: 

d/% = [(II • S r )dS e dS-)] • 8 Z at r = R (9.26) 


dV- = v • 8 ; d5,d5e = v z dr(rd6>) 


/ d2 

V = 2jt I | — 
4 fi 


V = 


o 

nR 4 r 
8/x 


Pi ~ Pi 


Pg 


Pi -Pi 
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Pg 



rdr 


d F- = [(F5, y 8i8j • 8 r + • 8 r )],._ s • 8 z Rd(9dz (9.27) 

d F : = (P8 r + r„-8,)| f ._ w • 8 z Rd0dz = r rr |,_ s Pd0d- (9.28) 

Rddd: (9.29) 

r=R 


A 17 dl '-- 

d F z = -n~r 

d r 


Example 9.2.1-2: Average Velocities 

In the application of the mechanical energy balance to pipe 
flow, the average velocity squared was used in place of the 
average square velocity, which is an approximation better 
suited to the relatively flat turbulent velocity profile than 
the parabolic laminar profile. The correction factor for 
laminar flow may be computed as follows: 


2jt R 



dv z 

Fz = -rj— 
dr 


L 2 7i 


R 


r—R 


dv- 

d0dr = -2tcRt]L-— 
dr 


o o 


r—R 


&7TriL(v) 

(9.30) 


Since the forces on the fluid due to the applied pressure drop 
and the fluid head must, at steady flow, exactly counter- 
balance the forces exerted by the tube walls. 

Fz = [(Pi - Pi) + PgL]jrR 2 = 8t n ? L(v) (9.31) 


The Fanning friction factor expresses the force on the tube 
wall as a fraction of a characteristic momentum flux and the 
wall area: 


F : = [(Pi - Pi) + PgL]jtR 2 (9.32) 

f 

- (p < v >< v >)nDL = ^nr]L < v > (9.33) 


or 


/ 


16 

NRe 


(9.34) 


This equation is valid up to a Reynolds number of approxi- 
mately 2100 where the flow becomes turbulent. 


9.2. 1.2 Pump Requirements The pressure that must be 
developed by a pump placed at the pipe inlet for a given 
volumetric flow and outlet pressure for a pipe section of 
specified length is given by 


The large difference is due to the parabolic shape of the 
velocity field. 


Pi 


Pi + 


'4 h 2 L 
_pR\ 


N Re - pgL 


(9.35) 


9.2.1. 1 Friction Factor In the mechanical energy bal- See Chapter 13 for a discussion of pipe flow under turbulent 

ance in Chapter 4, the force on the tube wall was expressed conditions. 
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9.2. 1.3 Distribution of Residence Times We can imag- 
ine that the fluid elements arrive at the tube entrance in all 
respects equal except for the radial location of their arrival, 
whereupon a parabolic velocity distribution is instantly 
formed or is formed over a distance very much shorter 
than the length of the tube. This assumption is questionable 
in many applications. The development of a fully parabolic 
velocity distribution may require as much as 50 pipe diame- 
ters (Denbigh, 1966). The individual elements traverse the 
length of the tube without mixing and without departing 
from the radius of their arrival 

The residence time is therefore related to the radius as 
follows for a tube of length L: 


to 


t 



(9.36) 


L 

, — t ? max 

to 


(9.37) 



and -^df = -2(£) ^dr (9.38) 


The fraction of the fluid with residence times between t and 
t + di is given by the fraction of the fluid entering between 
the corresponding values of the radius: 
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f(t) = 2 - §, t>t o 
The mean residence time is 


(9.39) 


(9.40) 


oo °° 2 

(t)= j tf(t)dt = J 2 r jdt = 2t Q (9.41) 


The contribution of the slower moving fluid elements is to 
increase the average residence time by a factor of 2! 

The cumulative distribution is provided by the integral 

t 

n-)=j4 dx= '-0 2 (942 > 

to 


TABLE 9.2 Values of Cumulative Distribution 


t/to 

F(tl to) 

1.0000 

0.0000 

1.2500 

0.3600 

1.5000 

0.5556 

1.7500 

0.6735 

2.0000 

0.7500 


to counterbalance the residence times of the 75% that have 
residence times less than the average. 

9.2. 1.4 Laminar Flow Reactor ( and Substantial 
Derivative) The results of the preceding section can be 
applied to a reactive case with some additional assumptions. 
We suppose that the fluid arriving at the tube entrance is a 
reactive liquid mixture but that the extent of the ensuing 
reaction(s) will have no significant effect on the fluid density. 
We will assume that molecular diffusion is likewise 
insignificant and that the heat of reaction produces no notice- 
able change in temperature. Each arriving fluid element then 
arrives at the tube entrance in all respects equal and traverses 
the length of the tube in the time associated with point of 
arrival. While in the tube, each fluid element acts as an 
independent batch reactor. 

Consider a reaction with the following stoichiometry: 

A + bB — > Products (9.43) 

When B is present very much in excess, the molar reaction 
rate per unit volume can be expressed as 

Sl w = kc p m c A (9.44) 

The concentration of A depends on the residence time. 
From Table 8.12: 

^ = -kc p BO c A , c A ( 0) = c A o (9.45) 

This result can be derived by developing a mass balance for a 
constant volume element with time counted from the point 
of arrival to the residence time at the arrival radius. On the 
other hand, we have a general microscopic mass balance in 
hand, so let us consider how it can be applied to this 
situation. 

Example 9.2.1.4-1: Application of Microscopic Mass 
Balance to Laminar Flow Reactor 


Some values of the cumulative distribution are listed in 
Table 9.2. 

Here we see, for example, that a full 25% of the fluid has a 
residence time greater than twice the value at the center. 
Moreover, the residence times of this fraction are sufficient 


Our viewpoint here is by an observer moving with the mass 
average velocity of the fluid, while that of the microscopic 
balances (continuity and speces) are by an observer fixed in 
space. The microscopic balances can be placed on the same 
basis as follows: 
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From Table 8.12 


where 


dpi 

dt 


+ V • (p/V+j;) 


= r iv 


MjftjSlv 


Cao ~ { Ca ) , 2? 0 /ri 

x = and N Da = — — (9.49) 

Cao 1/A'b 


but Pj = a>ip so that substituting and differentiating gives 

dp dcoj . 

<*>i -w- + p-^~ + A-V • v + v • Va + V • ji = Mim, 
at ot 

Differentiating again, collecting terms, and using the conti- 
nuity equation 

Oco' 

+ p + v ■ pV &>,] + V ■ jj = 



P 


dwj 

dt 


— - + v • Vcu,- 


= MiPjSlv - V • j 


Da>j 

~Df 


A similar result would have been obtained in terms of the 
molar density and mole fraction. The bracketed term is the 
time derivative compiled by an observer moving with the 
mass average velocity (D/Dt). This is called the substantial 
derivative. The first term provides the changes due to the 
passage of time (<9\<9t) and the second term (v • V) provides 
the changes due to the changes in position with respect to 
time, or the velocity. He attributes the changes in concen- 
tration to diffusion into his element (relative to his velocity) 
and to chemical reaction. If there is no diffusion and the 
kinetics follow the rate expressed above, we obtain at 
constant density 


Dcj 

7)7 




The mass balance in Equation (9.45) is thus confirmed. 
The solution to Equation (9.45) is 

Ca = c AO e~ Av where A' b = kc^ Q (9.46) 


The Damkohler number, N Da , is the ratio of the average 
residence time to the first-order time constant. Hence, 
large conversions are associated with large values of the 
Damkohler number. 

Integrating the result for the conversion by parts gives 


x = 1 — e 


N Pa 

2 




J I e -Y O( P d0 


0.5 


(9.50) 


1 


n du 

- e 2 




(9.51) 


Values of the exponential integral are available in tabular 
form (Abramowitz and Stegun, 1965). 

9.2. 1.5 Wetted Wall Towers A wetted wall tower is a 
gas-liquid contacting device of known interfacial area. See 
Figure 9.5. A liquid flows by gravity down the inside of a 
circular pipe, while a gas flows up or down the center. Such 
arrangements have been used to study mass transfer to gases 
in pipes (see Chapter 12). Commercial applications include 
the absorption of hydrochloric acid, which is accompanied 
by a very large heat effect. In this case, cooling water is 
passed over the external surface of the tube, which is 
mounted in a multitube arrangement. In this way, the 
generation of thermal energy per unit volume in the thin 
film is well within the capacity of the large volume of 
coolant. As a first approximation, we will assume that the 
effects of energy and mass transfer on the flow held are 
small. The resulting flow held will be used in those calcula- 
tions since the reverse is not a good assumption. 

Fixing a cylindrical coordinate system on the axis at the 
top of the tower, it is clear that the velocity is only in the axial 
or z direction (v = v r 8 z ) and the cylindrical coordinate 
system captures the system boundaries. The equations in 
Table 9. 1 therefore apply with gravity in the z direction only: 


The cup average outlet concentration is then 

poo poo p. 

(ca)= /(0c AO e- Aw df= / 2-§c A oe- A ' B 'dr (9.47) 

Jt 0 Jto ' 


Continuity Equation : 



Equation of Motion: 


(9.52) 


The cup average is weighted by the How held. It is conve- 
nient to express these results in terms of conversion: 


r direction : 



(9.53) 



(9.48) 


6 direction : 



(9.54) 
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Gas at uniform pressure 


FIGURE 9.5 Wetted wall tower (McCabe et al., 2001). Reprinted with permission of McGraw-Hill. 


. dP J] d ( dv-\ 

zdnwon: j = «,. (9.55) 

The boundary conditions (see Table 8.13) are 

1 . Mechanical equilibrium exists at the gas-liquid inter- 
face (Ml): 

P(R , z) = Po = uniform gas phase pressure (9.56) 

2. There is no significant transfer of momentum by 

viscous mechanisms from the gas to the liquid 
(M3-M5 with • (— 8 r ) = 0). Consequently, at 

the gas-liquid interface 

t • 8 r (P, z) = 0 (9.57) 

Obtaining the vector product in Equation (9.57) gives 

tySjSj • 8 r = TijS jr ?>i = r„Si = 0 (9.58) 


or 

trr = 0 

=► Tft = 0 (9.59) 

r Z r = o 

The first two of the three conditions in Equation (9.59) are 
satisfied because of the assumed velocity distribution. The 
third requires that 

dv 

T-r = -v = 0 at r =fR (9.60) 

The solution may be obtained as follows: The equation of 
continuity implies that the velocity in the z direction does 
not vary with z. Since there is angular symmetry, the axial 
velocity can only depend on the radius. 

The pressure does not depend on the radius or the 
angle. Because of mechanical equilibrium, it is equal to 
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the gas pressure at each value of z. Since the gas pressure 
is assumed to be uniform, the system pressure does not 
depend on z. 

The problem therefore reduces to 


rj d / dv : 


rdrV d7' =P& 


With the two boundary conditions 


dv- 

— n = 0 at r = fR 

dr 


v 7 = 0 at r = R 


The exact solution is 


4?; I R 2 


(9 - 64) 


(9.61) 


(9.62) 

(9.63) 


Note that the solution is not required to be at the center of the 
tube. 

The maximum velocity is clearly at the free surface of the 
liquid. 


While this is reassuring, it has little practical value since 
the fraction /is near unity or if / = 1 — e, the value of £ is 
quite small. In this case, the value of //may be approximated 
by a Taylor series about the origin: 


The value of Q to a good approximation is then 
,, JtpgR 4 16 3 JtpgD 3 

V ~ € = o 

8)7 3 3 rj 

where the film thickness, sR, is denoted by 8: 


' 3rjV ' 

JtpgD 


1/3 


(9.70) 


(9.71) 


(9.72) 


The error in this approximation depends on the value of £ or 
/. The solution is limited to laminar flow, which is conserva- 
tively restricted to a Reynolds number of 250 (Danckwerts, 
1970). 

Turbulence sets in at Re = 250 (Conservative) 


N Re = — < 250 
jrDi] ~ 


(9.73) 


Vmax = ( 1 - f + 2 fW) (9.65 ) 


This provides a maximum value of the film thickness for 
which the solution can be applied 


The volumetric flow rate of the liquid is obtained as follows: 

R 2n R R 2n 

V = J j v z (r)rd9dr = 2 tt J v : (r)rdr = (v) J J rdddr 


fR o 


or 


where 


fR 


V = 5fW) 
8 ); 


PgR 2 H(f) 


fR 0 


8)7 1 — /” 


and x 


H (f) = 1 - 4/ 2 + 3/ 4 - 4/ln / 


(9.66) 


(9.67) 


(9.68) 


(9.69) 


The function H is a monotonically decreasing function of the 
fraction/. The maximum value of the volumetric flow rate is 
then the value for a filled tube flowing under gravity alone as 
given above for flow in pipes and tubes (Example 9.2. 1-1). 


1 eR 3 

250 (9.74) 

v z 16 


ff(/mi„)= 4000—3 (9.75) 

g R ~ 

where v is the kinematic viscosity. 

Example 9.2.1.5-1: Error in Film Thickness 
Approximation 

For water in a 1 in. column 


H(f min ) = 0.000024882 
/mi n = 0.9820 

The percent error in the film thickness incurred by using the 
approximation is 

/ 3 \ 1/3 

E(f) = 100(1 - (^-J (//(/)) 1/3 /( 1 -/)) 

£(0.9820) = 1.235 
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FIGURE 9.6 Couette viscometer. 


equation of motion in the angular direction becomes 


—r] 


'd 

dr 


\r or J 


= 0 


(9.77) 


The pressure changes in the z direction are due to gravity as 
indicated by the simplified equation of motion in the z 
direction: 


Motion in z direction : 



(9.78) 


Boundary Conditions The boundary conditions (on the 
velocity) are that the fluid clings to both cylinder walls one 
of which is moving. See Table 8.13 (tangent condition in 
M2-M5) with the fluid sample as phase a and the cylinder 
walls as the (3 phase: 


The error in film thickness is quite small under these 
conditions and decreases with increasing / (decreasing 
film thickness). 


vo{kR) = f IkR 

(9.79) 

Vg{R) = 0 

(9.80) 


9.2.2 Angular Flow 

9.2.2. 1 Couette Viscometer Viscosity measurements can 
be carried out in a Couette viscometer where the resistance 
of a fluid to motion in an annular gap is measured by the 
torque on the inner cylinder whose rotation drives the 
motion. Refer to Figure 9.6. 


Solution The equation of motion in the angular direction 
with boundary conditions provides the velocity as a function 
of radial position. With the substitution this solution into 
equations of motion in the radial and axial directions, the 
pressure field can be obtained if the pressure is established at 
one axial and one radial position. 

The general solution to Equation (9.77) is 


Flow Visualization The inner cylinder is made to rotate at 
an angular velocity If. The fluid whose viscosity is to be 
determined fills the annular region between R and kR over 
the length L. The ends of the cylinder are closed and we 
assume that the length is sufficiently large that the effect of 
the closed ends on the velocity field may be neglected over 
the entire length. Under these conditions, the only flow is 
in the angular direction of a cylindrical coordinate system 
whose z axis is the axis of the inner cylinder and whose 
coordinate planes capture the system boundaries. The equa- 
tions of motion and continuity in Table 9.1 (cylindrical 
system, angular motion) therefore apply with gravity acting 
only in the z direction and the angular velocity independent 
of z. 

The equation of continuity is consistent with our vision of 
the flow field. Gravity only acts in the z direction so that 

dP 

Motion in r direction : p - (9.76) 

dr r 

Pressure variations in the angular direction are also 
inconsistent with our vision of the flow field so that the 


v e (r)=Ar + B (9.81) 

r 

Note that in contrast to pipe flow, for example, the value of 
zero for the radius is outside the region over which the 
equation of motion is being applied. The parameter B may 
therefore be retained and, along with A. evaluated from the 
boundary conditions. The result is that the angular velocity 
depends on the radial position as follows: 


vg 


CIkR 


R 


((1 /k)-k) [r 


r 

R 


(9.82) 


The torque that must be applied to an element of area on the 
surface of the rotating cylinder is derived from the momentum 
flux to the surface multiplied by the area and the lever arm: 

d T = - (t • (-8 r ) -8ft) \ r=KR (jeRdd dz) (/cR), 

momentum distance on lever arm 

flux into surface surface in 

v v* / angular 

6 component of “ ” direction 


(9.83) 



SPHERICAL SYSTEMS 287 


L 2tt 

T = J J T r0 \ r ^ R K 2 R 2 d6dz (9.84) 

0 0 

T = 2jtk 2 R 2 L T r e\ r=KR (9.85) 

This result is independent of the fluid. For a Newtonian fluid, 
we may again refer to Table 9.1 to obtain 

Tre= ~ T,r t^) (9 ' 86) 

In this case, the torque is given by 

K 2 

T = 4irpR 2 L x a (9.87) 

1 — K 1 

A plot of the torque against the angular velocity will give a 
straight line though the origin whose slope is proportional to 
the viscosity. The proportionality constant is a function only 
of the instrument, which may therefore be calibrated with 
another Newtonian fluid of known viscosity. 

9.3 SPHERICAL SYSTEMS 

9.3.1 Creeping Flow Around a Solid Sphere 

Flow around submerged objects has many applications in 
chemical engineering. Spherical or nearly spherical objects 
are shapes that can be applied to the dispersed phase for 
flooding calculations in absorption, distillation, and extrac- 
tion towers. Fluidization and entrainment in moving beds 
and settling velocities in decanters are also important appli- 
cations that involve flow around nearly spherical particles. 

We will consider the limiting case of a small spherical 
solid, uninfluenced by its neighbors in a fluid that flows over 
the sphere in the opposite direction to gravity. We suppose 
that in the case of a fluid particle the surface tension is 
sufficient to maintain the spherical shape and to limit 
internal circulation (refer to Figure 9.7). 


r 



FIGURE 9.7 Axial flow over submerged sphere. 


This fluid velocity far from the sphere is uniform at v, x . 
This velocity is required to suspend the sphere or it may be 
interpreted as the terminal velocity of the solid falling 
through the medium. 

Flow Visualization We are interested in the flow field 
external to the sphere where we can make the following 
observations/visualizations: 

• The system is symmetric with respect to the 4> (see 
Appendix D) coordinate, which has therefore not been 
shown in Figure 9.7. 

• There are two velocity components, each of which 
depends on r and 0: v r (r, 6), v$(r, 0) 

• The medium is undisturbed by the sphere if the dis- 
tance from the sphere is sufficiently large: 


Lim v = t’ooSz 

(9.88) 

r—> oo 

The limiting values of the velocity components are 

therefore given by 

Lim v r = I’ocft* ■ S r = VooCosO 

(9.89) 

r—> oo 

Lim v g = VocSz ■ 8 e = -v^sin# 

(9.90) 


r — >oo 


Also, since the velocity field is uniform far from the sphere, 
the equation of motion can be used to solve for the pressure 
distribution since there are no other contributions to the 
gradient of the momentum flux. From Table 8.12 

V • (pvv + PS + t) = VP = pg (9.91) 
Substituting the expression for gravity gives 


dP 

, = ~Pg 

dr 

(9.92) 

P = P 0 - pgz 

(9.93) 


where P 0 is the pressure in the z = 0 plane at large distances 
from the sphere. 

• There is no flow of mass across the surface of the 
particle and the fluid does not slip at the solid surface 
(refer to boundary condition M5 in Table 8.13): 

v r (R, 9) =0 0 < 6 < jt (9.94) 

v e (R,G) = 0 0 < 9 < jt (9.95) 

Because of the two-dimensional nature of this problem, it 
is somewhat harder to solve than the ones we have been 
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considering. We will focus on some ways that the solution 
can be used. 


T 0r{R,9) 


3 ooSinS 
2 R 


(9.107) 


Solution For slow (creeping) flow, the solution is given by 
(Bird et al., 2002): 


P(R, 9) = P 0 - pgRcosO - Z - ,lv °°™ s9 (9.108) 


Vr(r,9) = Voo 
ve(r,9) = -v c 


3 fR\ 1 (R 

1 — ~ ( — ) + x ( — 
2 V r ) 2 \ r 


3 fR\ 1 (R 


cos0 (9.96) 


4 V r ) 4 V r 


sin 0 


3 77 Voo [R\ 

P = P 0 - pgz - f-j cos 0 


(9.97) 

(9.98) 


The force on the sphere may be evaluated with these results: 


F- = 2jt 


D DO 3 »? V OOCOS0\ 

P 0 - pgRcosO - - 1 


c„so- 




(9.109) 


The reader can verify that these results meet the expectations 
that are outlined above. As stated at the outset, we are 
interested in the force exerted by the fluid on the sphere. 
The force in the z direction can be formulated as follows. 

The flux of momentum from the fluid to the solid is —II • 
8 r and the z component of that flux is —II ■ 8 r • 8 Z . Both of 
these expressions are evaluated at the surface of the sphere 
where the unit area is hodOh^dcp. Multiplication of the flux by 
the area gives the force on the local area, which when 
accumulated over the entire surface gives the total force: 


2 TC 


F- = 


(-II-8 r -S z )|,. =s /? 2 sin6>d(9d</> (9.99) 


F z = -7tR 3 pg + 6jtr]Rv^ 


Bouyancy 


Drag: Stoke’ s law 


(9.110) 


The first term in Equation (9.110) is the buoyancy force 
exerted by the fluid and the second is the drag force exerted 
by the fluid on the solid. The drag force is referred to as 
Stoke’s law. Remember that this solution is for the case of 
creeping flow of an incompressible Newtonian fluid where 
the convective transport of momentum is neglected. Also 
note that we have not yet accounted for the balance of 
momentum for the solid, which may be written as follows: 


0 0 

The integrand may be evaluated as follows: 


4 , dVoo 4 , 4 , 

gxR P s -7— = gxR pg + bJtriRVoo - - 7 rR p s g 
3 dt 3 3 


(9.111) 


(n 8 r 8 Z ) = (n ;/ 8 i 8 j • 8 r ) • 8 Z (9.100) 

(n S r 8 Z ) = (UijbiSjr) ■ B z = (IlfrBi) • 8 Z (9.101) 

(n s r 8 Z ) = n„ 8 i s z = n„ 8 , • 8 Z + n„, 8 tt • s z 

(9.102) 

(II 8 r 8 Z ) = (P + r, T )cos0 + r er (— sin0) (9.103) 


The velocity required to suspend the sphere or the terminal 
velocity of a falling particle is then given by 

0 = 3 JtR^pg + fajrrjRVoQ - ^ 7 TR 3 p s g ( 9 . 1 12 ) 

2 R 2 p 

or Too =-^ L {P S ~ P) (9.113) 


The expression for the momentum flux in Equation (8.167) 
may be used to show that 


x rr 



ter = -n 


dvg 

dr 


1 dv r 
r 80 


vg 

r 


(9.104) 

(9.105) 


Using the expressions for the velocity components provides 
the values on the surface of the sphere: 


T rr (R,6) = 0 (9.106) 


The velocity is seen to be proportional to the first power of 
the density difference. This result is valid for 

N Re = 2RpV °° < 0.01 (9.114) 

1 1 

See Chapter 13 for higher values of the Reynolds number. 

An approximate criterion that the particle is not be aware 
of its neighbors or the walls of the container is that the sphere 
be located at least 15 radii from these entities (Middleman, 
1998). Fluid drops with radii less than approximately 1 mm 
are likely to be able to maintain their spherical shape with 
surface tension (Middleman, 1998). 
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9.3. 1.1 Application to Decanter Design In Chapter 7, an 
approximate size of a decanter was obtained by specifying 
the value of the flux to the disengaging area. Another 
approach (see Schweitzer, 1979) is to specify the settling 
rate of the smallest drops of the dispersed phase to be greater 
than the overflow rate of the continuous phase. 

Taking the disengaging area at a height h above the center 
of the horizontal cylinder, the diameter of the settler may be 
calculated on this basis: 



y( c ) 


(9.115) 


y( c ) 



with — between approximately 2.5 and 5 


(9.116) 


The reader is referred to Schweitzer (1979) for the comple- 
tion. Our interest here is whether or not the bases of the two 
methods are comparable. 

The flux to the disengaging area is then 


y( f ) _|_ y( d ) 


y( d ) 


/ 

r h 1 1 


L v (c >j 


1-4 — 
l D 2 \ 




(9.117) 


This result may be compared to the value of 5 gal/ (ft 2 min) 
quoted in Section 7.3.5. 


Example 9.3. 1.1-1: Separation of an Oil Water Mixture 


(See Schweitzer, 1979) 

Oil Phase (Dispersed) 

W = 10000 lb/h 

p = 56 lb/ft 3 

11 = 10 cP 

Water Phase (Continuous) 

W = 40000 lb/h 
p= 62 lb/ft 3 


r) = 0.7 cP 


Using Equation (9.113) to calculate the settling velocity 
of 0.0005 ft diameter oil spheres 


(2)(0.00025) Z 32. 17(56 — 62) 
9(0.7)6.7197 x 10“ 4 


-0.0057 / 


The total flux to the disengaging area is then 



10000 62' 
4000056 


0.0057 x 60 x 7.4805 = 3.3 gal/(/7 2 min) 


9.4 MICROFLUIDICS— GAS PHASE SYSTEMS 

Microfluidics is the application of transport phenomena 
(Bird et al., 2002) and engineering technology to systems 
with dimensions in the order of 1-1000 pun. It involves the 
manipulation of fluids in networks of channels that connect 
pumps, valves, filters, and other components that are 
required to fabricate complex systems. Microfluidic systems 
have features that are attractive to users in biology, chemis- 
try, engineering, and medicine. These features include high 
surface to volume ratio, small volumes of samples and 
reagents, and direct scale-up (number up), which have 
grown out of the “lab on a chip” concept that was put forth 
by Manz et al. (1990) (see Figure 9.8 for some examples). 

Both liquids and gases can comprise the fluid medium in 
a microchannel. Modeling the gas flow in microchannels can 
be accomplished on the basis of compressible Newtonian 


MicroChannel reactor 



(a) 




(b) 


FIGURE 9.8 Examples of microchannels: (a) microchannel 
reactor (Professor S. Kobayashi, Department of Chemistry, Univer- 
sity of Tokyo, Reprinted with permission of Professsr S. Kobayashi) 
and (b ) closed loop ASME International. Reprinted with permission 
of ASEE. 
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fluid mechanics, provided that the continuum and local 
equilibrium assumptions remain valid. A key parameter in 
making this determination is the Knudsen number, N Kn , 
which is defined for gases as the ratio of the mean free 
path to the characteristic macroscopic dimension, XIL. The 
continuum assumption has been considered invalid for gases 
if the Knudsen number is greater than 0.1 (Gad-el-Hak, 
2003). However, the applicability of the nonslip condition at 
the wall has been considered to fail if the Knudsen number is 
greater than 0.001 (Gad-el-Hak, 2003). We will discuss a 
model for gas flow in microchannels under conditions where 
the continuum approach is valid. It can be noted that liquid 
flows in microchannels can be purely pressure driven and 
modeled with the tools discussed earlier in this chapter. High 
pressures are normally required. A system of alternatives is 
electrokinetic phenomena (Hu and Li, 2007), which includes 
electroosmosis and electrophoresis. 

9.4.1 A Model of Gas Flow in Microchannels 

Consider a straight channel of length L and rectangular cross 
section of width W and height H (see Figure 9.9). 

A gas flows along the length L. The channel has been 
formed in a solid material different from that which it is 
covered. Establish a rectangular coordinate system at the 
inlet cross section with z directed along the length and y 
along the height. The bottom face of the channel is in the 
y = 0 plane and the top face is in the y // plane. The two 
sides of the channel are in the x = — W/2 and x = W/2 planes. 
Note that the fully developed flow pattern is symmetric 
about the centerline of the channel. 



Negative sign for 
reactive force on 
gas. Factor of 2 
includes opposite 
face 



Total flux of 
momentum 
from gas to 
wall at y = H 


Assumptions: 

• The length of the channel is sufficiently large that the 
effects of introducing and removing the gas are con- 
fined to such a small fraction of the length that they be 
ignored in the analysis. 

• H<^W so that changes the x direction may be neglec- 
ted in comparison to changes in the y direction. 

• The shear stresses over the x = Wt 2 and — W/2 faces are 
very much smaller than those on the other faces. 

• The viscous compressive stresses are negligible. 

• The gas obeys the ideal gas law. 

• Isothermal and steady conditions prevail. 

• The pressure is uniform over each cross section. 

The following analysis is primarily due to Dongari et al. 
(2007). The objective of the calculations is to determine the 
velocity and pressure distributions along the channel: 

Vz(y,z),v y (y,z),P(z). 

9.4.1. 1 Momentum and Mass Balances The velocity 
vector is expressed as 

v = v y 8 v + v ; 8_- (9. 1 18) 

The z-momentum balance for compressible flow (see Prob- 
lem 8.3 in Chapter 8) is replaced with an approximate 
balance over an elemental volume of length dz illustrated 
in Figure 9.5. Recall the definition of momentum flux from 
Chapter 8: 

d [ h r / 2 

L H ■ wl dxdz = — < / / [(«J» • 8.) • 8 Z ] dxdv > dz 

Jo J-W /2 

Exracts z I s v y dA 

component V Flux of z momentum ) 

of force S " " v ' 

Net gam of z momentum by gas element 


(9.119) 



FIGURE 9.9 Illustration of channel dimensions and coordinate system. 
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The integral on the left-hand side of Equation (9.119) 
represents the force on the wall at y — H and the negative 
sign provides the reaction of the fluid. The factor of two 
includes the identical situation at y = 0. The integral may be 
simplified by inserting the definition of the total momentum 
flux and carrying out the indicated operations: 



Total flux of 
momentum 
from gas to 
wall at y = H 



dx = W[(pvv + P8 + t) • By] • S z 


Exractsz 
component 
of force 


(9.120) 


(pv z v z )dA + PA§ Z + r zz ) -Sz] (9.126) 

Neglect- 
see 

assumptions 

= Hy : )M + f z A (9.127) 

The momentum balance on the differential element can 
therefore be expressed as 

d P d [ , 

— 2r w Wdz — A — dr = — / pvzdAdz (9.128) 
dr dr J 



r w = [(pvv + P8 + t) • By] • 8 Z 
= [P v y v ? + r zy\y =h 


[pVyV + PBy + r iy ■ 8/] ■ 8 Z 

(9.121) 


or 


jj—dz — AdP = d J pvldA 


(9.129) 


With a stationary and impermeable channel wall, the y 
component of the velocity vector must be zero (see M3 
in Table 8.13). 


(pv — 0) • S y = 0 => Vy = 0 at y = H (9.122) 


The shear stress is given in terms of the velocity for 
compressible flow in Problem 8.2, Chapter 8: 


Xyz — T 'zy — T) 


dv y dv z 
\_dz + dy J 


(9.123) 


The y component of the velocity is uniformly zero at the wall 
so that 


r w = -n 


dv : 

dy y=. 


y=H 


(9.124) 


9.4. 1.2 Mass Balance: Axial Velocity Distribution The 
equation continuity for steady compressible flow in two 
dimensions follows from Table 8.12 as 


dpvy dpv z 
dy dz 


(9.130) 


and constitutes a pointwise total mass balance for the gas in 
the channel. Note that if the r component of the velocity was 
known, the y component could be obtained from the equa- 
tion of continuity and the pressure distribution from the r 
momentum balance. 

Based on our experience with incompressible flows in 
slots (Section 9.1) and pipes (Section 9.2), it is reasonable to 
suppose that the axial velocity is a parabolic function of y at 
each location along the microchannel: 


v z {y,z) = A 2 (z)y 2 + A x (z)y + A 0 (z) (9.131) 


The right-hand side of Equation (9.1 18) may be reduced as 
follows: 



Net gain of z momentum by gas element 



Flux of z momentum 


(9.125) 


We must narrow the choice of functions to one by designing 
the coefficients, A,(j), to meet the needs of the particular 
problem at hand. 

The functions must have the symmetry that was pointed 
out earlier. The maximum in the axial velocity must there- 
fore be at mid-height: 

^ = 0 aty = H Vz => A 2 = — ^ (9.132) 

dy 2 H 

Under conditions where the mean free path of the gas is 
much smaller than the characteristic dimension of the 
system, molecular collisions with the walls of the container 
are a very small fraction of the total and the assumption that 
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the gas clings to the surface could be used to further restrict 
the parabolic form. 

However, for large value of the mean free path (Hirsch- 
felder et ah, 1954) given by 


. . 0.0013804r(£) , 

A (m) = — — = dimension in parentheses 

Vinci (A) 2 P (Pa) 

(9.133) 


the difference between the tangential velocity of the wall and 
the gas must be considered. A simplifying assumption is that 
a fraction of the molecules that strike the surface are 
absorbed and eventually return to the gas with the thermal 
velocity relative to the surface. The remaining fractions are 
reflected elastically. A number of models for the difference 
between the tangential velocity of the wall and gas fall in the 
general format: 


v, w — 2C\N 


dv, 

Kn 

on 


+ 4 C 2 N 2 KU 


dv, 

dn 2 


(9.134) 


or, since changes in the x direction are not considered 
important, 


H 


W= pW 


v • 8 z dv = pWH(v z ) = constant (9.139) 


o 

The coefficient in the proposed velocity profile remaining to 
be evaluated, A can be replaced with the average velocity: 

H 


^ J v z (y,z)dy = (v z ) = l -HA x [l + 12CiAfr„ + MC 2 N 2 Kn ] 
0 

(9.140) 


V M 

H [1 + 12 CiNkh + 48C 2 A|„; 


(9.141) 


In summary, 


The tangential component of the gas velocity at the wall is 
denoted by v, and v tw is its value relative to the tangential 
velocity of the wall. The normalized direction n points from 
the gas phase into the wall. The Knudsen number is the 
mean-free path relative to a characteristic dimension of the 
system, in this case twice the depth of the channel: 

N Kn = err, (9.135) 


A-(y,z) 


, ' 5(l-£)+ 2 W„ + 8C 2 Ai„ 

\++2C x N Kn + &C 2 N 2 Kn 


(9.142) 


The average velocity is not constant but the Reynolds 
number. 


N Re 


pDhjvz) 

9 


(9.143) 


Under isothermal conditions Nk„P = constant 

The constants C\ and C 2 distinguish between the models. 
A summary is available in Dongari et al. (2007). An 
engineering approximation may be taken as C\ = 1 and 
C 2 = 0 (Arkilic et al., 1997). 

The parabolic velocity distribution must therefore satisfy 
Equation (9.134) at the upper and lower surfaces of the 
channel. Since the profile is symmetric, we can therefore 
assure both with 


v z (H,z) 


—2C\N Kn 


dv z 

dy 


I y=H 


4C 2 N 2 Kn 


d 2 v z 

~df 


I y=H 


(9.136) 


=► A 0 = (Ci + AC 2 N Kn )2HN Kn A x (9.137) 


contains the product of the average velocity and density, 
which is constant [see Equation (9.139)]. The hydraulic 
diameter for the noncircular cross section is given by 


Db 


four cross-sectional areas 
wetted perimeter 


2 WH 
W + H 


2H (9.144) 


The gas will therefore accelerate along the length of the 
channel to accommodate the decrease in density caused by 
the pressure drop. 


9. 4. 1.3 Pressure Distribution The momentum balance 
in Equation (9.129) may be used to determine the pressure 
profile along the length of the channel. The shear stress at the 
wall maybe determined from Equations (9.124) and (9.142): 


Finally, we expect the velocity distribution to reflect con- 
servation of mass on the same scale as the momentum 
balance that can be expressed as 


H w/2 


W = 


px ■ 8 z d.v dy = constant 


(9.138) 


9 , jV-7 i )+2C l N Kn + 8C 2 N 2 K 

dy[ 1X1 l++2C 1 N Kn + SC 2 N 2 Kn 

_ 1 3*7 2 jpN Re 

~pl + 12 CiN Kn + 48 C 2 N 2 Kn 


0 -w /2 


(9.145) 
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Setting 


p(z o) = P Q 


P 


(9.146) 

(9.147) 


Then 


w 


1 


PqH- 


N Re 




tW 1 + nCiN^oP + 48 C 2 N- Kn0 e 

Substitution into the momentum balance gives 


(9.148) 


3 rj 1 


1 


PqH- 


N Re 




, AP 0 dP 

1 + \2C x N Kn0 V + 48 C 2 N 2 KnQ V 2 + !? cb 


d 

= d^ 


P( v --) 2 


.(Vz). 


“I 2 2 ^ 

d y=WH^-,Ni E -PP2(P) 


Po D J, 


(9.149) 


where 


a(#) = 


i 

H , 


n 2 


(Vz). 


dy 


1 

H„ 


(l +2C l N Kn o#+8C 2 N 2 Kno & 2 


~\ 2 


1 


-+2C\N Kn Qi} + %C2N K ft 


dv 


(9.150) 


Separating the variables results in 


8 ^(z- zo) = r~ 

MD h y ’ 1 A 


# 


- + 2C x N KnQ P+8C 2 N 2 Kn0 P 2 


1 


M 


— id# 

P 2 


(9.154) 


The result can be written in the form of a quadratic equation for 
the Reynolds number: 


l) +24 C x N Kn0 (2- — 96 C 2 N 2 KnQ (In#) 

<0 

96£. 

+ MD,, {Z ~ Z0) Re+ 


g) 

M 


[l2C x N Kn0 (V- l) + 24(# 2 - l)C 2 jV|„ 0 


+(ln#)]A 2 e = 0 


(9.155) 


A convenient reference point is the inlet in which case P Q is 
the inlet pressure and r 0 = 0. In general, four of the five 


™ + T CiAfarf,* + - C 2 N 2 Kn0 & 2 + 4N 2 Kn0 C 2 y + 32N 2 Kn0 C x C 2 P 2 + 64 <„ 0 C 2 # 4 
n(#) = ^ ^ 3_ 


: + 2C\N k „qP + 8 C 2 N Kll0 iP 


(9.151) 


This function has been shown to have a negligible effect on 
pressure over a wide range of Knudsen numbers. We will use the 
value at the reference pressure . The momentum balance becomes 


4 N Re /3 

# 

Id# , d# 

MH 

j+2C x N Kn0 V + &C 2 N 2 Kn0 & 2 _ 



(9.152) 

where 

a TRT 

p 2 0 dj, 

(9.153) 


variables (z,#,//, W, W) must be fixed for a particular gas 
with the corresponding value for the last variable deter- 
mined by Equation (9.155). The quadratic form in Equa- 
tion (9.155) is convenient for preparing the inlet to outlet 
pressure ratio required for a given flow rate in a specified 
channel. In this case, it is easier to solve for the flow rate 
for a specified pressure ratio instead of the opposite, that is, 
z = L, #,//, VT are fixed and the flow rate, represented by the 
Reynolds number, is determined from Equation (9.155). 
The result is 


N Re = 


-1 


'1- 


8MD, 2 n(l) 

(96) 2 £L 2 


UC x N Kn0 (&- \) + 24{P 2 ~\)C 2 N 2 KnQ +{\nP)} 


rj - 0 +24C x N Kn o (— — 1 


-96C 2 N 2 Kn0 (ln&) 


n (i)d* 

96 PL 


[ 1 2C x N km {V- - 1 ) + 24(# 2 - 1 ) C 2 N 2 km + (In#)] 
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Example 9.4.1.3-1: Helium Flow in a Long N(&) — ~ 4fl(^)c(#)) 1 ' / _ b{§) 

MicroChannel 2a (i)) 2a(i)) 


Helium mass flow rates were measured at 314K in a 
microchannel with the following dimensions: L = 7500 pm, 
W= 52.25 pm, and H= 1.33 pm (Arkilic et al., 1997). The 
outlet pressure was fixed at 100,000 Pa. Determine the inlet 
pressures required for mass flows of 1.6E— 12 and 
1.23E— 11 kg/s (approximate extrapolations that bracket 
actual data). The outlet Knudsen number was 0.0775 in the 
experiments. 

Solution: 

Ci = 1.466 
C 2 = 0.9756 
vj = 20.66 x 10~ 6 Ns/m 2 
M = 4.0026 kg/mol 
R = 8314 m 3 Pa/ (kmolK) 

H= 1.33 x 10~ 6 m 


, , x WHt) 

For a quick solution, select values of the inlet pressure until a 
satisfactory match between the calculated and measured 
mass flow rate is achieved. At this point, calculate the value 
of the output Knudsen number. A value of 0.0775 signifies 
complete agreement of model with the data 

P 0 = 415000 
m/4.2) = 1.2354 x 10’ 11 
* 0 ( 4 . 2 ) = 0.07810 
P 0 = 155000 
m’(1.6) = 1.5926 x 10’ 12 
* 0 (1.6) = 0.07967 


* o = 


W = 52.25 x 10~ 6 m 
L= 7500 x 10~ 6 m 
T = 314K 
2WH 

D = m 

W + H 

d = 2.18 

0.0013804T 


(3.14160 )V2d 2 P 0 2H 
a _ rRT 

p p\d 2 


20. 


a(&)=j 2 G(&){l2C l K 0 (&- l) + 24(r- l)C 2 *o + ln ^) 


bW = 


96 PL 
MD 

1 


c(ff) = -y - ! + 24Ci* 0 - - 1 - 96 C 2 K 2 0 ( In*) 




^- + 2rC 1 K 0 & + *-C 2 K 2 0 » 2 +4K 2 0 Cjft 2 +32KlC l C',» 2 + 64K 4 (l Cj# 4 
0 ( 1 ?) = 

^+2C 1 K 0 &+SC 1 Kl& 2 


PROBLEMS 

9.1. The basic design of a gear pump is shown in Figure 
9.10. 


Input or 
uptake 



, Output or delivery 
Housing 



Velocity and momentum flux 
distribution in typical cell 



distribution in typical cell 
between teeth 


FIGURE 9.10 Gear pump. 
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The liquid enters and fills the compartments between the 
teeth, which rotate in contact with the housing. The liquid is 
thus transferred from the uptake to the delivery side. During 
the transfer process, the liquid circulates and mixes in each 
compartment without any loss or gain from other compart- 
ments. An idealization of the flow in a compartment is also 
shown in Figure 9.10. 

Assume that the fluid is a Newtonian liquid at constant 
temperature/pressure and density. 

a. Neglecting the flow reversal at each end, simplify the 
equations of motion and continuity for the fluid in 
the cavity in a rectangular system with no variations 
in the z direction and motion only in the „v direction. Note 


any conclusions that you can draw with respect to the 
dependence of pressure on the x, y, and z coordinates. 

b. Establish the required boundary conditions for the 
equations of motion in part a and solve them for the 
velocity distribution. 

c. Evaluate the pressure gradient using the condition that 
there can be no net flow in the .v direction, that is, over 
any cross section denoted by a fixed value of x, there 
cannot be any net flow. 

d. Calculate the torque per unit depth on the pump 
housing about the axis of the pump caused by the 
fluid in one compartment. Denote the radius of the 
pump housing by R h . 
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The term mass transfer generally refers to a process within a 
fluid or solid consisting of two or more components. Flow of 
a pure fluid in a conduit would not therefore be referred to as a 
mass transfer operation, although mass is indeed being trans- 
ferred. Nonturbulent mass transfer refers to applications 
where either there is no forced flow or the flow is laminar. 
In both cases, the relevant microscopic balance equations are 
the steady-state form of the microscopic mass balance, the 
appropriate flux expression, and the momentum balance. 
The energy balance is not needed in the cases considered 
here where significant temperature changes are not expected. 
Also, if the density is approximately constant, the momentum 
balance is uncoupled from the mass balance and the forms 
given at the beginning of Chapter 8 can be applied to 
determine the velocity to be used in the mass balance. 

The unsteady-state version of the microscopic mass 
balance is provided in Table 10.1 for some important 
unidirectional flow applications. In most cases, only the 
steady-state version is needed and the accumulation term 
may be omitted. 

Note-. Analogous expressions for molar basis: 

+ V • N,- = 3t„, N* = cv" +_/? 

For most applications, the flux expression given in 
Equation (8.164) can be used for the diffusional flux. The 
more general expression for the diffusional flow based on the 
linear laws and the entropy generation will be needed for 
the reverse osmosis example of membrane transport, which 
will be discussed below. 


Nonflow mass transfer applications occur very often in 
both porous and nonporous solids. Membrane processes 
provide examples of diffusion through both solids. Heter- 
ogeneous catalysis is an example of diffusion through 
porous solids where the mass transfer process is accom- 
panied by chemical reaction at the active sites on the 
surface of the pores. Adsorption is an unreactive example 
of the porous solid case. The plasma membrane is an 
example of diffusion with homogeneous reaction in liquid 
membranes. 

We will consider examples of membranes, catalysis, 
adsorption, and examples of the relief offered by convection 
to a surface reaction constrained by diffusional limitations. 


10.1 MEMBRANES 

A membrane is a semipermeable barrier through which the 
constituents of a mixture pass at different rates. The mem- 
brane is potentially useful only if at least a subset of the 
constituents have significantly different rates from the 
remainder. A general scheme of membrane separations is 
shown in Figure 10.1. 

The feed is separated into a retentate stream consisting of 
components that do not pass through the membrane and a 
permeate stream containing those components that do. A 
sweep gas is sometimes used and ideally does not penetrate 
the membrane. Membranes are generally isothermal, simple 
in construction and operation, require relatively low 
amounts of energy, and are ideal for process intensification 


Principles of Chemical Engineering Practice, First Edition. George DeLancey. 
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TABLE 10.1 Mass Balance ( ( dpi/dt ) + V ■ W,- = r iv . W; = p,\ + /,) Constant p and D im . v = i\S : 


Rectangular system: 


See Table 9. 1 for steady-state momentum balance 


^t + v ?El = d . 

dt + dz ~ " 


d 2 Pj d 2 p i d 2 p t 
dx 2 dy 2 dz 2 


+ r h 


Cylindrical system: 


dpi , dpi 


-kr+v=-k L = D im -- lr-P 


dt 


dz 


1 d ( dpA 1 d 2 Pi d 2 Pi 


r dr V dr J r 2 d0 : 


+ 


dz 2 


+ r iv 


See Table 9.1 for momentum balance 

See Appendix E for reduction of general mass balance 


Spherical system: 


dPj 

dt 


= D ir 


d 2 Pj 2dpj\ 

dr 2 r dr J 


+ r h 


No convection (v = 0) or angular dependence 


since they substantially decrease the equipment size- 
production capacity ratio (Drioli and Romano, 2001). 

Membranes may be porous or nonporous. A combination 
of both properties is found in cases where a porous support- 
ing structure is combined with a nonporous membrane to 
provide resistance to a large pressure difference. We will 
consider two specific examples: gas permeation and reverse 
osmosis. The membrane in both cases is solid. Gas perme- 
ation is a gas-gas operation and reverse osmosis is a liquid- 
liquid operation. 

Some general aspects of membrane analysis are dis- 
cussed in the following section. 


Log mean: 


AY ave 


v.l v.l 

i I feed side * 1/ pemeate side 


In 


^ I feed side/^* 1/ pemeate side 


( 10 . 2 ) 


Note : The log mean arises in the cases where the rate of 
change of the function is proportional to its current value. 
Consider present case an arbitrary function of a single 
variable, Wx: 


d W 

d.v 


= aW 


10.1.1 Material Balance for Generic Membrane 

The stream concentrations and flows for the generic 
membrane process in Figure 10.1 are defined in Figure 
10 . 2 . 

The total mass transfer rate across the membrane for 
each species (/), w\'"\ is expressed in terms of an overall 
mass transfer coefficient, and an average driving 

force, AY ave , over the active membrane contact area, A. 
The driving force is a characteristic of the membrane 
operation. One of the following two averages is commonly 
used: 


We would like to compute the actual change in the function 
using an average value of the forcing function, that is, 

W(x 2 ) - W(x i) = <x(W)(x 2 - X\) 

The actual change is given implicitly by the integral of the 
differential equation: 


In 


W(x 2 ) 
W{x 0 


= a(x 2 - xi) 


Consequently, the desired result is obtained with 


Arithmetic: 


1 r 


AYave | | cct j Mt j c T A ’/ |y p ermeate s ide 


( 10 . 1 ) 


Feed 

Selective uptake Nondiffusing species 

>=) 

Retentate 

Sweep 

Permeate 

Hi Membrane;::: 

, \ 


Nondiffusing sweep Diffusing and sweep 



(W) 


W[x 2 ) - W{ Xl ) 


tog mean l n ( W ( X2 )/W( Xl )) 



FIGURE 10.1 Generic membrane process. 


FIGURE 10.2 Mass flows in a generic membrane. 
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Mass transfer coefficients are discussed in Chapter 12. 
We will assume at this juncture that the mass transfer 
resistance rests entirely within the membrane and that an 
experimental value is available for the mass transfer 
coefficient can be evaluated with the defined variables for 
the membrane. More sophisticated models may consider the 
local conditions in the membrane unit. 

A mass balance can be applied to each component: 

co { pW {F) + = c o ( pW {R) + m ( pW (P \ 

i= 1, 2, ... A c 

N 

5>r } = i, E = F,S,P,R 

/—I 

The transmembrane fluxes are given by 

Wp = jdj m) X i . dve A, i= 1,2,...A C 
= a>P W {P) - 1 W (S) , i = 1 , 2, . . . A c 

The degrees freedom may be determined as follows: 

Assuming an isothermal operation, one temperature is 
needed. 

Four pressures are required to allow for a pressure drop on 
each side of the membrane. 

Unknowns: 

a>p = 4 A c , W (E) = 4, Wp = A c 
A = 1, Kp ] = A c , P [E) = 4, T= 1 

Total = 6Ac+ 10 


(10.3) 

(10.4) 

(10.5) 

( 10 . 6 ) 


Relations: 

• Mole fraction summations = 4 

• Transmembrane rates = Ac 

• Overall mass balance = Ac 

• Membrane mass balance = A c 

• Total = 3 Ac + 4 

• Degrees of freedom = 3(Ac + 2) 

Adjustments to the degrees of freedom may or may not be 
necessary in particular circumstances. For example, molar 
units may be substituted with no effect on the degrees of 
freedom. 

If, however, there is no sweep, the number of unknowns is 
decreased by Ac + 2 and one relation (mass fraction sum- 
mation) is lost leaving the degrees of freedom = 2 A +5. 


10.1.2 Gas Separations 

As mentioned above, the membrane employed in most gas 
separations is solid. Diffusion in solids is characterized 
by relatively small diffusion coefficients as seen in Section 
8.5.4. 1. If, however, we make an order of magnitude esti- 
mate of a concentration (solubility) p Ao , we have a more 
comprehensive measure of the efficacy of a membrane 


Wp ~ D Am p Ao 
A ~ L 


(10.7) 


than with the diffusivity alone. 

Industrial gas separations fall for the most part into the 
categories shown in Table 10.2. 

The membrane is typically formed into a membrane 
module, containing a large internal surface area per unit 
volume. A hollow fiber construction for air separation is 
illustrated in Figure 10.3 where the membrane essentially 
forms the fiber walls. 


TABLE 10.2 Principal Membrane Systems for Gas Separations 


Principal Membrane Material 

Module Type 

Principal Market 

Notes 

Polysulfone 
Polyimide/polyaramide 
Tetrabromo polycarbonate 
Polyimide 

Hollow fiber 

Nitrogen from air separation 
and hydrogen separation 

In the separation of nitrogen from air, the nitrogen 
product is obtained as the permeate and there is no 
sweep. The feed is compressed to 8-10 atm and 
oxygen/nitrogen. Selectivities of 7-8 are obtained 

Cellulose acetate 

Cellulose acetate 

Spiral wound 
Hollow fiber 

Natural gas separations 

Natural gas separations involve meeting the 
specifications required for delivery to the U.S. 
national pipeline grid for natural gas, which contains 
10-25% impurities (ethane, propane, butane) 

Polyphenylene oxide 

Polyimide 

Silicone rubber 

Silicone rubber 

Hollow fiber 

Plate and frame 
Spiral wound 

Vapor-gas separations and 
air dehydration 

Vapor-gas separations can be accomplished with 
silicone rubber. Vapor recovery systems such as 
gasoline recovery are small capacity systems ideally 
suited for membrane installations 


Source: Adapted from Baker (2001). 
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Product 


200 psi 

55/45% CH 4 / C0 2 


or 

d 2 c 

M A D Am -^- = 0 (10.9) 

Local thermodynamic equilibrium is presumed to exist 
throughout. This is expressed in the form of Henry’s law 
at the two interfaces (see Ml, Table 8.12): 


= H A xf ] P {R \ x — 0 
= H a x { Pp { v \ x = 


FIGURE 10.3 Hollow fiber for gas separation. Reprinted with 
permission of Air Liquide MEDAL. 


Hollow fiber modules have surface areas in the range of 
500-9000 m 2 /m 3 (Seader and Henley, 2006). 

On either side of the membrane, at a particular point in 
the module, there exists a flow-mixing process that delivers 
the solute locally to the membrane surface at the feed side 
of the membrane and removes it at the permeate side. The 
situation is illustrated in Figure 10.4. Complete mixing is 
indicated on both sides of the membrane, but this is not 
important to the present discussion. Mass transfer to and 
from the membrane that results in fluid concentrations at the 
membrane surface, which differ from the bulk values will be 
discussed in Chapter 12. Note the change in concentration 
across the surface that implies a solution process. 

Diffusion in the membrane is described by the uni- 
directional (x), nonflow (v. = 0) version of the rectangular 
entry in Table 10.1: 


dPj dpj 

dt dz 

"v-" =o 


= D h 





=o 


( 10 . 8 ) 


Dense membrane 



FIGURE 10.4 Gas membrane diffusion — local conditions. 


Note the form of Henry’s law that is being used as per the 
comments associated with Equation (6.57). 

For a porous membrane, the medium for diffusion is 
continuous across the pore mouths on membrane surface, the 
diffusional medium in the membrane being essentially 
limited to the porous matrix. 

For the nonporous membrane, the concentration on either 
side of the surfaces are not equal in spite of the correspond- 
ing equality of the chemical potentials. The same value of 
Henry’s constant is taken at both sides of the membrane. 
The solution is given by 


c A 



, (R) 

x + cV 


( 10 . 11 ) 


Evaluation of the mass flux using Equation (8.164). 


dc A 

j A = MaDam Qx 

(10.12) 

c (P) c (R) 

j A = —M A D Am A l a 

(10.13) 

W a" 1 __ M A D Am H A ^(R) p fR) y (P) p (P)^ 

(10.14) 


The mass flux is constant throughout the membrane (why?). 
These results conform to the solution-diffusion model for 
membrane transport (Wijmans and Baker, 1995). 

The permeability of the membrane is defined by 

Pma = M a D Ai „H a (10.15) 


and the permeance by 

5 M A D Am H A Pma y~(m) < , n , 4 N 

"ma = — = ~l~ = ^ a (10.16) 

Some permeability data are listed in Table 10.3. The ideal 
selectivity of A to B is the ratio of the respective 
permeabilities. 
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TABLE 10.3 Permeability Data for Gas Separation Membranes (Drioli and Romano, 2001)“ 


Membrane Material 

Permeability (Barrer) 


Ideal Selectivity 

C0 2 

o 2 

n 2 

co 2 /n 2 

O 2 /N 2 

Poly[(trimethylsilyl)-/-propyne] 

28,000 

7,730 

4,970 

5.6 

1.55 

Poly(dimethylsiloxane) 

4,550 

781 

351 

13.0 

2.22 

Poly(dimethylsilmethylene) 

520 

91 

36 

14.5 

2.53 

Poly(cw-isoprene) 

191 

38 

15 

13.2 

2.60 

Poly(butadiene-styrene) 

171 

33 

10 

16.6 

3.19 

Natural rubber (at 25 °C) 

153 

- 

9 

16.2 

- 

Ethyl cellulose 

5.00 

12.40 

3.40 

22.1 

3.65 

Polystyrene 

12.40 

2.90 

0.52 

23.8 

5.58 

Butyl rubber 

5.18 

- 

0.324 

16.0 

- 

Poly(ethyl methacrylate) 

7.01 

1.90 

0.33 

21.2 

5.76 

Poly(phenylene oxide) (at 25 °C) 

75.70 

- 

3.81 

19.9 

- 

Bisphenol A polycarbonate 

6.80 

1.60 

0.38 

17.9 

4.21 

Cellulose acetate 

4.75 

0.82 

0.15 

31.7 

5.47 

Bisphenol A polysulfone 

4.00 

1.20 

0.19 

24.2 

6.32 

PMDA-4,4'-ODA polyimide 

2.70 

0.61 

0.10 

27.0 

6.10 

Poly(methyl methacrylate) 

0.62 

0.14 

0.02 

31.0 

7.00 

Polyvinyl chloride (at 25 °C) 

0.157 

- 

0.0118 

13.3 

- 

PEEK-WC (at 25 °C) 

2.75 

0.5 

0.10 

27.5 

5.00 


“At 35 °C unless stated otherwise: Note the use of the “barrer” unit. It refers to the transmembrane flux at 
STP in volumetric units = 10-10 cm 3 (STP)cm/(cm 2 scmHg). 


Example 10.1.2-1: Greenhouse Gas Removal from 
Power Station Flue Gas — Completely Mixed Membrane 
Model with No Sweep 

Global warming has been identified as one of the worlds 
most important environmental concerns. It has been 
suggested that a contribution to the alleviation of this 
problem would be the removal of greenhouse gases from 
power station flue gas with subsequent underground 
storage. Let us consider some of the membranes in 
Table 10.3 for this service. The completely mixed model 
with no sweep is illustrated in Figure 10.5. 

The degrees of freedom for the generic membrane with 
no sweep was reported in the previous section to be 2 Nc + 5. 
This must be reduced by one for the completely mixed 
model since the feed line pressure is not part of the model. 
The degrees of freedom is therefore 2Nc + 4 (=8). The total 



FIGURE 10.5 Completely mixed membrane model. 


number of variables from the preceding discussion is 
5A C + 7(=17). 

Specifications: 

As a basis, suppose that the flue gas is 15 mol% carbon 
dioxide (component 1 ) in nitrogen, which is consistent with 
the typical analysis of untreated flue gases from Eastern low 
sulfur coal given by Powel and Qiaq 2006 


Concentration 

H 2 0 

5-7% 

o 2 

3-4% 

C0 2 

15-16% 

Hg complexes 

1 PPb 

CO 

20 ppm 

Various hydrocarbons 

10 ppm 

HC1 

100 ppm 

S0 2 

800 ppm 

S0 3 

10 ppm 

o x 

500 ppm 

N 2 

Remainder 


Suppose that 20,000 scfm of the flue gas is available for 
treatment at 150psia and that the product is to be no more 
than 5 mol% C0 2 . 

The data in Table 10.3 may be used for the mass transfer 
coefficients with a value of the membrane thickness of, say, 
0.0000002 m. Use a completely mixed model for both sides 
of the membrane. 
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TABLE 10.4 Comparison of Membranes for “Greenhouse” Application 


Pmco, (barrer) 

a 

e 

x-r 

A (ft 2 ) 

28.000 

5.6 

0.80702 

0.17391 

402.77 

4.550 

13.0 

0.47296 

0.26143 

2984.7 

520 

14.5 

0.44862 

0.27291 

27166 

191 

13.2 

0.46939 

0.26304 

71482 

171 

16.6 

0.422 

0.28697 

87104 

153 

16.2 

0.42654 

0.28445 

96393 

5.00 

22.1 

0.37616 

0.31584 

3.3809x10 s 

12.4 

23.8 

0.3662 

0.32307 

1.4130x10 s 

5.18 

16.0 

0.42889 

0.28316 

2.833 x10 s 

7.01 

21.2 

0.38206 

0.31174 

2.3647 x10 s 

75.7 

19.9 

0.3915 

0.30543 

2.1272x10 s 

6.80 

17.9 

0.40866 

0.2947 

2.2604 x10 s 


Note : Purchase cost at CE Index 500 = $45. 00/ft 2 (Seader et al., 2009). 


In summary: 

Relations (use molar units): Total = 9 




Equations (10.4) and (10.5). 

A _ Xj P) 0W (F) 

~~ (Pma/L) [xf ] pW - x (P) R( r )] 


Solution: 


The results are summarized in Table 10.4. 


Mole fractions sum to 1.0 

Ratio of transmembrane flux expressions: 

x (P) _ Pc o 2 xf - (P^/P^)x { p 

1 - x (P) " ^*n 2 (l _ 4 R) ) - (p(P)/p(R))(i _ x f)) 

(P) 

Expand in powers of x j and solve the resulting quadratic for 
the positive root in the unit interval. 

j,_ - [1 - (1 -«) (*i R) +'')] + Vt 1 - ( ! “«) (x ( ! R) +r)] 2 -4mx (R) 
1 2r[l— a] 

where 


Rm C o 2 

Pm N2 


and 


p(P) 

p(R) 


Calculate the permeate flow (or cut) using the overall 
material balance for CCL, Equation (10.3): 


(F) 

X — X 


(R) 


(P) 

X, — X 


(R) 


Equation (10.3) = 2 

Equation (10.4) = 3 

Equation (10.5) = 2 with the driving forces in Equation 
(10.14) 

Equation (1.6) = 2 

Specified values: Total = 8 

x (F) =0.15, x (R) = 0.05, G K\ n) and K ( ™ ] 

from Table 10.3 , f (R) , R (p) , AT (F) , andA/" (P) = 0AC (F) 

Unknowns: Total = 9 

The poly[(trimethylsilyl)-/-propyne] membrane has the 
lowest area (402.77 ft 2 ) and the highest permeability. How- 
ever, it also requires the largest cut. A large cut as well as a 
small mole fraction of CO 2 in the permeate results in 
inefficient use of limited underground storage, the ideal 
being storage of pure carbon dioxide. 

The cellulose acetate membrane has the highest ideal 
selectivity (31.7), but the mole fraction of CO 2 in the 
permeate is only 0.35. In fact, the mole fraction in the 
permeate is low for all of the membranes. 

Can you propose a more efficient arrangement? 

10.1.3 Liquid Separations — Reverse Osmosis 


Calculate A using the transmembrane flux expression Whereas gas separations are gas-gas operations, reverse 
for CO 2 osmosis is a liquid-liquid operation. Osmosis refers to the 
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Pure 

solvent 



Solution: 

Solvent 

mole 

fraction = x s 


FIGURE 10.6 Osmotic pressure (II) demonstration. 


passage of solvent through a solvent selective membrane 
from a pure solvent to a solution containing a dissolved 
solute. An experimental determination of the osmotic pres- 
sure is illustrated in Figure 10.6. A pure solvent is indicated 
but may be replaced with a solution of lower concentration 
than the solution on the right. 

Solvent passes from left to right, diluting the solution, 
until equilibrium is reached. At equilibrium, the pressure 
on the right is observed to be re units higher than the 
pressure above the pure solvent. The difference in pressure 
is called the osmotic pressure. An osmotic pressure of 
the order of 1000 psi is not uncommon. It can be evaluated 
as follows: 

At equilibrium [refer to Equation (6.4)], 

^ s (T,P,x s = l) = ii t (T,P + U,x t ) (10.17) 

This equality can also be written in terms of fugacity. 
The change of fugacity (actually the natural logarithm of 
fugacity) with pressure is proportional to the partial molar 
volume. Using these results Equation (10.17) becomes 

R+n _ 

lnf s (T,P,x s =l) = lnf s (T,P,x s ) + j ^d P (10.18) 

p 

The ratio of fugacities is proportional to the activity 
coefficient for the pure component reference state (see 
Section 6.2. 1.2): 


r/ s 


_ f(T, P, x s ) 
f(T,P,x s = 1) 


(10.19) 


Also in many cases the partial volume can be approximated 
by the value for the pure component so that 


p+n 

lny s x s = - J ^dP (10.20) 

p 


or 


n = - 


RT 


In y s x s 


(10.21) 


if the molar density is nearly constant. This result provides 
the means of evaluating the activity of the solvent from 
osmotic pressure date, or the osmotic pressure from activ- 
ity data. For a dilute solute, this relation may be approxi- 
mated by 

RT 

II = In y a x a s=s RTcb for dilute systems (10.22) 

^ a 

A membrane permeable only to water will pass water 
from a solution if the applied pressure is greater than the 
osmotic pressure of the solution. The realization of this 
inference in the desalination of brackish water has been at 
the origin of the interest in membrane operations and has had 
an impact on all of the progress in membrane development 
(Drioli and Romano, 2001). 

The driving force (y) for the passage of solvent through 
the membrane may be obtained by recalling that the driving 
forces for mass, energy, and momentum were identified in 
the entropy generation expression in Chapter 8. For systems 
not far removed from equilibrium, it was argued that the 
fluxes and forces approach zero in linear relationships. 
The result for the mass flux of species A, 

jA = C'Ak^TPk (10.23) 

k 

was further approximated with only the concentration 
gradient in the chemical potential gradients on the right- 
hand side. The result was Fick’s law. We will continue here 
instead with the major gradient at the chemical potential 
level: 


j A — — Caa^tPa (10.24) 

Equation (10.8) expresses mass conservation under 
Fick’s law in a thin (assumption of unidirectional transfer), 
solid membrane without convection. To see the result with- 
out the application of a flux expression, we may simplify the 
general balance given at the top of Table 10.1 with no 
velocity or chemical reaction: 


dpi 

17 + ^ 

=dj lx /dx 



n,- = p,v 
=o 


(10.25) 


= 0 or j Ax = constant (10.26) 

QX 
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Since the flux is constant, the x component of Equation 
(10.24) may be integrated over the membrane to give 


J Ax 


-AA 


h a (t,p^,x^) - h a (t,p^\^ 


(R)t 


(10.27) 

This result may be written in terms of activity coefficients: 

Jax = - L ^ [ MA (r,p( p \xf) - im a (T,P°,xa = 1) 
- MA ( r , p ( R ), xi R) ) +h a (t,p°, Xa = l ) 


+ 


/x A (P,pl p \xf = 1) - n A (T,pW,xf ] = 1) 

(10.28) 


n (P) = - In y < A > x A } (10.31) 

n (R) = -^ ln yi R) 4 R) (io.32) 

y A 

The flux is then given by 


Jax 


CaaVa 

L 


_n (P) + n (R) + (p (p i — p( R ) 


j Ax = ~^p-m 


KT> = 


MA 

~L~ 


— Pma 


X a = AU- a p 


(10.33) 

(10.34) 


(10.35) 

(10.36) 


j A x = --J 1 [*rinyf xf -PTlnyfxf + V A (P (p) - P^ R) 

(10.29) 

The molar volume of A in the membrane has been 
assumed constant when evaluating the effect of pressure 
on the chemical potential. The standard state for the activity 
coefficients is the pure solvent at the temperature of the 
system and pressure P°, usually 1 atm. 

If the fluxes were to vanish, the prevailing pressures 
would be the osmotic pressure on the respective sides of 
the membrane: 

RT In y A P) x A P) — RT In y A R) x A R) + V A (II (P) - n (R) ) = 0 

(10.30) 


The pressures are illustrated in Figure 10.7. The applied 
pressure difference must overcome the osmotic pressure 
difference in order for the solvent to flow from the more 
concentrated solution. 

A convenient way to view the driving force is to regard 
the quantity, P-II, as a potential for flow. 

The flux of the solute, B (e.g., salt) is given by 

Jb x = ^j 1 (cbr-c bp ) (10.37) 

which is independent of pressure. The selectivity of the 
membrane for water should therefore increase with 
pressure. 



FIGURE 10.7 Pressure gradient in reverse osmosis membranes. 
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Example 10.1.3-1: Regeneration of Pulping Feed 
Solution in Paper Production 

(Adapted from Seader and Henley, 2006.) 

In an existing process for the production of paper, a 
pulping step to break down wood chips into cellulose and 
lignin results in a solution that is regenerated and subse- 
quently recycled to the pulping step. Following the removal 
of pulp in the regeneration step, the pulping solution is 
concentrated from 15 wt% (dissolved solids) to 45-70 wt% 
by multieffect evaporation. It has been suggested that 
reverse osmosis might be used to perform an initial concen- 
tration to perhaps 25 wt%. Higher concentrations may not be 
feasible because of the very high osmotic pressure, which 
at 180°F and 25 wt% solids is estimated to be 1700psia. 
The osmotic pressure for other conditions can be scaled by 
assuming that the osmotic pressure is proportional to the 
weight percent solids. 

A two-stage reverse osmosis process, shown in Fig- 
ure 10.8, has been proposed to carry out this initial 
concentration for a feed rate of lOOOlb/h at 180°F. 

The permeance for water can be taken as 0.0 1 34 lb/ft h psi 
in conjunction with an arithmetic-mean osmotic pressure for 
plug flow on the feed side. Complete the material balance 
for the process and estimate the required membrane area for 
each stage. 

Solution: 

Material balances around each stage (mixer included in 
first stage): 



FIGURE 10.8 Proposed two-stage reverse osmosis process. 


( 3 ) 

is x\ = 0.14218 Evaluation of osmotic pressures: 


0.14218 

0.25 

n (0-004) 

0.026 

300 

300+ 1,000,000 


966.82 

1700.0 

27.2 all psia 
176.8 
2.0394 


Calculation of membrane areas: 


= 0.0134(AP - An) ave A 


0.15(1,000) + 0.026W (8) = 0.25 W (4) + 0.004W (6) 

1,000 + W (8) = W (4) + W (6) 

300 


0.004W (6) = 0.026W (8) 


300+ 1,000,000 

yy( 6 ) = yv (8) + yy( 7 ) 


W (7) 


yy(6) = 467.84 
W (4) = 599.52 
yy (7) = 400.48 
. W (8) = 67.355 , 


► lb/h 


Osmotic pressure of feeds and product streams. 

Correction of reported value to other concentrations — 
assume constant conversion factor from molality to wt% at 
same T: 


n(a>) = ^ 1700 = 6800m 


Stage 1 


(AP) ave = (1756 - 15) = 1741.0 
(An) ave = 0.5((966.82 - 27.2) + (1700 - 27.2)) = 1306.2 
(A P - AII) ave = 1741.0 - 1306.2 = 434.8IT 


n(w) = 6800 m 


W\ m) = 0.996W (6) = 465.97 lb/h 


Feed composition to stage 1: 

0.15(1000)+ 0.026(67.355)= 4 3) (1000+ 67.355), Solution 


Ai 


465.97 

0.0134(434.79) 


79.979 ft 2 
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Module housing 



FIGURE 10.9 Spiral-wound module (www.lenntech.com). Courtesy of Membrane Technology 
and Ressearch. 


1 


An ave = - ( (n(o.oo4) - n 


(AP) ave = (518 - 15) = 503.0 
300 


300+ 1,000,000, 
(AP - An) ave = 503.0 - 99.961 = 403.04 


n(o.o26) - n 


300 


300+ 1,000,000 


W[ m) = 0.996W (6) - 0.974W (8) = 

_ 400.3 

1 ~ 0.0134(403.04) 


0.996(467.84) - 0.974(67.355) 
= 74.120 ft 2 


400.3 lb/h 


99.961 


Reverse osmosis membranes are often installed in spiral- 
wound modules, which are illustrated by the example in 
Figure 10.9. 

The module consists of a membrane envelope wrapped 
around a central collecting tube. The module is placed in a 
pressurized tubular vessel and the feed is introduced axially 
through the membrane. The permeate flows in the central 
collection tube. Spiral-wound modules have surface areas in 
the range of 200-800 m 2 /m 3 . 

10.1.4 Porous Asymmetric and Composite 
Membranes — Overall Mass Transfer Coefficient 

Dense membranes tend to be thick for mechanical strength, 
which makes them selective at the expense of permeability. 
The so-called asymmetric membrane typically consists of a 
thin selective layer (<2000 A) of a dense membrane material 
and a 50-100 |xm microporous layer for support as illus- 
trated in Figure 10.10. 

Diffusion through the dense skin layer was analyzed in 
Section 10.1.2. See Figure 10.4 where the permeate condi- 
tions persist up to the interface with the membrane. In the 
present case of a supported membrane, the diffusing species 
must pass through the porous support before reaching these 
conditions. The circumstances are called “series diffusion.” 

Processes in series occur quite often in chemical engineer- 
ing, especially in heat and mass transfer. A common feature of 


these situations is that although the rate at which the process 
takes place may be expressed in terms of intermediate varia- 
bles, these are not ordinarily the process or stream values that 
are being used to express the state of the processing system and 
calculations are carried out to meet this requirement. 

The physical situation in Figure 10.10 is embellished in 
Figure 10.11 to reflect membrane diffusion in series with 
diffusion in the support. 


Dense Microporous 

skin layer support layer 



FIGURE 10.10 Scanning electron micrograph of an asymmetric 
Loeb-Sourirajan membrane (Baker et al., 1991). Reprinted with 
permission of Elsevier. 
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Feed-retentate mixture 
mole fraction at 
membrane surface = y™ 




Permeate- sweep mixture 
mole fraction at support 


surface = y' 


,(p) 


, ,<p) 



Flow mixing 


L m +Lw 


FIGURE 10.11 Series diffusion in asymmetric membrane: (m): dense skin layer; fs): support layer. 


Diffusion in the membrane is governed by the same 
differential equation as that applied in Section 10.1.2 for 
unidirectional mass transfer without convection or chemical 
reaction [Equation (10.9)]. Because of the abrupt change in 
physical properties at the phase boundaries, the microscopic 
mass balance must be applied in each separate phase and then 
linked through the conditions applied at the phase boundaries. 

On each side of the dense skin layer, we apply the 
condition of phase equilibrium between the dissolved solute 
in the solid membrane and the gas phase as it exists at 
the boundary. At the membrane-support interface, we 
assume that the mixing processes in the raffinate are suffi- 
cient to bring the bulk phase conditions to the interface. 

At the interface between the skin layer and support, we 
again find the conditions of phase equilibrium between the 
dissolved solute and a gas phase. The gas phase in this case is 
contained in the pores of the support matrix (see Notes to 
Table 8.12) and the concentration level is that which will 
provide a diffusional flow in the support equal to that which 
arrives from the dense skin. Since the cross section of the 
support is not totally open (diffusion through the solid is 
assumed to be negligible), an “effective” diffusivity will be 
required. Diffusion in porous solids is discussed in the 
following section. 

The open boundary between the support and the permeate 
provides a continuous passage for the dissolved solute so 
that the solute concentration on either side of the phase 
boundary are equal. 

Summary in analytical terms for determination of mem- 
brane flux: 

C/\ ()j 

Microscopic mass balance: M/J ) { i , =0 or — — = 0 

ox 1 ox 

(10.38) 

Membrane skin (m): 0 < x < L (m> 

General solution: c^' ] = c/ m} x + b' m> (10.39) 


Evaluation of a: a lml = 

Porous support(s): 
General solution: 

Boundary conditions: 

To be chosen such that 



(10.41) 

RTc - 4 R) P (R) 

(10.42) 

H\L M 

L (m) < x < L (m) + 


4 S) = a {s) x + b {s) 

(10.43) 

c W( L ( m) ) = C W( L (»)) 

(10.44) 


j [ r\L {m] ) =jf(L {m) ) =Ja 


(10.45) 

c^(L^+L^)=y (10.46) 


Evaluation of a: 


M. y { I\P {P) / R T)-c { ;\L ( '”)) 

L (S) 

(10.47) 


Flux continuity at membrane-support interface (see M2 in 
Table 8.12), 

-D { ™ ] a {m) = -Di s) a (s) (10.48) 

provides 

RTc (l) (£(”)) = K" 0 W (m) )yf + (D^/RTL^PW 
A + (p^/RTL®) 

(10.49) 

Substitution of this result into the mass flux expression gives 


Boundary conditions: 


4 m) (o) 


yff( R ) 

H' a 


(10.40) 


,(m+s) _ 

Ja ~~ 


D 


(m+s) 


L n + 




(10.50) 
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where the overall diffusivity is defined as 

_J_ = l'"" A L + EL ,1050 

„(m+s) jjm) , ^(s) „(m) ' jjm) , ^(s) „(s) ' 

lJ A LJ A lJ A 


Overall S^j n Support 

resistance resistance resistance 


the solid reach a steady-state saturation level is large 
relative to the timescale of most chemical processes. A 
pseudohomogeneous approach is therefore adopted where 
the mass flux is averaged over the cross section containing 
both open and solid features at the flux and balance 
equation levels. 


The diffusivity is a conductance in electrical terminology. 
Its inverse is then a resistance. The preceding expression 
then states that the overall resistance is the sum of the two 
individual ones, thereby preserving the electrical analogy for 
a series configuration. The overall mass transfer coefficient 
can also be expressed in these terms: 


1 



Overall 

resistance 


L (m) 




Skin resistance 

1 



Support resistance 
1 



(10.52) 


10.2 DIFFUSION MODELS FOR POROUS SOLIDS 

The asymmetric membrane discussed above consists as part 
of a porous support through which the liquid or gas perme- 
ates must flow. Porous solids are used in many chemical 
engineering applications. In adsorption, chromatography, 
and ion exchange, for example, a solute is transferred to 
the surface of the solid from the surrounding fluid phase, 
diffuses through the solid, is adsorbed in the first two 
applications, and exchanges ions with the solid ion 
exchanger in the third. In adsorption, the solutes accumulate 
in the solid until the solid adsorbent is saturated and can no 
longer purify the surrounding fluid. In chromatography, the 
solutes are repeatedly adsorbed and desorbed at different 
rates, thereby affecting a separation in the exterior fluid after 
diffusing back to the surface of the solid and being trans- 
ferred to the fluid phase. On the other hand, the products of 
the ion exchange in the solid carry the exchange to the 
surrounding fluid. Porous solids are used extensively to 
provide support for catalysts where the diffusants react at 
the interior catalytic sites on the solid. There are many more 
examples including the porous structures in living orga- 
nisms, which govern the transport of water and vital solutes. 

Characterization of the porous region is often limited to 
the basic parameters defined and illustrated in Table 6.16. 

Mass transfer within a porous solid must satisfy the 
principle of mass conservation. However, the balance 
equations apply to homogeneous systems and therefore 
can be applied to each phase of a porous solid with 
boundary conditions at the pore surfaces. This level of 
complexity is not generally required since the contribution 
to the diffusional flow of the solid is small and the time for 


10.2.1 Effective Diffusivity of Porous Catalysts 

Diffusion in the porous solid takes place within the system of 
pores. The description of the diffusion process is accom- 
plished by considering first a single pore and then adapting 
this result to the porous structure. We will have porous 
catalysts in mind but the approach applies equally as well to 
other porous structures. 

We can begin with gases. It is assumed that 

• the pores are sufficiently small as well as the pressure 
gradient that forced convection may be neglected. In 
spite of the large pressure differences that are applied 
across membranes, the mechanism of forced convec- 
tion must be avoided since it does not differentiate 
between solutes. 

• molecular sizes are too small for configurational effects 
to be important. 


10.2.1.1 Pore Diffusion Under these circumstances, it 
can be shown on the basis of the kinetic theory of gases 
(Scott and Dullien, 1962) for a binary ideal gas mixture that 
at constant temperature and pressure 


where 


and 


d c A 

N A: = -D Ap ^- 


(10.53) 


1 = 1 1 - <*y a 

D a p Oka D v ab 


(10.54) 


a = 


1 + 


N Az 


(10.55) 


The Knudsen diffusivity is given by 


D a = 


2 jfRT 

3 V 


(10.56) 


and is important in small pores where the frequency of 
collisions with the walls is of the same order of magnitude as 
the frequency as intermolecular collisions. This applies to 
the molar average velocity, which is equal to the mass 
average velocity if the molar density is constant, which is 
at least approximately true in the present case. 
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FIGURE 10.12 Knudsen and bulk flow regimes for the N 2 -H 2 system (Satterfield. 1970). 


The value of a is determined by the reaction stoichiome- 
try (see below) or in the nonreactive case by the condition of 
no net transport of momentum to the walls: 


N A: 



(10.57) 


by the adsorbed layer. This mechanism proceeds in parallel 
to those discussed above as illustrated in Figure 10.13. 

The rate of flow per unit area of the adsorbed layer can be 
represented as 


N As = -D, 


dc 


’As' 


As 

dz 


(10.59) 


The generalization of these results to multicomponent mix- 
tures is given by (Rothfeld, 1963). 


l _ l \^yj [Njz/Niz\yi 

D~~D^< jrf of 


(10.58) 


This amounts to the superposition of Knudsen diffusion 
on bulk diffusion described by the Maxwell-Stefan equa- 
tions (Bird et al., 2002). For small values of the pore radius, 
the diffusivity in the pore is the Knudsen value, while at large 
values of the pore radius it is the bulk diffusivity. Both are 
important at intermediate values. Figure 10.12 demonstrates 
this behavior for the nitrogen-hydrogen system (Satterfield, 
1970). 

Knudsen diffusion does not apply in the case of liquids in 
the pores. Without this term the previous equation applies to 
liquids, except that the diffusion terms are not the binary 
(Bird et al., 2002). The diffusivity in the pore can in this case 
be approximated by the bulk phase diffusivity in the mixture, 

T = 298 K 
P = 1 atm 


10.2.1.2 Surface Diffusion Another pathway by which 
material may progress through the porous solid is provided 


where is the molar concentration on the surface. We first 
convert the surface concentration to the loading variable N 
(moles adsorbed per unit mass of adsorbent) used in the 
discussion of adsorption equilibrium (refer to Section 6.5.2): 

cm = N (10.60) 
Ads 


where p p is the apparent density of the adsorbent particle and 
e a d s is the volume fraction of the adsorbed phase. This result 
assumes that the void fraction on an area basis is the same 
on a volume basis. If, in addition, we assume a linear 
equilibrium relation between the surface and the pore 
[see Equation (6.136)]. 

c As = ^kRTc Ap (10.61) 

Ads 



Adsorbed layer 
cross-section 
exaggerated 


Pore cross section 


FIGURE 10.13 Surface diffusion. 
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The flux in Equation (10.59) can be scaled to the open 
pore area with ratio e a ds/£p (%> is the porosity of the particle) 
and the result added to the pore diffusion flux discussed in 
the previous section: 


/-ftp — 


(1/Aca) + ((l — &y A )/D%) 


p„K A 

D As (10.62) 


If the pressure is low and the temperature high, surface 
diffusion may be neglected. The low temperature and pressure 
favor a condensed state. Surface diffusion is usually neglected 
but the method by which it is included is instructive. 


10.2.2 Tortuosity Factor Model 

The extension of the pore diffusion model to the scale of the 
porous solid involves two major aspects. First, diffusion is 
based on the open area. The open area fraction is not 
normally available for porous materials and the fraction 
of the volume that is open is taken as a good approximation: 

(^)pore = ^)partic,e dO-63) 

Second, as our coordinate system is now being trans- 
ferred to the particle, the distance moved along the pore is 
greater than the unidirectional distance traveled in the 
particle. In a gross way we account for this by introducing 
a tortuosity factor 


( d -)pore = r ( d -)particle dO.64) 

where r is greater than unity. These approximations give 

N l: =-D ic ^ (10.65) 

dr 

where 

D ie = -D ip (10.66) 

r 

The flux is referred to as the total cross section. The 
concentration represents the value in the void space. It must 
be noted that in translating this pore diffusivity to the total 
cross section, the tortuosity of the adsorbed layer may be 
different than the value for the pore, although as an approxi- 
mation they may be considered equal. 

The tortuosity factor must be measured. Its values 
normally fall in the range of 2.0-10.0 (Satterfield, 1970). 
A useful aspect of this model is that the tortuosity factor, as 
well as the void fraction, are functions of the internal 
geometry. Consequently, Equation (10.66) can be used to 
extrapolate data taken under convenient experimental 
conditions to processing conditions that may be much 
more severe. 


As a pore size distribution function is not utilized in 
this simple model, the average pore radius in Equation 
(6.125) can be used calculating the pore diffusion 
coefficient. 

10.2.3 Parallel Pore Model 

In contrast to the tortuosity factor model of the diffusion 
process, the parallel pore model (Johnson and Stewart, 1965) 
makes use of the pore size distribution function and conse- 
quently is based upon a more refined view of the structure. 

We again consider diffusion in the medium in the 2 
direction only and assume that the pore under consideration 
is oriented with an angle 0 to this direction. The situation is 
depicted in Figure 10.14. 

It is assumed that this orientation applies to all rota- 
tions about the z direction. The contribution of the 
diffusional flow in the pore to the flux in the z direction 
is given by 


N Ax = N Ax cos 0 ( 1 0.67) 


This reduces to 


N { A l = -(cos0) 2 D4 P ^ (10.68) 

The contribution of all pores with different orientations 
about the z-axis can be obtained with a more refined 
distribution function as follows: define F(9, r) dr dO = frac- 
tion of total area in plane of constant z, which consists of 
pore cross sections with inclinations between 0 and 0 + A6 



FIGURE 10.14 Open pore at an angle to the diffusion area. 



310 NONTURBULENT ISOTHERMAL MASS TRANSFER 


and radii between r and r 4 d/'. If the size and angle 
distributions are not correlated, 

F(9,r) = g(6)f(r) (10.69) 

where g is the distribution of angular orientations. Further- 
more, in the case of gases, 


Die = k J D ip {r)f(r)dr (10.70) 

0 


where 


Dje — K 


J 


0 


f(r)dr 

(3/2)r^/M A /3RT(l/r)+J^ =1 ((y, 


[Nfi/N b ]y,)/Dv) 

(10.71) 


and 


jt/2 

k = J (cos Q) 2 g(Q)&6 (10.72) 


Note that if 

1. all of the pores are perpendicular to the r-axis, 
g{9) = {2/it)h{6 — 7r/2) and k = 0, 

2. all the pores are parallel to the z-axis, g(9) = 
{2/n)h (9) and/r=l, 

3. g is a constant, g(9) = (2/: r) and k =1/2, 

4. the pore system is isotropic, k = 1/3 (Johnson and 
Stewart, 1965). 

If the pore-size distribution consists of discrete peaks, the 
preceding integral becomes a summation of the values of 
the denominator evaluated at the corresponding values of the 
pore radii multiplied by the void fraction associated with 
each pore size. This result would also apply to the case of a 
single pore radius. It is useful when the pore volume is 
divided between macropores and micropores as may be the 
case in pelleted catalysts. 

If the diffusion is entirely in the bulk phase regime, the 
first term in the denominator can be neglected. The resulting 
integrand becomes a constant factor and the resulting inte- 
gral the void fraction. This is the case for liquids. 

If the diffusion is entirely in the Knudsen regime, the 
integral can be replaced with the product of the void fraction 
and the Knudsen diffusivity evaluated at the average pore 
radius. In most other cases, the integral must be obtained 
numerically. 

Tests of the parallel pore model, for example, Johnson 
and Stewart (1965) and Brown et al. (1969), have shown it to 


give good results especially when the value if k is obtained 
from one experimental measurement. 

Other models of diffusion in porous media have been 
useful. An example is the random pore model (Wakao and 
Smith, 1962), which has also been applied to biocatalysts 
(Zhao and DeLancey, 2000). 

Example 10.2.3-1: Evaluation of Tortuosity in Parallel 
Pore Model for Honeycomb-Type Monolith Catalyst 


The diffusion of methane through nitrogen in a monolithic 
honeycomb catalyst has been studied experimentally at 
291 K and 1 bar by Hayes and Kolaczkowski (1999). Three 
formulations were investigated: 

Monolith 1: Blank substrate (cordierite) 

Monolith 6: Substrate coated with alumina wash coat 
Monolith 2: Substrate coated with a wash coat containing 
alumina and a Pd catalyst 


The monolith is shown in Figure 10.15. 

Pore size distributions were obtained for all of the 
formulations. The distribution reported for Monolith 6 is 
shown in Figure 10.16. 



FIGURE 10.15 Scanning electron micrograph of Monolith 2 
showing cell geometry, substrate, and wash coat. Reprinted with 
permission of Elsevier. 
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FIGURE 10.16 Pore size distribution for Monolith 6. 
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TABLE 10.5 Summary of Experimental Results and Tortuosity Calculations 


Monolith 


Mesopores 



Macropores 



Overall 


(r) (nm) 

8 

»k 

Dap 

(r) (nm) 

8 

»k 

£ 

73 

Da v 

Are, exp 

8 

T 

1 





3500 

0.360 

14.459 

0.220 

0.220 

0.009 

0.360 

8.605 

6 

10 

0.580 

0.041 

0.035 

500 

0.100 

2.066 

0.202 

0.059 

0.005 

0.680 

8.074 

2 

10 

0.410 

0.041 

0.035 

400 

0.060 

1.652 

0.197 

0.056 

0.002 

0.350 

12.146 


The porous regions in Figure 10.16 are labeled according 
to the IUPAC definitions. Note that the pore-size distribution 
is bimodal with a set of mesopores and a set of macropores. 
The data are narrowly distributed about the mean in each 
case so the Dirac’s delta function has been indicated as an 
approximation to the actual distribution. The experimental 
results and the tortuosity calculations are summarized in 
Table 10.5. 

10.3 HETEROGENEOUS CATALYSIS 

Catalytic systems were introduced in Chapter 2. In hetero- 
geneous systems, by far the most prevalent, the catalyst is 
present as a separate phase in contrast to homogeneous 
catalysis. See Table 1.6 for examples of commercial cata- 
lysts and to Section 6.5.1 for the definitions of some basic 
parameters that are used to characterize porous solids. 

In most cases, the catalyst is immobilized on a solid 
support whether it be a supported vanadium oxidation 
catalyst or an immobilized enzyme catalyst such as p-glu- 
cosidase or a whole cell such as Saccharomyces cerevisiae. 
The catalytic actions of adsorption of reactants, reaction 
over the catalyst, and desorption of products take place after 
the reactants reach the catalytic site and before the products 
are released. The reaction rate expression is formulated on 
the basis of mechanisms and tested against experimental 



FIGURE 10.17 Catalytic particle with a single pore emphasized. 


data as illustrated in Chapter 1. To reach the catalytic site, 
reactants normally must move through a bulk phase to the 
exterior surface of the support, after which they move 
through the support to the reactive sites. The products 
must, of course, follow the same path, but in the reverse 
sequence. The process is illustrated in Figure 10.17. 

The walls of the pores in a catalytic particle are impreg- 
nated with materials that catalyze one or more desirable 
reactions. In the case of heterogeneous catalysis, there is no 
reaction term present in the transport equations that fully 
describes the behavior of the reactive mixture in the pore. 
The reaction representation appears in a boundary condition 
that equates the mass flux from the homogeneous phase to 
the surface reaction rate. However, under some circum- 
stances, it is justified to scale the heterogeneous rate by 
the surface area per unit volume and thereby treat the 
heterogeneous reaction as a pseudohomogeneous rate per 
unit volume. Furthermore, there is often no difference in 
the model that distinguishes between, for example, enzyme 
catalysis and catalysis affected by the noble metals. This 
degree of generality should be kept in mind as we consider 
the case of diffusion and reaction in a single pore, followed 
by the extension to a porous particle. 

10.3.1 Effectiveness of a Single Closed Pore 

The thermal energy released by the reaction process in the 
pores is conducted to the exterior surface where it is released 
to the gas phase. Thermal energy is absorbed in the case of 
endothermic reactions. Because the thermal conductivity of 
solids is generally very high, it is generally acceptable to 
consider the reaction-diffusion process in the porous solid as 
isothermal. This approach will be taken here with the note 
that we will be able to estimate the maximum possible 
temperature rise in the catalyst. 

We assume that the radius of curvature of the pore is 
much greater than its radius and, therefore, consider it to be 
cylindrical with radius r (l and length L. It is convenient to 
select a cylindrical coordinate system placed at the entrance 
to the pore at the center of the cross section (see Figure 
10.18). Typical values of the radius and length are 10,000 A 
and 0.75 in. 

There is no reason to expect gradients in the angular 
direction. Also, the reaction takes place on the walls of the 
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FIGURE 10.18 Concentration gradients in a single pore. 


pore so that a reactant concentration will diminish in the 
radial direction as illustrated in Figure 10.18. The mass flux 
of a species to the catalyst surface is equal to its reaction rate 
per unit area: 

Ni • 8 r = 7l is at r = r 0 (10.73) 

Concentration gradients will also exist in the axial 
direction because of the reaction as illustrated in 
Figure 10.18a. If we assume that the radial gradients may 
be neglected in proportion to the axial gradients, the surface 
reaction has no radial transport mechanism and must there- 
fore be represented as a volumetric phenomenon. The scale 
factor from the unit pore area to the unit pore volume is 2/ i'o, 
giving a homogeneous reaction rate of 27?., s /ro when 
accounting only for axial gradients in concentration. The 
surface reaction rate expression is evaluated with the bulk 
phase compositions. 

We have envisioned a unidirectional system in the pore. If 
we furthermore limit the calculations to a single reaction: 

&i Aj = 0 where r, s = Mji}j3l s (10.74) 

i 

the mass balance for this situation may be obtained by 
reducing the more general form of the mass balance given 


in Table 10.1 (see Note for molar form): 

r)r- 

+ V • N; = 3t lv (10.75) 

0 

or 

dlV,- 2 

= (10.76) 

dr r 0 

Since the pore is closed and the reaction on the terminal 
surface can be neglected in comparison to that on the walls, a 
key reactant can be selected and the preceding equation 
integrated from the terminal surface to an arbitrary location 
in the pore to give 

Ni = ^ N a (10.77) 

Va 

The ratio of stoichiometric coefficients may be used in 
place of the flux ratios in Equation (10.58) for the diffusivity 
of the key reactant in the pore. The concentrations at the pore 
mouth may be used for this calculation. 

Regarding the diffusivity as constant (in spite of the 
concentration dependence reflected in the multicomponent 
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generalization of the pore diffusion equation), the general 
mass balance above becomes 


d 2 C,' 2 

D lp -i + -m, = 0 (10.78) 

dr- ro 

The reaction rate may be expressed as a function of the 
concentration of a single key component, say A, by noting 
that 


and 

cso 2 = cso 2 

(— 1 / 2 ) Oso 2)P r l 

Co 2 = Co 2 ,0 H — 7 — rr fz [Cso 2 — c S0 2 ,oJ 

(—1) ^0 2 ,P 

I (d“l) D S0 2 ,p p -| 

Cs0 3 = Cso 3 ,0 +7 TV — [Cso 2 — fso 2 ,oj 

(— 1)T>S0 3 ,p 

Linen = Cjncrl.O 

The rate equation becomes, 


Dtp d ( 7 Da v d ( \ 

dr 2 &a dr 2 


(10.79) 


r R- s (T,Cso 2 ) 


(— l/ 2)T>so 2 ,p 

(-1) Oo 2 , P 


[lso 2 ~ Lso^o] >k(T)PpS g 


and therefore that 


Dap &i . . 

Ci = Cm + (c A - cao) (10.80) 

Dip is a 

where cm are the concentrations at the pore mouth. 
Substitution of this result into the reaction rate expression 
yields a function of a single variable, the key component 
concentration. 


Example 10.3.1-1: Key Component Kinetics for 
SO 2 Oxidation 

The chemical product of largest quantity the United States 
is sulfuric acid. It is manufactured by the contact or the lead 
chamber process. In both of these processes, SO2 is 
oxidized to SO3 using air as the source of oxygen. 

The rate of oxidation over a V2O5 catalyst is given by 
Kadlec and Pour (1968) as 


St s = kiT) p p cso 2 Cq 2 2 



cso 3 

c S o 2 c^K c (T,P) 


CsO 3 ,0 — (Ds0 2 ,p/Ds0 3 ,p) [fso 2 — c so 2 ,o] 

Cso 2 -\l Co 2 ,o+(l/ 2 ) (D S o 2 p/Do 2 ) p) [cso 2 ~ Cso 2 ,o]K c (r,P) 

The concentrations at the pore mouth are considered to be 
given. If the heat effect is neglected, T is the isothermal 
temperature. If the heat effect is accounted for, the tempera- 
ture also becomes a function of the key component concen- 
tration (see Section 11.2.1). 

Finally, it can be noted that the concentrations at the pore 
mouth can be written in terms of the conversions based on 
the feed to the reactor (Kovenklioglu and DeLancey, 1979). 

In general, the mass balance requires a numerical solution 
because of the complexity of the rate equation. However, 
the irreversible first-order case will display the essential 
features of a diffusion-reaction system and serve as a good 
approximation to some practical applications: 


d ca 2 7 

*Ap , ? + ^A^sCa ~ 0 
d z l ro 

(10.81) 

Ca — Cap at z = 0 

(10.82) 

^ d c A 

(10.83) 

-D Ao — — =0 at z = L 

dr 



The problem is to develop a rate expression in terms of the 
concentration of SO2 that can be employed in the micro- 
scopic mass balance for SO2 [Equation (10.78) with i = SCE] 
for generating the concentration profiles in a pore coated 
with the V 2 0 5 catalyst. 

Equation (10.80) gives the concentration of all the 
components in terms of a key component (A), in this 
case, SO2. 

S0 2 + 1/202 = SO3 

Consequently, 

tso 2 = —1, vo 2 = — 1/2, vso 3 = +1) 
v inerts (e.g., N2 = 0) 


Remember that the pore is closed when considering the 
second boundary condition. 

The solution to Equations (10.8 1)— (10.83) is given by 

Tyi = coshAf — [tanh A] sinh (10.84) 

1 = 7, r A = — (10.85) 

^ Cao 


Reaction rate 

per unit area Reaction area 

k s c A 0 2-irroL 

Dap, ((cap - 0)/L) ^TTT^ 

A Diffiisivity concentration Diffusion area 
\ gradient 



( 10 . 86 ) 
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FIGURE 10.19 Dimensionless concentration profiles in a single 
pore. 



A is called the Thiele parameter. It is a measure of the 
reaction rate in the pore relative to a measure of the diffusion 
rate as illustrated by the expanded equivalent under the 
square root in Equation (10.86). Typical dimensionless 
concentration profiles are shown in Figure 10.19 as a 
function of the dimensionless Thiele parameter. 

At larger values of the Thiele parameter, the diffusion rate 
requires a large concentration gradient to supply the needed 
reactant. Diffusion and reaction are competing since the 
catalyst in the pore is not fully utilized in the sense that the 
concentration above the catalyst is less than the maximum 
available, the value at the pore mouth. We will see in 
Section 10.5 that diffusion augmented with forced convec- 
tion in an open tube with catalytic walls will not suffer from 
this deficiency. Diffusion is up to the task for a relatively 
slow reaction characterized by smaller values of the Thiele 
parameter. 

Using the conditions at the pore mouth to define a 
reaction standard, a pore effectiveness factor, E, can be 
defined as 


Actual reaction rate 

’ = 

Rate at pore mouth conditions 


(10.87) 


Values of the pore effectiveness factor are generally 
between 0 and 1. However, values greater than 1 are possible 
for exothermic reactions where the increase in the reaction 
rate constant with temperature may nullify the decrease of 
the concentration dependent term with conversion. In quan- 
titative terms. 


L 

= *,(!■„, cLjw/ (10.88) 

0 

Note that the reaction rate in the pore must be the rate of 
diffusion into the pore mouth at steady state so that 


FIGURE 10.20 Pore effectiveness factor for irreversible first- 
order reaction. 


2n To 


1Z s (Tq, c A o)2jtr 0 L 


-D n 


do 


o o 


rdrd6> (10.89) 


z=o 


In the case of the single irreversible reaction taking place 
isothermal conditions [see (Equations (10.8 1)—( 10.83)]. 




A 2 d£ 


?=o 


(10.90) 


Substitution of the solution in Equation (10.84)into Equation 
(10.90) gives 


„ tanh A 


(10.91) 


which is asymptotic to 1 / A for fast reactions. The asymptotic 
limit and the preceding expression are shown graphically in 
Figure 10.20. 


10.3.2 Effectiveness of Catalyst Particle 

Our interest for the most part is focused on the behavior of a 
catalyst particle. A catalyst particle contains many inter- 
connected pores of various dimensions. A large porosity is 
beneficial from the viewpoint of reaction rate but not from 
the viewpoint of mechanical strength. For a given porosity, 
the reaction rate is always served by increasing the surface 
coverage, except possibly for whole cell catalysts. In these 
cases, the addition of biocatalyst will adversely affect 
the diffusivity and thereby create a competition between 
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FIGURE 10.21 Semi-infinite fiat slab. 


the flat slab geometry illustrated in Figure 10.2 1 can serve as a 
very good approximation by using an appropriate surface-to- 
volume ratio (Aris, 1965). 

The thickness of the slab is very much smaller than the 
remaining dimensions so that we can safely consider only 
gradients in this dimension. The preceding mass balance 
with the surface concentration specified and symmetry at 
the center becomes for an irreversible first-order reaction: 


reaction and diffusion that may lead to an optimal loading 
(Zhao and DeLancey, 2000). 

We suppose that the surface area per unit volume of a 
small volume element contained within the particle reaches 
a constant value during a limiting process as the volume 
element shrinks to zero or to a dimension very much smaller 
than the particle. In fact, we assume the validity of a number 
of limiting processes such as 


OO OO 

/(V, r,L)(3t s (r,L))27trLdrdL = St s p P S g 

o o 



(10.92) 


where /is the fraction of the particle volume V consisting if 
pores with radius between r and r + dr and length between L 
and L + AL, and (R) is the average reaction rate in the included 
pores. Under such conditions we might scale the surface 
reaction to the particle volume as was done for the single 
pore, and write a pseudohomogeneous model for the catalyst 
particle similar to Equation (10.76) for the single pore as 


Q/V • 

— ^ = p P S g $i% (10.93) 


for a unidirectional system. As illustrated in Figure 8.9, cata- 
lyst particles come in a variety of shapes and sizes. Fortunately, 


d 2 c A 

D Ae d „ 2 + p P S g V A k s c A = 0 

(10.94) 

Ca = Cas dt Z = L 

(10.95) 

— D Ae — - = 0 at z = 0 

dz 

(10.96) 


For more complicated kinetic expressions, all of the 
concentrations may be expressed in terms of the concentra- 
tion of a key component (see Section 11.2.1) including 
temperature. The linear kinetic term in Equation (10.94) 
is replaced with a highly nonlinear function of c A . 

In the present case, the solution for the concentration 
profile is 


r __ cosh Af 

A cas cosh A 

where the Thiele parameter is 


(10.97) 


A = U 


ksPpSg 


D 


'Ae 


apparent volume of pellet 
external area of pellet 


reaction rate measure 
diffusion rate measure 


(10.98) 



FIGURE 10.22 Consolidation of geometry effect on effectiveness factor (Rester and Aris, 1969). 
Reprinted with permission of Elsevier. 
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The total reaction rate in the slab in terms of the catalyst 
effectiveness is then 


Total reaction rate = £k s c As p P S g A c (2L) (10.99) 


tanh A 
A 


( 10 . 100 ) 


Therefore, the graph of catalysts effectiveness in Figure 10.20 
also applies to the flat slab shape. In fact, it has been shown 
that there is little difference between many particle geometries 
if the characteristic length is taken as the ratio of the volume to 
the exterior surface (references), for example, R/3 for the 
sphere. See Figure 10.22 for an example. 

Catalyst particles are primarily found in fixed and fluid- 
ized beds where energy and mass transfer from and to the 
particle surface are promoted by a turbulent flow field. Some 
applications are considered in Chapter 12. 


by the flux W^ lds| through the solid-fluid interface, 8A (ads ^, or 
accumulates in the volume element. Conservation of 
mass [Equation (2.1)] in the fluid and adsorbed phases 
requires that 
Fluid phase: 


W As A c =W As A c + d^ Ac ' ) d ? + v^ ads) 8A (ads) + e 8V^ 

Input by flow ''T ^ Output by interfacial V TT^ 

Output by now . n Accumulation 


mass transfer 


Adsorbed phase: 


( 10 . 101 ) 


wi ads) 8A (ads > = ^-p s (l-e)8V 


Input by interfacial 
mass transfer 


Accumulation 


(10.102) 


10.4 TRANSIENT ADSORPTION BY 
POROUS SOLID 

Adsorption of solutes in porous solids (see Chapter 6) has a 
number of transport features that are similar to those in the 
catalytic particles discussed above. However, there are two 
not unrelated differences. Adsorption is a transient process 
with the objective of selectively expanding the condensed 
surface phase. The microscopic mass balance will reflect 
these two features, which are not present in the microscopic 
balance for the catalytic particle [see Equation (10.93)]. 

Consider the microscopic view of a porous adsorbent in 
Figure 10.23. 

It is assumed that only gradients in the s coordinate 
direction are significant. The perpendicular area generated 
by the remaining two coordinates is denoted by A c . A 
differential volume element in this system contains the 
adsorbate (A) fluid, the adsorbate on the adsorbent surface, 
and the adsorbent. The differential volume is divided in 
accordance with the particle porosity (assumed to be 
unaffected by the adsorbed layer). The adsorbate passes 
through the volume element, is taken to the adsorbed layer 


Adding the two mass balances eliminates the interfacial 
mass transfer term: 

d(W As Ac), dw , inifvr . 

0 = ^ ds + — p s (l-e)8y + £8V— (10.103) 

If the interfacial mass transfer process is very fast in 
comparison to the changes in the fluid and solid bulk phase 
concentrations, the two phases may be assumed to in 
equilibrium (see Section 6.5.2). Assuming this to be the 
case, we will approximate the equilibrium relationship with 
Henry’s law: 

w a =K aPa (10.104) 

Assuming that the equilibrium constant is independent 

of concentration, substitution of Equation (10.104) into 
Equation (10.103) gives 

du’A K a d(W As A c ) 8,y 

dt p s ( 1 — e)K a + £ ds 81/ ' 

If the particle is spherical with only radial gradients and an 
effective diffusivity is introduced. 



ds 


FIGURE 10.23 Microscopic unidirectional adsorption in a 
porous solid. 



bs = 

br 

(10.106) 


8F = 4jrr 2 dr 

(10.107) 


w _ n dpA 
or 

(10.108) 

Equation (10.105) becomes 



dw A 

Ate 

d 2 w A | 2 dw A 

(10.109) 

dt 

[£+ p s (l ~ S)K A \ 

dr 2 ' r dr 
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We can gain some insight into the behavior of adsorbers 
by considering a single spherical adsorbent after the con- 
centration of the adsorbate at its surface is suddenly raised. 
The surface concentration will be approximately constant 
thereafter if the capacity of the adsorbent is very much less 
than the availability of adsorbate in the surroundings. 

If the loading is uniform at the instant the surface 
concentration is increased, 

w A (r,0) = w AO (10.110) 


Solution: 

A conservative estimate can be obtained by calculating 
the time required for the adsorbent to uptake the required 
amount of the glucoside with the surface concentration at its 
initial value. The concentration gradient at the exterior 
surface of the particle will be lower in the actual process 
since the bulk phase composition is decreasing while that of 
the particle is increasing. The uptake flux of the glucoside at 
the particle surface is given by 


W’A 



= Wt 


t >- 0 


( 10 . 111 ) 



dJ % i 

or 


1 dw A 

— D A e „ o 

= 2 p K a or 


The solution must be finite at the center of the particle so that 

w A (0, f) < oo (10.112) 

The solution may be obtained (Ruthven, 1984) with the 
separation of variables method: 


(W’ A ) ~ W A 0 
(s) 

VP A - W A0 



4n 2 jT 2 V A t 

D l 


V A = 


D, 


[ e + As ( 1 -s)K a } 
where the average loading is given by 


(10.113) 

(10.114) 


(W ; A> 


2n n Dp/2 


(4/3)jr[D p /2]- 




0 0 0 


2 71 

24 f 

= w A (r,t)rdr 

l J Y) J 
v 0 


(10.115) 

(10.116) 


The time estimate may be obtained from Equation (10.1 13) 
with a value for the left-hand side and a linear form for the 
adsorption equilibrium. 

For the purposes of illustration only, we will use the 
Freundlich isotherm. Equation (6.140), with a = 0.201/g, 
P= 1, and w’max = 0. 1 295 or in summary, K A = 0.0295. 

Fresh adsorbent is added so that h’ Ao = 0 

The concentration at the end of the first stage = 2. 1326 g/1 
for a reduction of 50%. Consequently, the amount of adsorb- 
ent required for a single equilibrium stage is given by 
Equation (6.144): 


265.036 

0025^= 10233 g 


w\ 


= 0.0259(4.2823) = 0.11091 


The average loading is given by the material balance for the 
50% reduction. 


(w’)W a ds = 265.036(0.50)4.2823 


(w) 


265.036(0.50)4.2823 

10233 


= 5.5456 x 10^ 2 


Note that the elapsed time is measured in units of 
D 2 /(n 2 V). This means for example that if the surface 
concentration changed in units of time much larger than 
this value, the particle may be considered to be at equili- 
brium, that is, fully loaded at the surface value. 


The left-hand side of Equation (10.113) is then given by 


w\ 


5.5456 x 10~ 2 
0.11091 


0.50001 


Example 10.4-1: The Recovery of Hexyl Glucoside 

The recovery of hexyl glucoside in the production process 
described in Chapter 2 is accomplished in an adsorption 
process. A two-step batch operation is considered in 
Example 5.1-1. Determine a lower bound on the time 
required in the first stage. Assume that the particles are 
5 mm spheres of activated alumina with 0.56 porosity and a 
tortuosity of 4. 


Diffusivity calculation: A = glucoside, B = hexanol. 

Assuming that the square root of the surface tensions is 
near unity, the Tyne-Callus method in Table 8.5 is calculated 
as follows: 


D° ab = 8.93 x 10~ 8 


T 

y“ /6 V B 


V A s=s 0. 1181/mol = 118cm 3 /mole 
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B 


cc/g = = 57.578 cc/mol 


_ iQ-9.7166+2006/r+0.0159x7'-1.2286xl(r 5 x7' 2 __ 4 3Q85 cP 

n o (57.58) s/3 300 77 , 

D° ar = 8.93 x 10 1— =8.4915 x l(T 7 cm 2 /s 

AB (118) 11/6 4.3085 ' 

D Ae = C -D° ab = °^ 6 8.4915 x 1(T 7 = 1.1888 x l(T 7 cm 2 /s 


Substitution into Equation (10.113) 
1.1888 x 1 (T 7 

° A ~ (^6TTl(r^(P56ja0259 


= 2.0478 x 10“ 


where p s is estimated to be 1 . 8 g/cc from the values for 
activated alumina in Table 6.16. 

The right-hand side of Equation (10.113) is only a 
function of time: 


n= 1 

for t in hours 


4;r 2 (2.0478 x 10~ 7 ) 
025 


3600 n z t 


r n = oo | 

F W=!-Z2 £ — exp(— 0. 1 16425 h 2 ?) 

^ n= 1 ^ 

F{ 0) = 0 
F( oo) = 1.0 


By repetitive calculation: 

F(2.589) = 0.49996. At least 2.5 h are required. 


10.5 DIFFUSION WITH LAMINAR FLOW 

Although the preceding examples did not include forced 
convection in the subsystems that we were concerned with, 
convection was an important feature of the mechanism by 
which the interfacial or boundary conditions were established. 
Forced convection will almost always be the predominant 
mechanism for mass transfer in the direction of the convective 
velocity vector, and in the case of turbulent flow, convection 
can make a significant lateral contribution. In the case of 
laminar flow, there is no lateral contribution and a pure 
diffusion process can be envisioned normal to the velocity 
vector. An example is the wetted wall tower discussed in 
Section 9. 2. 1.5. 

10.5.1 Wetted Wall Tower — Short Contact Time 

The basic construction of a wetted wall tower is illustrated in 
Figure 9.5 and the velocity distribution of a nonvolatile, 


constant density liquid is derived there in a cylindrical 
coordinate system. Here we consider a liquid with these 
characteristics that is contacted with a pure gas, A. The gas 
flows into the wetted wall tower with the liquid and is soluble 
in the liquid. We want to know the rate at which A is taken up 
by the liquid in the tower under two circumstances: first, 
physical absorption, where there is no reaction, and second, 
chemical absorption, where A undergoes a reaction in the 
liquid phase. A comparison of these two cases will demon- 
strate the efficacy of chemical absorption and therefore the 
reason for the widespread use of chemical absorption in 
the chemical industry. 

10.5.1.1 Physical Absorption By assuming that the liq- 
uid is nonvolatile and that the gas feed is pure, the gas 
remains at nearly uniform conditions, and we can focus 
attention on the liquid phase. Refer to Figure 10.24. 

We suppose that the concentration of A in the liquid at the 
inlet is c A /,, which is less than the solubility of the gas in the 
liquid at the prevailing conditions. The gas-liquid interface 
immediately equilibrates with the gas. The interfacial con- 
centration is consequently uniform throughout the tower at 
the solubility, c A , and the concentration distribution in the 
liquid at the entrance undergoes a step change at the inter- 
face from the bulk value to the solubility. 

Suppose we accompany an element of liquid as it travels 
down the column. Species A gradually diffuses into the 
liquid in the radial direction, which is reflected by the 
penetration of the concentration distribution deeper into 
the liquid. If the diffusion rate is slow relative to the velocity 
of the fluid, two simplifications can be made. First, the only 
velocity experienced by the diffusion process is essentially 
the maximum velocity, the fluid velocity at the interface. 
Consequently, the diffusion process is unaware of the wall. 
This is what we mean by short contact times. Second, the 
effects of curvature are negligible. We can make this stipu- 
lation of a short contact time quantitative if we consider 



FIGURE 10.24 Concentration gradients in a wetted wall tower. 
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the unidirectional, unsteady-state, diffusion process that we 
experience as passengers on the fluid element. Since the 
effects of curvature are negligible, we may begin with 
the mass balance in rectangular coordinates in Table 10.1, 
the origin fixed at the fluid surface: 


dPi 

dt 



-< -<< diffusion 


= d„ 


( \ 

d 2 Pi d 2 Pj d 2 Pj 

dx 2 dy 2 dz 2 



(10.117) 


This reduces to 


6>r _ s 2 r 

dx dp 2 


(10.118) 


where 


c A = CAi x = 0 and z — > oo (10.124) 

Ca = CAb x — > oo and z = 0 (10.125) 


This formulation would not apply to the case where diffusion 
as well as convection takes place in the z direction. 

These equations may be solved with the Boltzmann 
substitution, which combines the variables as follows: 


>1 = 


x 

y/4D Am z/ 

^max 


(10.126) 


The solution may be shown to be 

Ca — Cai 2 f’ 1 j.2 . . 

— — = — e _l d§ = erf(»j) (10.127) 

CAb C Ai V 1C JO 

The local molar flux of A from the gas to the liquid can be 
evaluated with this result: 


Ca x t 

~ i 7 o ■ c „2 777 
CAi o 8 /D Am 


(10.119) 


Recall that the film thickness is denoted by S. Temporal 
changes in this system are most significant when measured 
in increments of the time constant S 2 /D Am . By short contact 
times we then mean that 


., dc A 

N A i ~ —LJ Am — 

OX 


— D A m(CAi ^Ab) 


x=0| 


l e -^' 

y/jt dx 


x=0 

(10.128) 


N Ai = 


DAm ^rr 


TtZ 


( Cai c A b ) — k C A{cAi c A b ) (10.129) 


T o2 

<— (10.120) 

^max CJ Am 

where L is the height of the liquid film. This result may be 
rearranged to give 


^ « 0020153ATpf Nsc (10.121) 

The Froude number is based on the maximum velocity. 

We may solve the diffusion problem in the time domain 
but to be consistent with the steady-state thread that we are 
following, let us switch back to the fixed coordinates and 
reapply the general form: 




~B max 


d 2 Pj d 2 Pj d 2 Pj 
dx 2 dy 2 dz 2 



=o 


( 10 . 122 ) 


or in molar units 


A mass transfer coefficient, k cA , based on the overall 
concentration driving force has been defined. In terms of the 
dimensionless Sherwood number (or the Nusselt number for 
mass transfer), the definition amounts to 


Nsh 


kc a? 
DAm 


I’llKLX - 

k) Am 1C 


(10.130) 


Referring to Section 9. 2. 1.5, the Sherwood number can also 
be expressed in terms of the average velocity: 


N Sh 


[0.691 + 0.0576e + 0(e 2 ) 



(10.131) 


The first term agrees with form presented by Cussler 
(1984). Recall that the film thickness is sR and that this 
result holds for values of the Reynolds number up to 
approximately 250. If ripples are present, that mass trans- 
fer coefficient can be increased by 50% (Geankopolis, 
2003). 

Let us now repeat the analysis but include a chemical 
reaction and compare the resulting mass transfer coefficient 
with the one above for the unreactive case. 


dc A d z c A 

cy Cs Am cy 0 

az ox 1 


(10.123) 


10.5.1.2 Chemical Absorption Before we do the analy- 
sis, let us consider what to expect. Our interest is primarily 
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FIGURE 10.25 Effect of the reaction on concentration gradients. 


in the interfacial mass transfer rate, which is proportional 
to 


Oca 

dx 


x=0 


as discussed above for the case of physical absorption. To be 
fair in making a comparison, we will fix the same boundary 
conditions in each case, that is, those stated for the unreactive 
case in the preceding section. We will consider a single 
chemical reaction whereby A disappears at rates we can control 
catalytically with no appreciable effect on the flow field. The 
concentration field must be increasingly diminished as we 
increase the rate of consumption of A. Refer to Figure 10.25. 

The beneficial effect of the reaction on the interfacial 
mass transfer rate is apparent from the increasing slope. 

Consider now a second-order reaction of A with a com- 
ponent B present in excess so that the reaction rate depends 
only on the concentration of A: 


lZ Av = —k r c^Cg = -kc A = -k x c A (10.132) 


An example is the absorption of chlorine (A) in water (B) 
(Brian et al., 1962). 

Adding the reaction rate to the equations describing the 
unreactive case gives 

dc A _ r, d2c A , 

Unax a — k) Anl ~ k\C A (10.133) 

oz ox L 

c A = c A i a = 0 and z — > oo (10.134) 

c A = c A h x —r oc and z = 0 (10.135) 

The solution for a zero bulk phase composition (Danckwerts, 
1970) is 



FIGURE 10.26 Mass transfer enhancement due to first-order 
kinetics. 


where 


t = — (10.137) 

bn ax 

The corresponding interfacial mass transfer rate is 

\J%k\t_ 
(10.138) 

Note that only the diffusion component of the flux is used. 
A convective term would be present, for example, if there 
were a substantial volume change accompanying the absorp- 
tion. Ammonia absorption is a case in point. 

Division of this result by the rate of absorption for the 
unreactive case gives 


dc A 

N Ai = - D Am 

ox 


= c A b \Jk\D, 


Am 


x=0 


er: 


fy/kTt 


£ r = \Jnk\t 


ri\fk\t 


e klt 

\Jnk\t_ 


(10.139) 


£ r is the enhancement factor or the correction to the mass 
transfer coefficient for physical absorption required to 
account for the reaction. Refer to Figure 10.26 and note 
that the asymptotic limit is \Znk\t. 

Many reactive systems have been investigated. The 
results can be used to adjust the values of mass transfer 
coefficients that are measured under nonreactive conditions 
when the penetration theory of interfacial mass transfer is 
applicable. 


— = 1 e-VV'^erfc 
CAi 2 

+ ie x ^ l/z>A "'erfc 


A ' - \fk\t 
x 


2\J 0 Am t 


+ \fk\t 


(10.136) 


10.5.2 Laminar Flow in a Tube with Catalytic Walls 

In Section 10.3, we saw that the effectiveness of a catalytic 
surface could be quite small under circumstances where the 
reactants are supplied by a diffusional process. We now want 
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to learn on quantitative grounds the effect of a convective 
supply of reactants, while at the same time extending our 
experience with the microscopic mass balance. 

The effectiveness of the catalytic surface can be consid- 
erably increased in general for single reactions by providing 
a convective supply mechanism for the reactants and 
removal for the products. A straight round tube with a 
coated surface provides this mechanism as an open conduit 
for convective flow under an imposed pressure gradient. 
Laminar flow of a Newtonian fluid at constant density and 
isothermal conditions was discussed in the previous chapter. 
These conditions can be applied here and include gas phase 
systems if the pressure drop is not large and the surface-to- 
volume ratio is sufficiently high to remove the thermal 
energy released by the reaction. The heat removal rate is 
proportional to the lateral area of the tube, while thermal 
energy is produced at a rate per unit volume. The surface-to- 
volume ratio for the tube of diameter D is AID. This is a very 
attractive feature of small-scale systems. 

If the effect of composition on the viscosity is also 
neglected, the momentum and mass balances are uncoupled 
and convective velocity profile can therefore be obtained 
separately. We will use the results from Chapter 8 for flow in 
tubes. 


the tube. The reaction appears only in the boundary condi- 
tion (M5 in Table 8.12): 


Ja S r 


—M a DaVc a ■ B r 


—M a D a 


dc A 

dr 


= M A ksC A 


= P A M A 1Z S atr = ?'o (10.143) 


Note that the mass average velocity normal to the wall must 
be zero since the tube wall is closed and mass is preserved in 
chemical reactions. Therefore, the diffusional flow to the wall 
must be equal to the reaction rate for each species. 

The radial derivative of the concentration vanishes at 
the center of the tube because of symmetry (or to keep the 
differential equation within bounds): 


Oca 

dr 


= 0 


at r= r 0 ,\/z 


(10.144) 


Because of the axial derivative, a boundary condition on 
the z-axis is needed. Here we will specify a concentration 
distribution in the radial direction that satisfies the radial 
boundary conditions and has the value c A 0 specified at the 
center. Using the first three terms of a powers series gives, 


Ct 0,0) = c AQ 



k s 

2ZVq + kjl 


(10.145) 


Vz = V n 


1 



(10.140) 


There are no angular upsets and diffusion in the convec- 
tive (r) direction can be neglected, except possibly near the 
tube wall. However, because of the large radial gradients at 
the wall, diffusion in the radial direction is expected to be the 
major mechanism there. 

The mass balance for this model is then obtained from the 
cylindrical component of Table 10.1. 


dpt 


=0(s.s.) 



=/w 

see Chapter 8 


= D„ 


1 d_ 
r dr 


V 



1 d 1 Pi 

d_d9^ 

=0 symmetry 


d 1 Pi 

s dz^ 

•Cconvection / 



= 0: suface 
reaction 


(10.141) 


or 


' frV 

dc A ,, 

d dc A 1 dc A 

Vo) _ 

~dF = DA 

dr dr r dr 


(10.142) 


Note that there is no reaction represented in the mass 
balance, which applies to the homogeneous fluid phase in 


A summary of the model in dimensionless form is given by 


(1-f 2 ) 


dr 

dr] 


'Ail 1 d^ dT 
A c | dr] di] 


ar 

di 



i= i, V17 


dr 

di 


= 0, 


£=o ,Vt? 


r(i,o) = 1 - 



(10.146) 

(10.147) 

(10.148) 

(10.149) 


The dimensionless radial and axial coordinates as well as 
the dimensionless concentration, £ = r/ro, r] = z/L. and 
T = c A /c A 0 , respectively, all lie between 0 and 1. Recall 
that the radius and length of the tube are 0 and L , respec- 
tively. The A] are dimensionless groups defined in Table 10.6 
with the indicated interpretations. 

Mathematica was used to solve the dimensionless equa- 
tions and to calculate the effectiveness factor defined by 


E = 


1 


k % c A0 2jir 0 L, 


k s c A (ro, x)2nro dx 


= J r(l, r])dr] 

0 
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TABLE 10.6 Dimensionless Groups for Laminar Flow Reactor 


Dimensionless Group 

Interpretative Form 

Interpretation 

^ 1 

II 

< 


Tube length in radius units 

ro 



. 7'OVmax 

F O^max ^AO^max 

Axial convection relative to radial diffusion flux 

Da 

D a (D A /r 0 )(cAo - 0) 


A r =i./A. 

L 1 k s _ / k s CAo2rcr 0 L 

Reaction rate relative to axial diffusion rate 

V D A r 0 

V D A r 0 y ( D a /L)(c ao - 0)nrl 



In A r 



FIGURE 10.27 Effect of convective velocity on the enhancement factor. 


The values of the effectiveness factor calculated with con- 
vection are compared below to those values obtained above 
for the closed pore in Figure 10.27. The results were 
obtained with Mathematica. 

The values with convection are higher or, more precisely, 
increasing the velocity will increase the catalyst effective- 
ness, except possibly for some very fast reactions. 

PROBLEMS 

10.1. A vapor recovery system is shown in Figure 10.28 
for the treatment of off gases generated from the storage, 
handling, and distribution of benzene. 

Three separation units are used to recover the benzene 
from the benzene-air stream, which arrives at the input to 
the compressor. Benzene is absorbed in the tray tower using 
benzene from the tank storage as the solvent. The air is not 
absorbed and goes overhead with a benzene mole fraction of 
0.1316. The final separation is accomplished in two steps. 

First, the benzene mole fraction is reduced to 0.0055 in a 
membrane unit. Air does not penetrate the membrane, which 
is composed of a material similar to the FAU-type zeolite 
membranes (Jeong et al., 2003). The pressure on the per- 
meate side is maintained at 0.01 atm by a vacuum pump, 


which also provides the means for periodically regenerating 
the saturated fixed-bed adsorber. The permeance of benzene 
in the membrane is 9.5 x 10 _8 mol/(m 2 sPa). 

The two-bed adsorption unit is used to reduce the 
benzene concentration to 0.1% of the feed value. The 
adsorbents activated carbon of the type designated by 
M3 (Carrot et al., 2000) with a particle diameter of 
0.50 cm. The equilibrium data in the dilute gas phase region 
is given by 

^(mol/m 3 ) = 18, 708c(mol/m 3 ) 

a. Determine the area of the membrane. 

b. Assuming a reasonable packing density and an L/D 
ratio of 5, determine the size of a cylindrical unit 
that could house the membrane. 

c. Assuming that the adsorption operation involves 
only two regions in the bed (one fully saturated and 
the other fresh adsorbent), determine the bed volume 
required for a saturation time of 0.5 h. Compute 
the diameter and length for an L/D of 6 and use 
the calculated diameter for the following calculations. 

d. Determine the breakthrough time for the calculated 
length. 
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150 m 3 /h air stream at 2 



FIGURE 10.28 Problem 10.1. 


e. Provide the breakthrough curve. 

f. Provide the gas phase concentration in the bed at 
breakthrough. 

10.2. Suppose that the single (elementary) reversible reaction, 
A = B, can take place on a particular macroporous support 
with a forward rate constant per unit mass equal to k if on the 
microporous support and A' at -on the macroporous support. The 
two support powders are to be pressed into pellets in pro- 
portions to maximize the reaction rate. 

a. If the supports have the same shape, show that the 
apparent pellet density is given by 

= Pi(l ~Ss) 

P "i + Pp(Pi/Pa)( 1 -«i) 

where p, £, and co are mass concentration, porosity, 
and mass concentration, respectively, p refers to the 
pellet; and i and a refer to the microporous and 
macroporous powders; and s refers to the interpar- 
ticle spaces in the pellet. 

b. If the effective diffusivity of A in the pellet is the 
average of the diffusivities in the three pellet regimes 
weighted by the respective void fractions, show that 


Dap — 


Ji(l - £ s ) 


+ Pp (Pi/Pa) (1 -®i) 
Pi ( 1 — £s)(l ~COi) 


D 


'Ai 


+ 


^i + PpOi/PaX 1 ~0>i) 


“I - ^s^As 


c. Using the pore diffusion model in Section 10.2.1.1 
for the interparticle spaces with an average pore 
radius of 


r s = 


2v £ s 
a 1 — £ s 


where v and a are the apparent volume and external 
surface of the support particles, the parallel pore 
model can be used to give 


Dap 

Da\ 


= a(o>i)(l 


£ s ) 


0(e.) 


a(co ;) 


/S(£s) 


DaB^ s T" {Daz/DaC) (Pi/Pa) ( ^ £s) 2 

Dai £s T* (Pi/Pa)(l £ s) 

Pi(l -£ s )(l -Wj) 
c «i + ( D A b/DAK )( 1 — ®i) 


Dak = K a 


2v 

a 


Knudsen diffusivity 


d. Set up and solve the diffusion-reaction problem in 
a flat slab and from this result determine an optimal 
value for the microporous mass faction assuming 
that 


Da& 

Da\ 


>- 1 


and 


p * k * S a ^ i 
p d k d S d 
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ENERGY TRANSFER UNDER NONTURBULENT 
CONDITIONS 


The exchange of energy as heat between a hot and a cold 
body occurs throughout many chemical processes. Review 
the acrylic acid process in Figure 1.1 for instances of heat 
exchange. The reasons for this are many but a number of the 
common ones are summarized below: 

• The temperature level is an agent by which an opera- 
tion is executed, for example, flash vaporiza- 
tion/distillation. thermal diffusion, freeze drying, and 
melting. 

• Material limitations for process vessels or process 
materials, for example, sintering of catalyst and cost. 

• Effect on rates and equilibrium, for example, equip- 
ment size. 

• Effect on relative rates, for example, yield and selec- 
tivity considerations. 

• Production of work, for example, production of elec- 
tricity and air conditioning. 

The intentional transfer of thermal energy to a process 
mixture almost invariably takes place through solid walls or 
heat transfer surfaces (refer to Figure 14.1). The mixing of 
process and heat transfer fluids is generally undesirable. 
There are exceptions. Steam, for example, can be injected 
directly into the bottom of a tower for distillation of an 
aqueous mixture where water is the heavy component. A 
rapid change in temperature can be achieved by the direct 
contact of a cold with a hot fluid, a process known a 


quenching. Refer to tower T-301 in the acrylic acid process. 
Examples such as these aside, the exchange of thermal 
energy to or from process equipment takes place through 
solid walls (see Section 11.1). 

Transfer of thermal energy in the process fluid takes place 
primarily by turbulent mechanisms, but possibly beginning 
with generation and conduction through a porous solid such 
as a catalyst or adsorption particle. A nonisothermal porous 
catalyst is considered in Section 11.2. 

Analogous to mass transfer, conduction normal to a 
laminar flow field discussed in terms of the wetted wall 
tower is presented in Section 11.3. The similarity of the 
microscopic mass and energy balances make it possible to 
draw analogies between the two processes. However, it must 
be remembered that the two processes take place in very 
different time scales. Referring to Table 8.15, the time 
constant for diffusion is orders of magnitude higher for 
liquids and solids than the time constant for conduction. 
Temperature gradients, therefore, disappear much faster 
than concentration gradients. The situation is reversed 
when comparing the two time constants for gases. 

The chapter closes with an example of a moving bound- 
ary application of a conduction-controlled process. 

Only unidirectional systems in rectangular and cylindri- 
cal coordinates are included. The simplified energy balance 
is given in Table 11.1. The corresponding momentum and 
mass balance equations under similar limitations may be 
found in Tables 9.1 and 10.1, respectively. 
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TABLE 11.1 Steady-State Energy Balance 

Unidirectional velocity v = v z 8 z 
Newtonian fluid with constant density and thermal conductivity 
Rectangular and cylindrical systems: 

E/j/ • ~0v = v z 8 z . Fi = g . r : Vv = 0 


See Table 9.1 for momentum balance 
Rectangular system 


dT , 

pcpv z = k 


dz 

Cylindrical system 


d 2 T g T g 2 T \ 
dx 2 dy 2 dz 2 ) 


-£(- A 


pcpv. 


dT 

dz 


= k\ 


l d f dT' 


r dr V dr 


1 dPT d 2 T' 




9 2 dz 2 


■E("A H v)^ 


11.1 CONDUCTION IN SOLIDS-COMPOSITE 
WALLS 

Convection is not present in solid phases. Energy is trans- 
ferred by conduction only. An important application of 
conduction through solids is the calculation of heat losses 
from insulated equipment, such as a process furnace. Con- 
sidering the equipment and insulation, there are at least two 
layers through which the energy is conducted. A multilayer 
rectangular configuration is illustrated in Figure 11.1. 

We assume that there are no sources or sinks of thermal 
energy other than what is needed to maintain the tempera- 
tures at either end of the narrow dimension (illustrated in 
Figure 1 1 . 1 ) of the composite wall. Furthermore, we assume 
that the dimensions in all directions appear infinite in 
comparison to the narrow directions. We are left with 
conduction in only one dimension (say, z) to consider. 
The microscopic energy balance can then be simplified as 
follows in each layer: 


dT 



= X 


velocity=0 


d 2 T dT 

dx 2 + dy 2 

\ ' — 

\ =0 negligible gradients 


Therefore, 


d 2 T 

dz 2 

/ 


+ Yx-AH Rj )n jv 

j 


=0 no reactions 


(ii.D 


d 2 T 


dT 


X —r - = 0 or — = constant or q = another constant 

or" dz 

( 11 . 2 ) 


where 1 refers to the material of the layer. Remember, 
because of the continuity requirements imposed during 
the derivation of the transport equations, we cannot include 
a phase boundary in the domain of the differential equation. 

Since the energy flux must be continuous across each 
interface, the energy flux is constant throughout all of the 
layers (see boundary condition E3 in Table 8.12). In addi- 
tion, since there is thermal equilibrium at each interface, the 
temperature profile is continuous as indicated in Figure 11.1. 
We are not concerned at this juncture with the source of the 
energy flux at the surface of the first layer nor are we 
concerned with how this energy is removed from the Mh 
phase. These mechanisms are presumed to establish the two 
surface temperatures Tq and T N . We wish to calculate the 
heat flux through the composite given the value of these two 
temperatures and the dimensions of the layers. Considering 
an arbitrary layer. 


d 2 T (') 


o 

II 

<N 

N 

co 

(11.3) 

(Lj) = Tt 

(11.4) 

T®(Li-i) = T ,_i 

(11.5) 



Increasing distance 


FIGURE 11.1 Heat conduction through a composite wall. 
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The solution is 


/j\ Ti — 7’,_ | | — l ,Lj | 

7 (,) = ^ ^ z + ' . at z G (Li_ u L t ) 


U - Lt _ 


Li - L, 


and q = 


Lj l ■: 1 


-(2Vi - r,) 


( 11 . 6 ) 

(11.7) 


The intermediate temperatures may be eliminated by adding 
the individual temperature drops. 


Nl t t N l 

X>V 1 = X>‘-i T *) 

i=l Ai i= 1 

( 11 . 8 ) 

F? 

1 

II 

7 

t-J - 

1 ^ 

4 

(11.9) 

q=U(To — T N ) where 

( 11 . 10 ) 

1 Ni j j 

i L* ~ L i - 1 

( 11 . 11 ) 


The thickness of the rth layer is (L— L ; _,). Whereas /.,■ 
(L i —L i _ l ) is a conductivity, the inverse may be thought of 
as a resistance. The overall resistance is the sum of these 
individual resistances and defines an overall heat transfer 
coefficient or conductivity. Note the close analogy of this 
interpretation with that given for the overall mass transfer 
coefficient in Equations (10.51) and (10.52). 

Note that a resistance may be neglected in the overall sum 
if the thermal conductivity is much larger than in the other 
layers. In this event, the temperature gradient in that layer 
may be neglected and the energy transfer takes place as if the 
layer were not present. By the same token, a layer may have 
a very small thermal conductivity that would require a 
large temperature difference to support the heat flux. In the 
extreme case, this layer may be the only important resistance 
and the others may be neglected. An example of this situation 
is a single layer or multiple layers of insulation covering a thin 
metal wall. 

Example 11.1-1: Insulated Firebox for Steam Reforming 


Promoted 
iron catalyst 

CH 4 +H 2 O = CO+3H 2 \ 
C0+H 2 0 = C0 2 +H 2 \ 


Combustion of 
natural gas 



□ Refractory brick 
Jk = 3.16 W/(m K) 

□ Insulating brick 
Ac = 2.00 W/(m K) 

□ Steel 

Ac m = 104 W/(m K) 

^9160 W 


900 °C 



FIGURE 11.2 Firebox wall in steam reforming of methane. 


The outside surface of the metal wall is set at 30 °C 
primarily for safety reasons. A consideration of the environ- 
mental conditions leads, with this surface temperature, to an 
estimate of the energy flux from the outside surface, q (value 
given in Figure 11.2). Suppose that through the processes of 
radiation and convection, the inside wall of the furnace 
reaches a temperature 900 °C. What must be the thicknesses 
of the refractory brick and the insulating brick if the 
thickness of the metal wall is 0.00953 m? 

Solution: 

The problem as stated is underspecified since equating 
the fluxes gives three equations but four unknowns 

C T u T 2 ,d r ,di ): 

Ay. (900 — Tf) ki{T\ — T 2 ) k m (T 2 - 30) /M1 ^ 
q 1 j j f 1 1 . 1/) 

Ct r Cl j tiff! 

where d r and d f are defined in Figure 11.2. The insulating 
brick has a maximum operating temperature so that it is 
convenient to consider 7) as the independent variable. 

The total dimension of the insulation applied to the metal 
is given by 


Synthesis gas, a mixture of CO and H 2 , is the starting 
material that begins the route to many petrochemical prod- 
ucts. Synthesis gas can be derived from the steam reforming 
of CH 4 , which can be carried out over a promoted iron 
catalyst in tubes arranged in a fire box with provisions for the 
heat of reaction to be provided by the direct combustion of 
methane. The components of the firebox are illustrated in 
Figure 11.2. 


d r -|- di 


kfr kj 

. q . 


Ti +— 900- 

q 



(11.13) 


The coefficient of T\ is clearly negative so that the total 
dimension of the insulation is a minimum if 77 is set at its 
maximum of 600. Taking this as a basis, the insulation 
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dimensions are 


(900- 600) = 0. 10349 m 

(11.14) 

d r + di = 0 . 22116 m 

(11.15) 

di = 0. 12427 m 

(11.16) 


with T 2 given by 

T 2 = 30 + q^ = 30.8 o C (11.17) 


transfer process is limited to the void space, since the 
diffusivity in solids is orders of magnitude less than diffu- 
sivities in liquids and gases (see Chapter 8). In all three 
cases, matter in the form of molecules for the most part must 
move through a material medium. Thermal energy on the 
other hand is transferred through solids by the movement of 
free electrons and vibrational waves through the lattice 
structure, a much faster process than the diffusion of matter. 
Consequently, both the fluid in the pores and the material in 
the solid matrix will contribute the average thermal conduc- 
tivity of the medium. An approximate effective thermal 
conductivity of the medium is given by Smith (1981): 


The overall resistance is given by the sum of the three 
individual resistances: 


~^eff — 7 so |j (i 



1— £ 


( 11 . 22 ) 



0.09462 0.03275 0.06178 0.00009163 

100% 34.6% 65.3% 0.1% 


Note that the metal wall offers no significant resistance and 
could have been ignored in the calculations. 

If the layers in Figure 11.1 are cylindrical, which would 
be the case for an insulated pipe, for example, the thickness 
could be represented by the difference between the radial 
dimensions of each layer. 

d n — v n r n _ i (11.19) 

where r 0 is the beginning of the first layer and the dimension 
of the cylindrical core of the multilayer arrangement. Con- 
duction through the layers is then governed by the equation 
for cylindrical coordinates in Table 10.1 and the same 
boundary conditions. The reader may show that in this case 

Q= U 0 (T 0 - T N )(2nr 0 L) (11.20) 



With an estimate of the value of the effective thermal 
conductivity of the porous medium, we can calculate the 
maximum possible temperature rise due to a single reaction 
and with this value make a decision concerning the need to 
incorporate nonisothermal effects in our analysis. 


11.2.1 Temperature Rise due to Single 
Chemical Reaction 

The effective thermal conductivity can be used in a pseu- 
dohomogeneous model of the porous catalyst in the same 
manner that the effective diffusivity was used in Section 10.3 
for the isothermal model of diffusion in the particle. We 
will use the semi-infinite slab model that was shown in 
Figure 10.21, but the results can be used for any shape. The 
thermal energy balance for a rectangular system is taken 
from Table 11.1 


dT 

PCpVz lh ~ Xeff 


t d 2 T dT d 2 7^ 
dx 2 dy 2 dz 2 


= o 

only gradients 
. in z direction 


E(-A H *j)Kp 

j 

single reaction 

(11.23) 


Note that the area increases with the radius so that energy 
conservation requires the product of the energy flux and the 
radius, or the rate of energy flow, to be constant through the 
layers. 

11.2 THERMAL EFFECTS IN POROUS 
CATALYSTS 


or 

d 2 T 

X e^2+ (-A H R )p p S g 3i s = 0 (1 1.24) 

Similar considerations with the microscopic mass balance in 
Table 10.1 gives [refer to Equation (10.78) for the same 
result for a single pore] 


Diffusion in porous solids, and specifically, porous catalysts, 
is discussed in Chapter 10. The point is made that the mass 


Di 


d 2 Cj 
dz 2 


diP p SgOt s 0 


(11.25) 
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The boundary conditions associated with Equations (1 1.24) concentrations and temperature to the concentration of 
and (11.25) are the key reactant from Equations (11.30) and (11.31): 


T = T S z = L 

(11.26) 

II 

II 

(11.27) 

? = ? = 0 * = 0 

dz dz 

(11.28) 

The reaction term is present in each microscopic balance so 
that the temperature and all of the concentrations may be 
related to the concentration of a single key reactant (A): 

X e d 2 T D Ae d 2 <A 

(A H r ) dz 2 “ (~& A ) dr 2 “ Pp 8 s 

(11.29) 

r r D Ae (—AH R ) 

T ~ T -= m-m ta '- a) 

(11.30) 

. D Ae $i 

C ‘- Cls + D ie (-V A ) {CAs Ca) 

(11.31) 


Sl s {c A ) = 0. c A = c Ae (11.32) 

The maximum temperature rise in the porous catalyst can 
then be stated in more accurate terms as 

(AT) max D A e ( AH r )c As c a v c Ae ^ D A e ( AH r )c As 

T s X e (-& A )T S [ c As \ X e (-& A )T S 

(11.33) 

See Table 11.2 for some typical values of the maximum 
temperature rise. 

The values of the maximum temperature rise in the table 
are relatively small in most cases but may be large enough in 
others to be considered in kinetic studies and design 
calculations. 

When thermal effects are important, the catalyst effec- 
tiveness may be calculated as if there were a single reactant 
under isothermal conditions with the consolidated rate 
expression: TZ* (ca). An example follows in the next section. 


The effective thermal conductivity and diffusivity as well as 
the enthalpy change for the reaction have been assumed 
constant. 

The maximum temperature in the catalyst is therefore 
related to the minimum value of the key reactant concentra- 
tion. For irreversible reactions, the key reactant can be 
completely reacted thereby providing a minimum concen- 
tration of zero. It is possible that the reaction reaches 
equilibrium in advance of the depletion of the key reactant. 
To include this possibility, the reaction rate expression 

K s (ci,c 2 ,...c n ,T,P) 

may be used to determine the limiting value of the concen- 
tration of A after substituting the relationship of the 


11.2.2 Effectiveness Factor for Single Irreversible 
Reaction with Heat Effect 

The catalyst effectiveness factor was discussed in Sec- 
tion 10.3.2 as the reaction rate in a catalyst pellet relative to 
the rate that would persist if the surface conditions existed 
throughout the pellet. The concentration of the key reactant 
decreases with distance into the pellet, which has a dele- 
terious effect on the reaction rate and therefore on the 
catalyst effectiveness factor as discussed in Chapter 10. 
The effect of temperature in the case of endothermic 
reactions is to reinforce this behavior. For exothermic 
reactions, on the other hand, the temperature is higher 
inside than on the exterior surface. Under conditions where 
this effect on the rate exceeds the concentration effect, the 


TABLE 11.2 Values of Maximum Relative Temperature Rise in Pellet 

(A?Q max _ D Ae {-AH R )c As 

Reaction Ts X e (—& A )T S 


Synthesis of higher alcohols from CO and H 2 0.00085 

Oxidation of CH 3 OH to CH 2 0 0.0109 

Synthesis of vinyl chloride from acetylene and HC1 0.25 

Hydrogenation of ethylene 0.066 

Oxidation of H 2 0.10 

Oxidation of ethylene to ethylene oxide 0.13 

Dissociation of N 2 0 0.64 

Hydrogenation of benzene 0.12 

Oxidation of S0 2 0.012 


Source: Adapted from Froment and Bischoff (1979). 
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catalyst effectiveness factor will increase. Example calcu- 


lations follow below. 

Equations (11.30) and (11.31) show that the temperature 

^ + A V0 
df 2 

0 

II 

£ 

1 

(11.39) 

as well as all concentrations in the pellet may be expressed in 



terms of the concentration of a single key reactant (A). The 
concentration and temperature distributions can then be 

r A = i 

1 = 0 

(11.40) 

obtained from the mass balance of the key reactant, again 
using the semi-infinite slab model shown in Figure 10.21. 

^ = 0 

£= i 

(11.41) 

Equation (11.25) becomes 

<1? 


Ate 


d 2 c a 
dr 2 


+ &APpSg9t s ( c A) — 0 


(11.34) 


The dimensionless concentration and the Thiele parameter 
are defined in Equations (10.97) and (20.98). The effective- 
ness factor, is given by 


where 


St s (c A ) = k 0 e ’ M-** 


E/R 


c A 


(11.35) 


for a single irreversible reaction with Arrhenius kinetics. 
The exponential factor in the reaction rate is often approxi- 
mated under the supposition that the value of 

T - T s 
T s 

is small. In this case, 


& -E/RT = & -(E/(RT s (l+(T-T s /(T s ))))) _ e -(E/RT s )(l-((T-T s )/T s )) 

= & -(e/rt s ) s e((t-t,)Irt]) = e -(£/Rr s ) e 5(i-(c A / Cxs )) i.36) 

where 


ED Ae {-kH R )c As 

k e (-P A )RT 2 s 


> 0 Exothermic 
= 0 Isothermal (11.37) 
< 0 Endothermic 


The reaction rate expression in Equation (11.35) becomes 
with this approximation 


J_dT^ 

A 2 f=0 


£{s-,a) 


(11.42) 


The solution must be obtained numerically and is shown in 
Figure 11.3. 

As noted above, the effectiveness factor is considerably 
greater than one in some regions, since the internal temper- 
ature is greater than the surface temperature for exothermic 
reactions. Also, the possibility of multiple steady states is 
evident from the inset. The curve for 8 = 9.8 contains a 
region of values for the Thiele parameter where there are 
three possibilities for the effectiveness. The question of 
stability always accompanies the multiplicity of available 
steady states. In the present case, two of the three states are 
stable, as indicated in the inset. This behavior is similar to 
what is observed for the CSTR in Section 6.6. 1 .2. In fact, the 
catalyst pellet is the distributed version in the CSTR. The 
conditions required for multiple steady states in the catalytic 
pellet are unlikely to be encountered in practice (Froment 
and Bischoff, 1979). 

Each of the curves is seen to approach a linear asymptote 
at high reaction rates. The asymptotes may be found by 
noting that at high values of the Thiele parameter, the 
boundary at the center may be replaced with 


Ot s (c A ) = A:(A)e 5(1 -(W^)) CA (11.38) 


dr 

— = 0 r A = 0 asf->oo (11.43) 


Finally, it is convenient to transfer the origin to the 
surface since at high reaction rates relative to the diffusion 
rate, the reaction is completed in a narrow region near the 
exterior surface and the behavior for all shapes is that of a 
semi-infinite medium. The translation is affected with 


Setting 


P = 


dT A dp 
d? ^ P dV A ~ 



(11.44) 


With these alterations, the dimensionless form of Equations 
11.35 and 11.36 become 


Equation (11.29) may be integrated as 




0 

[e«'- | 'ur Ad r A 


(11.45) 


1 
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A 


FIGURE 11.3 Effectiveness factor for nonisothermal irreversible reaction in a flat slab (adapted from 
Petersen, 1965). Inset (adapted from Drott and Aris,1969). Reprinted with permission of Elsevier. 


where 


£ = 


m 

A 2 


v^el 

1*1 


Vl-e- 4 (l+5) 


A 


<5/0 (11.46) 


1 1.3 HEAT TRANSFER TO FALLING 
FILM— SHORT CONTACT TIMES 


process in Chapter 10, we can consider the thin region at the, 
Drott and Aris, 1969 wall for this heat transfer process. 

The velocity field in this region may be approximated by 
a Taylor series expansion from the value at the wall. If we 
therefore say that the velocity in the z direction is a function 
of the distance y from the wall, the functional dependence on 
y may be determined as follows. 

The velocity distribution determined earlier in Equation 
(9.64) is given by 


The wetted wall tower was introduced in Chapter 10 as a 
mass transfer device. As is mentioned there, the mass 
transfer process may be nonisothermal. The heat effect 
may take place to the extent that the solubility of the solute 
is seriously compromised and/or significant evaporation of 
the solvent results. Both conditions erode the efficiency of 
the mass transfer operation. In these cases, such as in the 
HCl-water system, the liquid film is cooled by heat 
exchange through the wall with a heat exchange fluid. 
The heat transfer process is considered in this section. 

We will ignore the interfacial mass transfer processes 
that would inevitably be taking place and assume that a 
nonvolatile liquid enters the top of the tower at temperature 
T 0 and encounters a wall at a higher temperature T s . With 
these stipulations attention is focused on the heat transfer 
process, which is illustrated in Figure 11.4. 

The illustration is for short contact times where only 
the thin layer of fluid next to the wall undergoes a significant 
change in temperature. In just the same way that we con- 
sidered only the region at the interface for the mass transfer 


u-C y) = 


pgR 2 

4 >] 


1 - 


( R - y) 2 

R 2 


W R ~ y) 


R 


(11.47) 


Heat exchange T. 
fluid at T s 

Liquid 
temperature at' 
inlet To 


Liquid 

temperature 
approaching outlet 




Pure gas at uniform 
pressure and 
temperature 


FIGURE 11.4 Heat transfer to a falling film. 
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in terms of the distance from the wall, y = R — r. This 
assumes that the density and viscosity are not significantly 
affected by the increase in temperature and therefore that 
the momentum transfer process may be considered 
separately. 

A Taylor series approximation for the velocity, 

V z (y) « v z (0) + V z (0)'(y - 0) (11.48) 


This problem may be expressed in terms of a single 
variable: 




( 3 /fc ) : 1/3 


(11.57) 


The differential equation and boundary conditions are given 
in terms of the combined variable as 


can be used for distances not too far from the wall. The result 
is 


Vz{y) 


PgR 2 
4)7 


■(1 -f? 

_ PgR 2 

[2(1 -f)R] 

R 

4); 

R 2 


Pg& 

y = — y 
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(11.49) 


Substitution of Equation (9.72) for the film thickness, ( 1 —j) 
R gives: 


d 2 T , dT 

W + l; d§ 


= 0 


T = T S f = 0 


T = T 0 £ -> oo 


The solution is given by 


My) 


3p g Q 


,1 1/3 


nr] 2 D 


(11.50) 


T - T 0 _ e * 3/3 dx 
7’v - 7’o ' J 0 °° e-" 3 /3 dx 


(11.58) 

(11.59) 

(11.60) 


(11.61) 


We will use this result for the velocity field near the tube 
wall. 

We have a two-dimensional process for energy transfer: 
conduction in the y direction and convection in the z 
direction. Keeping only these terms in the entry for the 
energy balance for rectangular coordinates in Table 11.1, 

d 2 T dT d 2 T 
dx 2 d dy 2 d d: 2 

*v* 

0 = Conduction only in y direction = 0 No reactions 

Convection down 
column 

(11.51) 


J +]T(-A H rj )31 s 



for an unreactive system, results in 


Of particular interest is the energy flux into the falling 
film, which can be used with the mass transfer analysis in 
Section 10.5 to size the column. The local flux of energy into 
the falling film can be evaluated as 


C lo = ~' k 


dT 

dy 


d 

rre-^d* i 


= -k— 
y=0 d C 


dy 


y=o 

(11.62) 
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Jo°° e * 3/3dT 


J (v=0 
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1/3 


(T s -T 0 ) = h(T s -T 0 ) where 


(11.63) 


dT 

dz 


P C P V z— = X TT2 


dT 
' dy 2 


(11.52) 


(m 113 [Jo° 
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e -x 3 /3 (Jjfj 


(11.64) 


Substituting for the velocity distribution and expressing the 
boundary condition for the shallow penetration of the ther- 
mal effect gives 


dT dT 


P = — 

pc P 




0/3 


3 P 2 g 2 Q_ 


(11.53) 


T=T S at y = 0 Vz (11.54) 

T = Tq as y — > oo Vz (11.55) 

T=T 0 at z = 0 V>> (11.56) 


The parameter h is a local heat transfer coefficient that 
gathers together the contributions of convection and con- 
duction of thermal energy and expresses the flux in terms of 
the overall driving force or temperature difference. Its value 
relative to conduction over a distance equal to the column 
diameter under the same temperature difference is the 
Nusselt number for this case: 


hD 1 11 



(11.65) 
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The Froude and Reynolds numbers introduced in Chapter 1 
(see Table 8.14) may be uncovered here to give 


D 2 

Nnu = 


N 2 Fi . 




1/3 


where V = 


Q_ 

jtD 2 


A r 2 / V / 3 /v 5/9 

ly Fr "Pr "Re 


Nnu = 1-644 


3 2/9 [Jo° e _x3/3 dx] (z/D ) 1/3 

N - 2/9 N l/i N 5/9 

ly Fr "Pr iv Re 


(z/Z5) 


1/3 


( 11 . 66 ) 

(11.67) 

( 11 . 68 ) 


The Prandtl number (/Vp r = cp)]/X) is a measure of the rate 
of molecular conduction of momentum to molecular con- 
duction of thermal energy. 


11.4 MOVING BOUNDARY PROBLEM 

Moving boundary problems are encountered in a variety of 
industries. In the steel industry (reference), for example, the 
progressive dimension of the solid skin formed in steel ingots, 
while cooling on the tracks between steelmaking and the bloom- 
ing mills, determines the reheating program for the ingots in the 
soaking pits prior to rolling in the blooming mill. Energy storage 
as the latent heat of fusion involves a similar moving boundary. In 
the food industry, the freezing and thawing of foodstuffs are 
important considerations. In the chemical industry, the regener- 
ation of coked catalysts with oxygen-containing gases is accom- 
panied by a movingboundary between the fouled catalyst and the 
restored region (Froment and Bischoff, 1979). In the absorption 
of ammonia by water, the effect of the temperature rise ( 1 7 ° C) is 
nearly completely offset by the volume change in the liquid 
(Chiang and Toor, 1964; Verma and DeLancey, 1975). 

In this section, we will consider a simple example of a 
freezing process that will not meet all of the demands of the 


applications mentioned above but will reflect some of the 
major components of the more general cases. 

In Figure 11.5, a liquid is being frozen by removal of 
heat from one of the faces held at a temperature Tq, which is 
less than the freezing temperature, T M . 

The dimensions of the liquid are very large except in the 
dimension of the freezing process (x). There is no substantial 
energy transfer in the large dimensions (e.g., y). 

We assume that the liquid is initially at the freezing point 
when the surface is suddenly lowered to T 0 . The liquid at the 
surface freezes as well as each subsequent layer as time 
advances. The boundary between liquid and solid thereafter 
moves into the system, while the energy released in the 
formation of fresh solid is conducted through the solid 
region to the surface at T 0 the temperature of the unfrozen 
liquid is presumed to be constant. 

If we locate ourselves on the moving surface along with 
the origin of the coordinate system and look into the 
unfrozen phase, it will be evident that unfrozen liquid is 
flowing toward us and similarly frozen solid is flowing away. 
The velocity in both phases is the volume average velocity, 
which is the same as the mass average velocity since the 
densities are assumed to be constant. The continuity equa- 
tion applied to the solid phase implies that the velocity 
cannot depend on the distance coordinate and therefore can 
at most be a function of time. 


dp 

dpv x 

dpVy 

dpv- 



+ dy 


= 0 

= 0 
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p = const 

p — const 
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FIGURE 11.5 Freezing of a semi-infinite liquid: moving boundary. 
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The microscopic thermal energy balance in Table 11.1 
written for the z direction and including the unsteady state 
accumulation term is then given by 


dT ..dT d 2 T 
fr +Vz{t) fc- aD d^ 


(11.70) 


dT = Ps (-AH f ) x ± e _^- 2xf 
dC X s 


(11.79) 


Integration of the velocity provides the location of the solid 
boundary 

Z(t)=2kVt or C = 2A (11.80) 


where a D is the thermal diffusivity. 

Returning now to the moving boundary, the continuity of 
mass across the boundary requires that 

Pl v lz = P s Vsz atz = 0 (11.71) 


Integration of Equation (11.80) over the solid region pro- 
vides the required value of X as the solution to 


21 


F(X) = Xe a D 


e-4^- 2 ^df - Xs ^ Tm ~ ro) 

pAH f 


0 (11.81) 


Conservation of energy requires that 


Example 11.4-1: Onset of Freezing in a Pipe 


, , dT 

P/VzihL = p s v zs hs — X s — at z = 0 
a z 


(11.72) 


The combination of the preceding two conditions is 


dT 

-X s = P s v zs AH f at z = 0 


(11.73) 


Suppose that water has been left standing in a 1 in. diameter 
pipe and has equilibrated with the surroundings at a tem- 
perature slightly above freezing. If the surrounding temper- 
ature were to drop below freezing, say 1 °C, estimate the 
time for a ring of ice to form with thickness equal to 5% of 
the pipe diameter. 


where the thermal energy released at freezing is denoted by 
A Hf. Conduction of thermal energy through the solid region 
is therefore described by the differential equation given in 
Equation (1 1.70) with boundary and initial conditions given 
by Equations (1 1 .73)-(l 1 .76). 


T(z, 0) = T u 
T( 0, t) = T m 


(11.74) 


T(Z(t),t) = T 0 <T M (11.75) 


The solution may be obtained by the method of combination 
of variable used in the falling film problem discussed in the 
previous section: 


f = 


v~t 


(11.76) 


Substitution into Equation (11.70) gives a differential equa- 
tion in a single variable, 

“^ + ^- 2 < = 0 (1L?7) 

only if a value for X can be found for 

vz(0=^ (1 1 .78) 


Integration of Equation (11.78) using the boundary condi- 
tion in Equation (11.73) gives 


Solution: 


f(X) = X exp — 

\a D 


2X 


exp(-- — (b - 2X)-)di] 
4 a D 


X s = 0.02147/(s m K) (Slech, 1980) 

A H f = 6002 J / mol (DIPPR, 2009) 
p s = 50.8 kmol/m 3 = 50800 mol/m 3 (DIPPR, 2009) 


20.11 


9.486 x 10“ 


c P = 20.1 1 Btu/lb mol F = 

= 46. 695 J/mol (DIPPR, 2009) 
T m -T 0 = 0-(-l) = 1 K 

0.0214(1) n , 

V / H A1 07 v, 1 A— 11 ~,2 


1 


A = 


50800(6002) 

= 7.0187 x 10 -5 mm 2 /s 
0.0214 


a D = 


50800 x 46.695 
= 9.0215 x 10~ 3 mm 2 /s 
A = 7.0187 x 10~ 5 mm 2 /s 
oto = 0.0090215 mnr/s 
/( 0.005) = 5.009 2 x 10~ 5 
/(0.006) = 7.219 2 x 10" 5 
Solution is: [£ = 5.9163 x 10“ 3 ] 
25.4 


= 7.0187 x 10^ u m 2 /s 
= 9.0215 x 10 -9 m 2 /s 


0.05 x 


t = 


1 


2 x 0.0059163 60 


= 47.999 min 
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FIGURE 11.6 Variation of velocity parameter with temperature difference. 


See Figure 11.6. 

PROBLEMS 

11.1. A cylindrical vessel, vented to the atmosphere, is used 
to store a liquefied gas. The vessel is metal, covered on the 
outside with a layer of insulation. The inner and outer radii 
of the insulation are r, and vq, respectively. The length of the 
tank is L. The normal boiling point of the liquefied gas is T/, 
and the ambient temperature is T a . 

The vessel is outside and is subjected to a transverse wind 
velocity of Voo- The thermal conductivity of the metal is very 
large and the thermal conductivity of the insulation, 1, is 
independent of temperature. 


Determine an expression for the 

a. surface temperature of the tank and 

b. rate of heat input to the tank, Q. 

c. Describe how you would obtain a value for the outside 
heat transfer coefficient. 

As more insulation is added (r, increases), the resist- 
ance to heat transfer increases, which tends to dimin- 
ish Q. On the other hand, the heat transfer area 
increases, which tends to increase Q. 

d. Show that this competition leads to an optimum value 
of the insulation thickness and comment on its prac- 
tical significance by employing typical values of the 
parameters involved. 
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ISOTHERMAL MASS TRANSFER UNDER 
TURBULENT CONDITIONS 


As the interfacial mass transfer rate is proportional to the 
interfacial area, the creation of a large interfacial area is of 
paramount importance in operations involving mass transfer. 
In fluid-fluid systems, a large interfacial area is often 
achieved by intense mixing, which naturally entails the 
creation of a highly turbulent and thereby highly compli- 
cated flow field. In solid-fluid systems, the surface area of 
the solid is made as large as possible and intimate contact of 
the solid with the fluid phase(s) again involves intense 
mixing of the two phases either by external means or 
indirectly by forced flow through a convoluted interstitial 
area presented by the matrix of solid particles. In both fluid- 
fluid and fluid-solid systems, intense mixing is also impor- 
tant from the viewpoint of the intraphase concentration 
gradients near the interface, which is the second important 
factor in the interfacial mass transfer rate. Consequently, the 
analysis of mass transfer operations involves the considera- 
tion of complicated fluid hydrodynamics. 

12.1 INTRAPHASE MASS TRANSFER 
COEFFICIENTS 

The computational effort involved in the simultaneous 
solution of the momentum and mass balance equations, 
and often the energy balance in such situations, is, for the 
most part, unrealistic. However, in the case of a turbulent 
fluid flowing around submerged objects, there must be a 
laminar region where the fluid velocity changes from zero to 
the value in the bulk liquid. The bulk liquid velocity is 


considered to be a potential flow field (no viscosity, constant 
density, and irrotational) (see Figure 12.1). The solution for 
the flow field provides the limiting value for the solution of 
the boundary layer equations obtained by eliminating 
unimportant terms in the transport equations. 

An alternate approach and the one that we will adopt here 
is to effectively relegate the hydrodynamics to experimental 
determination with efficient correlation of the results fol- 
lowed by superposition of the mass and energy transfer 
processes by the analyst. The isolation of the hydrodynamic 
processes is accomplished in the following manner. 

12.1.1 Film-Penetration Theory 

The film-penetration theory developed by Toor and Marchello 
(1958) is a unification of two theories: the film theory 
originally proposed by Whitman (1923) and the penetration 
theory originally proposed by Higbie (1935) and modified 
later by Danckwerts (1951). 

The film-penetration theory views the interfacial region 
between two turbulent fluids as consisting of two regions, 
one in each phase, within which all concentration gradients 
are localized by the mixing process. The phenomena that 
take place in each of these regions are identical so that we 
can focus on one. The situation is depicted in Figure 12.2. 

Assume for the time being that the fluid is a binary 
mixture of A and B and that species A alone is being 
transferred across the interface from a pure gas phase. 
The depth L is presumed to be the result of the turbulent 
mixing process alone and therefore to be independent of any 
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Laminar boundary layer 



FIGURE 12.1 Two-dimensional flow around a submerged object. 
(Adapted from Bird, et al., 2002). 

other physical or chemical process, which may be taking 
place in the fluid. The bulk region of the fluid, the region 
beyond L, is considered to be homogenous in all respects. 
The molar concentration of species A in the bulk region is 
c A b- The interface is in equilibrium with the gas phase and 
therefore remains at the concentration, c A i- 

Material is transferred between the bulk region and the 
film region by an eddy transfer process that is sufficiently 
effective to maintain the concentration at the film boundary 
at the bulk value. Furthermore, the fluid elements transferred 
to the film region by this process are uniform in concentra- 
tion at the bulk value. A fluid element once transferred to the 
film region undergoes continual bombardment by eddies 
in the bulk region, while it is stabilized to some extent by 
surface tension. This bombardment process eventually pro- 
vides an extra large kick, which results in the complete 
replacement of a surface element of fluid with an element of 
fluid from the bulk region, and the process is repeated. 



FIGURE 12.2 Intraphase mass transfer — film-penetration theory. 


The time scale of the replacement process is assumed 
to be very much smaller than the time scale of the pro- 
cesses that affect the bulk fluid conditions. Consequently, 
during the lifetime of an element in the film region, the 
concentrations at its boundaries do not change. The inter- 
phase mass transfer process takes place under these condi- 
tions, while the fluid element resides in the film region. 

The situation in the fluid phase at a fluid-solid interface is 
considered to be essentially the same as that described above 
for the fluid-fluid interface. The fluid adjacent to the solid 
is considered to be a laminar film of thickness L, which is 
completely replaced at various intervals by the bulk fluid by 
disturbances from the surrounding fluid. The mixing inter- 
vals are assumed to be sufficiently frequent that the bulk 
concentration in the fluid does not change appreciably in the 
distance between two successive mixings. The implied 
velocity gradient in this situation is not explicitly considered 
by the film-penetration theory. The concentration at the 
fluid-solid interface is also assumed to be constant during 
the lifetime of an element in the film regio. This concentra- 
tion need not be an equilibrium value but may be determined 
by continuity requirements as would be the case for a porous 
catalyst. 

In both the fluid-fluid and fluid-solid cases, the interphase 
mass transfer process for each fluid element is described 
for low mass rates by the unsteady-state microscopic mass 
balance without reaction. The mass flux is due to diffusion 
alone. Assuming constant density in the film region, 

j A = -Z)> A ^8 z (12.1) 

We will carry the designation of the volume average refer- 
ence frame because of the assumption of constant density. 
The mass balance and boundary conditions may be obtained 
from Tables 8.12 and 10. 1 . The components of the model are 
nonturbulent. 


<a> R 5 
> 
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n v 9 2 ca 
‘ A dz 2 

(12.2) 

CA — CAb t 

= 0, 0 < r < Z. 

(12.3) 

< 

II 

< 

z = 0, 0 < t 

(12.4) 

CA — CAb 

z = L,0<t 

(12.5) 


The molar flux of A into a surface element whose age is t is 
given by 

Na( 0, t) = » A (0, t) = ~D V J^ 


z = 0 


( 12 . 6 ) 
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According to the above discussion, the interface is con- 
sidered to be a mosaic of elements of different ages. 
The preceding expression denotes the contribution of those 
elements of age t. If the area fraction of the interface 
that consists of elements of age between t and t + dt is 
denoted by (p(t), the net flux across the interface can be 
expressed as 


Na 


oo 



0 


(12.7) 


essentially be one of diffusion into a semi-infinite medium. 
This process is described by the Equations (9. 1 )— (9.6) with 
the dimension L in Equations (9.2) and (9.3) replaced 
with oo. The solution was obtained earlier for short contact 
times in wetted wall towers (Section 9. 5. 1.1) if z/v max is 
replaced with t. 


(V a (0, t) 



(CAi C\b ) 


( 12 . 11 ) 


If the ages according to Higbie (1935) are equally distributed 
between 0 and t 0 , the interfacial flux becomes 


The mass transfer coefficient is defined as a conductivity 
associated with the concentration difference across the film 
as the driving force: 


(Va(0, 0=2 



( I' A i £*Ab) 


(12.12) 


N A = k°A( C Ai ~ C A b) 


where 
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O 

cA 




0(0 df 

z = 0 


( 12 . 8 ) 


(12.9) 


The subscript c denotes the concentration driving force. 
Other concentration measures are used such as the mole 
fraction y where ck yA = k rA . The use of the superscript o 
serves as a reminder that the value of the mass transfer 
coefficient refers to the basic conditions associated with the 
mass transfer model. For example, there is no convective 
contribution to the mass flux and that there are no chemical 
reactions in the film. 

The dimensionless concentration and distance into the 
film are defined as 


The concentration difference is referred to as the driving 
force. Its coefficient is referred to as a mass transfer 
coefficient: 


k 


o 

cA 



(12.13) 


The value of the maximum age must be determined exper- 
imentally as a function of the hydrodynamic conditions. 
Having done so for one system, the preceding result implies 
that the mass transfer coefficient for another under the same 
hydrodynamic conditions can be determined by scaling with 
the V 2 power of the diffusivity. 

Danckwerts (1951) obtained a similar result but by assum- 
ing that the chance of a fluid element being replaced with fresh 
fluid is independent of its age and that the fractional rate of 
replacement is s. The distribution function in this case is 

</>(t)=se~ st (12.14) 


Ta 0\b — 

’ ^ l 
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( 12 . 10 ) 


The superscript on the mass transfer coefficient indicates the 
base condition of only diffusion (no convection) in the film 
and the subscript indicates the molar concentration as the 
driving force. 

The age distribution function and the depth of the film are 
the hydrodynamic parameters required to calculate the 
interfacial mass transfer rate. These two quantities must 
ultimately be determined experimentally. The film theory 
and the penetration theory are two limiting cases where only 
one of the quantities is required. 


12.1.2 Penetration Theories 

If the lifetime of the fluid elements at the interface is very 
short, the influence of the boundary with the bulk phase 
will not be important and the mass transfer process will 


Note that this distribution function, the integral in Equation 
(12.7) can be evaluated with the Laplace transform of the 
concentration. The mass transfer coefficient according to this 
surface renewal theory is given by 



The hydrodynamic parameter in this case is s, which must be 
determined experimentally. Having done so for one system, 
the mass transfer coefficient may be scaled to another system 
as in the Higbie model. In both cases, chemical reactions may 
be superimposed on the hydrodynamics and the mass transfer 
coefficient corrected accordingly for their presence. This will 
be discussed below. 

The V 2 power dependence on the diffusivity is not always 
found to be the case experimentally. The film theory limit of 
the film-penetration theory admits a first power dependence, 
thereby bounding most mass transfer data. 
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12.1.3 Film Theory 

As the age of the element increases, the concentration 
distribution approaches its steady-state value. This limit is 
the film theory, which is the steady-state solution to Equa- 
tions (1 2.2)— ( 12.5): 

D v 

N a (0, oo ) = —£■ (c A i — c Ab ) (12.16) 

The hydrodynamic parameter in this theory is L, which must 
be determined by an experimental measurement of the mass 
transfer coefficient, is 



Having done so for one system, the preceding result implies 
that the mass transfer coefficient for another under the same 
hydrodynamic conditions can be determined by scaling with 
the first power of the diffusivity. 

The first power is indicative of the film theory and the 
square root is indicative of the penetration and surface 
renewal theories. Intermediate values of the dependence 
may be obtained with the film-penetration theory but with 
the requirement that two hydrodynamic parameters be 
measured. The use of the mass transfer theories at the 
two limits and the experimental correlation of mass transfer 
data are discussed below. 


12.2 INTERPHASE MASS TRANSFER 
COEFFICIENTS— CONTROLLING RESISTANCES 

Consider now the case of a gas-liquid system where a 
component A is soluble in both phases and in the process 
of reaching equilibrium is transferring from the gas to the 
liquid phase. A section of the interface according to the film- 
penetration theory is shown in Figure 12.3. 

The mass flux from the gas phase is governed by a mass 
transfer coefficient, which is available from a mass transfer 
correlation founded in the gas-phase conditions and the 
particular equipment: 

avNAG = k° A a v (y Ab -yAi) (12.18) 

Similarly for the liquid phase: 

a v N A L= k°A a v{cAi- CAb) (12.19) 

Changes in the bulk-phase concentrations under isothermal 
conditions are governed by the mass conservation equations 
written in terms of the bulk-phase concentrations. The 
interfacial conditions are a necessity for evaluating the 


Interface 



FIGURE 12.3 Interphase mass transfer — film-penetration theory. 


mass fluxes, but they are extraneous otherwise. The need 
to determine the interfacial concentration under reactive 
conditions is considered in Section 12.5.1. 

Since the mass fluxes must be equal across the interface 
and the two phases are considered to be in local thermo- 
dynamic equilibrium, two independent relations are availa- 
ble to eliminate the interfacial concentrations: 

kyA^viy Ab - yAi) = k° cA a v (c A i - CAb) (12.20) 
y Ai = me A , + b (12.21) 

The linear equilibrium relation can be replaced with any 
algebraic relationship between the interfacial concentra- 
tions, which would require a graphical or numerical solu- 
tion. An analytical result can be obtained with the linear 
relationship, which may, of course, be adjusted to meet 
changing conditions through the equipment by suitably 
changing the values of m and b. 

Elimination of the interfacial liquid concentration gives 
the mass transfer rate in terms of an overall gas-phase 
transfer coefficient and bulk-phase gas concentrations: 


N A a v — ^GyU\ (y A b y Ab ) 

(12.22) 

yXb = me A b + b 

(12.23) 

1 1 m 


K° ~ T°~ p - 

A Gy K yA K cA 

(12.24) 

The last equation expresses the overall resistance in terms 

of a gas and a liquid has resistance to use 

the voltage 
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(concentration difference) — current (mass flux) analogy. 
Recall the inverse of a conductance (mass transfer coefficient) 
is a resistance. Elimination of the interfacial gas-phase con- 
centration gives an equivalent result in liquid terms: 


N K Lc a v (c Ab C\b) 


c Ab — ' 


yAh~ b 


1 1 

- + - 


K° Lc mk ° y A k° A 


(12.25) 

(12.26) 

(12.27) 


If the value of m is small, a low concentration of A in the gas 
phase will result in a large concentration in the liquid. In this 
case, A is very soluble in the liquid phase and the major 
resistance is in the gas phase: 

— — ss — - Gas phase controlled (12.28) 

^Gy k yA 


If, on the other hand, m is very large, A is not very soluble in 
the liquid and the major resistance is in the liquid phase: 


12.3 MEASUREMENT AND CORRELATION 
OF MASS TRANSFER COEFFICIENTS 

The following is a generalization that is meant to present 
some basic principles that are considered in all experimental 
determinations of mass transfer coefficients. The mass 
transfer coefficient is associated with a particular phase 
in, for the most part, a two-phase system. One of the phases 
must be fluid since the turbulent mass transfer process 
occurs in a fluid phase. The second phase may be fluid or 
solid. One approach to the measurement of mass transfer 
coefficient is to restrict the mass transfer process to that fluid 
phase. The mass transfer coefficient is not measured directly 
but is the result of calculations that use measurements of 
concentration and inlet and outlet flows to calculate the mass 
transfer coefficient. The dependence of the mass transfer 
coefficient on the system parameters is deduced from the 
microscopic mass balance for the particular circumstances 
of the experiment. As we have seen above, the solution to the 
microscopic mass balance in terms of dimensionless vari- 
ables exposes the relative effects of the combinations of 
the physical parameters that affect the system behavior. The 
mass transfer coefficients can thereby be expressed most 
efficiently in the terms of these dimensionless variables. 


« - - Liquid phase controlled 

^LC k cA 

These limiting cases are illustrated in Figure 12.4. 
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FIGURE 12.4 Controlling resistances. 


12.3.1 Measurement of Mass Transfer Coefficients 

It is important to know the concentration of the solute at the 
mass transfer interface in order to extract the mass transfer 
coefficient from an overall rate measurement. To this end, 
we may construct a mass transfer system from two phases, 
one of which, and the one in which the mass transfer process 
takes place, is a fluid phase. The situation is illustrated in 
Figure 12.5. 

This phase we suppose is composed of a material B, 
which may be soluble in the second phase A, but only to a 
very small extent. This will limit the mass transfer process to 
the B phase. The second phase, which may be solid or fluid, 
is comprised of material A, which is only slightly soluble in 
phase B. The limited solubility of A is meant to guarantee a 
low mass transfer rate and thereby exclude convection from 
consideration. The mass transfer interface is the interface 
between these two phases and the interfacial concentration is 
constant over the entire surface at the equilibrium solubility 
of species A. In some cases, the area is known, such as the 
mass transfer inside pipes. In other cases, such as fixed beds, 
it is not. 

We assume that there is only one inlet and one outlet. We 
also assume that the hydrodynamics at the mass transfer 
surface is the same over the entire surface and that the 
concentration change is not sufficient to significantly affect 
the mass transfer coefficient. Finally, we take the z direction 
to be the direction of net flow of the binary phase through the 
equipment and define the bulk concentration as the cup 
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FIGURE 12.5 General scheme of mass transfer coefficient measurements. 


average as indicated in the figure. This is the concentration 
that would be measured if a sample of the flow over the 
entire cross-section perpendicular to the net flow were 
collected, mixed, and analyzed. A mass balance over a 
differential volume element covering a full cross section 
of flow at constant volumetric flow rate is given by 

dA 

lim dc A b = k° A (c Ai - CAb) 777 dV (12.29) 

x — >00 Q V 


results in the most compact way can be determined by 
examining the transport equations. 

12.3.2 Correlation of Mass Transfer Coefficients 

The dimensionless transport equations are formulated in 
Section 8.7.3. The mass transfer coefficient, assumed to be 
constant over the mass transfer surface, may be computed 
from the solution as follows: 


The mass transfer surface per unit volume of equipment is 
normally constant. If it is known, the mass balance may be 
integrated to give 


)2(c A f I'Aq ) — ^ c a(^Ai TAb ) (12.30) 

the driving force over the mass transfer surface is defined 
as 


( ^ (t*Ai t*Ao) (l.Ai C A I ) 

(CAl " CAh ’ LM ~ ln[(c Ai - c Ao )/(c Ai - c Af )] 


(12.31) 


If the mass transfer surface per unit volume of equipment is 
not known, it is combined with the mass transfer coefficient 
and the product evaluated with 


V(c Af - c Ao ) = k° A a v (c A \ - c A b) LM V (12.32) 


where the equipment volume is V. 

The mass transfer coefficient may be calculated with the 
overall mass balance for various experimental conditions 
such mass transfer surface per unit volume, equipment 
parameters such as the aspect ratio but keeping the same 
geometry and fluid properties. How to vary these quantities 
in an independent fashion and to present the mass transfer 


k° cA Ac A a v = / Z) a Vca • nt/ v dU (12.33) 

Jv 

This result offers some useful information even without a 
solution for the concentration field. Following the calcula- 
tions in Section 8.7.3, Equation (12.33) can be expressed in 
dimensionless form as follows: 

Ns, = ^ = t, /v*4-ndV (12.34) 

l> a v Jv 

left side of the Equation (12.34) is a dimensionless mass 
transfer coefficient called the Sherwood number. The right- 
hand side comes from the solution to the dimensionless 
transport equations, which depends on position and the values 
of the dimensionless parameters appearing in the differential 
equations and boundary conditions. Integration over the volume 
removes the dependence on position but may introduce dimen- 
sionless geometric parameters required for the integration 
limits. The result is that we expect experimental data for 
mass transfer coefficients to be effectively correlated by 

N sh = FiN^NscNa^NEq, ■ ■ ■) (12.35) 

The functional form, F, comes from the correlation of exper- 
imental data arranged in the form of the dimensionless groups 
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delineated in Equation (12.35). The validity of this expect- 
ation is generally evident in mass transfer correlations. 

Note that the thermal energy equation, Equation (8.227), 
is the same differential equation as the mass balance in 
Equation (8.226) if the Schmidt number is replaced with the 
Prandtl number. This means that the same solution will 
apply to both if the boundary conditions are the same 
form. A dimensionless heat transfer coefficient will be 
defined (see Section 14.1) that will result in a number of 
heat transfer problems where this comparison is valid. In 
such cases, the dimensionless heat transfer coefficient, 
called the Nussult number, and the Prandtl number in the 
heat transfer correlation, may be replaced, respectively, with 
the Sherwood and Schmidt numbers to obtain a valid mass 
transfer correlation. 

The analogy between the heat and the mass transfer is 
also expressed by the empirical Chilton-Colburn relations: 




. _ N sh _ . _ 

Jd ~ ITT — Jh ~ 

Able^Sc N Re N ?I 


^=F(N Re ) (12.36) 


for geometrically similar systems and the same boundary 
conditions. 

Example 12.3.2-1: Determination of Liquid Mass 
Transfer Coefficients in a Fixed Bed 

In a mass transfer experiment, 50 cc/s( ?) of pure water at 
27 °C was passed over a fixed bed of benzoic acid spheres 
maintained at 27 °C (see Figure 12.6), which is based on 
Figure 8.19. 

Benzoic acid (A) was chosen because of its limited 
solubility in water (501.53 ppm on a molar basis at 20 °C) 
(Yaws, 2003). The limited solubility assured a stable interface 
for mass transfer and that there was no convective component 
to the mass flux in the film surrounding the benzoic acid 
spheres. Its concentration can be easily measured, for 
example, by titration. 



FIGURE 12.6 Measurement of liquid side mass transfer coef- 
ficients in a fixed bed. 


The diameter of the spheres D p was 1/16 in. The inside 
diameter of the tube d h was 1 .25 in. and the packed length 
was 12 in. The bed porosity was determined to be 0.492. 
The outlet composition was 75% of saturation. Determine 
the Sherwood, Schmidt, and Reynolds numbers. Compare 
with correlation of data for fixed beds given in the following 
section. 

Solution: 

Physical properties 

Neglect effect of acid on mixture properties: A = benzoic 
acid, B = water 

From Appendix C: 


— 1.0216xl0+1.7925xl0 3 /(273. 16+26.1) 

yj — J Q+ 1 .7730x 10 — ^ x (273. 16+26. 1)— 1 .263 1 x 10 — 5 x (273. 16+26. » 2 = 0.88811 

cP = 0.0088811 g/(cms) 

(, 26. 1+273. 16\ 028571 

p = 0.3471 x 0.274“l 1_ 647.13 ) = 1.02 64 g/cc 

From Yaws (1999): 

solubility (mole basis) = 501.53 ppm at 20 °C. Use this 
value 


6 a i — 


501.53 

1000000 x 18.015/1.0264 


2.8575 x 10~ 5 gmol/cc 


From Poling et al. (2001): 

Dab at infinite dilution= 1.38 x 10 s crrr/s at 298 °K. 
Temperature correction: Use Siddiqui-Lucas equation in 
Chapter 8 

D A b = 1.38 x 10~ 5 = 1-3858 x 10~ 5 cm 2 /s 

Mass transfer coefficient 


a v = 4 ( 2 - 54 / 32 )^ (i _ Q 492) = 19.2 cm- 1 
a(2-54/32) 3 


V = 3.1416(1.25 x 2.54) 2 12 x 2.54 = 241.32cm 3 

Use mass balance (divided though by solubility = inter- 
facial composition) 

50(0.75 -0) = k c ( 19.2) (1 ~ 0) ~ 1 ( lo°' 75) 241.32, Solution 

ln 1-0.75 

is: k c = 1.4960 x 10~ 2 cm/s 

Dimensionless groups 

1.4960 x KHI2.54/.6) = m 3? 

1.3858 x 10~ 5 
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50 

_(1.25x2.54) 2 
n 4 


6.3153 cm/s 




N Sl = 


0.0088811 

0.0088811 


1.0264 x 1.3858 x 1(T 5 


= 624.38 


z = 0 


z =L, 


z =L 



Saturated at 
feed condition 


Fresh adsorbent 


Moving front 
velocity = v f 


FIGURE 12.8 Ideal adsorption. 


Comparison with correlation — Equation (12.37) 

N sh = 2. + 1.1(1 15.87° 6 )(624.38 0333333333 ) = 164.9 

12.4 FIXED BEDS 

A summary of mass transfer data for both gas and liquid 
systems is given in Figure 12.7. The data have been cor- 
rected for dispersion and are represented by 


adsorbent particles. The gas flow is usually opposite of gravity 
in order to maintain the stability of the particles bed. 
The bed removes all of the adsorbate in the feed gas until 
the adsorption capacity of the bed is approached. The adsorb- 
ate then begins to appear at the exit. When the exit concen- 
tration reaches the minimum acceptable level, we say that 
“breakthrough” has taken place. Although much of the fol- 
lowing discussion applies to both liquids and gases, the fluid 
phase will be limited to the latter. 


A sh = 2.0+l.l<Xc 3 (12.37) 

The characteristic length is the diameter of the beads and the 
characteristic velocity is based on the total cross section. For 
nonspherical particles a number of approaches have been taken. 
A widely used one is the diameter of a sphere with the same 
external surface area. The Sherwood number approaches 2 as 
the Reynolds number approaches zero. The limiting value of 
2.0 is the Sherwood number for diffusion into a semi-infinite 
medium from a spherical surface at a fixed concentration. 

12.4.1 Fixed-Bed Adsorption 


12.4.1.1 Ideal Case Consider the idealized case of a very 
strong adsorbent that instantly reaches saturation in the presence 
of the adsorbate. The situation is illustrated in Figure 12.8 where 
the feed concentration persists up to the moving front. There is 
plug flow, no dispersion, and no mass transfer resistances. 

The following balance equation states that with the elapse 
of a small quantity of time, all of the adsorbate that enters is 
adsorbed by the solid. 

Vc F df = w(c F )p B A c dz = w(c F )p B A c L- d L (12.38) 

Vcp df = H'(c F )W a ds ^ dz (12.39) 


The adsorption of gases is normally carried out in a fixed bed, 
which consists primarily of a cylindrical shell with internal 
supports or screens to maintain the integrity of a charge of 



FIGURE 12.7 Mass transfer coefficients in a fixed bed. (from 
Wakao and Funazkri, i978.). Reprinted with permission of Elsevier. 


VcpL 

Vf = 

w(c F )W ads 


(12.40) 


The front advances by an amount sufficient to capture 
enough solid d to accomplish this at the loading in equili- 
brium with the feed composition, w(c F ). The bed cross 
section is A c and the total mass of adsorbent is W ads with 
a packing density of p B . 

The front reaches the exit after a time p given by 


tv(c F )A c 
b ~ Vc F 


(12.41) 


The concentration at the outlet then appears as illustrated in 
Figure 12.9 where a more realistic concentration history is 
also illustrated. 

At the instant breakthrough takes place, the bed is taken 
off stream and the feed is switched to a regenerated bed. 
Regeneration generally takes place at a higher tempera- 
ture (temperature swing adsorption — TSA) or a lower pre- 
ssure (pressure swing adsorption — PSA). PSA is attractive 
for bulk separations because of the short time cycle 
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FIGURE 12.9 Evolution of the output concentration profile. 


(Couper et al., 2005). Cycle times are sometimes set in 
multiples of 8 h to coincide with shifts. 

A pair of activated carbon adsorbers is illustrated in Fig- 
ure 12.10 and the parallel connection is illustrated in 
Figure 12.11. 

The ideal view can at best provide a preliminary estimate 
of the breakthrough time. To be able to predict breakthrough 
times and concentration profiles with reasonable accuracy 
requires a more sophisticated model than the ideal case. 

12.4.1.2 More General Model A number of models have 
been proposed for the fixed-bed adsorber (Ruthven, 1984). 
The basic features of these models may be found in the 
following formulation. 



FIGURE 12.10 Activated carbon adsorbers. Reprinted with per- 
mission of Everfilt. 


The interstitial fluid with nearly constant density is in 
plug flow along the axis of a cylindrical bed containing 
spherical adsorbent particles. The model is expressed in two 
geometries as per the discussion in Section 8.7.4. 

12.4.1.3 Gas Phase The rate of disappearance of adsorb- 
ate from the gas phase is interpreted as a homogenous 
reaction rate, equal in magnitude to its rate of accumulation 
in the adsorbent phase. The reaction rate must be scaled and 



FIGURE 12.11 Parallel connection of adsorption equipment. 
Valve positions shown for Bed 1 on adsorption cycle and Bed 2 
on desorption cycle. 
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represented per unit volume of the gas phase to be counted 
properly in the gas-phase material balance. 


1 - £b 

volume of adsorbent 
per unit volume of bed 


d_ 

dt 


w 


P, 


p 


solid niass of adsorbate 
volume P er unit mass of 
adsorbent 


mass adsorbent 
per unit volume 
of adsorbent 


r 2 sinO dr dO d 0 

volume element of 
adsorbent particle 


mass of adsorbate per unit 
volume of adsorbent (solid) 
particle 


rate of change of mass of adsorbate per unit 
volume of adsorbent particle 


(12.42) 


The axial (z direction) velocity is the only nonzero compo- 
nent of the velocity. If the density is nearly constant, there is 
no substantial change in the axial velocity. Under these 
conditions, the fluid phase model can be extracted from 
Table 10.1 as 


dc 

dt 




l-£b\ 

£b ) 


dw 
Pp dt ’ 


(12.43) 


where 


24 

dI 


Dp! 2 


wr 2 dr 


(12.44) 


c(z, 0) = 0, c(0, t) = c F (12.45) 


Spherical symmetry in the adsorbent (diameter D p ) has 
been assumed and axial dispersion (coefficient D ) is 
accounted for. The adsorbent bed contains no adsorbate 
initially. 

12.4.1.4 Intraparticle Diffusion The transient mass 
balance for the adsorbent particle was developed in Sec- 
tion 10.4. The response was found to a sudden rise in the 
surface concentration, Equation (10. 1 10), to a constant value 
above a uniform initial composition, Equation 10.1 14, in the 
porous solid. The boundary condition will be replaced with 
continuity in the mass flux at the surface of the adsorbent 
(M2 in Table 8.13) and the adsorbent will be assumed free of 
adsorbate initially. 

Dp = Kk° ( .M (c{z, t)-j w (y ’ ) 

w(r,0,z) = 0 (12.46) 


dw 

Deff fr 


The value of the mass transfer coefficient k° c may be 
obtained from the correlation in Equation (12.37). A low 
mass transfer is assumed so that no correction is required 
(see Section 12.6.1). For a dilute system, Henry’s law 
[Equation (6.136)] may be applied to obtain the gas concen- 
tration in the film at the exterior surface of the adsorbent. 
The value of K in this case is MkRT where M is the molecular 
weight of the adsorbate. 

The analytic solution to a number of models of this 
general type may be found in Ruthven (1984). In some 
cases, it is faster to numerically integrate the differential 
equations than to use the analytical solution. However, it 
turns out, many of the solutions are remarkably similar in 
case to the solution of a simpler model called the linear 
driving force (LDF) model. The LDF has been found [see 
Ruthven (1984)] provided the system is linear, which very 
closely approximates more comprehensive versions and is 
much easier to use. 

12.4.1.5 LDF (Linear Driving Force) Model The intra- 
particle diffusion equations are replaced with 

a — 

= k - w\) = kK(c - O- (12.47) 


where K is the linear proportionality constant in the 
equilibrium relation, w sat is the equilibrium loading asso- 
ciated with the bulk-phase concentration and c sat is the 
bulk-phase concentration in equilibrium with the average 
loading. The value of k is determined in order that the solu- 
tion to the LDF for a pulse input is similar to the solution to 
the general model for the same input. By similar it is meant 
that the second moments of the solution to a pulse input 
agree for the more general model and the LDF. An incen- 
tive for using moments is that they may be obtained in 
the Laplace transform domain without need to invert the 
transform. 
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The value of k in the LDF model for the case of intra- 
particle diffusion and external mass transfer is that 


1 d p d\ 

kK 6k c 60 D eff 


(12.48) 


With this equality, the solution to the LDF is very effective 
for describing the behavior of fixed-bed gas adsorbers. 
Approximate solutions to the LDF are 


c 

Cf 


-erfc 

2 


y/l ~ V~r 


1 

8 71 


1 

8%/r 


Error < 0.6% for £ > 2.0 


(12.49) 


c 

CF 


-erfc 


\fk - V* 


Asymptotic form for large £ 
(12.50) 


where 


kK z 
v 7 


1 - s b 


e b 


and r = k 


z 

t 

V-7 


(12.51) 


The general appearance of the concentration distribution in 
the bed at fixed times is shown in Figure 12.9. 


12.5 PIPES 

Mass transfer coefficients inside pipes have been studied by 
using tubes cast from a slightly soluble material such as 
benzoic acid. It has also been studied for gas-phase systems 
with a wetted wall tower where a pure, slightly volatile 
liquid flows down the inside walls of the pipe and an 
insoluble gas phase flows countercurrently. A schematic 
of a wetted wall tower is shown in Figure 9.5. 

Mass transfer data between the fluid and wall are repre- 
sented by Green and Maloney (1997). 


A Sh = 0.023<fM' c , 

2100 -<I A Re -<: 35000 

(12.52) 

Gases: a = 0.44, 

0.6 -<: A Sc A 2.5 

(12.53) 

Liquids: a = 1/3, 

0.6 -<: A Sc A 3000 

(12.54) 


12.5.1 Turbulent Flow in a Pipe with Catalytic Walls 

The correlation in Equations (12.52)-(12.54) may be used to 
extend the problem considered earlier of laminar pipe flow 
with catalytic walls to the turbulent regime. We can adapt 
the model used there as follows. The convection term in 


Equation (10.140) for laminar flow can be replaced with a 
uniform velocity profile. This is referred to as “plug flow” 
and is often applied in the turbulent regime. The concentra- 
tion gradients in the r direction are limited to the thin film 
described by the film-penetration model and the diffusion 
mechanism is replaced with the mass transfer expression 
across the film. 


= -k 0 cA {c A ~ c As )^ (12.55) 

The boundary condition at the wall [see Equation (10.141)] 
does not change. The mass flux from the gas phase is equal to 
the surface reaction rate: 


k° cA (c A - c As ) = k r c As (12.56) 


This boundary condition allows the unknown surface con- 
centration of A to be evaluated in terms of the bulk value. 
The same is true for a single arbitrary reaction, 

^ Mi = 0 (12.57) 

all i 

This can be seen as follows: Because of stoichiometry, 

k ci(Ci - Cis) = ^- k ci( C A ~ C As) (12.58) 

UA 

or, using the mass transfer correlation in Equation (12.55), 


Ls C; 




D 


m 


D) 


0.56 


(/'a LAs) 


(12.595) 


This relationship can be used to eliminate all surface com- 
position in the reaction rate expression in favor of the surface 
composition of A and the bulk composition values. As 
claimed above, the boundary condition supplies the value 
of the unknown surface composition in terms of the bulk 
values. This effectively supplies the mass transfer rate in 
terms of the bulk-phase conditions only. In the present case, 
this can be done analytically: 


k° cA (c A - CAs) = Kca (12.60) 


1 _ i 1 

K-kf^kr 


(12.61) 


Note that the overall rate coefficient, K, is bounded by two 
extremes: 


K k r when k° A ^>k r : Reaction controlled (12.62) 
K « k° A whenA: r ^ k° cA : Diffusion controlled (12.63) 
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A determination of K, by itself, could not be interpreted as a 
reaction rate parameter or a mass transfer coefficient. Addi- 
tional information is required. For example, a plot of In K 
versus 1 IT would exhibit a change in slope as the process 
changed from diffusion to reaction controlled. The temper- 
ature dependence of the two rate constants can normally 
be expressed in the Arrhenius form, k (t Exp (-E/RT). The 
activation energy, E, is much smaller for mass transfer. 

In addition, since the interfacial composition, given by 


CAs — 


Ca 

1 + k r /k° A 


(12.64) 


is nearly zero in the diffusion-controlled regime, which would 
appear as an irreversible first order reaction. 

The solution for the concentration profile in dimension- 
less variables is given by 


r = 


4A h 
e ^Re^Sc 


(12.65) 


where, 

1 = A, 2/ A/ 
A A 2 N Sh 


(12.66) 


The definition of the remaining parameters is the same as in 
Table 10.6 where the same problem was considered for the 
case of a laminar velocity profile. The average velocity 
denoted here by v is / 2 of the maximum of the laminar 
velocity profile. Also, the concentration at the tube entrance 
is taken here to be uniform at c Ao . The catalyst effectiveness 
is again given by 


[c Ao - c A (£)]ygfr 
k T c Ao JtDL 


(12.67) 


£ = 


1 - Exp 


4A 

V Re N Sc 


4A 

NrcNsc 



( 12 . 68 ) 


The catalyst effectiveness is plotted in Figure 12.12 for a 
gas-phase reaction at a fixed L/D = A//2 for several values 
of the Reynolds number in the turbulent regime. This is 
compared to the laminar flow result at a Reynolds number 
of 2/3. 

Figure 12.12 illustrates the beneficial effect of the turbulent 
mass transfer on the reaction rate. The productivity of the 
reactor increases with the Reynolds number but the conver- 
sion, x, decreases. This means that the separation of the 
products from the reaction mixture will be more costly since 
the products are available in a less concentrated mixture at a 
higher rate of flow. The economic design of the reactor must 
ultimately account for these competitive features. 


In A r 



FIGURE 12.12 Catalyst effectiveness as a function of a Reynolds 
number. 


12.6 PARTICLES, DROPS, AND BUBBLES 
IN AGITATED SYSTEMS 

Many chemical engineering operations involve the transfer 
of mass between two nearly immiscible phases. In such 
cases, it is desirable to provide as large an interfacial area as 
possible since the interfacial mass transfer rate is directly 
proportional to the interfacial area. To this end, one of the 
phases is finely dispersed in the accompanying phase in 
nearly spherical forms. 

In the acrylic acid process, for example, the DIPE steam 
is dispersed through perforated plates into the aqueous phase 
for extraction of the acid components in T-303. In T-305, 
the dispersion is accomplished with structured packing. Two 
examples will be considered here: a liquid-solid system for 
slurry adsorption in an agitated batch process and a packed 
tower. The following correlation applies to the adsorption 
process. 

For small solid particles, gas bubbles, or liquid drops (in 
Green and Maloney, 1997): 


N sh = 2.0 + 0.31 



Pc^AL 


Dp < 2.5 mm 


(12.69) 


where 

D p = diameter of the particle in m 

D al = diffusivity of solute in solution in nr/s 

rj c = viscosity of continuous phase in kg/m s 

p c = density of continuous phase in kg/m 3 

p p = density of particle in kg/m 3 

g = 9.80665 m/s 2 
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Rate aDDroach-final state 

Uniform liquid^\^ 
at <t>p (F) A P*s 

Uniform solid 
at w sa, A (p As ) 



Eauilibrium staae - final state 



Uniform liquid 
at <t>p (F, A 

Uniform solid 
at w sa, A (<t>p <F) A) 


FIGURE 12.13 Concentration profiles for rate and equilibrium stage approaches. 


12.6.1 Slurry Adsorption — External Mass 
Transfer Control 

A batch adsorption process was considered in Chapter 6 
where a powdered adsorbent was suspended in an agitated 
liquid containing a solute at an undesirable concentration. 
The minimum amount of adsorbent was calculated on the 
basis of a sufficiently long contract time that equilibrium 
could be assumed. Our objective here is to determine the 
contact times required for adsorbent charges greater than 
the minimum. 

We will suppose that there is no initial loading of the 
particles and that the external mass transfer resistance is 
controlling. The conditions in the liquid and solid phases 
with the controlling resistance in the liquid phase can be 
gleaned from Figure 12.4. 

A mass balance on each phase may be written as follows, 
noting that the phase interface is the only input/output and 
that we must have the accumulation term prescribed by 
Equation (2.1). 


Liquid phase V L ^ = -k° A rz m W ads (p A - p As ) 

(12.70) 

Pa(°) = Pa' ’ 

(12.71) 

Solid phase W ads = k 0 cA a m W aAs (p A - p As ) 

(12.72) 

w A (0) = 0 

(12.73) 

If Equations (12.70)-(12.72) are added and the result is 
integrated, we obtain the overall material balance quoted in 
Chapter 6: 

V L (P A - Pa' ') + FV ads ( IT A - 0) = 0 

(12.74) 


fix the process rate. The distinction between the rate and 
equilibrium stage approach is shown in Figure 12.13. 

The time required in the rate analysis may be determined 
by following the liquid phase concentration in time. 

• Solve the overall material balance, Equation (12.74), 
for the concentration in the solid. 

• Substitute the preceding result into the equilibrium 
relation and solve for the concentration in the liquid 
at the interface. 

• Substitute the result for the interfacial liquid concen- 
tration into the liquid phase material balance and make 
the result dimensionless. 

The results for two isotherms are 

Freundlich isotherm : 

dp* (1 -p*f * _ W ads wf (p^) (12.75) 

dr oP ^ V L p( F ) 

Langmuir isotherm: 

dp* _ 1 1 - p* * _ yVadsM’max 

dr &p( F ) [er — (1 — p*)] P ° V L p( F l 

(12.76) 

where p* = , p* (0) = 1 , and r = k° A a m t 

p yt > V L 

(12.77) 

The dimensionless time required achieve a specified con- 
centration level is 

/' 1 dx 

Freundlich isotherm: tf= „ (12.78) 

1 x- ((1 -xf/aP) 


In the equilibrium stage approach, the process is exhausted 
and the overall material balance and the equilibrium relation 
are sufficient, for example, to determine the concentration in 
each phase, given an adsorbent loading. In the rate approach, 
the interfacial concentration in at least one of the phases is 
not equal to the bulk value and is required at each instant to 


Langmuir isotherm: 

/■' dx 

T/ " 4 x - ((1/M F >)((1 - x)/{o - (1 - *)))) 

(12.79) 
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where iyis the fraction of the feed concentration remaining. 
The result of the Langmuir isotherm in Equation (12.79) 
may be integrated to give 


y= 


-In 


a + A — \/A 2 + <t 


2A 


In 


(1 — 0— \f A 2 + o — A)(s/a 2 + a — A) 
(1—0 — \/a 2 +a+A)(\/A 2 +cr+A) 


A + a/a 2 + (t - ( 1 - 0) 
A+ a/a 2 + ct 


(12.80) 


where A = \ I — ( a + 1 + 


L-p( p ) 


If the adsorbent charge corresponds to the equilibrium value 
associated with <J>, the value of r ; will be infinite. With 
the same value of the final concentration, the value of the 
required time will decrease as the adsorbent charge is 
increased. This behavior is illustrated in Example 12.6.1-1. 

Example 12.6.1-1 Adsorption Time and Batch 
Integration in Continuous Processes 


0.1295 


0.265036(4.2823) 

cr(W) = 0.1 141 W 


W = 0.1141 W 


A W = (^W + i + ^) ~ ff W ) 1/2 


o{W)+A(W)-{A(W) 1 + o(W)f 11 
8(1 2 A(W) 

x ( U\-y-{A(W ) 2 + a(W)) U 2 -A(W))((A(W ) 2 + o(W)) U 2 -A(W)) \ 
X \\(l-<p-{A{W ) 2 + o{W)) 1 / 2 +A(W)){{A{W ) 2 + o(W)) 1 / 2 +A{W))J 
h A{W) + {A(W ) 2 + o{W)) 1 / 2 -{\-<p) 
n (A(W ) 2 + o(W)) l/ 2 +A(W) 


r = 109.19 x 


8.49145 x 10~ u 
0.00015 

1 


0.00015 


x x Wt = 6.18510 W? 

1500 0.2665036 


Consider the adsorption step in the production of hexyl 
glucoside that is discussed in Chapter 1 . The material balance 
for a proposed continuous process is given in Problem 2.3 in 
Chapter 2. The adsorbent (alumina) loading for a single-stage 
batch operation was found in Example 6.5.3- 1 to be 199.04 kg. 
This charge reduced the product concentration to 0.5% of the 
feed value. The feed was 265 .04 L of hexanol containing 
4.2823 g/L of hexyl glucoside. 

Data required: 


p (F) =4.2823 kg/m 3 
V L = 0.265036nr 3 


t{W) 


6.1850 x 10- 5 W 


Residence time is infinite for equilibrium stage: 


i/§W = o 

we (195, 200) 


Solution is: W = 199.04 


Checks with the single equilibrium stage calculation. 
Behavior of dimensionless residence time with loading is 
shown in Figure 12.14. 

Select loading 


D p = 0.00015 mA: = 2.14kg/m 3 
k = 2. 14 kg/m 3 


W'max = 0.1295 
From Appendix C: 

p p = 1500 kg/m 3 

j] = 0.0043085 kg/(m s) — see Example 10.4-1 
D A l = 8.49145 x 10~" m 2 /s — see Example 10.4-1 

<p = 0.005 


A sh = 2.0 + 0.31 


/ 0.0015 3 (1500— 1 043)9. 80665\ 
V 8.49145 x 10~ n x 0.0043085 ) 


1/3 


109.19 



w 


FIGURE 12.14 Behavior of dimensionless loading time with 
loading. 
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Choose Wjust before sharp increase; say W= 200 


t{W) 


g(w) 

6.1850 x 10~ 5 W 


1(200) = 851.67s 851 ' 67 = 14.195 min 
v ’ 60 

On the basis of the 4 h filling period in Example 6. 5. 3-1, 
we can assume that the process stream 6 is collected over a 
4 h period. Over a period of 4 h, some or all of the following 
operations are performed: 


• Charging of adsorber with collected process fluid. 

• Addition of adsorbent. 

• Adsorption of hexyl glucoside. 

• Discharge slurry. 

• Clean adsorber. 

• Separation of adsorbent from slurry. 

• Recycle of adsorbent for processing of next batch. 

• Filling of the hexanol product tank (source of stream 

10 ). 

• Transfer of hexyl glucoside to storage. 


12.7 PACKED TOWERS— GAS ABSORPTION 

An illustration of a packed tower for gas-liquid contacting is 
given in Figure 1.17. It is the continuous version of the 
stagewise process for gas absorption in tray towers given in 


Section 7.1. The packed section serves to distribute the 
liquid and gas phases uniformly over the cross section 
and to present a large interfacial area for mass transfer. 
Some common packing materials are shown in Figure 12.15. 

Packed towers are used in distillation, solvent extraction, 
quenching, absorption, and stripping. Some basic aspects of 
the application to gas absorption are considered here. 

Packed towers are normally selected for a gas-liquid 
separation when the required diameter for tray towers is less 
than 2 ft, which allows little space to access trays. Also, there 
is greater flexibility in material selection for packing when 
corrosion is an issue. The pressure drop and liquid holdup 
are generally lower in packed towers. Also some packing 
can provide more theoretical stages per unit height than a 
tray tower. 


12.7.1.1 Heuristics for Packed Towers (Couper et al., 
2005) 

• The optimum value of the absorption factor [see Equa- 
tion (12.102)] is in the range of 1.25-2.0. 

• Random and structured packings are suited especially 
to towers under 3 ft in diameter. With proper initial and 
periodic attention to liquid distribution, volumetric 
efficiencies can be made greater than those in tray 
towers. 

• The ratio of tower diameter to packing (equivalent) 
diameter should be at least 15. 

• Because of deformability, plastic packing should be 
limited to a depth of 10-15 ft and metal to 20-25 ft. 



FIGURE 12.15 Random column packing — some examples. Reprinted with permission of 
Pingxaing Ceramics, Ltd. 
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• Liquid distributors are needed every 5-10 tower diam- 
eters but at least every 20 ft for pall ring (see Fig- 
ure 12.15) packing. The number of liquid streams 
should be 3-5/ft 2 in towers larger than 3 ft in diameter. 

• The tower height should not be more than 175 ft 
because of foundation and wind load considerations. 
Moreover, the height to diameter ratio for the tower 
should be less than 30. 

The gas and liquid inlets and outlets are situated the same 
as in tray towers. The arguments in favor of countercurrent 
operation for tray towers carry over to packed towers. The 
packing must be carefully loaded and the column oriented 
vertically to avoid maldistribution of the gas and liquid 
flows, which generally diminish the mass transfer rate. 
For gas rates 2000 cfm or more, a packing size of 2 in. is 
normally used (Couper et al., 2005). A packing size of 1 in. 
is used down to 500 cfm. The gas flow should be approxi- 
mately 70% of the flooding value (see Chapter 13). 

12.7.2 Mass Transfer Correlations 

A number of mass transfer correlations are available for gas 
absorbers. In some cases, the volumetric coefficient is provided 
where the mass transfer coefficient combined with area per unit 
volume. In others, the area and mass transfer correlations are 
separate. An example of the latter is in Treybal (1980). 

Gas side: N Sh = 1.195(1 - slo) 0 ' 36 ^ 64 ^ 3 (12.81) 

The diameter of a sphere with the same surface area as the 
packing, d s , is the characteristic length, which appears in the 


Sherwood and Reynolds numbers. The characteristic veloc- 
ity in the Reynolds number is the superficial velocity of the 
gas based on the tower cross section. 

The operating void fraction in the bed, r. to . is the void 
fraction with no liquid present, e, less the fraction taken up 
by both moving and stagnant liquid, (/> Lt . 

£lo = e — </>Lt (12.82) 

The void fraction with no liquid present is normally availa- 
ble from the manufacture’s data for the particular packing 
being used. The packing characteristics for Raschig rings are 
given in Table 12.1 for wet dumped packing from Shulman 
and coworkers as reported in (Treybal, 1980). 

Note that the mass transfer coefficient is proportional to 
the 2/3 power of the diffusivity, which is consistent with the 
film-penetration theory but inconsistent with the surface 
renewal theory. 

The total holdup is expressed in terms of the operating 
and static holdup: 

Vu = Vho + <Pls (12.83) 

The calculation of the operating and static holdups is based 
on the values for water: WuwiVlow VlsW- The procedure is 
summarized in Table 12.2 (from Treybal, 1980). 

In contrast to the gas side, the liquid side coefficient is 
consistent with the surface renewal theory. 

Liquid side: N sh = 25.1A^ e 45 M! c 5 (12.84) 

The characteristic length and velocity are the same as those 
for the gas side. 


TABLE 12.1 Characteristics of Random Packings 


Nominal Size, mm (in.) 


Packing 

6(1/4) 

9.5(3/8) 

13(1/2) 

16(5/8) 

19(3/4) 

25(1) 

32 (5/4) 

38(32) 

50(2) 

76(3) 






Raschig Rings 





Ceramic: Wall thickness (mm) 

0.8 

1.6 

2.4 

2.4 

2.4 

3 

4.8 

4.8 

6 

9.5 

c t 


1000 

1600 

380 

255 

155 

125 

95 

65 

37 

C D 



909 

749 

457 

301 


181.8 

135,6 


£ 

0.73 

0.68 

0.63 

0.68 

0.73 

0.73 

0.74 

0.71 

0.74 

0.78 

a p : m 2 /m 3 (ft 2 /ft 3 ) 

787(240) 

508(155) 

364(111) 

328(100) 

262(80) 

190(58) 

148(45) 

125(38) 

92(28) 

62(19) 

Metal: 











0.8 nun wall: 











c t 

700 

390 

300 

170 

155 

115 





£ 

0.69 


0.84 


0.88 

92 





«p : m 2 /m 3 (ft 2 /ft 3 ) 

774(236) 


420(128) 


274(83.5) 

206(62.7) 





1.6 mm wall: 











c t 



410 

290 

220 

137 

110 

83 

57 

32 

c D 



688 

431 

485 

304 


172.9 

133.5 


s 



0.73 


0.78 

0.85 

0.87 

0.90 

0.92 

0.95 

a p : m 2 /m 3 (ft 2 /ft 3 ) 



387(118) 


236(71.8) 

186(56.7) 

162(49.3) 

135(41.2) 

103(31.4) 

68(20.6) 


« p — specific area of packing; Cd = empirical constant. 
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TABLE 12-2 Liquid Holdup in Packed Tower 


Nominal Size 


Packing 

mm 

in. 

d s (m) 

Ceramic 

13 

0.5 

0.01774 

Raschig 

25 

1 

0.0356 

rings 

38 

1.5 

0.0530 


50 

2 

0.0725 


<Pu 


Water, Ordinary Temperature 


t/L (kg/ 
m s) 


H 


975 . 7 L'°' 5 V l 0B 

f a 

\ 0 . 1737 — 0.262 log L! 

p L 0 - 84 ( 2 . 024 L 0 430 - 1 ) 

\ 0. 073 

) 

2168 L'°' 57 /z l 0 ' 31 

( " 

V 0 . 1737 - 0.262 log// 

Pl 0 - 84 ( 2 . 024 L 0 430 - 1 ) 

\ 0 . 073 . 

) 

407 . 9 L°' 57 p L 013 

( ff 

v 0 . 1737 - 0.262 log// 

P l °' 84 ( 1 . 393 L ' 0315 - 1 ) 

V 0. 073 

) 

901 L'°' 57 p l 0 ' 31 

f a 

v 0 . 1737 - 0 . 2621 ogL 

P l °' 84 ( 1 . 393 L ' 0315 - 1 ) 

V 0 . 073 . 

) 

1404 L'°' 57 p L ° 13 


0 . 28177 — 0 . 2621 ogz/ 

Pl°' 84 ( 3 - 24 L ' 0 ' 413 - 1 ) ' 

, 0 . 073 / 


2830 L°' 57 p L 0 ' 31 / 

<T \ 

0 . 28177 — 0 . 2621 ogz/ 

p L °' 84 ( 3 . 24 L ' 0 - 413 - 1 ) ' 

, 0 . 073 / 



Ceramic 25 
Raschig 38 
rings 


50 


1 


0.0486/r L 0 02o0, ‘ 

Y 2 V - 37 


0.01305 


1.5 0.0543 


0 . 02 ct °- 23 


0.0716 0.0237/V 

Y' 2 V 37 


Ceramic 

13 

0.5 

0.31622 

Berl 

25 

1 

0.0320 

saddles 

38 

1.5 

0.0472 


P= 1.508rf“' 376 <0.012 

_ 2.47 X 10- 4 

d s L21 

(2.09 x 10- 6 )(737.5 lY 
<Puw = ji > 0.012 


P= 1.104Y' 376 
_ 5.94 x 10- 4 

PLsW — TTTj 


(°LtW — 


d s ~ 


p= 1 ,508fl s ’ 


J ,1 U 

Rl 


t/ s 156 p L 0 ' 37 


VhsV/ — 

(^LtW = 


5.014 x 10~ 5 

Y' 56 


< 0.012 


< 0.012 


Only SI units p^: kg/m 3 , tj L :kg/ms, <r:N/m, andLp:kg/m 2 s are used. ip Lo = tpu^H, <p u = y> Lo - ip Ls , <p Ls , <Pl, w = ip ^ - <p LsW . 


The interfacial area per unit volume is also given in terms 
of values for water: 

a v = « w f U> (12.85) 

0LoW 

The required calculations are summarized in Table 12.3 
(Treybal, 1980). 

12.7.3 Mass Balances 

As the gas flows up through the bed, the soluble component(s) 
move across the gas-liquid interface and dissolve in the 
liquid solvent. The amount of soluble material contained 
in the gas phase continuously decreases in contrast to the 
equilibrium stage model where the composition decreases 
stepwise. The operating line (mass balance) is the same in 
both towers. All points, however, are accessed in the packed 
tower in contrast to discrete points in the tray tower. 

An element of gas continuously approaches equilibrium 
with the liquid as it travels up the column. The liquid that 
contacts the gas element is traveling down the column and is 
therefore less concentrated with height. A distance from 


equilibrium between the gas and liquid phase can thereby be 
maintained as the gas element travels to the outlet. 

A gas absorber is normally designed to provide for a fixed 
amount of material to be absorbed from a given process 
stream and therefore the bulk gas composition travels 
between two well-defined limits. If a large amount of liquid 
is used, its composition does not increase substantially 
throughout the column and a distance from equilibrium 
imposed at the inlet can be maintained throughout the tower. 
As the liquid flow is decreased, however, and the required 
tower height increases, and the average composition of the 
liquid increases until either in the tower or at the liquid outlet 
the concentration in the liquid falls on both the operating line 
and then the equilibrium curve. At this point, called a pinch 
point, the two streams are equilibrated and emerge from a 
small cross-sectional volume element unchanged. Pinch 
points are discussed quantitatively in Section 7.1.3 

For a liquid flow rate greater than the minimum, the 
required contact time depends on the rate that the solute 
crosses the gas-liquid interface. This contact time translates 
into a required height with a given flow rate. The interfacial 
mass transfer rate is therefore the central feature in deter- 
mining the size of the tower. 






352 ISOTHERMAL MASS TRANSFER UNDER TURBULENT CONDITIONS 


TABLE 12-3 Interfacial Area for Absorption and Desorption, Aqueous Liquids 


Packing 

Nominal Size 

mm in 

kg/m 2 • s 

Rang of L !' 

lb/ft 3 ■ h 

m 

n 

P 

Raschig 

13 

0.5 

0.68-2.0 

500-1500 

28.01 

0.2323 L! - 0.30 

-1.04 

Rings 



2.0-6. 1 

1500-4500 

14.69 

0.01 114L' -0.148 

-0.111 


25 

1 

0.68-2.0 

500-1500 

34.42 

0 

0.552 




2.0-6. 1 

1500-4500 

68.2 

0.0389L' - 0.0793 

2-0.47 


38 

1.5 

0.68-2.0 

500-1500 

36.5 

0.498L' - 0.1013 

0.274 




2.0-6. 1 

1500-4500 

40.11 

0.0109L' - 0.022 

0.140 


50 

2 

0.68-2.0 

500-1500 

31.52 

0 

0.481 




2.0-6. 1 

1500^1500 

34.03 

0 

0.362 

Berl 

13 

0.5 

0.68-2.0 

500-1500 

16.28 

0.0529 

0.761 

Saddles 



2.0-6. 1 

1500-4500 

25.61 

0.0529 

0.170 


25 

1 

0.68-2.0 

500-1500 

52.14 

0.0506L'- 0.1029 

0 




2.0-6. 1 

1500^1500 

73.0 

0.0310L' - 0.063 

-0.359 


38 

1.5 

0.68-2.0 

500-1500 

40.6 

0.0508 

0.455 




2.0-6. 1 

1500-4500 

62.4 

0.0240L' - 0.0996 

-0.1355 


Only SI units are used (see Table 12.2). For condition below loading, «aw = m(808G' / p G 09 ) n L p :L! = G' = ^gr. 


The liquid presents a large area for mass transfer because 
of the packing. The local or microscopic construction of the 
packed bed is illustrated in Figure 12.16. The interfacial 
molar fluxes per unit volume of the bed in the gas and liquid 
phases are also shown. The mass transfer coefficients do not 
carry the reference to basic experimental conditions (o), 
indicating that some adjustment may be necessary. 
Correction factors were introduced at the conclusion of 
Section 12.1. They are evaluated in Section 12.8 for com- 
mon applications. 

The interfacial conditions as well as the bulk-phase 
conditions are considered uniform throughout any volume 
element perpendicular to the vertical z-axis of the tower. 
The time-averaged microscopic mass balance. Equation 
(8.76), can then be applied to the gas and the liquid phases 
at steady state with the proper interpretation of the pro- 
duction term. 


-V L -^ = R l( p u +N[ l) a v (12.87) 

12.7.3.2 For the Gas For the gas, we will assume that 


there are no chemical reactions and that the molar density is 
constant. The molar average velocity is therefore constant 
and calculations similar to those above for the liquid phase 
provide the gas-phase mass balance: 

N ( ~ = N { ! g) a y 

aV 

(12.88) 

The flux expressions are 


v| g V = <t>^>(? is -y ib ) 

(12.89) 

N\ l] a v = <t>JAi« v (c is - 9b) 

(12.90) 


12.7.3.1 For the Liquid 




Assume constant density 
=> v z = constant 

= volume average velocity 

= — (based on cross section 

0iA 

occupied by liquid) 

V L 

Molar basis = c x b 

0lA 

Vl dc* (/) a v 

In summary — = Ri+N> — or 

0LtA dz 0Lt 



source term = rate per unit volume 
of liquid 

Riv = molar chemical reaction per unit volume 
of liquid 

+ interfacial rate of addition per unit area of 


interface^) 


(ih 


0Lt 


( 12 . 86 ) 
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FIGURE 12.16 Microscopic construction of packed bed. 


<i> m are correction factors to account for conditions in the 
mass transfer film that were not present in the experiments, 
which determined the mass transfer coefficients. Some 
examples will be considered in the following section. 

If the quantity of gas being absorbed is a large fraction of 
the feed, the assumption of a constant molar gas flow will not 
be tenable. In these cases, the flow basis can be taken as the 
nondiffusing components and the compositions as the mole 
ratio of the solute to the nondiffusing components, that is, 
and Y '^ 1 , respectively. These scales are discussed in 
Sections 2. 1.1.1 and 6.2.2. Note that the form of the driving 
force ( K is — Y ]h ) does not change, but a linear equilibrium 
relation will become nonlinear. 

Given the bulk-phase concentrations, the interfacial com- 
positions and hence the interfacial mass transfer rate can be 
obtained from simultaneous solution of the flux equalities 
and equilibrium relations given, respectively, by 

- y ls ) = ^ c °i(Gs - c ib ) (12.9D 

y is = E(c is ,...) (12.92) 

The mass balances provide the means to evaluate the bulk- 
phase compositions. Consequently, we have sufficient tools 


to approximate the behavior of the condensable and volatile 
components in the tower. 

For the noncondensable or nonvolatile components, the 
flux in the appropriate film at the interface is required to 
be zero. It may be expedient in some cases to specify the 
surface composition at the outset and then determine its 
value to meet the condition of a zero flux. 

The given conditions for a new installation are 

• Inlet gas stream — flow rate and composition A/ji(0) 

• Inlet solvent steam — composition: Ci(/; t ) 

• The desired purity is defined: yi(ht) 


12.7.3.3 Unreactive Case with Henry’s Law A basic 
application of the preceding analysis is the case of a single 
gas being absorbed with no corrections required to the mass 
transfer coefficients, no chemical reaction in the liquid film, 
and phase equilibrium described by Henry’s law: 


-V L 


dc A b 

dV 


k G\b) 


(12.93) 
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A/"g 


~ d>’A b 

dy 


= k °yh fl v(v As - y Ab ) 


^yA fl v(y A b - JAs) = K A a y (c A - CAb) 


(12.94) 

(12.95) 


The quantity A is called the absorption factor. It is a measure 
of the absorptive capacity of the liquid and is a primarily a 
function of the liquid flow rate. The value of A ranges from 
1.25 to 2.0 with a typical value of 1.4. In the present case, 


Jas = Hc As (12.96) 

Addition of the two differential equations eliminates the 
interfacial flux terms and provides a constant that can be 
evaluated at the top of the bed to give the relation between 
the two bulk-phase compositions: 


_ V L 

- VAb ^ CAb + 


V L 

^Ab, out “ c Ab, 


(12.97) 


Compare this result with Equation (7.11). The minimum 
liquid to gas ratio under the current assumptions is given by 
the intersection of this operating line with the equilibrium 
curve at the bottom of the tower (see Figure 7.12): 


Vl \ _ yAb, in — , v Ab , out 

^Mg ) min (^Ab, in/^0 CAb, in 


(12.98) 


A liquid to gas ratio about 50% higher than this minimum on 
a molar basis could be used (see the discussion above). 

In order to calculate the height of the bed, one of the 
differential mass balances must be integrated. Choosing the 
liquid balance requires that the variable concentrations 
be replaced with functions of c Ab . This can be accomplished 
by using the flux equality, the equilibrium condition, and 
the operating line. The result for the interfacial liquid 
composition is given by 


CAs — 


V L . 
J\fn 


Uah 


V l 


yAb, out JFg CAb - in 


H + ^A 


(12.99) 


This result can replace the interfacial concentration in the 
liquid phase mass balance, Equation (12.93), to give 


dc Ab ^Gy fl v 

+ A f a 


1 

Mg KqCIv 

V l 

1 — 
A_ 

^Ab y, ik t 

V L N g 

yAb, out C Ab ,in 


(12.100) 


A = 


Vl 

HU g 


( 12 . 101 ) 


and 


A = [VL/-A/' G ] /tctua i 
[V L /AT G ] Min 

v y 


■^in Vout 

V ^ - 

Difficulty of 
separation 


(12.103) 


if the inlet solvent is pure (c in = 0). 

The overall mass transfer coefficient was defined earlier 
(see Section 12.2) and refers to the driving force (y — y*) 
where y* is the gas-phase mole fraction that is in equilibrium 
with the bulk liquid composition. 

The differential equation may be integrated with the 
boundary condition 


CAb(0) — CAb, in 

to give the liquid concentration profile 


(12.104) 


CAb(z) = 


^Ab, out ‘ 


1 


H(A - 1) 


A i 

yAb, out CAb, in) 


xe -[(K° Gy a ,A c /AT G A)(A-l)\z _ 1 

H{A - 1) 


_ Vl_ 

yAb, out 


CAb.ir 

(12.105) 


The value of z at the inlet liquid composition gives the height 
of the packing in the column: 


TVg A ^ 

: K° Gy a v Ac (A - 1) n 

y* = He 

(y — y ) bottom = yAb, in ~ H C A b,out 

(y - y*)to P = yAb, out - Hc AhM 


(y y ) bottom 

(y - y*)to P 


(12.106) 

(12.107) 

(12.108) 
(12.109) 


iy - y )lm 


In 


(y - y*)bottom/(y ■ 


The expression for the height can be rearranged on this basis 
to read 


11 H 

K° Gy a Y ky A a v k cA a v 


■A/~g 4 y Ab j n - y Ab ,out 

K° Gy a v TzD 2 t (y -y*) LM 


( 12 . 102 ) 


(12.111) 



PACKED TOWERS — GAS ABSORPTION 355 


The first factor on the right-hand side has the units of 
distance. The second is unitless and represents the number 
of times the average overall driving force divides into the 
desired concentration change. It increases with the difficulty 
of separation. For this reason, the factors have been called 
the overall height and number of transfer units, respectively. 


The concentration unit can be converted to moles per unit 
volume with neglecting any volume change on mixing. The 
desired approximate linear equilibrium relation is then: 


-Va = 


^.s 64 ^ 7 

760 0.01 


459.45 c A 


h = N OG H OG (12.112) 


y A = 459.45c A (gmol/cm 3 ) 


Nqg 


f Ab.in 

J A b, in J A b,out f tl.V 

( y - y) L M J (y- y*) 

y Ab,out 


(12.113) 


where M B = 18.02, M A = 64.07, and A = S0 2 , B = H 2 0 


Minimum Liquid Rate: 


Hqg 


G 

K° Gy a v S 


(12.114) 


Using the definition of the overall mass transfer coefficient, 
the overall height can be divided between the liquid and gas 
phases: 

Hog=H g + (HN g /V l )H l (12.115) 


c in = 0.0 


Jin = 0.075 

Vout = 0.010 


'V L \ 0.075 - 0.01 
\f r ) . ~ 075 o 

y v min 459.45 


398.19 cm 3 /gmol 


Correlations for mass transfer coefficients are sometimes given 
in terms of the liquid and gas side heights of transfer units. 

Example 12.7.2-1: Sulfur Dioxide Absorber 


Assuming the gas is ideal with the molecular weight of air. 


_ MP 
Pg ~RT 


29(1) 

0.732(25 + 273.16)1.8 


= 7.3818 x 10 -2 lb/ft 3 


An air stream flowing at 30000 ft 3 /h contains S0 2 at a mole 
fraction of 0.075. The mole fraction of S0 2 is to be reduced 
to 0.01 by countercurrent absorption into pure water. The 
pure water solvent and the gas stream are at 25 °C and 1 atm. 
Determine the height of packing required for the separation 
if 1/2 in ceramic Raschig rings are used. 

Equilibrium 

Solubility data over the range of operation (7.6-57 mm Hg 
of S0 2 ) are listed below and plotted in Figure 12.17 with an 
approximate straight line: 

yP(mmHg) = 54.5c' ( — — — 7 — ^ 

v VioogH 2 oy 



FIGURE 12.17 Linear approximation to sulfur dioxide aqueous 
solubility data. 


W G = 30000(0.073818) = 2214.5 lb/h 
7 V g = 2214.5(454/29) = 34668 gmol/h 


Using a factor of 1.5 for the liquid rate and a liquid 
density of lg/cc 

V L = 1.5(398.19)34668 = 2.0707 x 10 7 cm 3 /h 

W L = 2.0707 x 10 7 /454 = 45610 lb/h 
The outlet liquid composition 

W L = 2.0708 x 10 7 /454 = 45610 lb/h 

0.075 -0.01 = j 5 ( 398 19 ) 5 Solution is 
c — 0 

c= 1.0883 x 10~ 4 gmol/cm 3 

c A b,out = 0.00010883 gmol/cm 3 


Mass Transfer Coefficients 

The equivalent particle diameter d$ from Table 12.1 is 
given by 

6 

a = — = 364 m 

d s 

or d s = 0.016484 m. 
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The tower diameter is determined in Example 13.2.3-1: Scale the diffusivity of sulfur dioxide in nitrogen at 1 atm 

and 263 K with the 1.75 power of temperature according to 
D = 3.5ft = — — — = 1.0668 m estimation method for binary low-pressure gases in 

3 - 2808 Table 8.5. 

Dso 2 ,n 2 P = 0.105 at 263 K (Poling et al., 2001) 

Liquid Side Mass Transfer Coefficient 

i? w 1 cP = 0.00067197 lb m /ft Da ' t ' = °- 105 ( 298 / 263 ) 5 = 0.13066 cnr/s 


Pl^l (1.6484 xio-^x^fy 

TiD 2 /Ar] 31416 ( 3 5 ) 2 6.7197 x 10~ 4 


= 105.98 ^sc = 


/x _ (0.01813x0.01) 

pD Am f 7 -3 81 ^°~ 2x454 ) (0.13 0 66) 


■ = 1.1724 


Calculation of diffusivity: Tyn-Calus method in Table 8.5. See Table 12.2; row entries for 0.5 in ceramic Rasching 
V c a = 122cm 3 /gmol (Lange, 1946) rings: 


V cB = 56cm 3 /gmol AJ _ fi _ (0.01813x0.01) _ , 

Sc — r ~. — / _ 9 \ — A.l / 24 

P D Am ( 7381^_!x454\ (Q. 13066) 

P A = 0.288P^ 48 = 0.288(122) 1048 = 44.248 cm 3 /gmol atn.b.p. 


V B = 0.288yJ B 048 = 0.288(56) 1 048 

a A = 28.63 at 263 K (n.b.p.) (DIPPR, 2009) 
ct b = 58.28 at 373 K (n.b.p) (DIPPR, 2009) 

P A = V A o'l A = 44. 248(28. 63) 1/4 = 102.35 

P B = V'bO’b 4 = 19.566(58.28 1/4 = 54.061 


D„ = 8.93xl0-‘fe)' / Y^)Y- 


= 8.93 x 10“ 


vi) vv Vp b 


44.248 \ 1/6 /54.061V 2 /298 


19.566 2 / V 102.35/ V 1 


= 5.1817 x 10~ 6 cm 2 /s 

li 0.01 

Nsc = — ~ = — 7 =- = 1929.9 

pD Am 1.0(5.1817 x 10- 6 ) 


N sh = 25.1(105.98)°' 45 (1929.9) 0 ’ 5 = 8990.7 


5 1817 x lO^ 6 

k° CA = 8990.7 — — = 2.8269 x 10~ 2 cm/s 

CA 0.01648(100) ' 


2.0707X 10 7 v 1 

r = 3600 ioo^ = 6.4350 = kg/m 2 s 

P 3.1416 (35/3 4 2808 > 


0.0486(0.001 ) 0 ' 02(0 0583)O " 
^ Ls ~~ (1.6484 x 10~ 2 ) L21 (1000) 037 


= 0.53752 


P = 1.508(1.6484 x 10~ 2 ) 0376 = 0.32212 


2.47 x 10~ 4 

^LsW — 7 y i ti — 3.5486 x 10 


^LtW — 


(1.6484 x 10~ 2 ) 


2.09 x 10- 6 (737.5Lp) c 
(1.64684 x 10- 2 ) : 


= 0.11778 


il < 0.012 Use first entry in last column of Table 12.2 for 
calculation of H: 

975.7Lp 57 (0.001)°' 13 ^ 00583 ^ (0.1737-0.262 log 10 Lp) 

H - (1000)°' 84 (2.024Lp 43 - 1) v °- 073 ) 

= 0.99765 


See Table 12.2; row entries: 


Gas Side Mass Transfer Coefficient: 

r] « ?7 air ss 0.01813 cP 


W a d s W 454 1.648 x 10- 2 x 100 

» jooo 284 08 

6 (nD 1 / 4) 11 3 1416(3. 5+12+2. 54) 2 0.0 1 8 1 3 x 0.01 ~~ " 


•PLo — ‘PLoW 77 — (^LtW — •PLsw ) 77 

= (0.11779 — 0.035486)0.99765 = 8.2111 x 10“ 


(p Lt = <p Lo + <p Ls = 0.08211 + 0.53752 = 0.61963 
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From Table 12.1, e = 0.63 


£l 0 — £ — ^> L tw = 0-63 — 0.11778 = 0.51222 


N sh = 1.195(1 - 0.5 1222) 0 ' 36 (284.08)°' 64 ( 1 . 1 724) 1/3 = 36.171 


k° A 0.13066 

= 36.171 7 = 2.8678 cm/s 

c 0.01648 100 ' 


k° yA = 2.8678 


7.3818 x 10 ^( 454 ) 
29 

T — 


= 1.1704 x 10 gmol/(cm s) 
Overall Mass Transfer Coefficient 
1 1 459.45 


K° Gy 1.1704 x 1CT 4 2.8269 x 10 ' 2 


= 8544.1 + 16253. 


=>■ Approximately 1/3 of the mass transfer resistance is due 
to the gas phase and 2/3 is due to the liquid phase. 


K° = (8544.1 + 16253.) -1 = 4.0327 x KT 5 gmol/cnrs 


l Gy 


Area per Unit Volume: 

See Table 12.3; second row 

Liquid flux (6.435 kg/m 2 just beyond upper limit of 6.1) 
a) a v = a aw = 0.99765«aw ~ «aw since the solu- 

^Low 

tion is dilute 


34668 . 

3600 


(1.3/. 3) 


4.0327 xlO- 5 (22^)3.14161 y^)-10- 


(0.075 - 459.45 x 0.00010883) 
X n (0.01 - 459.45 x 0.) 


271.37 cm 


h = 2.7137 x 3.2808 = 8.9031 ft 


transferred. In addition, there are many applications in 
gas absorption where the rate of transfer is enhanced by 
the presence of a chemical reaction in the liquid phase film. 
The following section is intended to demonstrate how these 
limitations can be alleviated analytically in lieu of specific 
experimentation. 


12.8 APPLIFICATION OF EXPERIMENTAL 
MASS TRANSFER COEFFICIENTS 

The mass transfer correlations are based on measurements of 
unreactive systems at low mass transfer rates (diffusion 
alone accounts for the mass flux in the film). The film- 
penetration theory provides the means for extending the 
applicability of the mass transfer coefficients to systems 
undergoing physicochemical processes not present in the 
experimental systems. The basic assumption is that addi- 
tional processes do not appreciably affect the hydrodynamic 
and film-replacement parameters ( s , L) in the model. It turns 
out in many cases that only one of the parameters ( s , L) is 
needed and the corrective action can be accomplished at the 
film-penetration theory limits. 

In the film theory, the thickness of the film is the hydro- 
dynamic parameter. Its value is given by the basic mass 
transfer coefficient as 



The additional processes are added to a film of this dimen- 
sion and the mass transfer rate computed on this basis. 
Additional data are therefore not required to characterize 
the mass transfer process. 

The penetration theory limits may also be used to make 
the corrections, but there appears to be no real incentive 
to face the more complicated mathematics since the 
corrections are nearly the same at both limits. A compar- 
ison will be shown below for the case of an irreversible 
first order reaction in the film. 


(34668/3600) 

4.0327 x 10~ 5 (.39086)3.1416±y^gioo) 2 


12.8.1 Free Fluxes 


= 68.35 cm = 0.6835 x 3.2808 : 2.2424ft 


, , „ (0.075 — 459.45 x 0.00010883) 

N <-‘ = ( 13 /- 3 > ln - (0.01-459.45x0.) ° 3 9703 


The assumption in this section and the mass transfer 
results in the preceding sections have largely been limited to 
low mass transfer rates and a single component being 


Consider a liquid-liquid film of constant density. The cal- 
culations for this configuration are typical of what would be 
needed in other circumstances. The mass balance in Equa- 
tion (8.82) requires that the divergence of the mass flux 
vector for each component be zero at steady state in an 
unreactive system. The mass flux must then be constant 
throughout the unidirectional film: 


Pi v + 7i = constant = W, 


(12.116) 
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The total mass balance in Equation (8.83) states that for Interfacial equilibrium under isothermal and isobaric con- 
constant density ditions can be expressed as 


pv = constant = ^ Wk (12.117) 


for unidirectional mass transfer. 

Substitution of Equation (8.161) for the diffusion flux in 
Equation (12.116) and using Equation (12.117) for the 
convection term gives 


d a>i 
dr 


Ek Wk 


PD\ J 


CD; = 



(12.118) 


io'o = g(<*o) (12.125) 

The bulk-phase compositions are subject to material bal- 
ances at the equipment level, so they may be considered as 
known for the present purposes. The objective is then given 
bulk-phase conditions, determine the associated interfacial 
mass transfer rates. 

Following the (unproven) direct substitution method will 
illustrate what is needed in the cases where there are no 
additional restrictions on the fluxes: 


There are two boundary conditions on the mass fraction. 


CO\ — &>is 


at r = 0 


(12.119) 


D[ 

k°- 


a>i = «ib at z = where k ( k = (12.120) 


which may appear inconsistent with the order of the differ- 
ential equation. The differential equation is first order, since 
one integration has been carried out in arriving at Equation 
(12.116). Consequently either of the preceding boundary 
conditions may be chosen or the other regarded as determin- 
ing the value of W[. The result is 


W, =k 


O 

toA 



n « is - 


(12.121) 


or 


w i = d> im &° (® is - Glib) 

where 



( 12 . 122 ) 


(12.123) 


The mass flows may be replaced with total molar flows and 
the mass fractions with mole fractions for the results per- 
taining to the assumption of a constant molar density. 

A trial-and-error procedure is normally needed to solve 
for the mass transfer rates. Consider, for example, situations 
where a second film is present (e.g., liquid-liquid extraction, 
gas absorption and stripping, distillation, etc.), say, a primed 
and an unprimed phase. Since the fluxes are equal on both 
sides of the interface, the preceding result gives 


• Assume values for the interfacial concentrations in the 
unprimed phase. 

Use the equilibrium relations in Equation (12.125) to 
compute the interfacial concentrations in the primed 
phase. 

• Solve Equation (12.124) for the 

Wi). 

• Solve Equation (12.121) for new values of the inter- 
facial compositions in the unprimed phase. 

• Repeat the preceding three steps until the concentra- 
tions in the unprimed phase converge. 


Wi 




(and hence the 


12.8.2 Constrained Fluxes 

The following three examples involve circumstances where 
the interfacial flows are subject to additional constraints. 


12.8.2.1 Diffusion Through a Stagnant Film: Absorption 
with Constant Flows As an example, consider the unreac- 
tive gas absorption system discussed in Section 12.7.2. A 
constant mass density is assumed for the liquid and a 
constant molar density is assumed for the gas phase. A 
single component A moves through the two films. This is the 
ideal case of a highly selective, nonvolatile solvent with 
the restrictions d> mA = 1 and a linear equilibrium relation- 
ship, Henry’s law. These restrictions are not carried over to 
the present calculations. Moreover, the assumption of con- 
stant flows can usually be removed through the use of mole 
ratios for the concentration measures. The methodology in 
that case is that which is followed here. 

The sum of the fluxes is the flux of A and the flux 
expression for the gas film in Equation (12.121) becomes 


N a = k° yA ln 


[ -Tas ' 

A - >’Ab. 


<i^ A (T-y As ) 


(12.126) 


Pib- (Wj/E^Wk) = f 

<*0 - (Wi/ Ek w k ) \o/io - (Wi/ Ek W k ) J 


where 


d>(s) = . 


(12.124) 


(1 T A )lm (Tb)lm 


(12.127) 
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The correction factor is the inverse of the log mean mole 
fraction of the insoluble components. 

For the liquid phase, we can again use molar units noting 
that equilibrium data as a function of molar concentration, 
for example, can be converted to mole fractions with (see 
Section 2. 1.1.1 for concentration relationships). 

Xi = ^~ (12.128) 


Na = Kk In 


1 ~ -T A b 
1 - A' As 


= <&^(XAs 


x Ab ) (12.129) 


where 


<J>« = ' = _L 

m (! aa) lm (*b) 


LM 


(12.130) 


as a function of the bulk-phase mole fraction so that it may 
be in integrated numerically. 

Equilibrium Curve 


459.45 

y(x) = 459.45ca = 459.45cx = — — — x = 25.525x (A) 

18 

The equilibrium curve is the locus of all the interfacial 
concentrations in the bed. 


Operating Line 

, , 7V (l) 2.0707 x 10 7 1 

y(X) = W> X + = 34668 18* + °' 01 

y(x) = 33.1 83x + 0.01 (B) 


The equality of the interfacial fluxes 


1 - 3 ; As" 


1 - X A b’ 

.1 - >’Ab_ 


.1 - X As . 


(12.131) 


Given the bulk-phase mole fractions, the preceding equation 
provides a relationship between the interfacial mole frac- 
tions that will guarantee the equality of the interfacial molar 
fluxes. The intersection of this function with the equilibrium 
relation between the interfacial concentrations, of course, 
provides the values that will satisfy both. 

The bulk-phase values fall on the operating line, which is 
the material balance referred to above. The numerical 
procedure referred to in Section 12.8.1 arises here in the 
solution for the interfacial concentrations. 

Either the liquid or the gas-phase mass balance may be 
used to determine the packing height. In the latter case 
(Equation (12.94) with flux correction included. 


^Ab.ir 


7 rD 2 k° A 


f dy Ab 

^mCyAb-TAs) 


(12.132) 


VAb.o 


The specific steps required to determine the packing height 
are illustrated in the following example. 

Example 12.8.2.1-1: Height of Packed Bed in 
SO 2 Absorption Using Method Suitable for 
Nonlinear Equilibrium Data 

See Example 12.7.21- for operating conditions and data. 

The objective here is to generate values for the kernel of 
the integral for the packed height 

1 

‘fcmO'Ab - FAs) 


The operating line is the locus of all liquid and gas-phase 
mole fractions (x A b,}’Ab) that satisfy the bulk-phase material 
balance. 


Interfacial Flux Equality 

Because of the dilute concentrations, the correction factors 
in the flux equality will be omitted. 


k 

k 


o 

xA 

0 

yA 


18.02 


2.8269 x 10^ 2 


1.1704 x 10~ 4 


13.404 


y(x) 


(t ~TAb) 

[(l-x)/(l-XAb)] 13 - 404 


(C) 


Given a point on the material balance, the flux equality is the 
locus of all gas-liquid combinations that will result in equal 
fluxes on each side of the interface. The combination that 
satisfies the equilibrium condition is required here. Substi- 
tution of the equilibrium relation for the gas-phase mole 
fraction provides a single nonlinear algebraic equation. (See 
Table 12.4) 


Intersection of Flux Equality with Equilibrium Curve 


25.525x = 1 - 


0_ -TAb) 

[(1 x)/(l x Ab )] 13404 


k yAhM dy Ab 

^Ab,out ^(.VAb -JAs) 

(Trapezoidal rule) = (294.43/2 + 266.10 + 243.07 

+ 224.05 + 208.01 + 194.37 + 182.63 + 172.33 

+ 163.39 + 155.38 + 148.33 + 142.00 + 136.29 
+ 83.7/2)0.005 = 12.125 
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TABLE 12.4 Summary of Results 


1 


y A b 

A'Ab 

-*-As 

v As 

& s) m 

fcif&’Ab-J’A.) 

0.01 

0 

2.576 x 10^ 4 

6.5752 x 10~ 3 

0.99167 

294.43 

0.015 

1.5068 x 10~ 4 

4.3847 x 10~ 4 

2 x 10^ 2 

0.98687 

266.10 

0.02 

3.0136 x 10~ 4 

6.1943 x 10~ 4 

1.5811 x 10~ 2 

0.98213 

243.07 

0.025 

4.5204 x 10~ 4 

8.0049 x 10~ 4 

2.0433 x 10~ 2 

0.97733 

224.05 

0.03 

6.0272 x 10~ 4 

9.8165 x 10~ 4 

2.5057 x 10~ 2 

0.97248 

208.01 

0.035 

7.5340 x 10~ 4 

1.1629 x 10~ 3 

2.9683 x 10~ 2 

0.96768 

194.37 

0.04 

9.0408 x 10~ 4 

1.3443 xlO -3 

3.4313 x 10~ 2 

0.96283 

182.63 

0.045 

1.0548 x 10~ 3 

1.5257 x 10~ 3 

3.8943 x 10~ 2 

0.95804 

172.33 

0.05 

1.2054 x 10~ 3 

1.7073 x 10~ 3 

4.3579 x 10~ 2 

0.95320 

163.39 

0.055 

1.3561 x 10~ 3 

1.8889 x 10~ 3 

4.8214 x 10~ 2 

0.94841 

155.38 

0.06 

1.5068 x 10~ 3 

2.0707 x 10~ 3 

5.2855 x 10~ 2 

0.94357 

148.33 

0.065 

1.6575 x 10~ 3 

2.2526 x 10~ 3 

5.7498 x 10~ 2 

0.93879 

142.00 

0.07 

1.8082 x 10~ 3 

2.4346 x 10~ 3 

6.2143 x 10~ 2 

0.93388 

136.29 

0.075 

1.9588 x 10~ 3 

2.6166 x 10~ 3 

6.6789 x 10~ 2 

0.92911 

83.714 


See Figure 12.18, letters refer to discussion points in the text. rate. In this case, there is no net molar flux through the film 

and 


N G r Abin dy Ah 

ky A «V Jy Ah, out $m(jAb -TAs) 


34668 1 35.3145 

3690 0.00011704(0.39) 10 6 


12.125 = 88.133 ft 3 


4(88.133) 

’ ~ 3. 1416(3. 5) 2 


9.1603 ft 


12.8.2.2 Equimolar Counter-Diffusion In distillation, 
there are repeated condensations and vaporizations. The 
condensation process provides the energy required for the 
vaporization. When the latent heats are nearly equal, the molar 
condensation rate is approximately equal to the vaporization 


Na = k° yA (y As - y Ab ) <F mA = 1 (12.133) 


No correction is necessary in this case. 

12.8.2.3 Heterogeneous Chemical Reaction In this 
application, as in the previous three cases, there is no reaction 
in the film. However, the film here shares a boundary with the 
reaction zone and is the sole means by which reactants and 
products can enter or leave the otherwise closed zone. Exam- 
ples are the catalytic pellet and the laminar flow reactor with 
catalytic walls, discussed in Section 10.5.2. 

If in the reaction zone there is a single reaction 
proceeding at steady state, the molar fluxes through the 
film must be in the proportions dictated by the reaction 



FIGURE 12.18 Graphical illustration with explanations for y Ab = 0.05. 
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stoichiometry: 

N=^N a (12.134) 

^C( 

The inert flows are zero. The total molar flow will be 
nonzero if there is a mole change in the reaction: 


Substitution of this result into Equation (12.138) provides a 
single nonlinear algebraic equation for the surface concen- 
tration of the key component, which will in turn provide the 
reaction rate. 

The preceding calculations can be applied, for example, 
to the reaction rate data and the fixed-bed reactor design. 


E iVjy V "S A/7 

Ni = — > Vi = — N a 

v.. 


v a 


(12.135) 


The adjustment factors are given by 






In 


I _ A« 

1 - V ib 


l -My. 
i? Lis. 


(12.136) 


Ni = k yl - In 


1 - A» y 
1 A y* 


1 - My. 

/is 


= /c yl <D ly (y is -y lb ) (12.137) 


However, in most cases. Equation (12.134) would be used 
instead of determining the additional steps that are called for 
in the previous two equations. 

These results apply, for example, to the porous catalytic 
pellet. The mass transfer film surrounds the particle and the 
two share the exterior surface of the pellet as a boundary and 
we face the problem of calculating the reaction rate in the 
pellet given the bulk-phase conditions. 

It is shown in Section 11.2.1 that the concentrations and 
temperature throughout the catalytic pellet can be expressed 
in terms of the surface concentrations and temperature. For 
the current discussion, we may take the temperature and 
pressure as specified and write the total reaction rate in the 
pellet in terms of the effectiveness factor (also a function of 
the surface conditions) and the reaction rate if the surface 
conditions persisted throughout the pellet. This must be 
equal to the mass transfer rate at steady state. Consequently, 


^iy^iy^ib JisMp — • 


■■y N JV p (12.138) 


Because of the stoichiometric relation of the fluxes, Equa- 
tion (12.134), all of the surface concentrations may be linked 
to the mole fraction of the key component: 

k l ; y %(y K - y.bMp = ^ay^yCVas - >abMp (12.139) 

Voi 

or 

yis = ?«, + tt- 1*0^ (y as - y a b) (12.140) 

“a ^iy^iy 


12.8.2.4 Kinetics Experiments In the determination of 
intrinsic kinetics, it is important that the concentrations be 
known at the catalyst surface for model discrimination and 
parameter determination. The experimental conditions are 
normally adjusted to the point where it is convincing that the 
bulk-phase conditions persist up to the catalyst surface. For 
example, consider the Berty internal recirculation reactor 
illustrated in Figure 12.19. 

A fixed-bed arrangement is situated inside a reaction 
chamber where a fan, situated over the fixed bed, pulls 
the contents of the reaction chamber over the bed at a 
very high rate. The rate is determined by the RPM of the 
fan. The RPM is increased until the reaction rate, as 
determined by a material balance over the reactor, does 
not respond. 

In so doing, the fan produces uniform conditions 
throughout the reaction chamber (a CSTR). If, for exam- 
ple, the catalyst is coated on the exterior surface of the 
support, Equation (12.138) can be used as follows to 
calculate the surface concentrations. At this point, the 



FIGURE 12.19 Berty internal recirculation reactor. Reprinted 
with permission of Autoclave Engineering. 
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conditions over the catalyst are uniform and equal to the 
surface conditions: 


- iVis) 


A/V 



From performance 
charactristics of fan(see 
Couper et. al.) , 
catalyst dimensions, and 
obtain gas velocity in bed. 
Use Equation (12.4-1). 


Set bulk-phase mole 6 ^ 
fractions equal to D p 
measured values in spheres 
reactor exit stream. 



1 since 
the reacion 
is confined 
to the exterior 
surface 


" V ' 

From material balance over 
the reactor = difference between 
inlet and outlet molar flows of 
species i. 


(12.141) 


12.8.2.5 Fixed-Bed Reactor Modeling This basic 
reactor model can provide estimates of the tube dimensions 
and the wall temperature required for a specified conversion 
and can be used for optimization studies as a one-dimensional 
model. The model is discussed in Chapter 14. Here, the 
incorporation of the reaction system in the microscopic mass 
balance for fluid phase is illustrated (refer to Figure 12.20). 

The diffusion-reaction process within the catalyst in a 
fixed bed is envisioned to take place locally at the prevailing 
bulk-phase conditions at that location (see Section 8.7.4). 
The interaction of the two phases in this regard is the 
stoichiometric transfer of mass across the fluid-solid inter- 
face. The associated heat effect is discussed in Chapter 14. At 
steady state, the interfacial mass transfer rate must be equal to 
the reaction rate as illustrated in Figure 12.22. The interfacial 
concentration is the linkage between the two processes. Its 
value adjusts to make the rates of transfer equal. 

The equality can, in principle, be used to generate a 
functional relationship between the surface and bulk-phase 
concentrations. It may be expedient in this regard to assume 
values of the surface concentration and to determine 
the associated bulk-phase concentration with the equality. 
The relationship can be generated a priori followed by 
integration of the bulk-phase equations. The two processes 
are thus uncoupled (Tortoriello and DeLancey, 2007). 


12.8.3 Homogeneous Chemical Reaction 

Chemical reactions are often employed to increase the 
absorption rate and capacity of a liquid solvent as a solute 
in gas absorption operations. Some commercial examples 
are given in Table 12.5. 

To appreciate the enhancement of the absorption rate, 
consider a liquid phase element in a mass transfer film (i.e., 
film-penetration theory). For the purposes of discussion, fix 
the concentrations of a solute A at the boundaries and 
examine the effect of increasing the rate of reaction on 
the concentration profile (refer to Figure 12.21). 

The concentration profile is linear for the case of no reaction. 
As the reaction rate is increased, the concentration of A is 
diminished in the liquid phase, remaining subject to the fixed 
concentrations at the boundaries of the film. The absorption 
flux of A across the interface is proportional to the slope at 
z = 0, which increases with the reaction rate. The enhancement 
of the rate by the chemical reaction can then be measured by 

Enhancement = with reaction/. 

/ 

I z= 0, without reaction 

(12.142) 

Very slow reactions will not take place to any appreciable 
extent in the film and will therefore have little effect on the 


Loss term in microscopic mass ^ i c _ c )Ae2 £ 

balance for interstitial fluid cA Ab As V p e 



FIGURE 12.20 Communication of solid catalyst with a fluid phase in a fixed bed. 
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TABLE 12.5 Commercial Examples of Chemical Absorption 


Solute-Gas Phase Reactant 

Absorbent-Aqueous Phase Reactant 

Reaction Type 

Carbon dioxide 

NaOH 

Irreversible 

Hydrochloric acid 

NaOH 

Irreversible 

Hydrocyanic acid 

NaOH 

Irreversible 

Hydrofluoric acid 

NaOH 

Irreversible 

Hydrogen sulfide 

NaOH 

Irreversible 

Carbon monoxide 

Cuprous ammonium salts 

Reversible 

Carbon monoxide and hydrogen sulfide 

Monoethanolamine or diethanolamine 

Reversible 

Carbon monoxide and hydrogen sulfide 

Diethylene glycol or triethylene glycol 

Reversible 



FIGURE 12.21 Effect of the reaction rate on the concentration 
profile. 


absorption rate. These reactions will be primarily confined to 
the bulk region. Very fast reactions, on the other hand, will be 
completed in the film region, and the concentration of the 
solute gas in the bulk will be zero or at its equilibrium. 

The film-penetration theory predicts a much different 
dependence of the mass transfer coefficient on the solute 
diffusivity between its two limits. However, the difference in 
the relative effect of chemical reaction on the mass transfer 
coefficient is not nearly so dramatic between the two limits. In 
fact, the difference is often within the error of the physical 
parameters. The similarity of the predictions of the mass 
transfer theories will be demonstrated for the first-order 
irreversible kinetics. Instantaneous reaction kinetics will be 
considered with the film theory to represent very fast reactions. 
Approximations for more complicated kinetics are introduced. 

12.8.3.1 Irreversible First-Order Kinetics 

12.8.3.1.1 Film Theory As an example of the beneficial 
effects of the chemical reaction, consider the case where 

A + hB — > C + Z), rate of reaction = A'CaCb (12.143) 

Here A is the gas-phase solute, B is a nonvolatile reactant in 
the liquid phase, and C and D are nonvolatile reaction 
products. An example of such a system is the absorption 
of carbon dioxide (A) by sodium hydroxide (OH - =B). 


If the concentration of B in the bulk liquid is very much 
greater than the concentration of A at the interface, that is, a 
low partial pressure of A in the gas phase, the concentration 
of B in the film may be taken as nearly constant. In this case, 
the diffusion-reaction problem in the film is given by 


^Am ^ 2 — 0 

(12.144) 

Ci 

> 

II 

> 

p 

N 

II 

O 

(12.145) 

. ^Am 

Ca CAb 3.t Z Q 

^cA 

(12.146) 


The concentration of B may be replaced with the catalyst 
concentration in the hydration of carbon dioxide by hypo- 
chlorite solutions. The concentration of B may also be 
replaced with kinetic and other factors as in the absorption 
of carbon dioxide by buffered solutions of carbonate and 
bicarbonate. There are a variety of circumstances were the 
rate of disappearance of a dissolved gas is proportional to 
the first power of the concentration so that the kinetic factors 
in the present formulation should be broadly interpreted. 

The interfacial flux of A can be obtained by differentiat- 
ing the concentration profile and evaluating the derivative at 
the interface. The result is 


, , jo fj H t'Ai COSh^/iC'Bh/JAni c Ab 

N Ao = &cAV£c B b£>Am . , r . == (12.147) 

SinhVA'CBbOAm 


Under the assumed conditions it is likely that the concen- 
tration of A in the bulk phase may be neglected in the 
numerator in which case 


Nao = &a,Ka(cai - CAb ) (12. 148) 

The enhancement factor is given by 

<&Ar = . N . H " , where (12.149) 

tanh/V//„ 
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^Ha — ~T5~ (12.150) 

^cA 

The dimensionless Hatta number is denoted by N Ha . Note 
that the enhancement factor is greater than unity and 
approaches the value of the Hatta number. 

12.8.3.1.2 Penetration Theory The same reaction taking 
place in the very young elements on the surface is described 
by unsteady-state unidirectional diffusion without convec- 
tion. The simplifications of the general mass balance used to 
arrive at the microscopic balances in Table 10.1 can be 
followed here without dropping the transient accumulation 
term. The penetration theory formulation is then given by 


The penetration theory in the Laplace domain follows 
from Equations (12.151) to (12.154): 


dc A (*,.s) 

d.v 2 

U J c * m=o 

(12.158) 


Ca(0,s) = y 

(12.159) 


Ca(oO, s) = 0 

(12.160) 


The solution is 


dc A v d 2 c A 

dt ~ A dx 2 

- k r c A 

(12.151) 

Ca(x,s) = 

CAi -,/E^ 

e v °Am 

. S ’ 

(12.161) 

C A ( o, t) = C As 

t > 0 

(12.152) 


Ik + s 

V o Am CAi 


ca(x. 0) = 0 

x >- 0 

(12.153) 

> 

O 

II 

b 

> 

3 

(12.162) 

O 

II 

< 

t > 0 

(12.154) 

The correction or enhancement factor is then 



The bulk concentration has again been taken to be zero to 
maintain the grounds for comparison. The solution was 
obtained by Danckwerts (1953). The amplification factor 
is given by 


®Ar ~ N Ha 





(12.155) 


12.8.3.2 Surface Renewal Theory In the case of the 
surface renewal theory, the interfacial flux is given by 

POO 

N a0 = / se~ s, N A (0,t)dt (12.156) 

Jo 

where N A {0, t) is the flux into a surface element of age t. 
This can be obtained from the solution to the penetration 
theory formulation or advantage may be taken of the equiv- 
alence of the preceding equation to the Laplace transform: 


®TA=yJl+Ni l (12.163) 

The three results are compared in Figure 12.22, which 
illustrates the validity of the comments made at the outset 
concerning the similarity of the three corrections. 

12.8.3.3 Instantaneous Reactions A limiting case of 
very fast reaction kinetics, which finds practical application, 
is the instantaneous reaction between a soluble gas compo- 
nent (A) and a dissolved solute (B). In the limit, these 
components cannot coexist. In the unidirectional case, there 
must exist a reaction plane, which separates two reactants. 
The plane will be located in the liquid film at the gas-liquid 
interface at such a position where the stoichiometric quan- 
tities of the reactants can be delivered. Note that a flux ratio 
vanishes at one boundary and is infinite at the other. The 
situation is illustrated in Figure 12.23. 

The stoichiometric requirement of the fluxes is given by 


N aq = -sD Am 4 


Oca 


dx 

x=0- 


-sD Al 


d c A (x,s) 


d.v 


x=0 

(12.157) 


The Laplace transform in time is required, not the inverse. 
Consequently the calculations may be carried out in the 
Laplace domain, thereby decreasing the dimensionality of 
the problem by one. 


-Daih^As __ 1 

d R ~b (D Am /k° cA ) - d R 


(12.164) 


This result provides the location of the reaction plane, which 
gives the absorption rate of component A: 


N AO = ^cA 



1 ^Am ^Bb 
b DBm <?As. 


CAs 


(12.165) 
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FIGURE 12.22 Comparison of enhancement factors from three theories of mass transfer with 
irreversible, first-order kinetics. (Adapted from Sherwood et al., 1975). 


The enhancement factor is therefore 

0> Ar =l + ^^ (12.166) 

b D Bm cas 


Note that the interfacial flux of A is independent of its gas- 
phase composition if 


1 77 Am <~Bb i 

b OBin fAi 


(12.167) 



FIGURE 12.23 Film concentration profiles for the instantaneous 
reaction A + b B—>p P. 


12.8.3.4 Linearized Kinetics When the kinetic expres- 
sions are nonlinear, the corrections to the mass transfer 
coefficients can be obtained numerically or with approxi- 
mate expressions. For example, Hikita and Asai (1964) 
suggest that 


k r c7 « k A c A , 


k a = ■ 


m + 1 


Ayr-XV 1 


A similar result was suggested by DeLancey (1974), which 
can be applied more generally and gives excellent results 
with the film theory (Lee and DeLancey, 1974). The constant 
in the linear expression is obtained by a least-square error 
objective over the film concentrations: 


CAb 

Min / [k r c A — k A c A \^de A 

Lv J 

*-Ai 

The value of k A can be obtained from setting the first 
derivative to zero: 

t'Ab 

J [k T c A - k A c A \c A dc A = 0 

^Ai 

1 ~ (c Ab /c Ai ) m+2 ' 

1 (hAb/tAi) 

PROBLEMS 

12.1. The cracking of cumene into benzene and propylene, 
C 6 H 5 C(CH 3 ) 2 H = C 6 H 6 + C 3 H 8 

cumene benzene propylene 


k A = ■ 
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was carried out in a fixed bed of impermeable particles 
coated with a catalyst at 362 °C and atmospheric pressure in 
the presence of a large excess of nitrogen. At a point in the 
reactor where the cumene partial pressure was 0.0689 atm, a 
reaction rate of 0. 153 kmol cumene/(kg cat h) was observed. 
Determine the mole fraction of cumene at the catalyst 


surface at this point in the reactor assuming isothermal 
conditions. 

The coated area of the catalyst is a 45 m 2 cat/kg cat and 
the interstitial mass flux is 56.47 kg/(m 2 h). 

See Problem 14.1 for the nonisothermal case. 



13 


INTERPHASE MOMENTUM TRANSFER UNDER 
TURBULENT CONDITIONS 


The interphase momentum transfer process refers here to the 
transfer of momentum from a flowing fluid to solid or a 
nearly rigid liquid interface. The loss of momentum by the 
fluid is important, for example, 

• for steady flow in pipelines, the loss must be replaced 
with a blower, pump or compressor of appropriate size, 

• in operations where submerged objects may be sus- 
pended by the fluid, the velocity of the fluid is a primary 
factor in the momentum transferred to the solid, deter- 
mining the required process conditions and/or equip- 
ment size as well. 

The items listed on the right-hand side (terminal points) 
of Figure 13.1 fall into the circumstances in the preceding 
list and represent a summary of what is presented in this 
chapter. 

The surface element on the left-hand side of Figure 13.1, 
cL4, represents a solid or fluid phase over which a fluid is 
flowing with a velocity v. The surface is considered closed to 
mass transfer or that the contribution of the mass transfer 
process to the interfacial momentum transfer process across 
the surface can be neglected. 

A local friction coefficient, </>, is defined as a fraction of 
the convective flux of s momentum, which flows to the 
surface: 

dF s = 0[pv s v s ]dA (13.1) 


The force, dF s , is due to the fluid motion. If the physical 
conditions are approximately constant over the surface, the 
preceding equation may be integrated to give 

F s = (p[pv s v s \A (13.2) 

In the case of empty tubes, cL4 is located on the inside 
surface of the tube. The same interpretation holds for the 
pressure drop in packed beds since these are modeled as 
bundles of empty capillaries that offer passage through the 
bed. A momentum balance on the fluid enclosed by A 
provides a relationship for the pressure drop containing 
the friction factor, <b, which is discussed in Section 9.2.1 
for laminar flow. The inverse of the relationship for the 
pressure drop is used to experimentally extend the results to 
turbulent flow. 

For flow in conduits, the area A is taken to be the wetted 
surface whereas for flow over submerged objects, the area is 
taken to be the projected area of the solid on a plane 
perpendicular to the velocity vector. In both cases, a factor 
of 1/2 is extracted from the friction coefficient to change the 
interpretation of the bracketed term to a kinetic energy 
concentration. This is consistent with the form of the friction 
loss in pipelines that appears in the mechanical energy 
balance [see Equation (4.14)]. Friction coefficients for 
submerged objects are referred to as drag coefficients. 

The last three items on the right-hand side of Figure 13.1 
are all concerned with the effect of the gas velocity on the 
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FIGURE 13.1 Overview of this chapter. 


entrained particle. In the case of settling velocities, the shear 
forces do not overcome the body forces and the particle can 
settle out of a suspension with a steady terminal velocity 
(see Example 5. 3. 2. 3-1 for power requirements for solid 
suspensions). 

For fluidization and flooding in packed towers, the objec- 
tive is to determine the fluid velocity that will just suspend 
the particle. If the velocity is greater than this value, the 
particles will be carried overhead. In this and the preceding 
case, a momentum balance on the particle reveals that the 
quantity 


P~ Pi 
Pi 

has a significant influence on the flooding velocity. This 
proves to be the case empirically for the cases considered 
here as well as other two phase operations [e.g., tray towers, 
gas liquid separators (see Section 6.3)]. 


transition to the turbulent regime upon moving radially to 
the center of the tube. The extra contribution of eddy 
momentum transport decreases the gradient in velocity 
that is observed in laminar flow. The flow regimes are 
depicted in Figure 13.2. 

Experimental data and approximate expressions are 
available for the turbulent velocity distribution in circular 
tubes (Bird et al., 2002). 

For flow in tubes, the coefficient cp in Equation (13.1) is 
replaced with // 2 and dA is identified as a differential 
element on the wetted cylindrical surface of the pipe with 
the direction s pointing along the axial direction, z, in the 
pipe. The development of the friction factor for turbulent 
flow follows that for laminar flow in Section 9.2.1. The 
velocity v s is taken as the average velocity in the pipe, which 
is constant for a constant density fluid. The friction factor 
can then be expressed as 

L 2n 

(133) 

0 0 


13.1 PRESSURE DROP IN CONDUITS AND 
FIXED BEDS 

Laminar flow in circular conduits was considered in Chap- 
ter 9. As the flow velocity approaches a Reynolds number of 
approximately 2100, a flow instability is presented as a 
fluctuating component of the velocity field (see Chapter 8). 
The expressions for the momentum flux change in order to 
account for the fluctuating component of the velocity. In 
tube flow, the velocity vanishes at the wall, which gives rise 
to a laminar regime near the tube wall and a gradual 



FIGURE 13.2 Flow regimes for turbulent flow in pipes. 
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FIGURE 13.3 Correlation of the Fanning friction coefficient for flow in tubes. As reported in 
McCabe et al. (2001). Reprinted with permission of McGraw-Hill. 


and from a momentum balance on an element of fluid of 
length L, 


1 [(-Pi ~ Pi) + PgL] 

4 {L/D) (1/2 )p(v) 2 


(13.4) 


In a flow experiment, all of the variables on the right-hand 
side are measured. The calculated values of the friction 
factor are then correlated with the Reynolds number. In an 
application, the pressure drop is calculated with the corre- 
lated value of the friction factor. 

For s Newtonian fluid, the dimensionless momentum 
balance in Chapter 8 implies that the dimensionless form 
of Equation (13.3) is given by 


f=f(N Re ,N Ft ,L/D ) (13.5) 

The Froude number and L/D have not been found exper- 
imentally to be important. 

A well-known correlation is shown in Figure 13.3. 

These results are based on isothermal flow. For non- 
isothermal applications, for example, pressure drop in heat 
exchanger tubes, a correction factor. 


L'lwJ 

is included on the right-hand side of Equation (13.5) (Peters 
et al., 2003). The viscosity ratio is the value at the bulk 
temperature relative to the value at the tube wall (heat 
transfer surface). 

The results may also be applied to noncircular cross 
sections by using an equivalent diameter equal to the ratio 


of the open cross section to the wetted perimeter. The ratio is 
called the hydraulic radius, R h , for noncircular cross sec- 
tions. For a circular tube, this ratio is D/4. The preceding 
equations are applied to tubes with noncircular cross sec- 
tions by everywhere replacing the diameter with 4 R h . 

13.1.1 Turbulent Flow of Gases in Pipelines 

The flow of gases in pipelines may be considered 
incompressible for small changes in pressure and tempera- 
ture. Otherwise, an equation of state, P = P(V ,T), for a pure 
component must be used for the density to adequately 
account for these changes. The simplest is the ideal gas 
equation of state. Cubic forms are introduced in Chapter 5. A 
truncated virial equation of state will be used below for 
illustration. 

For small Mach numbers (velocity relative to the speed of 
sound in the gas), the pressure distribution for adiabatic flow 
is close to that for isothermal flow (McCabe et al., 2001) and 
the simpler equations for isothermal flow may be used. We 
will be concerned with subsonic flows of gases under 
isothermal conditions. The velocity of sound in gases is 
given by Berry et al. (1980). 



which reduces to 


c = 




(13.7) 


for ideal gases. 
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The mechanical energy balance is generally applied to 
sections of process equipment as indicated in Equation 
(4.15). Equation (4.15) was the result of a macroscopic 
thermodynamic argument. The same result can be achieved 
from the microscopic view adopted at this juncture as 
expressed by the microscopic mechanical energy balance 
in Equation (8.92). The integration of Equation (8.92) over a 
finite volume of equipment is carried out in Chapter 15 (see 
Section 15.3). The result is Equation (4.14) with the deter- 
minations that 


W s = J V-(t-v)dV (13.8) 


E v = / (— r : Vv)dV 


(13.9) 


13.1.1.1 Isothermal Flow in Pipelines The density 
varies continuously along the pipeline due to the change 
in pressure so that the differential form of the mechanical 
energy balance is needed: 


and the results that follow will be valid up to reduced 
densities of approximately 0.5. If an upstream position is 
fixed at “1” integration of Equation (13.13) downstream to a 
point “2,” a length L away, gives 


In 


V 2 


RT 1 


Vi MG 2 b 2 


h 


1 


1 


|y 2 -b Vi -b 


In 


VijVi -b) 
y 2 (Vi -b) 


2 L , 

+ -/((V Rc ) = 0 


(13.14) 


The downstream pressure may be determined by substi- 
tuting the equation of state or by solving the two equations 
simultaneously. Substitution of the equation of state gives 


{RT/MP,) + b 
n (RT/MPi) + b 


1 1 I ,r 

&b^ b[p 


Pi] 


RT T (RT/MPi) +bP l 
+ Af [(RT/MP 2 ) + bP~ 2 


f(N Re ) = o 

(13.15) 


which reduces to the case of an ideal gas as b approaches 
zero 


d P 

v dv -t 1- dE v = 0 

P 


(13.10) 



M r , 

9 \ P l 

2 RTG 2 1 2 


P\] +§/(^Re) = 0 


(13.16) 


The downstream gas velocity is given by 


V2 = 


l(RT/M)(l/b 2 ){b[(l/(V l - b)) - (1/(V 2 - b ))] + ln[(V 2 (V! - b))/{VfV 2 - i))] } 


ln(V 2 /Vi) + (2 L/D)f(N Re ) 


V 2 


(13.17) 


The friction loss term for pipelines is given by Equation 
(4.22). The Reynolds number is constant since the density 
and velocity vary in proportion to satisfy the mass balance 
for a uniform cross section 


For an ideal gas the result is 


v 2 = 


(M/2RT) [P\ - P\ 


HP 1 /P 2 ) + (2 L/D)f(N Re ) 


V 2 


(13.18) 


pv = constant = G 

or (13.11) 

v = GV 


The friction factor is therefore constant and the differen- 
tial form of the mechanical energy balance reads 


dV 

V 


1 

G 2 



dV 

T,x V 


+ -f(N Ro )dL = 0 


(13.12) 


If the gas obeys the truncated virial equation of state (see 
Table 2.3), the mechanical energy balance becomes 


dV 

V 


RT dV 
MG 2 v(v - bf 


+ -/(^V Re )dL = 0 


(13.13) 


Example 13.1.1.1-1: Pressure Drop and Pipe Size for Gas 
Supply Line 

Consider the isothermal flow of natural gas in a pipeline 
that is to be provided with compressor stations every 20 
miles. These compressors are to restore the pressure to 
lOOpsia, the original input pressure. Assume first ideal 
behavior and check for corrections that may be needed due 
to nonideality. 

a. Ideal Gas Calculations : 

Pipe size: 

If the flow rate is to be 20 lb mass/s, the optimal pipe size at 
lOOpsia can be estimated with Equation (4.16) 
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M= 12.011 +4(1.0079) = 16.043 
T = 298 K 

P=({MP)/{RT )) = ((16.043(100/14. 7))/(0.0821(298))) 
= 4.4608 kg/m 3 

W = 20(454/1000) = 9.08 kg/s 

V = ((9.08)/(4.4608)) = 2.035 m 3 /s 

D = 0.363(2.0355)"{0.45}(4.4608)"{0.13}(0.0001)"{0.025} 
= 0.48221 

= (((0.48221 )( 100))/((2. 54) 12)) = 1.5821ft 

The optimal diameter will increase with a decrease in 
pressure. At 50psia, for example, the optimal diameter is 
given by 

P = ((. MP)/{RT )) = ((16.043 (50/ 14.7) )/(0.082 1(298))) 

= 2.2304 kg/m 3 

V = ((9.08) / (2.2304)) = 4.071 m 3 /s 

Values of the remaining variables remain the same as above. 


The pressure drop may be calculated for the ideal case with 
Equation (13.1.1-7). 

Friction factor: 


G = pv = 


W 


20 


n{D 2 / 4) 3.416(£> 2 /4) 


= 5.854 8 lb mass/ft 2 s 


?7 = 10 4 P (Green and Maloney, 1997). 


GD 5.8548 x D 

- = 

1 ] 10^ 4 x 0.067197 


^=- 4 ‘og. 


0.21s 


D + 

vw 


= 1.7426 x 10 6 

Nrs > 4000 (Green 


and Maloney, 1997). 
e = 0 for smooth pipe 


/ = 0.00265 

Pressure drop for ideal gas: 

G = 5.8548 lb mass / ft 2 s 
L = 20 x 5280 = L = 1.05 6 x 10 5 ft 


M = 16.04 


D = 0.363(4.072)'{0.45}(2.2304)~{0.13}(0.0001)~{0.025} 
= 0.60202 m 

= (((0.60202) (100))/((2. 54) 12)) = 1.9751ft 

Say D = 2.0 ft and revisit this specification after the pressure 
drop is calculated. 

The velocity at lOOpsia is given by 

W 

Ptt(D 2 /4) 

20 

“ ((16.04 x 100) / (10.73 x 530))3.416(D 2 /4) 


T = 530R 

P 2 M(100) 2 (32.175) x 144 ( ( PiV 2 fL 

n !00 + 2 x 10.73 xTxG 2 (v 100 / ) + D 

P 2 G (0.001. 100) 

Solution: P 2 = 92.366 atm. 

b. Nonideal Gas Calculations : Truncated virial equa- 
tion: Equation (13.15) 

Equation of state parameters: 


= 20.758 ft/s, 

which is well below the sonic velocity given by the ideal gas 
value: 


T c = 190.6 K (Sandler, 1999) 
P c = 46.0 
co = 0.008 


c = 



10.73 x 539 x 1.3 
16.04 


1/2 


x 144 x 32.175 


b{T) 


f 0.083 ^ 

m Pc {\4.i) ^ (r/i.STc) 1 ' 6 


= 1473.7 ft/s 

y = 1.3 (Smith et ah, 2005). 


+ a> 0.139- 


0.172 


(771.87V) 


4.2 
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The compressor work is then given by 
Poly tropic: 


W 


me 



- 1 


Pi b fP 2 \ {b ~ l)lb 

+ Pib- 1 VpJ 


Isobaric: 


Example 13.1.1.2.1-1: Calculation of Compressor Work 
for Natural Gas Supply Line 

See Example 13.1.1.1-1. 

Data: 

Y= 1-3 

(13.21) v i = lb force/lb mass) 1/2 

Pi = 92.5 psia 
p 2 = 100 psia 


b = 0 : W mc = 0 (13.22) 


Isothermal: 


W 


me 


- v? lim 
2 b—> 1 



- 1 


Pi b \ fP 2 \ (b ~ l)/b 

+ — lim — 

Pl b-> 1 b — 1 \P 1 ) 


(13.23) 


b= 1 



- 1 


+ — lim 

Pi a-, o 



(13.24) 


W 


me 



l 



(13.25) 


Adiabatic: 


b = y W mc 



- 1 


P i Y 

Pi r- i 


Pl) 


(13.26) 


Isochoric: 


W mc = 


P 2 -P 1 

Pi 


(13.27) 


T = 530/1.8 K 


A/= 16.041b mass/lb mol 


0 7376 

R = 1.987 x 454 — : ft lb force/(lb mol K) 

0.23901 ; 


Pi = 


MPi 

~RT~ 


Summary of calculations: 


h 

W (b) ft lb f /lb m 

n{b) ft lbf /lb, 

0.0 

0.0 

0.0 

0.001 

44.308 

-6.8478 

0.01 

509.13 

-6.8478 

0.5 

3831.0 

-1.8346 

0.6 

3880.8 

-1.5671 

0.7 

3917.0 

-1.3674 

1.0 

3983.2 

-0.98865 

1.1 

3997.4 

-0.90501 

1.2 

4009.3 

-0.83440 

1.3 

4019.5 

-0.77399 

1.8 

4053.4 

-0.56822 

3.0 

4089.2 

-0.34682 

5 

4110.8 

-0.21025 

10 

4127.2 

-0.10595 

100 

4141.9 

-1.0669 x 10 

00 

4143.6 

0.0 


The effect of the kinetic energy change from the inlet to the 
outlet and the polytropic parameter can be gleaned from the 
preceding results. Both effects are negligible over the iso- 
thermal-isochoric range. 


W mc (b)=-v 2 i 



( 6 - 1 )/* 


- 1 
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n{b) 



Pi -Pi 


Pi 


The temperature rise may be calculated with the First 
Law. The specific heats as a function of temperature are 
formulated as follows: 


1 = nitrogen 

2 = oxygen 
3 = water 


[«] = 

'0.2911 x 10 5 
0.2910 x 10 5 
0.3336 x 10 5 

0.0861 x 10 5 
0.1004 x 10 5 
0.2679 x 10 5 

1.7016 x 

2.5265 x 

2.6105 x 

cn co cn 

o o o 

0.001 x 10 5 
0.0936 x 10 5 
0.0890 x 10 5 

909.79 

1153.80 

1169 



C(i, T) 

— 1 H - ^1,2 ^ 

/ a#/T ' 

2 

\ 



Vsinh(a,- 3 /r) y 

) 


Example 13.1.1.2.1-2: Power Required for C-301 A/B: 
Acrylic Acid Plant 

Stream 1 is to be compressed from 1 to 5 atm (see process 
flow diagram, Figure 1.4). 

The compression ratio is 5.0. Specify two stages with 
equal compression ratio. The interstage pressure can be 
established as follows: 

P 5 

— = — orP = 2.2361 atm 
1 P 


Interstage pressure = 2.24 atm, which sets the compression 
ratio at 2.24. The flow rate is given by 


a , 4 x 


( difi/T \ 2 

Vcosh (a u5 /T)J 


[A/l 


1056.7 

280.9 

25.3 


W c = 3.0551 x 1 0 9 J/h 

.X 

/ C (o T) dT = 3.0551 x 10 9 , Solution is 

298 

{T= 374. 42} K 


Outlet temperature of first stage = 374.42 — 273.16 


162.9(1000)(l/60) x (0.0821) x (298) x (35.3145/1000) 


= 101.26°C = 182.3 °F 


= 2345.8 CFM at inlet 

Consequently, a centrifugal compressor may be used. The 
power required per stage can be calculated with the ideal gas 
result for adiabatic conditions in Equation (13.26). 

y = 1.4 for air at 1 bar and 300 K (Green and Maloney, 
1997). 


which is less than 375 °F, the “rule of thumb" maximum. 
See Problem 13.2. 

13.1.1.2.2 Nonideal Gas The option of a nonideal gas is 
available in most process simulators. The reversible adia- 
batic process or isentropic method is generally used and can 
be implemented as follows: 


W c = 8.314 x 298 x 1 ^ 4 - (2.2361 4/1 - 4 - 1) 
x 1362.9(1000)/(3600 x 1000) 


= 848.64 kW at 100% efficiency 
W c = Q = 1 170.5 at 72.5% efficiency or 2341 kW for 


P(V u T l )=P l (13.28) 

Determine the outlet conditions from the equation of state 
and the requirement of no entropy change: 


P(V 2 ,T 2 ) = P 2 (13.29) 


two stages. 


S(V 2 ,T 2 ) = S(V u T l ) 


(13.30) 
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Having the outlet conditions completed, the energy bal- 
ance can be used to determine the reversible adiabatic work 
required of the compressor: 

W c =H{V 2 ,T 2 )-H{V u Ti) (13.31) 

The actual outlet temperature of the compressor can be 
calculated using an efficiency, rj, for the compressor. The 
efficiency of centrifugal compressors is approximately 65- 
75%, 80-85% for axial flow compressors, and 70-85% for 
reciprocating compressors (Branan, 1994). Considering that 
the extra energy increases the enthalpy of the gas, the actual 
enthalpy of the outlet can be calculated from 


isentropic efficiency 


^(^,r 2 ) lsentropic -//(v 1 ,r 1 ) 

H^-H(V u T{) 

(13.32) 


The actual outlet conditions follow from the following: 


• Calculate isentropic enthalpy and work 

• Determine actual work using efficiency 

• Determine outlet conditions from 


factual = H(V 2 , T 2 ) - H(V u Ti) (13.33) 

P(V 2l T 2 )=P 2 (13.34) 

Expressions for the entropy and enthalpy for a nonideal 
gas are derived in Chapter 3 for the Redlich-Kwong-Soave 
equation of state (see Example 3. 2. 1-1). Using those results 
gives the desired property changes as 


S(V 2 ,T 2 ) - SiVuTt) = R\n 


(Vi - b)z 2 V i 
(V, -b)z iV 2 


2 bT: 


3/2 


In 


b' 

1 + 


2bT\ 


3/2 


In 


[+ v ; 


t 2 


r as<T +K i„'A 

T 


T 1 


S(V 2 ,T 2 ) - SiVuTi) = Rln 


In 


2 bT 


3/2 


Pi 

(v 2 - b)z 2 Cl 

(V x -b)z x V 2 


x+ v 2 


(13.35) 


2bT\ 


3/2 


In 


l+ k 


T Vi 


(13.36) 


T i 


H(T 2 , V 2 ) - H(T\, V x ) = p 2 V 2 - Pl V x - R(T 2 - Ti) 


3a 

2b 




- 1/2 


In 



Ti 

+ J c p0 (T)dT (13.37) 

Tx 


The procedures outlined above for nonideal gases were 
implemented in a Mathematica program with the expres- 
sions derived from the Redlich-Kwong-Soave equation of 
state. 

SUMMARY OF RESULTS Isentropic process: 

Vi = 0.00379464 m 3 /mol 
U 2 = 0.00357338 m 3 /mol 
T 2 = 299.945 K 
W = 3997 ft lb f /lb m 

Actual at 80% efficiency: 

V 2 = 0.0050869 m 3 /mol 
T 2 = 423 K 
W = 4996 ft lb f /lb,„ 

Note the substantial increase in temperature due to the 
inefficiency. 


13.1.2 Pressure Drop in Fixed Beds 

Fixed (or packed) beds of solid particles are common in 
chemical processes. In adsorption, the particles are porous 
with a high surface affinity for a restricted range of com- 
pounds. Fixed-bed reactors contain solids consisting of a 
solid support whose surface area is coated with a catalytic 
material. These are examples of a stationary solid phase, a 
packed bed of solid particles, over which a single fluid phase 
flows. Fixed beds of solids are also used in gas absorption, 
for example, but in these cases, there are two fluid phases 
that flow countercurrently. Here we consider estimates of the 
pressure drop in a fixed bed based on a capillary model of the 
flow of a single fluid phase. 

The void space surrounding the particles in the packed 
bed is envisioned to consist of a collection of straight round 
capillaries of diameter d and effective length / e . The total 
volume of these capillaries is the actual void volume in the 
bed. The surface or wall area of the capillaries is taken to be 
the external area of the particles. A characteristic diameter 
for the particles is defined so that the ratio of the external 
surface area to the volume of the particle is exact for spheres: 
D p . Consequently, 
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[(1 ~ e)Vx] 

Volume of 
solid 



External surface 
area per unit volume 
of solid 



Volume of void 
space 


jtdl e 

jr(d 2 /4)l e 

Surface area per unit 
volume of capillaries 


High Velocity At high velocities, the friction factor for 
empty tubes approaches a constant value. On this basis, the 
effective friction factor is set equal to B and its definition 
becomes 


(13.38) 


. , , , nd 2 

A {P + pgl e ) — 


\ B(p{v}(v))ndl e 


(13.46) 




(13.39) 


where the total bed volume is given by V T . 

From the definition of the friction factor in empty tubes, 


A(F + pgl e ) = 2 b(p~—\ 
V £ £ / 


1 

[(2/3)(e/(l 


A (P + Pgk) 


3-BpVp/e (1 - e) 
D p e 3 


e))D p 


-h 

(13.47) 

(13.48) 


A(P+ Pgl e ) = y (p( v) ( v)7T d/e 


(13.40) 


The experimental result for a tube of length L is the Burke— 
Plummer equation: 


Three flow regimes can be identified. 

Low Velocities In this case, it is assumed that the effective 
friction factor follows a relation similar to that for straight 
round tubes: 


(. Pd(v})/r) 


(13.41) 


where A was found to be 16 for the case of laminar flow in 
tubes. The interstitial velocity is (v). The superficial velocity 
is v 0 (= e(v)). Substitution into the definition of the effective 
friction factor above gives 

7T d~ 1 t n 

A (P + pgh) -j- = ^ (P(v)(v)); r d/ e (13.42) 


A (P + pgl e ) 



2 A?t Vo 

[(2/3) (e/(l — e))D p ] 2 8 e 

(13.43) 


A {P + pgl e ) 


4.5Ar]v 0 l e (1 - e) 2 

D l 


(13.44) 


The experimental result for a tube of length L is the Blake- 
Kozeny equation: 


(Dy\ p[A(p + pgL)\ e 3 

U/ Gl (1-e) 


150— ^-(1 -e) (13.45) 


G 0 is the superficial mass flux, a constant through the bed. 
The density and viscosity can be the average of the inlet and 
outlet values. 


or 


+ 03.49) 

f D p \ p[A(p + pgL)] e 3 _ 7 
W Gp (1 -«) ^4 U ^ U) 


Full Range of Velocities The addition of these two equa- 
tions is called the Ergun equation. It is able to correlate the 
data over the full range: 


(Dp\ P[A(p + pgL)\ £ 3 
\LJ G 2 q (1 -£) 


150 ak (1 -' )+ ? 


(13.51) 


Again note that G 0 is a constant through the bed and that 
the density and average of the inlet and outlet values. 
Although the basic model is for incompressible flow, appli- 
cations to gas phase systems have been successful. If the 
density changes are extremely large, the results can be 
applied in differential form. 


13.2 FLOW OVER SUBMERGED SPHERES 

The fluid velocity required to suspend a particle is of interest 
in a variety of applications. For example: 

• In gas-liquid contacting equipment, this velocity deter- 
mines the condition called flooding where the liquid 
phase dispersion falling by gravity through an opposing 
gas is prevented from exiting the equipment and can be 
found in significant proportions in the exiting gas. 

• It is the defining characteristic of fluidized beds. 
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• In liquid-liquid systems, the relative motion of the 
droplets is related to this parameter, which bears 
directly on the mass transfer rate. 

• It characterizes the power requirements to suspend 
solids in agitated tanks (see Figure 5.11). 


The gas velocity in gas-liquid separators may be calcu- 
lated with 



At the root of all these applications is the flux of 
momentum to an entrained solid or liquid particle. 


13.2.1 Momentum Balance for Single Particle 

Assume that the diameter of liquid droplets is sufficiently 
small so that surface tension can maintain a spherical shape 
and internal circulation does not affect the momentum 
transfer process with the surrounding fluid. Under these 
circumstances, the liquid droplets can be treated in the 
same way as solid spheres and the fluid medium can be a 
liquid or gas. 

From the analysis of the momentum transfer process for 
the case of very low gas phase velocities (see Section 9.4.1), 
we can identify the forces due to gravity and buoyancy. The 
viscous forces, Stoke ’s law, can be replaced with a friction or 
drag coefficient using the terminology for friction factors for 
submerged objects. The terminal velocity of a spherical 
object falling through a stagnant medium is the same as 
the suspension velocity where the particle is stagnant in the 
grips of a rising fluid. The momentum balance for the 
particle is given by 

+ C D (7rtf;)^p f v t 2 

Momentum transfer from fluid to particle 
drag coefficient in lieu of friction factor and 
projected area in lieu of actul area as discussed 
at the outset 



Buoyancy force 
opposes gravity 


=0 (13.52) 

Gravitational force opposite 
to motion of surrounding fluid 


For v in ft/s. A: = 0.35 with mesh de-entrainer; k = 0.1 
without mesh de-entrainer. 

This is a direct adaptation of the terminal velocity 
analysis where the coefficient of the density factor is taken 
to be an empirical constant. 

13.2.2 Terminal Velocities in Newtonian Fluids: Solid 
Suspensions 

The expression for the terminal velocity derived from the 
momentum balance may be used to evaluate the drag 
coefficient from experimental measurements. The expression 
for the force on the sphere given in Chapter 9 may be used with 
the definition of the drag coefficient to show that the drag 
coefficient is a function only of the Reynolds number. 

Measurements of the drag coefficient for submerged 
spheres generally follow the curve shown in Figure 13.4. 

The value of the terminal velocity may be determined as 
follows. In the region of Stoke’ s law, the drag coefficient is 
given by 


67rpRv t = C d (7tR 2 ) -p f vf 


(13.54) 


C D =24 


__n_ 

PfVtdp 


24 


(13.55) 


This relation is valid up to a Reynolds number of 
approximately 0.1, although it has been applied to values 
of the Reynolds number as high as 1.0. The complete range 
of drag coefficients may be represented as Green and 
Maloney (1997): 


1/2 f p ~ P f \ 1/2 
3 C D _ V Pf / 


(13.53) 


The result that the terminal velocity is proportional to the 
relative density difference has been beneficial in a number if 
correlations of experimental data. 


c D = — , N Re < 0.1 (13.56) 

A Re 

24 

c D = — (l+0.14< e 7 ), 0.1 <N Re < 1000 (13.57) 

A Re 

c D = 0.44 1000 < A Re < 350, 000 (13.58) 


Example 13.2.1-1: Diameter of Gas-Liquid Separators 

The following heuristic (Couper et al., 2005) was stated in 
Section 6.3 for gas-liquid separators such as the drum in a 
flash vaporization unit. 


8 x 10 4 

c D = 0.19 A Re > 1,000,000 (13.59) 

ARe 

The combination of the preceding four equations con- 
stitutes a single functional relation of the drag coefficient to 
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ICf 1 10° 10 1 10 2 10 3 10 4 10 5 10 6 10 7 

Re 


FIGURE 13.4 Drag coefficients for suspended spheres (Middleman, 1998). 


the Reynolds number over the full range of values. The 
momentum balance on the particle provides a second: 

CD = (13.60) 

where 



Density and diameter of particles: 

Estimate the solid density and void volume from 
Table 6.16. 

p s = 3100kg/m 3 

V g = 0.65(0.001) = 0.00065 m 3 /kg 

Calculate the apparent density (not independent of preced- 
ing two properties): 


The value of A being set, we now have two equations and 
two unknowns, the drag coefficient and the Reynolds num- 
ber. The desired terminal velocity may be extracted from the 
Reynolds number. 

Example 13.2.2-1: Slurry Adsorption of Hexyl Glucoside 

In Chapter 5, a batch adsorption system was considered to 
capture the hexyl glucoside from a solution with hexanol. 
The terminal velocity of the adsorbent particles is needed to 
estimate the power required (see Example 5. 3. 2. 4-1). 
Assume that the adsorbent particles are 5 mm spheres of 
activated alumina i] ( 


Pp — 


Ps 

1 + PsV g 


p P — 


3100 

1 + 3100(0.00065) 


1028.2 kg/m 3 


D p = 5 mm spheres = 0.005 m 


Ad = 


g)(0.005) 


/ 793.6 x 0.005\ 2 / 1028.2 
\1.9619 x 10~ 3 / V 793.6 


8061.7 


from Equation (13.61) 


Solution: 

Refer to the database requested in Problem 1.1c (Yaws, 
1999). Say T = 328 K: 

)] f = 1 o(~ 9 ' 7166+2 ' 0060xl000 / 328+0 ' 0159 ( 328 ) _1 ' 2286xlff ~ 5 x(3 28 ) 2 


8061.7 24 n , 

x — = — (1 + 0.14x 0,7 ), Solution is {v = 82.473} 

x z x 

„„ „ „ 793.6(0.005)+ 0 , . . 

82.473 = r, Solution is 

1.9619 x 10" 3 


x r/f = 1.9619 x 10 3 kg/(ms) 
p { = 0. 268(0. 2673) _(1_328/61 1,35)0 2M : p f = 793.6 kg/m 3 


v t = 4.0777 x 10 -2 m/s = 4.0777 x 10~ 2 


100 
2.54 x 12 


= 0.13378 ft/s = 0.13378 x 60 = 8.0268 ft/min 
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TABLE 13.2 Values of K, a, and R for the Equation v mt = KX" 


Fluidizing System p = Solid Density (g/cm 3 ) 

D p = Particle Diameter (pun) 

K 

a 

Correlation Coefficient R 

Metal-gas 

3 < D p < 900 

4.7673 x 10~ 6 

0.71635 ±0.02213 

0.990 

Alumina-gas 

Low-medium density 0.768 < p < 2.8 

2.7568 x 10~ 6 

0.81455 ±0.02845 

0.991 

High density 

3-3 < p < 4.015 

3.7774 x 10~ 5 

0.6301 ±0.03064 

0.991 

Glass-gas 

23 < D p <569 

4.3384 x 10- 7 

0.89029 ±0.01888 

0.992 

569 < D p <3000 

2.4624 x 10^ 3 

0.46943 ±0.01 190 

0.991 

Sand-gas 

95 < D p <800 

9.7119 x 10- 7 

0.84268 ±0.01601 

0.993 

800 < D p <2800 

6.4051 x 10^ 3 

0.42520 ±0.01339 

0.992 

Coal-gas 

7 10 < D p <1000 

4.7731 x 10~ 6 

0.87117 ±0.01513 

0.998 

1000 < D p <3578 

8.5557 x 10^ 3 

0.46093 ±0.28872 

0.996 

Catalysts-gas 

25 < D p < 2250 

1.145 x 10~ 5 

0.71957 ±0.01422 

0.991 

Metallic ores-gas 

101 < D p <1250 

3.1108 x 10~ 8 

0.93283 ±0.03451 

0.994 

Gas-polymer air 

1 16 < D p <1000 

2.1308 x 10~ 4 

0.59460 ±0.01730 

0.995 

Mineral-gas 

Orthorhombic 

502 < D p < 2828 

4.427 x 10 -3 

0.47851 ±0.03930 

0.992 

Flexagonal 

0.89 < D p <2300 

7.9265 x 10~ 4 

0.50953 ±0.01379 

0.991 

Cubic 

106 < D p <2474 

7.1187 x 10~ 5 

0.61787 ±0.04099 

0.994 


Source: Coltters and Rivas (2004). 


13.2.3 Fluidization Velocities: Diameter of 
Fluidized Beds 

The rapid movement of immersed solids in fluids has a very 
favorable effect on the rates of heat and mass transfer to 
surface of the particles. Temperature gradients are largely 
reduced or eliminated in such conditions. These features are 
very attractive, for example, in the design chemical reactors 
involving heterogeneous vapor phase catalytic reactions 
with large enthalpy changes. 

As the gas velocity through a fixed bed is gradually 
increased, the pressure drop increases until the point is 
reached where the particles are no longer in permanent 
contact with their neighbors. This velocity is called the 
minimum fluidization velocity and represents the transition 
from a fixed bed to the first of five fluidization regimes: 
particulate fluidization, bubbling fluidization, slugging 
regime, turbulent regime, and fast fluidization (Couper 
et al., 2005). 


From the momentum balance given above, the following 
parameters may be proposed as the primary players in 
determining the minimum fluidization velocity: 

— ,d p ,(p~pf),V 
Pi 


Coltters and Rivas (2004) used these variables to deter- 
mine a functional relation between them and the minimum 
fluidization velocity using dimensional analysis. Their 
result is 


Vmf = K 


d;g(p~ P f ) (p 
n \Pi. 


(13.62) 


where the values of K and a depend on the system. An 
extensive set of values is given in Table 13.2. 
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FIGURE 13.5 Comparison of predictions of minimum fluidization velocity with operating data for 
catalyst-gas fluidized beds (Coltters and Rivas, 2004). Reprinted with permission of Elsevier. 


The correlation for catalyst-gas fluidized beds is shown 
in Figure 13.5. 

As the velocity is increased further beyond the minimum 
fluidization velocity the bed density decreases until the bed 
particles are found in the exit gas stream. The gas velocity at 
the onset of this condition is the terminal velocity calculated 
above. 

The following heuristics provide some insight into the 
operation of fluid beds. 

Heuristics for Fluidization (Couper et al., 2005) 


As a rough approximation, ignore pressure correction and 
give equal weights to each [see Poling et al. (2001) for 
method to use]. 

286 + 83.2 

n = = 184.6 or 0.0001 84 P 


Use medium particle size of 75 pm. Range from Woods 
(1995) is 60-80 pm 


• A particle size (diameter) in the range 50-500 pm or a 
spectrum of sizes with the ratio of the maximum to 
minimum diameter in the range 10-25 are properties of 
particles that support smooth fluidization. 

• Cracking catalysts generally have diameters in the 
range 30-150 pm and a density of approximately 
1.5 g/ml. Appreciable expansion of the bed takes place 
before fluidization and the minimum bubbling velocity 
is greater than the minimum fluidization velocity. 

• Cohesive particles and particle with diameters of 1 pm 
or more do not fluidize well. 

• Pilot plant experience is highly recommended. 

• Bed operation is normally at two to three times the 
minimum fluidization velocity. 


_MP 

P °-~RT 


0.5(18 + 28)350 
8.314(583.16) 


1.6603 kg/m 3 


p G = 2g/cm 3 or2000kg/r 


X = 


(75 x 10~ 6 x 100) (2000 — 1.66)10^(980) 


0.000184 x 0.1 x 


1.23 


100 


2000 \ 1 , 
X ^+6603 y = 3 - 6867 x 106 


v mf = (1.145 x 10 _5 )(3.6867 x IQ 6 ) 0 ' 71957 = 0.60 8 08 cm/s 


Example 13.2.3-1: Diameter of R-301 Reactor 


Design at 2 x 0.60808 = 1.2162 cm/s 


A gas flow of two to three times the minimum fluidization 
velocity may be used to estimate the diameter. 

Chemical properties handbook: 

Viscosity of N 2 at 583K=286x 10“ 6 P 
Water = 83.2 x 10“ 6 P 


V G = (15.533 + 53.993 + 1056.7 + 59.707 + 1164.6 

1 1 


-6.4762 + 87.247) 


350/(8.314(583.16)) 3600 


= 9.4053 m 3 /s 
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FIGURE 13.6 GPDC chart (Green and Maloney, 1997). Reprinted with permission of McGraw-Hill. 


1.2162 3.1416 

— —— — cl 2 = 9.4053, Solution is {cl = -3.4605}, 

100 4 11 

{cl = 3.4605} 

Diameter = 3.46 m as compared to reported simulator 
value of 3.6 m. 

13.2.4 Flooding Velocity in Packed Towers: Tower 
Diameter and Pressure Drop 

In gas-liquid operations, the liquid phase is dispersed in 
the gas and wets the 1 in. solid surface of the packing (see 
Figure 12.16) under normal operating gas velocities. As the 
gas phase flow rate is increased, the liquid holdup remains 
nearly constant until a point is reached where the amount of 
liquid retained in the column changes and begins to increase 
rapidly (Treybal, 1980). The column is said to be loaded at 
these conditions and the pressure drop increases rapidly with 
the gas flow. Further increases in the gas rate will lead to 
flooding where the amount of liquid contained in the column 
is very high and the dispersion may even change to gas 
dispersed from the liquid dispersed. Incipient flooding for 
most absorbers is taken to be at a pressure drop of 1.5 in. 
water/ft of packing (Green and Maloney, 1997). 

The packed tower adds a third phase to the operation over 
the fluid-solid systems considered in the preceding section. 
Although this moves the physical circumstances that much 
further away from the single particle considerations, the 
basic interphase momentum flux requirements remain. 


However, an even greater reliance on empirical data is 
necessary. For several decades, the correlation in Figure 13.6 
has been used to calculate flooding velocities and pressure 
drops in packed towers (Kister et al.. 1992). It is generally 
known as the generalized pressure drop correlation (GPDC) 
and constitutes the summary of extensive experimental data. 
The following discussion will employ an approximate 
graphical interpolation. A more extensive and accurate 
interpolation method using the supporting data is available 
in Kister et al. (1992). 

The superficial gas velocity, v s , is in ft/s. The packing 
factor, is in ft -1 , and the kinematic viscosity (centi- 
stokes) is obtained by dividing the molecular viscosity in 
centipoises by the liquid density in g/cm 3 . The packing 
factor is normally the wetted surface area of the packing 
divided by the cube of the void volume ( a p and e in 
Table 12.1). However, its value may have been adjusted 
to obtain a better correlation of the pressure drop data. Some 
examples are given in Table 13.3. 

The chart is used by first calculating the abscissa at the 
end of the column with the highest flow rates. The superficial 
gas velocity at flooding can then be evaluated from the 
ordinate of the pressure drop curve at 1 .5 in. water/ft pack- 
ing. This is taken as the flooding velocity. The value of the 
ordinate is evaluated with a superficial gas velocity at 
approximately 70% of the flooding value. The pressure 
drop can then be read directly from the chart. The column 
diameter is obtained from the relation of the total flow to the 
superficial flow rate. 
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TABLE 13.3 Characteristics of Random Packings 


Name 

Material 

Nominal Size (mm) 

Surface Area (m 2 /m 3 ) 

% Voids 

Packing Factor (m ') 

Vendor 

"Intalox saddles 

M 

(No. 25) 


97 

135 

Koch-Glitsch, Inc., 







Wichita, Kansas, USA 

“IMTP" 


(No. 40) 


97 

24 




(No. 50) 


98 

59 


“Pall rings 

M 

16 

- 

92 

266 

(Generic) 



25 

205 

94 

184 




38 

130 

95 

131 




50 

115 

96 

88 




90 

92 

97 

59 


“Pall rings 

P 

16 

340 

87 

310 

(Generic) 



25 

205 

90 

180 




50 

130 

91 

131 




90 

100 

92 

85 


Berl saddles 

C 

13 

465 

62 

790 

(Generic) 



25 

250 

68 

360 




38 

150 

71 

215 


Intalox saddles 

C 

13 

625 

78 

660 

Koch-Glitsch, Inc. 



25 

255 

77 

197 

Wichita, Kansas, USA 



50 

118 

79 

98 




75 

92 

80 

70 


Intalox saddles 

P 

25 

206 

91 

131 

Koch-Glitsch, Inc. 



50 

108 

93 

92 

Wichita, Kansas, USA 



75 

88 

94 

59 


Raschig rings 

c 

13 

370 

64 

1900 

(Generic) 



25 

190 

74 

587 




38 

120 

68 

305 




50 

92 

74 

213 




75 

62 

75 

121 


Raschig rings 

M 

19 

245 

80 

730 

(Generic) 



25 

185 

86 

470 




38 

130 

90 

270 




50 

95 

92 

187 




75 

66 

95 

105 



Source: Couper et al. (1997). 
"Through flow packing. 


Example 13.2.4-1: Sulfur Dioxide Absorber 

An air stream blowing at 30,000 ft 3 /h contains SO 2 at a mole 
fraction of 0.075. The mole fraction of SO 2 is to be reduced 
to 0.01 by countercurrent absorption into pure water. The 
pure water solvent and the gas stream are at 25 °C and 1 atm. 
In determining the height of a packed tower required for the 
separation using 1/2 in ceramic Raschig rings, the liquid and 
gas rates were found to be 45,604 lb/h and 2214.5 lb/h, 
respectively (see Example 12.7.3.3-1). 

Solution: 

Using the ideal gas law to calculate the gas phase density 
gives 


l! 

Pg 

/2 

45604 

'0.073818' 

a 

Pl_ 

2214.5 

62.4 


Using 1.5 in. water/ft as the pressure drop per feet of 
packing, the vertical axis is at 0.9. Therefore, 

G _ 0.90 

VPG/(PL~P G )Ff^ 

The value of F p for 0.5 in. ( 13 mm) ceramic Raschig rings 
from Table 13.3 is 1900m -1 . Taking the liquid viscosity 
to be that of water, 1 cP, and using the equation 

22,145/3000 
x{D 2 /4) 

0.90 

\J 0.0738/(62.4 - 0.0738)^1900 x ((2.54 x 12)/ 100) ( 1 .0)° 05 
D = 0.8489 
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The diameter of the tower is then 0.85 ft or approximately 
20 packing diameters, which conforms to the heuristic (see 
Chapter 11) that it should be at least 15. 


PROBLEMS 

13.1. Recalculate optimum pipe diameter for Example 
13.1.1.1-1. Repeat calculations with a new diameter. 

13.2. Determine if water condensation is expected in the 
compression of Example 13.1.1.2.1-2. We might ask if any 
of the water condenses. We can compute the temperature at 
which liquid water has a vapor pressure equal to the 


prevailing partial pressure. The temperature is called the 
dew point. This is an application of Raoult’s law. 


p(T) = 10 29 ' 861-3152 ' 2 T _73037x ( 1 / 2 -3026)xlogr+2.4247xl0- 9 xT+1.8090xl0- 6 xr 2 

vapor pressure of water in mmHg 
At the inlet conditions 


P(T) 



1 x 760, Solution is 


{T 


289.66} 


{x = 450.01} = 450.01 - 273.16 = 177.01 °C 
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INTERPHASE ENERGY TRANSFER UNDER 
TURBULENT CONDITIONS 


Energy transfer under turbulent conditions takes place when 
a fluid phase in turbulent motion encounters a solid surface 
at a different temperature. If the surface is open, energy will 
be transferred with each element of mass that appears or 
disappears at the interface with the solid phase. This energy 
flow can be appended to the mass transfer process. However, 
energy will also flow down a temperature gradient across a 
closed surface. This mechanism is separately accounted for 
in this chapter in much the same way that mass transfer 
coefficients were discussed in Chapter 12. 

14.1 HEAT TRANSFER COEFFICIENTS— 
ANALOGY WITH MASS TRANSFER 


transferred. To this end we may construct a heat transfer 
system essentially consisting of two fluids separated by a 
rigid diathermal solid. One of the fluids is pure and saturated 
at the desired temperature of the heat transfer interface. The 
local heat transfer process in the single-phase system can be 
isolated. The situation is illustrated in Figure 14.1, which 
may be discussed in terms of a heat transfer experiment to 
measure h. 

The system is therefore similar to that in Figure 12.5 for 
the determination of a mass transfer coefficient. An overall 
energy balance corresponding to the mass balance in Equa- 
tion (12.38) is given by 

d Au 

pc p VdT b = h(T s - T b ) — ^dE (14.1) 


The heat transfer coefficient is not measured directly, but is 
the result of calculations that use temperature and flow 
measurements at the inlet and outlet. The dependence of 
the heat transfer coefficient on the system parameters is 
deduced from the microscopic balance equations for the 
particular circumstances of the experiment. As we have seen 
in Chapters 8 and 11 for example, the solution to the 
microscopic balances in terms of dimensionless variables 
exposes the relative effects of the combinations of the 
physical parameters that affect the system behavior. The 
heat transfer coefficients can thereby be expressed most 
efficiently in the terms of these dimensionless variables. 

It is important to know the temperature at the heat transfer 
interface in order to extract the heat transfer coefficient 
from an overall rate measurement of the thermal energy 


In keeping with the similarity to the mass transfer case, this 
result entails averaging the microscopic thermal energy 
balance over the cross section with a unit normal perpen- 
dicular to that of the heat transfer surface (see Problem 
15.1). The bulk temperature is therefore an average, but, 
because of turbulent mixing, the average will be close to the 
actual over most of the cross section. Equation (14.1) may be 
integrated between the inlet and outlet to give 


pc P v(r bf - r bo ) = ha v (T s - r b ) LM y (14.2) 


where 

(Ts - r b ) LM = { — 


T b f) - (r s - T b0 ) 


In 


T„-T b f 
T s -T b0 


(14.3) 
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FIGURE 14.1 Local heat transfer surface. 


The heat transfer coefficient and therefore the local convec- 
tive hydrodynamic environment have been assumed to be 
constant over the surface. 

As in the case of mass transfer, the heat transfer 
coefficient could be calculated from a solution to the trans- 
port equations, which would provide the integrand shown in 
Figure 14.1 for the evaluation of the heat transfer coefficient. 
The continuity equation, Equation (8.224), and the momen- 
tum balance. Equation (8.225), written for the mass transfer 
scenario apply here as well. The internal energy balance is 
given by Equation (8.227). 

The characteristic temperature difference will most likely 
be the value at the surface less the inlet value. Additional 
dimensionless groups may appear in the same way as 
suggested in Chapter 12 for the mass transfer coefficient. 
For example, additional dimensionless groups may appear in 
the boundary conditions required at the inlet, equipment 
boundaries, and phase interfaces. It is important to note that 
the system of equations is the same with only a symbolic 
difference between the dimensionless concentration and 
temperature and the replacement of the Schmidt number 
with the Prandtl number. The solution for the concentration 
held may therefore be used for the temperature held with 
these replacements. 

The heat transfer coefficient may then be calculated from 
the solution as follows: 


hATay = 

/ kVT x na v dV 

(14.4) 


Jv 


hL 1 

f , * 



VTx ndV 

h 

(14.5) 


The heat transfer coefficient has been assumed to be constant 
over the heat transfer surface. If the mean temperature 
difference is not the characteristic difference used in the 
transport equations, an adjustment will be needed in 
the result. The dimensionless form of the heat transfer 
coefficient ( hL/k ) is referred to as the Nusselt number for 
heat transfer and it is the same function of dimensionless 
groups as the Sherwood number in Equation (12.35) with 
the replacement of the Schmidt number with the Prandtl 
number: 

Nku = F(N Re ,N Pll N Gll N Fri N Eq , . . .) (14.6) 

Heat and mass transfer correlations are interchangeable to 
this extent. 

14.2 HEAT EXCHANGERS 

Chemical processes operate at specific temperatures 
selected on the basis of safety and material considerations, 
and the thermodynamic and rate considerations required to 
obtain the desired product stream. Temperature and phase 
requirements are affected by heat exchangers. A generic heat 
exchanger is depicted in Figure 14.2. 

The heat exchanger is a device that provides a large 
internal area that prohibits any mixing of a hot stream with a 
cold stream and allows the exchange of thermal energy 
sufficient to achieve the desired outlet phase and tempera- 
ture conditions in the process stream. The energy transfer 
rate required to meet the desired conditions is denoted by Q. 
The exchanger area required is A, which is a primary 
objective of design calculations. The overall heat transfer 
coefficient depends on the specific type of heat exchanger. 

The stream targeted as the process stream can be the cold 
or the hot stream. It is most desirable for the second stream 
to also be a process stream to make the maximum use of the 
thermal energy available in the process itself. There are 
effective algorithms available for such heat integration and 
they can have a substantial effect on the process economics. 

If the desired change cannot be (fully) affected by a 
process steam, a heat exchange medium is employed that is 
regenerated in the plant. Such streams are called process 
utilities and are produced by a separate unit in the plant. The 
process utilities may be cold or hot. 

A common coolant is cooling water that is a process 
utility used very often because it is inexpensive to regener- 
ate. Regeneration is affect in cooling towers where the water 
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FIGURE 14.2 Generic heat exchanger. 
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is sprayed over a forced air stream. Some water is evapo- 
rated, which takes the heat of vaporization from the falling 
droplet. If you have not already done so, spin a wet wash rag 
and sense the cooling. Cooling towers accept water at 
approximately 115 °F and supply cold water at 80-90 °F 
(Couper et al., 2005). Because of economics alone, the 
operating pressure of distillation towers is selected so that 
cooling water may be used in the overhead condenser. 

A common heat source is saturated steam made available 
by the utility section of the plant at different pressures. The 
steam is condensed to saturated liquid in the process heat 
exchanger, thereby supplying the required thermal energy 
at a constant temperature. Typical low pressure steam is at 
5 barg, medium pressure at 10 barg, and high pressure 
at 41 barg (Turton et al., 2003). 

The driving force for the transfer of thermal energy is the 
local temperature difference between the hot and cold fluids 
that exists across the heat exchange area. This temperature 
difference continually decreases through the exchanger 
when the streams are in parallel flow, since the cooling of 
the hot steam and the heating of the cold stream take place 
between aging elements in both streams. In countercurrent 
flow, the exchange takes place between aging elements in 
one stream and younger elements in the other, which tends to 
maintain the temperature driving force. For this reason, 
countercurrent flow is most often used. 

For a given heat duty, a small driving force results in a 
large investment cost for a high area exchanger. A high 
driving force results in a smaller exchanger but a higher 
operating cost. The average driving force is reflected by the 
values at either end of the exchanger. These temperature 
differences, A T\ and A T 2 , are called the approach tempera- 
tures and the minimum of these is normally the minimum 
driving force in the exchanger. The optimal value for 
sensible heat exchange is approximately 5-8 °C (Woods, 
1995) in the region of ambient temperature. 

The optimal approach temperature varies with temper- 
ature. The variation can be determined to maintain the 
efficiency associated with the heat exchange. To be specific 
about what we mean by efficiency, consider the transfer 
of heat, Q, between a hot fluid at T h and a cold fluid at T c . 
The greatest amount of work that could be derived 
from this interchange in an environment at temperature 
r o is that of a reversible process such as the one illustrated 
in Figure 14.3. 

The lost work is given by 

Th — T c AT 

W Lost = W h - W c = QT a -±— A = QT 0 — (14.7) 

J- h-* c * c 


An ideal efficiency, can then be defined as 


W h - W c T h - T c AT 

71 = = in = 1 o 

Q T h T c T h T c 



FIGURE 14.3 Lost work scenario. 

This result implies that the minimum approach temperature 
should vary with the square of the root mean temperature of 
the heat exchange, in order to maintain the efficiency of the 
exchange. At cryogenic temperatures near 150 °K, the opti- 
mum approach temperature decreases to 1-2 °C (Woods, 
1995). 

Care must be taken in the selection of the minimum 
approach temperature in the case of phase change operations 
to avoid temperature crossover. The minimum temperature 
difference in these cases may occur inside the exchanger. For 
example, consider the cooling of a pure hot vapor, followed 
by condensation and subsequent cooling of the liquid. 
Suppose this is all affected by sensible heating of a cold 
liquid and that both streams have heat capacities that are 
independent of temperature. 

A transfer of heat d Q from the hot vapor results in a 
proportional temperature change given by 

dT h = - r -^d<2 (14.9) 

V nc p )h 

A plot of the hot fluid temperature versus the heat extracted is 
therefore nearly a straight line in this region. The final cooling 
zone will also be a straight line, but the slope will be less for 
the liquid. The intermediate region will be horizontal, since 
the temperature will not change during the condensation 
process. The corresponding curve for the cold fluid will be 
a straight line. The situation depicted in Figure 14.4 could 
result. 



0 


Q 


(14.8) 


FIGURE 14.4 Temperature crossover. 
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In spite of the apparently acceptable approach tempera- 
tures at either end of the exchanger, a physically impossible 
condition exists in the exchanger. The cold fluid temperature 
can never exceed the hot fluid temperature and the hot fluid 
can never be cooled below the cold fluid temperature. 

Film boiling is another important phenomenon in heat 
exchangers and takes place beyond a maximum allowable 
heat flux. Below this value, bubbles are formed on the heat 
exchange surface and are quickly released to the fluid phase 
in which they promote efficient mixing. Beyond this heat 
flux, the bubbles remain attached to the surface for a period 
of time sufficient to maintain a gas film on the heat transfer 
surface. The bubbles are released in explosions of vapor into 
the liquid phase. The resistance to heat transfer by the film is 
substantial and is to be avoided. 

A rule of thumb is that the heat flux in reboilers should 
not exceed 31,500 W/m 2 (Peters et ah, 2003) or that the 
temperature driving force should not exceed 45 °F (Seader 
and Henley, 2006). 

There are many types of heat exchangers devised for 
meeting a diverse set of process needs, but there are common 
analytical threads that unify them. The basic design proce- 
dures for heat exchangers can therefore be illustrated with 
several examples. 

14.2.1 Double Pipe Exchangers 

The simplest heat exchanger arrangement is the double pipe 
or concentric tube arrangement, which basically consists of a 
tube surrounded by a shell with an inlet and an outlet. The 
heat transfer surface is the surface of the tube. An example is 
shown in Figure 14.5 with a finned tube to enhance the heat 
transfer. 

Double pipe exchangers are not recommended for phase 
change operations. The following rules of thumb may be 
contradictory, so the designer may need to develop alter- 
natives and select the least expensive design for adoption. 



FIGURE 14.5 Double pipe heat exchanger with fins. Reprinted 
with permission of Energy Transfer MDE. 


• The stream that has the greatest potential for fouling 
should be placed in the tube. The tubes are easier to 
clean and generally less expensive in accommodating 
corrosive materials or high temperatures. 

• The stream with the highest pressure or temperature 
should be placed in the tube that is more effective in 
accommodating a high pressure and the heat transfer 
coefficients will normally be higher. 

• The stream with the lowest allowable pressure drop 
should be placed on the tube side. 

• The more viscous stream should be placed in the shell 
side to increase the heat transfer coefficient. 

• A maximum length of approximately 20 ft will avoid 
sagging. 

As a basis for considering a sizing procedure for the double 
pipe exchanger, we assume that a process stream with a given 
flow rate and composition is to be cooled by another stream 
with specified temperature and composition. A reasonable 
procedure for designing a double pipe exchanger for a partic- 
ular application is as follows (Smith, 2005): 


1 . Suppose that the hot process stream is allocated to the 
tube side and that there is no phase change in either 
stream. Suppose the minimum approach temperature is 
at the cold fluid outlet. Set this value to AT min = 10 °F as 
noted energy balance. Assuming constant heat capaci- 
ties, the balance is given by 

Wc = Wh C Ph ^n^out) (141Q) 

fPc l ' c.out ' c,inj 

2. Determine the tube and shell diameters. Both diame- 
ters can be calculated to give a liquid velocity of 
2-3 m/s or a gas velocity of 10-20 m/s. Values in this 
range will provide a reasonable balance between fixed 
and operating costs (Peters et ah, 2003). A nominal 
diameter of V 4 in. or 1 in. is common. The actual 
dimension of the tube (e.g., the inside diameter and the 
wall thickness) depends on the schedule, which is 
selected by Couper et al. (2005). 


Schedule 


1000 Internal pressure (psig) ^ n) 

Allowable stress (psi) 


The actual dimensions of steel pipe as a function of the 
schedule is shown in Table 14.1. 

The smaller diameter will allow a higher surface 
area per unit volume. 

3. Calculate the heat transfer area. The required area is 
given by 


Q = U 0 M LM {27tr 0 L) (14.12) 
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TABLE 14.1 Steel Pipe Dimensions (Couper et al., 2005) 


Nominal Pipe 

Size (in.) 

OD (in.) 

Schedule No. 

ID (in.) 

Flow Area 
per Pipe (in. 2 ) 

Surface per lin ft (ft 2 ) 

Weight per 
lin ft (lb Steel) 

Outside 

Inside 

8 -Jan 

0.405 

40$ 

0.269 

0.058 

0.106 

0.07 

0.25 



80$ 

0.215 

0.036 

0.106 

0.056 

0.32 

4-Jan 

0.54 

40 

0.364 

0.104 

0.141 

0.095 

0.43 



80 

0.302 

0.072 

0.141 

0.079 

0.54 

8-Mar 

0.675 

40 

0.493 

0.192 

0.177 

0.129 

0.57 



80 

0.423 

0.141 

0.177 

0.111 

0.74 

2-Jan 

0.84 

40 

0.622 

0.304 

0.22 

0.163 

0.85 



80 

0.546 

0.235 

0.22 

0.143 

1.09 

4-Mar 

1.05 

40 

0.824 

0.534 

0.275 

0.216 

1.13 



80 

0.742 

0.432 

0.275 

0.194 

1.48 

1 

1.32 

40 

1.049 

0.864 

0.344 

0.274 

1.68 



80 

0.957 

0.718 

0.344 

0.25 

2.17 

4-Nov 

1.66 

40 

1.38 

1.5 

0.435 

0.362 

2.28 



80 

1.278 

1.28 

0.435 

0.335 

3 

2-Nov 

1.9 

40 

1.61 

2.04 

0.498 

0.422 

2.72 



80 

1.5 

1.76 

0.498 

0.393 

3.64 

2 

2.38 

40 

2.067 

3.35 

0.622 

0.542 

3.66 



80 

1.939 

2.95 

0.622 

0.508 

5.03 

2 1/2 

2.88 

40 

2.469 

4.79 

0.753 

0.647 

5.8 



80 

2.323 

4.23 

0.753 

0.609 

7.67 

3 

3.5 

40 

3.068 

7.38 

0.917 

0.804 

7.58 



80 

2.9 

6.61 

0.917 

0.76 

10.3 

4 

4.5 

40 

4.026 

12.7 

1.178 

1.055 

10.8 



80 

3.826 

11.5 

1.178 

1.002 

15 

6 

6.625 

40 

6.065 

28.9 

1.734 

1.59 

19 



80 

5.761 

26.1 

1.734 

1.51 

28.6 

8 

8.625 

40 

7.981 

50 

2.258 

2.09 

28.6 



80 

7.625 

45.7 

2.258 

2 

43.4 

10 

10.75 

40 

10.02 

78.8 

2.814 

2.62 

40.5 



60 

9.75 

74.6 

2.814 

2.55 

54.8 

12 

12.75 

30 

12.09 

115 

3.338 

3.17 

43.8 

16 

16 

30 

15.25 

183 

4.189 

4 

62.6 

20 

20 

20 

19.25 

291 

5.236 

5.05 

78.6 

24 

24 

20 

23.25 

425 

6.283 

6.09 

94.7 


where 


— J_i 

r-A + k m in 


\ (14.13) 

r o n 0 


Any heat leak from the cold fluid to the surroundings 
has been neglected. Equations (14.14) and (14.15) are 
the result of applying the local form of the energy 
balance to the hot and cold streams: 


Resistances may be added to Equation (14.13) to 
account for fouling on the tube or shell side. The 
log mean temperature difference is defined in Equa- 
tion ( 14.3), fj is the inside diameter of the tube, r Q is the 
outside diameter of the tube, and L is its length. The 
overall heat transfer coefficient was determined with 
Equation (14.13) augmented by the resistances in the 
hot and cold fluids as illustrated in Figure 14.6. 
The subscript on the overall heat transfer coefficient 
indicates that the heat transfer area is being taken as 
the outside area of the tubes. 


HVp h -^ = -U 0 (T h - T c ) — (14.14) 

W c cp c ^ = -U 0 (T h - T c ) ^ (14.15) 

The temperature differences at the ends of the 
exchanger may then be related and the overall energy 
balance for each fluid used to eliminate the flow rates. 
The result is the equation for the area of the exchanger. 

The heat transfer coefficients may be calculated 
with the following correlations of experimental data. 
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FIGURE 14.6 Temperature field and flow directions. 

Tube Side'. 

A summary of the available correlations has been 
provided by Krauss et al. (2001). For turbulent flow, 
the following correlation is often used (Smith, 2005): 

Nu = (14.16) 

( 0.021 for gases 

A = < 0.023 for nonviscous liquids, N Kt . > 10000 
[ 0.027 for viscous liquids 

(14.17) 

The subscript w refers to conditions at the tube wall. 
Shell Side: 

The shell side coefficient can be obtained from the 
preceding correlations by using an equivalent diame- 
ter defined as four times the cross-sectional area for 
flow divided by the heated perimeter (Kern, 1950): 

D 2 — D 2 

D = — (14.18) 

A 

where D i and D a are the inner and outer diameters of 
the annulus, respectively. 

Typical values of the overall heat transfer coefficient 
are given in Table 14.2. 


TABLE 14.2 Typical Values of Overall Heat Transfer 
Coefficients Double Pipe Exchangers 


Process 

UBtu/(hft 2o F) 

Gas (1 atm)~gas (1 atm) 

2-6 

Gas (250 atm)-gas (250 atm) 

25-90 

Liquid-gas (250 atm) 

35-100 

Liquid-liquid 

50-250 


Source: Adapted from Couper et al. (2005). 


If the heat transfer area is greater than 20 m 2 , 
multiple units as well as a shell and tube exchanger 
should be considered. 

4. Calculate the pressure drops on the tube and shell 
sides. 

If the final design does not meet the design requirements 
from either the technical or the economic points of view, 
some adjustments within the ranges of the physical ranges 
discussed in the preceding examples could be made in an 
attempt to alleviate the discrepancies. 

Example 14.2.1-1 Cooling ofHCl Product from 
Adiabatic Mixing 

(See Example 3. 5.4. 1-1.) 

The product of an adiabatic dilution process is a 35 mol% 
HC1 stream flowing at 5000 kg/h and 136.3 °C. The stream is 
to be ultimately cooled to 25 °C. It is first used to generate 
low pressure steam (lps) at 20 psig and to preheat a reactor 
feed stream. These heat integration operations result in a 
stream temperature of 160 °F. Process cooling water (80- 
115°F) is available that can cool the stream to 90 °F in a 
countercurrent exchanger for a minimum approach temper- 
ature of 10 °F and not exceed a temperature difference of 
45 °F. Determine the size of a double pipe exchanger that 
would be required. 

Data: 

f ave shell = 80 ^ 115 = 97.5 °F = (97.5 - 32)/ 1.8 
= 36.389°C = 36.39 + 273.16 = 309.55 K 

f ave tube = 90 + 160 = 125.0 °F = (125 — 32)/1.8 

= 5 1 .667 °C = 5 1 .667 + 273. 16 = 324.83 K 

Approximate data: 

p= 1, 189kg/L = 1.189 g/cm 3 

= 2.10mPa s = 0.0210 g/(cm s) for mixture 

= 0.716cP = 0.00716g/(cms) for water 

Specific heat data are available in Example 3. 5.4. 1-1: 

1 = HC1, 2 = H 2 0 

_ 73.993 -1.2946 x lO^ 1 -7.8980 x 10~ 5 2.6409 x 10~ 6 
a ~ 92.053 -3.9953 x 10~ 2 -2.1103 x 10~ 4 5.3469 x lO^ 7 

J = 4 

c p (i, T)=J2 a ijT j - 1 J/(molK) 

7=1 

T i = (90 — 32) / 1 .8 + 273.16 = 305.38 K 
Tube side : ^ = ( 160 _ 32)/1.8 + 273.16 = 344.27K 
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1 


Cpm = 


(t 2 -t i) 

j = 4 


i — 4 i 

0-35^a li/7 (ri-^) 


./-i 


1 \ 

+ 0.65^fl 2 ^ T (r / 2 - r7 i) = 88.914 J/(molK) 


2=1 


T, = (80 - 32)/1.8 + 273.16 = 299.83 K 
Mieli bide : ^ = _ 32 )/i.8 + 273.16 = 319.27 K 

1 7= 4 1 

Cpm = 7 ^ T7^«y 7 (n - n) = 75.333 J/(molK) 

(42 - 1 1 ) jri J 


Heat Duty 


n _ 5000( 1000) 88.914(344.27-305.38) _ ? o.n. , n 5 t/„ 

3600 0.35(36.4610+0.65(18.01611 X 1U J/s, 


3600 0.35(36.4610+0.65(18.016)) 

which gives a coolant rate of 


i/\l _ 2.8485x 10 5 

yv c ~ 75.33(319.27-299.83) 


18.016 = 3504.4 g/s 


Diameters: velocity 2-3 m/s — say, 250 cm/s: 

Tube: 

( 1 . 1 89) (250) = 500 ^oo° 0) , Solution is: D = 2.439 1 cm 

or 0.9603 in. Choose 1 in. (Schedule 80) nominal pipe size 
(Table 14.3). 

Shell: 

(l)(250)f(D 2 - (2.54 x 1.32) 2 ) = 3504. Solution is: 
D = 5. 393 4 or 5 0 3 g 24 = 2.1234 in. Choose 2 in. (Schedule 
40) nominal pipe size (Table 14.3). 

Exchanger Length 

In applying the correlation in Equation (14.13), an initial 
estimate of the wall temperature can be made by carrying out 
the calculations without including the viscosity term. At the 
conclusion of the calculations, the wall temperature may 
be estimated by equating the heat transfer rates in the two 
zones. The calculations are then repeated until the wall 
temperature converges. 

Shell side heat transfer coefficient: 

Estimate X = 0.0016 cal/(s cm K) = 0.0016/0.23901 = 
0.0066943 J/(scmK) 

Dequivalent = (2.0672 - 1.322)/1. 32= 1.916 
in. = 4.866 cm 

/V Re = 4(3505 ,4)/(3. 1416 x 4.866 x 0.00716) = 128,104 
/V Pr = (75.3333/(18.016))0.00716/0.0066943 =4.4724 
/V Nu = 0.023(128, 104)475(4.4724)1/3 = 462.0 
h = 462.0(0.0066943)/4.866 = 0.636 J/(s cm 2 K) 

Tube side heat transfer coefficient: 

Similar calculations give 

7V Re = 25,116 

N Pr = 16.543 

N Nu = 236.61 

H = 0.325 J/(s cm 2 K) 

Neglecting the viscosity correction and the resistance of the 
metal wall, the overall heat transfer coefficient may be calculated: 


1 = 1 + L 

1.32 U 0.957(0.325) ~ 1.32(0.636) 

,2i 


, Solution is: U = 0. 172 J / 


(s cm 2 K) 


160- 115 90- 80 


ATim = 


IT 


IT 


ln- 


160- 115 


= 12.928 K 


90-80 

2.8485 x 10 s = 0.172(12.93)3.1416(1.32 x 2.54)L, 
Solution is: L = 1 .2162 x 10 4 cm or 1 .2162 x 10 4 /(2.54 x 
12) = 399.02 ft 

Area = 3.1416(1.32/12)399.02 = 137.9ft 2 

Maximum length = 20 ft so that 20 tubes (O.D. = 2.067 in. 
for tube plus insulation) connected in series with return bends. 


14.2.2 Shell and Tube Heat Exchangers 

There is a wide variety of shell and tube heat exchangers, all 
designed to provide a large heat transfer area per unit volume 
and a high heat transfer rate. If the tubes of a double pipe 
exchanger with multiple return bends are connected in paral- 
lel and made to share a common shell, there results the 
defining construction of a shell and tube heat exchanger. 
The tubes are collected in a tube bundle and mounted on a 
tubesheet. See Figure 14.7 for a 1 (shell pass)-l(tube pass) 
exchanger with two typical layouts for the tube sheet: the 
square and triangular pitches (distance between tube centers). 

Standard tube lengths are 8, 12, 16, and 20 ft. Standard 
diameters are given in Table 14.3. 

The shell sizes required to support some tube bundles of 
various sizes are given in Table 14.4 for a square pitch. 

The sizing of shell and tube exchangers follows along the 
same general lines as for the double pipe. Some basic differ- 
ences can arise. Except for the case when one or both fluids 
undergo an isothermal phase change, a correction must be 
applied to the log mean temperature difference to obtain the 
correct average driving force. Different heat transfer correla- 
tions apply to the shell side and the pressure drops are 
computed with different correlations on each side. Typical 
values of the heat transfer coefficients are given in Table 14.5. 


14.2.2.1 Constant Wall Temperature A particularly 
common application of shell and tube heat exchangers is 
when a phase change material (such as the process utility, 
saturated steam) is supplied to the shell. In these cases, a 
constant tube wall temperature may be assumed and the heat 
exchanger sized on the basis of the tube alone. 

For a constant wall temperature, the correlation of 
Gnielinski (as reported in Bejan, 1993): 


/Vnu — ■ 


{[N Re - W00]N Pr 


1 + 12.87 


< 3 ~ 1 


0.5 < N Pr < 1,000,000 


(14.19) 
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TABLE 14.3 Heat Exchanger and Condenser Tube Data 




Wall Thick- 


Flow Area 

Surface per lin ft (ft 2 ) 

Weight per lin 
ft (lb Steel) 

Tube OD (in.) 

BWG 

ness (in.) 

ID (in.) 

per Tube (in. 2 ) 

Outside 

Inside 

1/2 

12 

0.109 

0.282 

0.0625 

0.1309 

0.0748 

0.493 


14 

0.083 

0.334 

0.0876 


0.0874 

0.403 


16 

0.065 

0.37 

0.1076 


0.0969 

0.329 


18 

0.049 

0.402 

0.127 


0.1052 

0.258 


20 

0.035 

0.43 

0.145 


0.1125 

0.19 

3/4 

10 

0.134 

0.482 

0.182 

0.1963 

0.1263 

0.965 


11 

0.12 

0.51 

0.204 


0.1335 

0.884 


12 

0.109 

0.532 

0.223 


0.1393 

0.817 


13 

0.095 

0.56 

0.247 


0.1466 

0.727 


14 

0.083 

0.584 

0.268 


0.1529 

0.647 


15 

0.072 

0.606 

0.289 


0.1587 

0.571 


16 

0.065 

0.62 

0.302 


0.1623 

0.52 


17 

0.058 

0.634 

0.314 


0.166 

0.469 


18 

0.049 

0.652 

0.334 


0.1707 

0.401 

1 

8 

0.165 

0.67 

0.355 

0.2618 

0.1754 

1.61 


9 

0.148 

0.704 

0.389 


0.1843 

1.47 


10 

0.134 

0.732 

0.421 


0.1916 

1.36 


11 

0.12 

0.76 

0.455 


0.199 

1.23 


12 

0.109 

0.782 

0.479 


0.2048 

1.14 


13 

0.095 

0.81 

0.515 


0.2121 

1 


14 

0.083 

0.834 

0.546 


0.2183 

0.89 


15 

0.072 

0.856 

0.576 


0.2241 

0.781 


16 

0.065 

0.87 

0.594 


0.2277 

0.71 


17 

0.058 

0.884 

0.613 


0.2314 

0.639 


18 

0.049 

0.902 

0.639 


0.2361 

0.545 

1 1/4 

8 

0.165 

0.92 

0.665 

0.3271 

0.2409 

2.09 


9 

0.148 

0.954 

0.714 


0.2498 

1.91 


10 

0.134 

0.982 

0.757 


0.2572 

1.75 


11 

0.12 

1.01 

0.8 


0.2644 

1.58 


12 

0.109 

1.03 

0.836 


0.2701 

1.45 


13 

0.095 

1.06 

0.884 


0.2775 

1.28 


14 

0.083 

1.08 

0.923 


0.2839 

1.13 


15 

0.072 

1.11 

0.96 


0.2896 

0.991 


16 

0.065 

1.12 

0.985 


0.2932 

0.9 


17 

0.058 

1.13 

1.01 


0.2969 

0.808 


18 

0.049 

1.15 

1.04 


0.3015 

0.688 

1 1/2 

8 

0.165 

1.17 

1.075 

0.3025 

0.3063 

2.57 


9 

0.148 

1.2 

1.14 


0.3152 

2.34 


10 

0.134 

1.23 

1.19 


0.3225 

2.14 


11 

0.12 

1.26 

1.25 


0.3299 

1.98 


12 

0.109 

1.28 

1.29 


0.3356 

1.77 


13 

0.095 

1.31 

1.35 


0.343 

1.56 


14 

0.083 

1.33 

1.4 


0.3492 

1.37 


15 

0.072 

1.36 

1.44 


0.3555 

1.2 


16 

0.065 

1.37 

1.47 


0.3587 

1.09 


17 

0.058 

1.38 

1.5 


0.3623 

0.978 


18 

0.049 

1.4 

1.54 


0.367 

0.831 


Source'. Kern (1950). 
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Square pitch 



FIGURE 14.7 Fixed head shell and tube heat exchanger with 
tube pitch illustrations. Adapted from Kern 1950. 

where 

/ = 0.046Af Re 1/3 20,000 < N Re < l ,000,000 

(14.20) 


Stream Properties 


Species 1 = Diisopropyl ether 
Species 2 = Water 

102.2 

M = Molecular weight 

18.016 


M n 1299.8 

_ M \ \ 1299.8 + A+i 198.7 _ 0.97376 

W ~ M 2 ,i 198.7 “ 2.6241 x 1(T 2 

Af u 1299.8 + M 2 ,i 198.7 
Weight fraction 


1299.8 


Y _ 1299.8+ 198.7 
* “ 198.7 


1299.8 + 198.7 


0.8674 

0.13260 


Mole fraction 


or 


1 


-p= 1.737 In 

Vf 


s/fN Re - 0.396 2,000 < N Re < 1,000,000 

(14.21) 

is valid over the entire range. 

Example 14.2.2.1-1: Exchanger 309 — Solvent Endings 


The acid products in the acrylic acid process are separated 
from the extraction solvent, diisopropyl ether (DIPE), in T- 
304 and the solvent is returned to the extraction unit, 03. 
(see Figure 14.8). 


73.085 92.053 

, 1.1235 -3.9953 x 1(T 2 „ ._ , 

A ~ -3.7356 x ltT 3 —2.1630 x 10~ 4 S P ecific heat 
5.2200 x 1CT 6 5.3469 x 10“ 7 
parameters; columns = components 

c(j, T) = 1 J/(molK) Specific heat of com- 

ponent j 

c(l,298.16) = 214.34 
c(2,298.16) = 75.084 
Energy Balance 

h(j) = l 2 i 3 AstnTZt A ij Ti ~ ldT Enthalpy change for 
component j J/mol 


TABLE 14.4 Shell Sizes for Square Pitch 

4 in. OD Tubes on 1 in. Qquare Pitch 1 in. OD Tubes on 1% in. Square Pitch 


ID Shell (n) 

1-P 

2-P 

4-P 

6-P 

8-P 

Shell ID (n) 

1-P 

2-P 

4-P 

6-P 

8-P 

8 

32 

26 

20 

20 


8 

21 

16 

14 



10 

52 

52 

40 

36 


10 

32 

32 

26 

24 


12 

81 

76 

68 

68 

60 

12 

48 

45 

40 

38 

36 

13% 

97 

90 

82 

76 

70 

13% 

61 

56 

52 

48 

44 

15% 

137 

124 

116 

108 

108 

15% 

81 

76 

68 

68 

64 

17% 

177 

166 

158 

150 

142 

17% 

112 

112 

96 

90 

82 

19% 

224 

220 

204 

192 

188 

19% 

138 

132 

128 

122 

116 

21% 

277 

270 

246 

240 

234 

21% 

177 

166 

158 

152 

148 

23% 

341 

324 

308 

302 

292 

23% 

213 

208 

192 

184 

184 

25 

413 

394 

370 

356 

346 

25 

260 

252 

238 

226 

222 

27 

481 

460 

432 

420 

408 

27 

300 

288 

278 

268 

260 

29 

553 

526 

480 

468 

456 

29 

341 

326 

300 

294 

286 

31 

657 

640 

600 

580 

560 

31 

406 

398 

380 

368 

358 

33 

749 

718 

688 

676 

648 

33 

465 

460 

432 

420 

414 

35 

845 

824 

780 

766 

748 

35 

522 

518 

488 

484 

472 

37 

934 

914 

886 

866 

838 

37 

596 

574 

562 

544 

532 

39 

1049 

1024 

982 

968 

948 

39 

665 

644 

624 

612 

600 
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TABLE 14.5 Typical Values of Film and Fouling Coefficients in Btu/(h ft 2 R) 


Fluid and Process 

Conditions 

P (atm) 

(AT)„,a„(°F) 

104/? 

104 h f 

Sensible 

Water 

Liquid 



7.6-11.4 

6-14 

Ammonia 

Liquid 



7. 1-9.5 

0-6 

Light organics 

Liquid 



28-38 

6-11 

Medium organics 

Liquid 



38-76 

9-23 

Heavy organics 

Liquid heating 



23-76 

11-57 

Heavy organics 

Liquid cooling 



142-378 

11-57 

Very heavy organics 

Liquid heating 



189-568 

23-170 

Very heavy organics 

Liquid cooling 



378-946 

23-170 

Gas 


1-2 


450-700 

0-6 

Gas 


10 


140-230 

0-6 

Gas 


100 


57-113 

0-6 

Condensing transfer 

Steam ammonia 

All condensable 

0.1 


4.7-7. 1 

0-6 

Steam ammonia 

1% noncondensable 

0.1 


9.5-14.2 

0-6 

Steam ammonia 

4% noncondensable 

0.1 


19-28 

0-6 

Steam ammonia 

All condensable 

1 


3. 8-5. 7 

0-6 

Steam ammonia 

All condensable 

10 


2. 3-3. 8 

0-6 

Light organics 

Pure 

0.1 


28-38 

0-6 

Light organics 

4% noncondensable 

0.1 


57-76 

0-6 

Light organics 

Pure 

10 


8-19 

0-6 

Medium organics 

Narrow range 

1 


14-38 

6-30 

Heavy organics 

Narrow range 

1 


28-95 

11-28 

Light condensable mixes 

Narrow range 

1 


23-57 

0-11 

Medium condensable mixes 

Narrow range 

1 


38-95 

6-23 

Heavy condensable mixes 
Vaporizing transfer 

Medium range 

1 


95-190 

11-45 

Water 


<5 

45 

5.7-19 

6-12 

Water 


<100 

36 

3.8-14 

6-12 

Ammonia 


<30 

36 

11-19 

6-12 

Light organics 

Pure 

20 

36 

14-57 

6-12 

Light organics 

Narrow range 

20 

27 

19-76 

6-17 

Medium organics 

Pure 

20 

36 

16-57 

6-17 

Medium organics 

Narrow range 

20 

27 

23-95 

6-17 

Heavy organics 

Pure 

20 

36 

23-95 

11-28 

Heavy organics 

Narrow range 

20 

27 

38-142 

11-45 

Very heavy organics 

Narrow range 

20 

27 

57-189 

11-57 


Source : Couper et al. (2005). 
Note: h — value in column x 10 4 . 


Light organics have viscosity < 1 cP, typically similar to octane and lighter hydrocarbons. Medium organics have viscosities in the range 1 -5 cP, like kerosene, hot gas oil, 
light crudes, and so on. Heavy organics have viscosities in the range 5-100 cP, cold gas oil, lube oils, heavy and reduced crudes, and so on. Very heavy organics have 
viscosities above 100 cP, asphalts, molten polymers, greases, and so on. Gases are all noncondensables except hydrogen and helium, which have higher coefficients. 


Q = 1299.8/7(1) + 198.7/7(2) = 7.9363 x 10 6 kJ/h 
Duty required to heat process stream 

hvap = 2082.6(16 + 2 x 1.008) = 37520.0 kJ/kmol 
Latent heat of vaporization of 160 °C saturated steam 

duty = 7.9363 x 10 6 /37520.0 = 211.52kmol/h 
= Steam required 

duty = 211.52M2 ,i/ 1000 = 3.8107 tonne/h 
Tube diameter and number of tubes ( N) required: 


Say, tube velocity = 1.5 m/s in a 3/4 in BWG 14 heat 
exchanger tubes 

Mass flow rate in tubes = M^i 1299.8 + M 2 a 198.7 
= 1.3642 x 10 5 kg/h 

Tube ID = 0.584 in. 

Tube OD = 0.584 + 2 x 0.083 = 0.75 in. 

/ T n 0.28571 

p{T) = cuyjO. 26218(0. 26974) _ v 1_3 ®®/ 

/ T \ 0.28571 

+ tt> 2 ,i0.34710(0.274p 1 ~ 5 ™J 
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1299.8 kmol/h DIPE 
198.7 kmol/h Water 
13X 


Saturated steam 
at 160 S C 



Saturated 

condensate at 160 2 C 

◄ 


1299.8 kmol/h DIPE 
198.7 kmol/h Water 
40 2 C 


E-309 T-304 E-303/ E-303A/B P-304A/B V-301 T-305 E-305 E-306 

Solvent Solvent Solvent Solvent Solvent Solvent Acid Acid Acid 

Exchgr Tower Rejroiler Conds Reflux Reflux Tower Reboiler Conds 

Pumps Pumps Drum 


o 



T-304 


gpTF 


ft 


i 

\ 1 

it 

QV-3 

u? 


E-304 
> cw 


P-304A/B 


P-303A/B 


P-302A/B 


\ Temperature ( e C ) 


Pressure (bar) 


FIGURE 14.8 Heat exchanger E-309. 


p(273.16 + 40) = 0.71307 


Say, average viscosity = (0.2902 + 0.39376) /2 = 0.34 198 cP 


p(273.16+ 13) = 0.74093 

Say, average density = (0. 71307+0. 74093)/2 = 0.727 g/ml 

^34416 ( 058 / 0 x Q 2 - 54 ) 2 ^) 0.727 x 10 6 x 1.5 x 3600 = 

1.3642 x 10 5 x 1000, Solution is: {N = 201.08}, or 202 
tubes are needed 

Determine the overall heat transfer coefficient. 

Viscosity: Average with weight fractions 

/r(r) = a>i j io~ 5 - 535 +z T iM+00131457 ’ _1 ' 5557x10 572 

, 1 r, — 10.21 58+TZp4-j-0.01773T— 1.263 lx 10 _5 r 2 

+ C&2 1 1U 7 


Thermal Conductivity: Average with weight fractions 
X(T) = 0 ) 1,1 ^0.2894 - 8.7145 x lO^T 

n 

+ 9.26^ V,49 x 10“ 7 r 2 

i= 1 

+ 4.612 x 10' 3 r - 5.5391 x 10~ 6 r 2 ) 

A(273.16 + 40) =0. 12095 W/(m K) 
A(273.16+ 13) = 0.12835 W/(m K) 

Say, average thermal conductivity = (0.12095 

+ 0.128350)/2 = 0.12465 W/(m K) 


^ + ®2,i(— 0.2758 


/r(273.16 + 40) = 0.2902 cP 
/x(273.16+ 13) = 0.39376 cP 


iVpr(r) 


Prandtl number 
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Ap r (273.16 + 13) = 6.5052 
(V Pr (273.16 + 40) = 5.2653 


Inside Coefficient 


N Re {T) 


p{T){ 0.584 x 2.54)1.5 x 100 
i](T) x 0.01 


Reynolds number 


(V Re (273.16 + 40) = 54,673. 
(V Re (273.16 + 13) = 41,868. 


N m (T) = 


Area Required 


4 _ Q _ 7.9363 x 10 6 x 1000 _ 

uat - 3600 x 689.85 x 133.04 ~ 
lator result = 19.7 nr) 


24.02 m 2 (Simu- 


Tube length 202(3.1416) x °- 75 ^ 0 2 - 54 xL = 24.02, 

Solution is: L = 1.9869 m = 12 QQ = 6 - 5210ft 

The number of tubes may be decreased to reach a 
standard length of 8 ft. The current number of tubes may 
be installed in a 19 V 4 in. shell with the tubes arranged on a 1 
in. square pitch (see Table 14.4). 


( ° 046 xy?r 1/5 j(jv Re (r) _ iooo)A Pr (r) 

1.00 + 12.7^/ °- 046xA ^ (r) ~ 1/5 (jV Pr (r) 2/3 - 1) Nusselt number 
A^ Nu (273.16 + 40) = 110.75 
5(273.16 + 13) = 99.666 

ht(T) = 5(273.16 + y) 03^^34 Inside heat transfer 
coefficient J/(m 2 s K) 100 

/t, (273. 16 + 40) = 859.655 

hi( 273.16+ 13) = 912.23. 


„ , 859.65 + 912.23 

Say, hi = 


885.94 J/(m 2 s K) 


Neglecting any additional resistances (tube wall, shell 
fouling), the overall coefficient based on the outside area of 
the tube is given by 

= 0A84 = 689.85 J/(m 2 s K ) 

0.750 ' y ’ 

Average Temperature Difference 


14.3 MULTI-TUBULAR CATALYTIC REACTORS 

The basic design of many chemical reactors involves sub- 
stantial heat transfer considerations for reactions with large 
enthalpy changes. If the reaction rate is thought of as a rate 
or proportionality factor times a distance from equilibrium, 
it can be seen that for both endothermic and exothermic 
reactions, heating of the reaction mixture has a beneficial 
effect on the rate constant. Close to equilibrium, however, 
the two reaction classes call for completely different heating 
programs. The endothermic reaction calls for more heat, but 
the exothermic reaction calls for cooling in order to move the 
equilibrium target toward the reaction products. Conse- 
quently, the heat transfer considerations can be either heat- 
ing or cooling. 

The basic idea of the shell and tube heat exchanger, 
whereby a high area per unit volume is achieved by dis- 
tributing the reaction volume over many tubes encased in a 
heat exchange medium, is an attractive reactor considera- 
tion. Some examples are given in Table 14.6. 

Reactor illustrations and additional examples are availa- 
ble (Froment and Bischoff, 1979). 

We will consider a basic model to gain some experience 
with the full description of such systems and to illustrate 
some important operational characteristics. 


LMTD = 


(160-40) - (160- 13) 


In 


(160-40) 
( 160—13) 


= 133.04 °Kor°C 


133.04 


14.3.1 Fixed-Bed Constant Wall Temperature 
One-Dimensional Model 

In formulating a basic one-dimensional model of a noniso- 
thermal fixed bed, two additional heat transfer coefficients 


TABLE 14.6 Examples of Industrial Multi-Tubular Reactors 


Product 

Catalyst 

Reaction Temperature (°C) 

Reaction Pressure (atm) 

Acetone 

Ni 

300 

1 

Cyclohexanone 

Cu on pumice 

250-350 

1 

Phosgene 

Activated carbon 

50 

5-10 

Phthalic anhydride 

v 2 o 5 

350 

1 

Styrene 

Metal oxides 

600-650 

1 


Source : Couper et al. (2005). 
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will be needed; one at the tube wall and the other at the particle 
surface. 

A conductive mechanism of radial heat transfer through 
the fluid persists up to the tube wall in unpacked tubes. In 
fixed beds, the pathway involves two resistances: the pack- 
ing as well as the fluid. The thermal conductivity of the 
packing lowers the resistance up to the region of the wall 
where a void is encountered with a substantially higher 
resistance. The energy flux at the wall is expressed as 

J e = /i w (T - T w ) (14.22) 

A correlation due to J. Beek (as reported by Smith, 1981) is 

Nu w = = 2.58nI/ c 3 N^I + 0.094< e 8 A° e 4 cylinders 

(14.23) 

Nu w = = 0.203Ar{ 3 A^ 3 + 0.220 N° R *N° R * spheres 

(14.24) 

There is considerable variation in the reported values as 
indicated in Figures 14.9 and 14.10. 

A one-dimensional model of a fixed-bed catalytic con- 
verter can be formulated on the basis of the following 
assumptions and restrictions: 

• See Section 8.7.4. 

• No axial or radial dispersion or conduction in bulk 
phase. 

• Gas phase with single reaction on internal surface of 
catalyst particle. 

• No temperature gradients in catalyst particle. 



FIGURE 14.9 Wall heat transfer coefficient from various sources 
(Froment and Bischoff, 1979). Reprinted with permission of John 
Wiley & Sons. 

• No mass transfer resistance between the bulk phase and 
the surface of the catalyst. 

• Ideal gas mixture. 

14.3.1.1 Bulk Phase Mass Balance ( Molar Units) See 

Table 10. 1 for mass balance in cylindrical system; steady state; 
axial (z) dependence only; interpret diffusivity as dispersion 
coefficient and set to zero; see footnote to Table 10. 1 reference 
to the molar unit. 

£(y, t s , p)Ws( y, t„ P)s gPp ( 1 - s b ) i = 1 , 2 , . . . , n c 

(14.25) 

Ni=N io atr = 0 (14.26) 



FIGURE 14.10 Heat transfer coefficient to particles in a fixed bed from various sources (Froment 
and Bischoff, 1979). Reprinted with permission of John Wiley. 
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There are N c balances here. By selecting a key component, 
say a (see Section 2.3.1), the molar fluxes as well as the mole 
fractions may all be related to the flux of the key: 


-rr = £(y, T S ,P)#M y, T s ,P)S gPp (l - e*) (14.27) 


o 

II 

N 

od 

o 

II 

8 


(14.28) 

Ni = N io +^(N a -N a0 ) 

Va 


(14.29) 

yio+i^(N a -N a o) 

y ; = where 

i+it^-^o) 


(14.30) 

An = mole change for the reaction = 

E 

0/ 

all 

components 



(14.31) 

N 0 = Total molar flow to the reactor = = 

E 

; N io 


all components 



(14.32) 

14.3.1.2 Particle Phase Mass Balance ( Molar Units) 
The mass balance equations in Section 10.3.2 apply here 

also: 



D ae "77“ + PpSg’&a'R-s = 0 


(14.33) 

t v p 

Ca = C as at X = — 

A p 


(14.34) 

— Dae =0 at X = 0 

ax 


(14.35) 


The same equations apply to all components in the mixture. 
Consequently, the concentrations in the reaction mixture 
within the catalyst pores are related to the key component 
value: 

c, = c is + (c a - c as ) (14.36) 

Die v a 

At the surface of the catalyst, 

Cis = yAy, T S ,P) i = 1, 2, . . . , N c (14.37) 

The assumption that the mole fractions at the exterior 
surface are equal to the bulk values is actually a statement 
about the mass transfer coefficients. It means that the mass 
transfer coefficients (see Section 12.2) are so large that a 
very small mole fraction difference is required to meet the 
equality of mass transfer and reaction rate: 

kyiiVi - y is ) A V P = j p P S g WsdV (14.38) 

P Vf 


The molar density in Equation (14.37) must be calculated 
with an equation of state (see Example 2. 1.1. 1-1). For an 
ideal gas, Equation (14.37) becomes 

^7 = £(y, r s , P)m s ( y, T s ,p)s gPp ( l - e„) i = l, 2 , . . . ,n c 

Nj = N j 0 atr = 0 


Cis 



(14.39) 


The pressure, which is assumed to be uniform over each 
cross section, will be obtained from a momentum balance on 
the bulk phase. The energy balance on the catalyst will 
provide a relationship for the temperature at the surface. 


14.3.1.3 Particle Phase Energy Balance The total flow 
of energy to the catalyst must be zero. Since the surface is 
uniform, the flux [see Equation (8.73)] must vanish at every 
point on the surface. For an ideal system this requires that 

j(g ) =0= ^ N\ g) Hi + h{T -T s ) (14.40) 

all components 


T s = T + E(y,T s ,P)(-& a )1l s {y,T s ,P)S g p P ^ (-A H Ra ) 

p nr** 

all components 

(14.41) 


14.3.1.4 Bulk Phase Energy Balance The energy bal- 
ance for the bulk phase provides the means for determining 
the reactor temperature profile. It may be obtained by 
adapting the general formulation in Table 8.12 to the current 
application (see Problem 14.3). It may also be obtained from 
the general statement in Equation (8.88) and the energy flux 
in Equation (8.73). Taking the latter approach, 

^ = -K{t - r w ) £ = -Mr - r w ) ^ (14.42) 

dr V t U t 


The loss of thermal energy through the tube wall is not 
accessible to a undirectional model that does not recognize 
the radial direction. The balance equation rests on a volu- 
metric basis so that the loss through the tube wall is placed 
on a volume basis and included in the energy balance as a 
source term. 

The derivative of the energy flux is 


d4 

dr 


E * 

all species 


Hi 

dz 


E * 

all species 


d Ni 

dr 


(14.43) 


Applying the definition of the specific heat and the results of 
the material balance in the preceding equation yields the 
gradient in the total energy flux. Substitution of the flux into 
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the energy balance gives 

NC P ^ = (-A H Ra ) - *-h w {T - r w ) (14.44) 

dz az //( 

where 

c P = Y y- Cp < ( 14 - 45) 

all components 

The boundary condition required for the energy balance is a 
specified inlet temperature: 

T=T 0 atr = 0 (14.46) 


14.3.1.5 Momentum Balance on Interstitial Fluid The 
Ergun equation [Equation (13.51)] can be applied locally to 
calculate the pressure. 


dP (1 -e b ) Gl 
dr e\ pD p 



b(l ~ Eh) 
D p Go 


+ 1.75 


(14.47) 


P = P 0 atr = 0 (14.48) 


required to model every application so that individual cases 
must be carefully considered. However, the model and some 
simplified versions can be used to reflect behavior that is 
present to a greater or lesser extent in all fixed-bed reactors. 
Some examples are given below. 

14.3.2 Some Operational Considerations 

Exothermic reactions are best carried under conditions 
where the temperature is high initially from a rate point 
of view and decreased later in the reaction path from an 
equilibrium point of view. Such considerations were 
addressed in Section 7.4.4. The point here is that the heated 
feed inevitably leads to a "hot spot” in the reactor, which 
must be limited from chemical, material, and safety 
considerations. 

As an example (Froment and Van Welsenaere, 1970) 
consider a single exothermic reaction in a fixed bed with a 
simplified version of the preceding model. Suppose that the 
reaction is first order in the key component and all but the 
key components are present in excess. The reaction rate can 
then be expressed as 


The mass flux is given by 

Gp = 'Y, MjNj 0 = constant (14.49) 

The bed porosity and particle diameter are presumed to be 
fixed. An equation of state is required for the density. 
Table 8.9 provides methods for evaluating the viscosity. 

The fixed-bed reactor model developed in this section is 
relatively sophisticated. It does not include all of the features 


n s = k 00 er E ! RT n p f(°) p « (14.50) 

i^a 

Evaluation at 
reactor entrance 

= 7T0 

Without any significant effect of mole changes in the 
reaction and without any important intraparticle or 



FIGURE 14.11 Temperature profiles — sensitivity to inlet partial pressure (Van Welsenaere and 
Froment, 1970). Reprinted with permission of Elsevier. 
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FIGURE 14.12 Temperature profiles — sensitivity to inlet wall 
temperature (Van Welsenaere and Froment, 1970). Reprinted with 
permission of Elsevier. 


The hot spot referred to above is evident in both figures. 
The magnitude of the hot spot increases with both the wall 
temperature and the inlet partial pressure of the key reactant. 
The increase in the hot spot grows until a point is reached 
where a relatively small increase in the parameter value 
results in an enormous increase in the hot spot. This is an 
example of parametric sensitivity, which was first pointed 
out by Bilous and Amundson (1956). Similar sensitivity is 
observed in the ignition and extinction behavior of CSTRs 
(Section 6.6. 1.5). 

Note that the A N ratio for this reactor is 1 60 m 1 . 
Tubular exchanger reactors in the microtechnology have 
AN ratios of at least three times this value. 


PROBLEMS 

14.1. The cracking of cumene into benzene and propylene, 
C 6 H 5 C(CH 3 ) 2 H = C 6 H 6 + C 3 H 8 

cumene benzene propylene 


interparticle gradients, the mass balance in Equation (14.27) 
becomes 


dP a A, 

v s -j— = -Ak a 

dr 


-E/RTp 


(14.51) 


where 


A = 


MP[p (l - £b)\Xo 


(14.52) 


and v, is the superficial axial velocity. The energy balance in 
Equation (14.48) becomes 

Vi ^ = Bk OQ e~ E / RT P a - C(T - T w ) (14.53) 


where 


B = 


-A H Ra 
C P 


Pb n o 


C 


4 h w 
DcC p 


and 


(14.54) 

(14.55) 


The following parameter values in Equations ( 14.50)— ( 14.55) 
to generate the profiles in Figures 14.11 and 14.12. 


was carried out in a fixed bed of impermeable particles 
coated with a catalyst at 362 °C and atmospheric pressure in 
the presence of a large excess of nitrogen. At a point in the 
reactor where the cumene partial pressure was 0.0689 atm, a 
reaction rate of 0. 153 kmol cumene/(kg cat h) was observed. 
Determine the mole fraction of cumene and the temperature 
at the catalyst surface at this point in the reactor. 

The catalyst surface area is 45 m 2 /kg cat and the intersti- 
tial mass flux is 56.47 kg/(m 2 h). 

14.2. A countercurrent, concentric tube heat exchanger is to 
be designed to cool 75001bm/h of benzene from 180 °F to 
100 °F. Water at 70 °F is to enter the shell at 5 ft/s. Benzene 
flows countercurrently through the inside pipe. 

The inside pipe is Schedule 40-1 1/4 in. steel with an 
inside diameter of 1.38 in. and an outside diameter of 1.66 
in. The outside pipe is Schedule 40-2 in. steel with an inside 
diameter of 2.07 in. 

• Calculate the length required if the shell is insulated. 

• Apply the heuristics presented in this chapter and make 
any changes that are required for conformity. 



15 


MICROSCOPIC TO MACROSCOPIC 


The microscopic balance equations for mass — Equation 
(8.82), energy — Equations (8.92), (8.93), and (8.106), and 
momenta — Equations (8.84) and (8.87) apply pointwise 
throughout each phase in any chemical system. The balance 
equations for each phase are interwoven at phase boundaries 
by continuity in the flows of mass, energy, and momentum and 
by local thermodynamic equilibrium between adjoining 
phases. Similar conditions are applied at the surfaces that 
define the system (Table 8.7). In this chapter, we will demon- 
strate what we know intuitively to be correct: namely, that the 
macroscopic view is the summary of the microscopic views. 
The calculations have been reported by Bird (1957). 

The following two mathematical results will be used 
repeatedly (Lass, 1950): 

G = divergence theorem (Gauss): Suppose that F and V • 
F are continuous over a volume V, which is contained by a 
finite number of surfaces with well-defined normals. It can 
be shown that 



where n s is an outwardly directed normal to dS. 

L = differentiation of a volume integral (Extension of 
Leibniz’s rule) (Kaplan, 1991) 


^ j F(x,y,z, t)dV = J ^ 
V V 

+ /(v s .n s )F (w , t)dS 


dF(x,y,z,t ) 


The volume V is a single-phase mixture that meets conti- 
nuity requirements for the integrations (G and L above) over 
which we will integrate the microscopic balance equations. 
The volume is defined by a set of surfaces ( S ) that characterize 
the interactions of the system within with the surroundings. 

• Sf = Portion of system boundary that is fixed; forms 
interface with surroundings; closed. 

• S w = Moveable portion of boundary; means by which 
mechanical work can be exchanged with the 
surroundings. 

• S | , S 2 = Open surfaces by which mass is transferred to 
the system (inlet) and mass is transferred from the 
system (outlet), respectively. 

• S m = Surface other than S i or S 2 by which mass may be 
interchanged with the surroundings. 

15.1 MACROSCOPIC MASS BALANCE 

Integration of the microscopic mass balance, Equation 
(8.82), is formulated as follows: 

/§W j V-(p,v + j i )dV = J r iv dV (15.3) 

V V V 

The first integral on the left-hand side follows from L: 

I^t dv= JtJ p,dy ~ / '°' Vs ' Ilsd5 (15 - 4) 

V vs 
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dnij f 

= -^~ J Pi v s -n s dS (15.5) 

s 

where W is the total mass of species in V , n s is an outwardly 
directed unit normal to the surface, and v s is the velocity of 
the surface. 

The second integral on the left-hand side of Equation 
(15.3) follows from G: 


j V • 0,v + jj) dV = J (P,v + jj) • n s d.S' 

V 5]+52+5 w +5f+5 m 

(15.6) 

which calls for integration over each of the containing 
surfaces: 

S i : The magnitude of the integral over the inlet is the total 
mass flow rate of species i into the system through that 
portal. If this flow is primarily by convection and in the 
opposite direction of the normal to Si, the integral may be 
expressed as 


/(p,v +ji ).„ s dS, J Pi y • n s dS = - J Pi v n dS (15.7) 

Si Si Si 


where v n is the inwardly directed normal velocity on the 
surface. Assuming that the concentration is constant over the 
inlet surface, 


"p! Sl) / v „ dS = —pf' 


i/ r " ds 

Si 


Si 


(15.8) 


= — pf l) (v (Sl) )S I = (15.9) 


= J p,vs • n s dS + J p,(v,- - v s ) • n s dS (15.12) 

Sw Sw 

= J P/Vs • n s dS (15.13) 

The flow relative to the surface has been set to zero since the 
surface is assumed to be closed. 

Sf: The integral over the fixed surface makes no contri- 
bution since it is closed and unreactive: 

j (P(V + j,) • n s dS = 0 (15.14) 

s f 

In fixed beds, for example, the catalyst surface would be 
characterized as part of S m even though it is fixed. 

S m : The mass transfer surface is assumed to be stationary 
so that 

J (P,v+ji) • n s dS = J (p,v, • n s dS = -W, (Sm) (15.15) 

N m S m 

Otherwise, the velocity of species i relative to the surface 
velocity would appear in Equation (15.15). 

The total reaction rate is given by the homogeneous and 
the heterogeneous components: 

r, = J r N dV+ J r iS dS (15.16) 

V s m 

Equation (15.3) therefore becomes 

^ = wf l ] - Wf 2) + + r, (15.17) 

dt 

Equation (15.17) is the unsteady- state version of Equation 
(2.68) in mass units with one inlet and one outlet. 


The mass flow rate is the rate referred to in Equation (2.9) 
and ( v ,lV| ; ).S'i is the volumetric rate referred to in the same 
equation. 

.Sh: Following the same procedure at the outlet where the 
flow direction is aligned with the outward pointing normal to 
the integration surface: 

J (ft-v+jO • n s dS ~ pf 2) (vf 2) )S 2 = Wf 2) (15.10) 

52 


15.2 MACROSCOPIC ENERGY BALANCE 

The macroscopic energy balance follows from the microscopic 
version with calculations very much the same as those for the 
mass balance in the preceding section. The microscopic energy 
flux and balance expression are given by Equations (8.69) and 
(8.88), respectively. Integration of the energy balance and one 
application each of the divergence theorem (G), Equation 
(15.1), and Leibniz’s rule (L), Equation (15.2) gives 


S w : The integral over the moving surface may be expressed 
in terms of the flow due to the velocity of the surface and the 
flow relative to the surface: 


(P,v + ji) • n s dS = / Pi \i ■ n s dS 


(15.11) 


dPtolal 

d/ 


P ey s ■ n s dS 


Si +S2+S w +*Sf 


■Si +^2+>S w +iSf 


{pe\ + II • v + ’Y2 hi3\ + q) • n s d5 = 0 

=p(±v 2 +\I/)\+Y2 Pihm+ q 


5 V 


s v 


(15.18) 
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An external source, if present, must be added to the right- 
hand side of Equation (15.18). 

S | : If diffusion and work against shear forces are neglec- 
ted and the velocity is normal to the inlet surface and 
inwardly directed: 


where 


(pe\ + n • v + ^2 h iii + q) ' n s dS 


Si 


(15.19) 

= J (pe\ + Pv + q) • n s dS 

Si 

If the conditions over the inlet surface are constant except for 
the velocity, 

J (pe\ + Pv) ■ n s dS = -p iSt) e is,) {v iSl) )Si - P {Sl) {v (Sl) }Si 


Qi = ~ J q • n s dS 

Si 

S 2 : Similarly, at the outlet 


(15.20) 

(15.21) 


J ( pe\ + Pv) n s dS = p {S2) e {S2) (v {S2) }S 2 + P (S2) (v {Sl) )S 2 
s 2 


02 = - J q • n s dS 

s 2 


(15.22) 

(15.23) 


Sf: The fixed surface is presumed to be closed and unreac- 
tive. Consequently, 

J (pe\ + n • v + ^ /(j; + q) • n s dS 1 = j q n s dS = -Q f 
s f s f 

(15.24) 

where Q f is the rate of energy addition to the system by 
conduction through the fixed surfaces. 

S w : On the moving surface. 


(pe\ + n • v + ^2 hiii + q) • n s d S 


= J (pcv s + II • v s ) • n s dS + j q • n s dS 

s w s w 

(15.25) 

The second term on the right-hand side of Equation (15.25) 
is the rate at which the system does work on the surroundings 
so that 

/(pcv + II.v + £ hjji + q) ■ n s dS 

Sw 


(15.26) 


= J (p<?v s • n s dS + W s - 

Sw 


W s = J (II • v s • n s dS 

s w 

G w = f q • n s d5 


(15.27) 


(15.28) 


S m : The mass transfer surface is assumed to be stationary. 
Neglecting work against shear forces as well as potential 
energy effects and conduction, its contribution may be 
determined as follows: 

J {pe\ + II • v + ^2 7i.ii + q) • n s dS 

pQ v 2 + fj v + p > y ^> + t ' v + q^ • n s d5 

(15.29) 


9 P yl ) V + Pi y i hi ) n s dS = -0m (15.30) 


Substitution of the results into the integral of the micro- 
scopic energy balance gives 


dPloial 

d? 


where 


= -A 


^ + ^v 2 -t-^W (s) 


0 — 0i + 02 + 0f + 0w 


0+0 m - W s 
(15.31) 

, (15.32) 


Conduction at the inlet and outlet have been included in the 
definition of Q but these are often not important. The heat 
interaction on the fixed surface is likely to be most signifi- 
cant in sizing a heat exchanger 

Equations (15.31) and (3.91), derived from macroscopic 
arguments, are the same for steady-state applications. 

15.3 MACROSCOPIC MECHANICAL ENERGY 
BALANCE 

The microscopic mechanical energy balance can be 
expressed as the sum of the microscopic kinetic and poten- 
tial energy balances given by Equations (8.92) and (8.93). 
The internal energy that accounts for thermal effects is 
excluded for the purpose of considering only the mechanical 
effects. If gravity is the only external force, the microscopic 
mechanical energy balance is given by 


d_ 

dt 


P( ^v 2 + f 


+ V • p 


1 , T 

- v 2 + 'V 


(15.33) 


= —V • (t • v) — ( — t : Vv) — v • VP 
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The macroscopic form of the mechanical energy balance 
follows from calculations similar to those carried out above 
for mass and energy. 

Application of Equation (15.2) to the first term in Equa- 
tion (15.33) and noting that the only surface with a nonzero 
velocity is S w , 


The last term cannot be integrated in closed form, except for 
particular circumstances. 

15.3.1 Unsteady-State Form 

To continue with the unsteady- state analysis, we note that 


d_ 

dt 


P\ 2 v + f 


p[ \v 2 + V 


dT = 


d(^total + ^F total) 


dt 


(15.34) 


v s • n s d.S' 


Application of Gauss’s theorem, Equation (15.1), to the next 
two terms in Equation (15.33): 


p\\ v 2 + ^ 


\dV = 


p(-v“ + ^ 


v • n s dS = A 


Si +S 2 +S W +Sf +5 m 

l(v 3 ) 


2 (v) 


\p 


p[\/+y 

p\ l -v 2 + y 


v s • n s dS 


v • m dS 


yp( s ) 

(15.35) 


J V-(t -\)dV = J (t • v) ■ n s dS (15.36) 


= / (t • n s ) • v dS + / (t • n s ) • v dS 


v- VPdF = / V PvdV - PS7 • \dV 


V V V 

J V -PvdV= -A^{v)S+ J 


P\, ■ n d.S' 


(15.40) 


SwA “i - ^mT 

+ J P(y — v s ) • nd5 


The second term on the right-hand side of the preceding 
equation is the work done by the system at the moving 
surfaces against the normal pressure force, W n . The third 
term on the right-hand side contributes to the flux of 
mechanical energy across the mass transfer surface. Substi- 
tution of the preceding results into the integral of the 
microscopic mechanical energy balance gives 


d(A", ota l + total) 

dr 


= -A 


1 <z!> 

2 (v) 


T P 
'Ft — 
p. 


w 


= +B - W - E v - J (PV • v) dF 
v 

(15.41) 


where 

B = — 


1 2 T P 

- V 2 + 'F + - 

2 p 


v ) ■ n s d.S (15.42) 


J V ■ P\dV — 


PV • v dV = 


V-PvdV (15.37) 


y 


y 


y 


J PV • vdF 

y 


= J (t • n s ) • v s d5 + J (t • n s ) • (v - v s )d5' 

5 W 


+ 


Pv • n s d.v - 


PV • v d V 


s 


V 


(15.38) 


The integral on the right-hand side vanishes for 
incompressible systems 

15.3.2 Steady-State Systems 

Suppose that the volume of the system, at steady state, is 
formed by small volume elements about streamlines, lines 
whose tangent, t, is in the direction of the mass average 
velocity. Consider the volume element about a streamline to 
have cross-sectional area 8A C , perpendicular to the stream- 
line. The contribution of this streamline to the integral. 


The work against the shear forces due to mass transfer across 
the interfacial mass transfer surface is neglected. 

The next term accounts for the total rate of viscous 
dissipation in the system: 

is given by 


/ = J (v • VP) dV 


(15.43) 


J ( — t : Vv)dV = E v (15.39) 


8 / = 


J (v • VP)8A C 8/ 


(15.44) 


y 


sy 
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where 8/ is a differential distance along the streamline. Since 
the velocity is tangent to the streamline, 

87= J (tv • VP)8A C 8/ = J (pv8A c )-^8/ (15.45) 


Since there is no net flow of mass relative to the mass 
average velocity, the term in parentheses is the constant mass 
flow rate through the volume element about the streamline 


8 7 = 8w 


(15.46) 


For streamlines that begin on a moving surface with velocity 
v s directed inward, 

8/m = J (Vs • V7’)8A C 8 1 = J (v s SA C ) ^8/ (15.47) 

8V 8V 

= J (v s 8A c )P8/ = J (v s 8A C )8P = J v s 8F=-81T n 

8V dV 8V 

(15.48) 

where the force is positive when pointing into the system and 
8 VV’„ is work done by the system against the normal pressure 
force at the moving surface. The final result is that 


7 = / (v • VP)dF 87 = / 8vv 


-- / d W n (15.49) 


= w — +W n (15.50) 

JPy P 

The integral is an average value over all the streamlines in 
the system. Substitution of the preceding results into the 
integral of the microscopic mechanical energy balance gives 

'/ v 3 \ "| r p M dp 

A p A ^ + Va{va) S a -B+W + E v + w / — = 0 

L 2 J Jp* P 

(15.51) 

For frictionless adiabatic flow of an ideal gas, p/ p y = 
constant where y = cp/cyand the integral is given by 


' d p = P lA y / p 2 A 

P Pia V - 1 \Pia 


(15.52) 


Problem 15.4, or part thereof, will serve to review and 
unify much of the basic material presented throughout 
this text. 


PROBLEMS 

15.1. Refer to the general mass transfer experiment dis- 
cussed in Section 12.3.1. Consider two particular situations, 
both under isothermal conditions in a straight round tube: 

a. mass transfer from the tube wall to a homogeneous 
flowing fluid and 

b. mass transfer between a homogeneous flowing fluid 
and a fixed bed of cylindrical particles. 

Define the appropriate surfaces and volume elements and 
carry out the integrations required to arrive at the mass 
balances. 

15.2. Consider the one-dimensional model of a nonisother- 
mal fixed-bed reactor model discussed in Section 14.3. 

Define the appropriate surfaces and volume elements and 
carry out the integrations required to arrive at the applicable 
energy balance, 

15.3. Derive the macroscopic momentum balance, 

15.4. Refer to the flow diagram for the acrylic acid process in 
Figure 1.2. For each of the following items: 

1. C-301AB — inlet air blower 

2. T-301 — quench tower 

3. T-303 — acid extractor 

4. T-304 — solvent tower 

5. P-304 AB — solvent reflux pump 

6. E-303 — solvent reboiler 

7. T-305 — acid tower 

8. V-303 — waste reflux drum 

Describe each of the surfaces 5) , 52, S m , .S), and S w and the 
contribution of the surface to the macroscopic mass, energy, 
and momentum balance for the enclosed volume. 
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PERIODIC TABLE 


1 18 


H 

















2 

He 

1.0079 

2 











13 

14 

15 

16 

17 

4.0026 

3 

4 











5 

6 

7 

8 

9 

10 

Li 

Be 











B 

c 

N 

o 

F 

Nc 

6.941 

9.0122 











10.811 

12.011 

14.007 

15.999 

18.998 

20.180 | 

II 

12 











13 

14 

15 

16 

17 

IS 

Na 

Mg 











Al 

Si 

p 

s 

Cl 

Ar 

22.990 

24.305 

3 

4 

5 

6 

7 

8 

9 

10 

1 1 

12 

26.982 

28.086 

30.974 

32.065 

35.453 

39.948 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

K 

Ca 

Sc 

Ti 

V 

Cr 

Mn 

Fe 

Co 

Ni 

Cu 

Zn 

Ga 

Ge 

As 

Se 

Br 

Kr 

39.098 

40.078 

44.956 

47.867 

50.942 

51.996 

54.938 

55.845 

58.933 

58.693 

63.546 

65.38 

69.723 

72.64 

74.922 

78.96 

79.904 

83.798 

37 

38 

39 

40 

41 

42 

43 

44 

45 

46 

47 

48 

49 

50 

51 

52 

53 

54 1 

Rb 

Sr 

\ 

Zr 

Nb 

Mo 

Tc 

Ru 

Rb 

I’d 

Ar 

Cd 

In 

Sn 

Sb 

Tc 

i 

Xc 

85.468 

87.62 

88.906 

91.224 

92.906 

95.96 

(98) 

101.07 

102.91 

106.42 

107.87 

112.41 

114.82 

118.71 

121.76 

127.60 

126.90 

131.29 

55 

56 

57-71 

72 

73 

74 

75 

76 

77 

78 

79 

80 

81 

82 

83 

84 

85 

86 

Cs 

Ba 

* 

Hf 

Ta 

w 

Rc 

Os 

Ir 

Pi 

Au 

Hr 

TI 

pb 

Bi 

Po 

At 

Rn 

132.91 

137.33 


178.49 

180.95 

183.84 

186.21 

190.23 

192.22 

195.08 

196.97 

200.59 

204.38 

207.2 

208.98 

(209) 

(210) 

(222) | 

87 

88 

89-103 

104 

105 

106 

107 

108 

109 

no 

III 

112 

113 

114 

115 

116 


118 

Fr 

Ra 

# 

Rf 

Db 

Sr 

Bh 

Hs 

Mt 

Ds 

Rr 

Uub 

Hut 

Uuq 

Cup 

liuh 


Uuo 

(223) 

(226) 


(261) 

(262) 

(266) 

(264) 

(270) 

(268) 

(281) 

(272) 

(285) 

(284) 

(289) 

(288) 

(291) 


(294) | 


57 

58 

59 

60 

61 

62 

63 

64 

65 

66 

67 

68 

69 

70 

71 

La 

Ce 

Pi 

Nd 

Pm 

Sm 

Eu 

Gd 

Tb 

Dy 

Ho 

Er 

Tm 

Yb 

Lu 

138.91 

140.12 

140.91 

144.24 

(145) 

150.36 

151.% 

157.25 

158.93 

162.50 

164.93 

167.26 

168.93 

173.05 

174.97 | 


# Actinide 

89 

90 

91 

92 

93 

94 

95 

96 

97 

98 

99 

100 

101 

102 

103 

series 

Ac 

Th 

Pa 

U 

Np 

Pu 

Am 

Cm 

Bk 

Cf 

Es 

Fm 

Md 

No 

Lr 


(227) 

232.04 

231.04 

238.03 

(237) 

(244) 

(243) 

(247) 

(247) 

(251) 

(252) 

(257) 

(258) 

(259) 

(262) 
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APPENDIX B 


CONVERSION FACTORS (HVISTENDAHL, 1964) 


The conversion factors given in these tables are based on 
1 yard = 0.9144 m 

1 pound avoirdupois = 0.45359237 kg 
1 International Steam Table calorie = 4.1868 J 
1 physical atmosphere (standard atmospheric pressure) 
= 1.01325 bar. 

Standard value of the acceleration of gravity, g n = 9.806 
65 m/s 2 . 

Density of mercury at 0°C and normal atmospheric 
pressure = 13.5951 kg/dm 3 . 

Specific volume of pure water at 4°C and normal atmo- 
spheric pressure = 1.000028 dm 3 /kg. 


Standard prefixes for decade multiples and decimal submultiples 
of units 

Prefix 

Abbreviation 

Numerical 

Value 

Example 

Tera- 

T 

10 12 

lTWh= 10 12 Wh 

Giga- 

G 

10 9 

1 GW = 10 9 W 

Mega- 

M 

10 s 

1 MW = 10 6 W 

kilo- 

K 

10 3 

1 kcal = 10 3 cal 

(hekto-) 

(h) 

10 2 

1 hi = 10 2 1 

(deca-) 

(da) 

10 

1 daA= 10 A 

(deci-) 

(d) 

10 1 

1 dl = 10 1 1 

(centi-) 

(c) 

10^ 2 

1 cm= 10~ 2 m 

milli- 

m 

10^ 3 

1 mg = 10~ 3 g 

micronano- 

P 

10~ s 

1 p,s = 10~ s s 

nano 

n 

10- 9 

1 nm= 10~ 9 m 

pico- 

P 

10- 12 

1 pF= 10~ 12 F 




Mass 




Kilogram 

(kg) 

Tonne (Metric 
Tonne) (t) 

Pound 

(lb) 

Imperial or 
Long Tonne 
(ton) 

kg 

1 

10 3 

2.20462 

0.984206 x 
10~ 3 

t 

1000 

1 

2204.62 

0.984206 

lb 

0.453592 

0.453592 x 

10~ 3 

1 

0.446429 x 
10~ 3 

ton 

1016.05 

1.01605 

2240 

1 

Note : 

1 U.S. ton = 

1 short ton = 2000 lb = 

907.185 kg. 






Length 




Meter 

(m) 

Inch 

(in.) 

Foot (ft) 

Yard 

(yd) 

Imperial 

Mile 

m 

1 

39.3701 

3.28084 

1.09361 

0.621371 
x 10~ 3 

in. 

0.0254 

1 

0.083333 

0.027778 

0.015783 

x 10~ 3 

ft 

0.3048 

12 

1 

0.333333 

0.189394 

x 10~ 3 

yd 

0.9144 

36 

3 

1 

0.568182 

x 10~ 3 

mile 

1609.344 

63,360 

5,280 

1.760 

1 


Notes'. 1 micron (1 p,m) = 10 6 m = 10 3 mm. 1 International nauti- 
cal mile = 1 nmile= 1852 m. 1 English nautical mile = 6080 ft = 
1.00064nmile= 1853.18m. 
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Volume Flow Rate 


Cubic Meter per Second 
(m 3 /s) (10 3 s _1 ) 

Cubic Meter per 
Hour (m 3 /h) 

Cubic Foot per 
Second (ft 3 /s) 

Imperial Gallon per 
Minute (gal/min) 

Imperial Gallon per 
Hour (gal/h) 

m 3 /s 

1 

3.600 

35.3147 

13.1981 x 10 3 

791.888 x 10 3 

nrVh 

0.27777 x 10“ 3 

1 

9.80964 x 10 3 

3.66615 

219.969 

ft 3 /s 

28.3168 x 10“ 3 

101,940 

1 

373.729 

22.4238 x 10 3 

gal/min 

75.7681 x 10~ 6 

0.272765 

267,573 x 10 -3 

1 

60 

gal/h 

1.26283 x 10~ 6 

4.54609 x 10~ 3 

445,722 x 10~ 6 

0.016667 

1 

Notes: 1 U.S. gal/h = 0.832680 Imp. gal/h 

= 3.78544 x 10~ 3 

m 3 /h. 






Specific Mass (Density) and Concentration 




Kilogram per Cubic 
Meter (kg/m 3 ) 

Kilogram per Cubic Decimeter 
(kg/dm 3 ) or (g/cm 3 ) 

Pound per Cubic 
Foot (lb/ft 3 ) 

Grain per Cubic 
Foot (grain) l)/ft 3 ) 

Grain per Imperial 
Gallon (grain/gal) 

kg/m 3 

1 

10~ 3 

62.4280 x 10~ 3 

436.995 

70.1569 

kg/dm 3 or 

10 3 

1 

62.4280 

436.995 x 10 3 

70.1569 x 10 3 

g/cm 3 

lb/ft 3 

16.0185 

16.0185 x 10~ 3 

1 

7000 

1123.81 

grain/ft 3 

2.2883 x 10~ 3 

2.28835 x 10~ 6 

0.14286 x 10~ 3 

1 

0.160544 

grain/gal 

14.254 x 10~ 3 

14.2537 x 10~ 6 

0.88983 x 10~ 3 

6.22882 

1 


Note : To avoid confusion with the gram, it is advisable not to use the abbreviation “gr” for grain. 


Force 


Kilogram-Force 



Newton (N) 

(kilopond) kgf(kp) 

Tonne-Force (tf) 

Pound-Force (lbf) 

Imperial Ton-Force (tonf) 

N 

1 

0.101972 

0.10197 x 10~ 3 

0.224809 

0.10036 x 10~ 3 

kgf 

9.80665 

1 

10~ 3 

2.20462 

0.98421 x 10~ 3 

tf 

9806.65 

1000 

1 

2204.62 

0.984206 

Ibf 

4.44822 

0.153592 

0.45359 x 10~ 3 

1 

0.44643 x 10~ 3 

tonf 

9964.0 

1016.05 

1.01605 

2240 

1 


Pressure or Stress 



Newton Per Square 
Meter (Pascal) 
N/m 2 (Pa) 

Bar (b) 

Kilogram-Force per Square 
Centimeter (kgf/cm 2 ) 

Pound-Force per 
Square Inch (lbf/in 2 ) 

Imperial Ton-Force per 
Square Inch (tonf/in 2 ) 

N/m 2 = 1 Pa 

1 

1 x 10 5 

0.101972 

0.14504 x 10“ 3 

0.06475 x 10~ 6 

b (bar) 

10 5 

1 

1.1972 

14.5038 

6.47490 x 10 -3 

kgf/cnr = 10 4 
kgf/m 2 

98.0665 x 10 3 

0.980665 

1 

14.2233 

6.34971 x 10 -3 

atm 

101.325 x 10 3 

1.01325 

1.03323 

14.6960 

6.56072 x 10^ 3 

lbf/in. 2 

6894.76 

0.068948 

0.070307 

1 

0.44643 x 10 -3 

tonf/in. 2 

15.4443 x 10 s 

154.443 

157.488 

2240 

1 
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Energy or Enthalpy per Unit Mass 



Joule per 
Kilogram 
(J/kg) 

Kilogram-Force Meter 
per Kilogram (kgf rn/kg) 

Kilocalorie per 
Kilogram 
(kcal/kg) 

Joule per 
Pound 
(J/lb) 

Foot Pound-Force 
per Pound (ft lbf/lb) 

British Thermal Unit 
per Pound (Btu/lb) 

J/kg 

1 

0.101972 

0.23885 x 10~ 3 

0.453592 

0.334553 

4.299 x 10~ 3 

kgf 

9.80665 

1 

2.34228 x 10~ 3 

4.44822 

3.28084 

0.042161 

m/kg 

kcal/kg 

4186.8 

426.935 

1 

1899.10 

1400.71 

1.8 

mb 

2.20462 

0.224809 

0.52653 x 10~ 3 

1 

0.737562 

0.9482 x 10^ 3 

ft lbf/lb 

2.989067 

0.3048 

0.71393 x 10~ 3 

1.355818 

1 

1.285 x 10 -3 

Btu/lb 

2326.00 

237.186 

0.555556 

1055.056 

778.170 

1 


Power 



Watt or Joule per 
Second W (J/s) 

Kilogram-Force Meter 
per Second (kgf m/s) 

Metric 

Horsepower 

(PS) 

Foot Pound-Force 
per Second (ft lbf/s) 

English 

Horsepower (hp) 

W = 1 J/s 

1 

0.101972 

1.3596 x 10^ 3 

0.737562 

1.3410 x 10~ 3 

kgf m/s 

9.80665 

1 

13.333 x 10^ 3 

7.233014 

13.151 x 10~ 3 

PS 

735.499 

75 

1 

542,476 

0.986320 

ftlbf/s 

1.355818 

0.138255 

1.8430 x 10^ 3 

1 

1.8182 x 10~ 3 

hp 

745,700 

76.0403 

1.01387 

550 

1 


Value of the Universal Gas Constant R 

Joule per Kilo-Mole 
Degree Kelvin 
(J/kmolK) 

Kilogram-Force Meter 
per Kilo-Mole Degree 
Kelvin (kgf m/kmol K) 

Kilocalorie per Kilo-Mole 
Degree Kelvin 
(kcal/kmol K) 

Foot Pound-Force per 
Pound-Mole Degree 
Rankine 
(ft lbf/lb mol °R) 

British Thermal Unit per 
Pound-Mole Degree 
Rankine (Btu/lb mol °R) 

8314.66 

847.860 

1.98592 

1545.39 

1.98592 
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Diisopropyl 


Preliminary Database 



Carbon 


Data Item 

Acrylic Acid 

Acetic Acid 

Acrolein 

Ether 

Propylene 

Propane 

Water 

Oxygen 

Nitrogen 

Dioxide 

Notes 


Propenoic acid 











Formula 

ch 2 =chco 2 h 

ch 3 co 2 h 


C 3 H 7 OC 3 H 7 

CH 3 CH=CH 

2 CH 3 CH 2 CH 3 

H 2 0 

o 2 

n 2 


1 

Molecular 

72.065 

60.054 


102.740 

42.081 

44.097 

18.016 

32 

28.014 


1 

weight 
Melting 
point (°C) 

13-Dec 

16.7 



-185 

-187.1 

0 

-218.4 

-209.86 


1 

Boiling point 
(°C) 

141-142 

118.1 



-48 

-42.2 

100 

-183 

-195.8 


1 

T c (K) 

615 

591.95 


500.05 

365.57 

369.83 

647.13 

154.58 

126.2 


2 

P c x 10~ 6 
(Pa) 

56.60 bar 

5.74 



4.63 

4.21 

21.94 

5.02 

3.39 


2 

V c 

208.0 cm 3 /mol 

0.179 



0.188 

0.2 

0.056 

0.074 

0.089 


2 

(m 3 /kmol) 

Z c 

0.23 

0.208 



0.286 

0.273 

0.228 

0.287 

0.288 


2 

n 

0.518 

0.463 



0.137 

0.149 

0.343 

0.02 

0.037 


2 

Ideal gas 
heat capacity 

J/(mol K) 

J/(kmol K) 

J/(mol K) 


J/(kmol K) 

J/(mol K) 

J/(kmol K) 

J/(kmol K) 

J/(kmol K) 

J/(kmol K) 


cl x I(T 5 

A = 7.755E+00 

0.4020 

A = 1.0924E+02 


0.4339 

A = 2.8277E+01 

0.3336 

0.2910 

0.2911 

0.2937 

3 

c 2 x i<r 5 

Z? = 2.9386E— 01 

1.3675 

fl = 5.0952E— 01 


1.5200 

B= 1.1600E— 01 

0.2679 

0.1004 

0.0861 

0.3454 

3 

c3 x l(T 3 

C = 2.0878E-04 

1.2620 

C = 1 .7059E— 03 


1.4250 

C= 1.9597E— 04 

2.6105 

2.5265 

1.7016 

1 .4280 

3 

c4 x l(T 5 

D = 7.159E— 08 

0.7003 

D = — 1.807E-07 


0.7860 

D= — 2.327E— 07 0.0890 

0.0936 

0.0010 

0.2640 

3 

c5 

E = 9.0960E- 1 2 

569.7000 

£ = 6.5983E-10 


623.9000 

E = 6.8669E— 1 1 

1169.0000 

1153.8000 

909.7900 

588.0000 

3 

^min (K) 

250.0000 

50.0000 

250.0000 


130.0000 

100.0000 

100.0000 

50.0000 

50.0000 

50.0000 

3 

c P (T min ) 

28.6360 

40.2000 

66.33@298 


43.8800 

74.658@298 

3.3360E+04 

2.9100E+04 2.9110E+04 2.9370E+04 

3 

T max (K) 

1500.0000 

1500.0000 

1000.0000 


1500.0000 

1500.0000 

2273.1500 

1500.0000 

1500.0000 

5000.0000 

3 

c P (r max ) 

***** 

157.5600 

***** 


168.3600 

***** 

5.2760E+04 

3.6530E+04 3.4840E+04 6.3350E+04 

3 

Liquid heat 
capacity 

J/(mol K) 

J/(mol K) 

J/(mol K) 




J/(mol K) 





A 

1.8242E+01 

18.944 

4.8243E+01 

7.3085E+01 



9.2053E+01 




4 

B 

1.2106E+00 

1.0971E+00 5.8199E— 01 

1.1235E+00 



— 3.9953E— 02 




4 

C 

3.1 160E-03 

2.892 IE-03 

— 1.9335E— 03 

— 3.7356E— 03 



— 2.1630E— 04 




4 

D 

3.1409E-06 

2.9275E— 06 2.6860E-06 

5.2200E— 06 



5.3469E— 07 




4 

Train (K) 

288 

291 

186 

189 



273 




4 

T m ax (K) 

554 

533 

455 

450 



615 




4 

c P (298 K) 

148.96 

128.66 

121.07 

214.32 



75.55 




4 


410 



Data Item 

Acrylic Acid 

Acetic Acid 

Acrolein 

Diisopropyl Ether 

Propylene 

Propane 

Water 

Oxygen 

Nitrogen 

Carbon Dioxide 

Notes 

Gibb’s free energy of 
formation: gas at 

298 K (kJ/mol) 

-286.06 

9.47 

-55.98 


62.72 

-23.47 

-228.6 

***** 

***** 

-394.4 

5 

Enthalpy of formation: 
gas at 298 K (kJ/mol) 

-336.23 

-434.84 

-81 


20.42 

-103.85 

-241.8 

***** 

***** 

-393.5 

6 

Liquid density at 25 °C 

(g/cm 3 ) 

1.046 

1.043 

0.834 




1.027 




7 

Heat of vaporization at 
n.b.p. (kJ/mol) 

Vapor pressure (mmHg) 

42.52 

23.33 

29.03 




39.5 




8 

A 

2.3067E+01 

2.8376E+01 

5.7982E+01 

15.5992 



2.986 1E+01 




9 

B 

-3.1437E+03 

— 2.9734E+03 

— 3.0933E— 03 

— 2.0276E+03 



— 3.1522E+03 




9 

C 

— 4.881 3E+00 

— 7.0320E+00 

— 1.9638E+01 

-2.8551 



— 7.3037E+00 




9 

D 

4.3690E— 04 

— 1.505 IE— 09 

1.1486E— 02 

2.7662E— 04 



2.4247E— 09 




9 

E 

— 4.9161E— 13 

2.1806E-06 

— 2.3854E+04 

-9.91 1 IE— 14 



1.8090E— 06 




9 

E m \ n (K) 

286.65 

289.81 

592.71 

187.65 



273.16 




9 

T m ax (K) 

615 

592.71 

566 

500.05 



647.13 




9 
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Data Item 


Acrylic Acid 


Acetic Acid Acrolein 


Diisopropyl 

Ether 



Notes: 


412 


Propylene Propane Water 


— 1.021 6E+01 
1.7925E+03 
1.7730E— 02 
— 1.2631E— 05 
9.1100E-01 

0.3471 

0.274 

0.28571 

1.027 

-0.2758 
0.004612 
-5.539 IE-06 
0.607 


Carbon 

Oxygen Nitrogen Dioxide Notes 

10 

10 

10 

10 

10 

10 

10 

10 

10 

11 

11 

11 

11 
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1. Tables 2.1 and 2.2 from Green and Maloney (1997) 
with molecular weight adjustment. 

2. Table 2.164 from Green and Maloney (1997) and 
Yaws (2003). 

3. Table 2.198 from Green and Maloney (1997). 



4. Yaws (1999), Section 3. 



5. Yaws (1999), Section 13: F(T) available. 

6. Yaws (1999), Section 12: F(T) available. 

7. Yaws (1999), Section 8. 

8. Yaws (1999), Section 5. 

9. Yaws (1999), Section 7. 

I°gic/ J = A + — + C log 10 T + DT + ET~ 


logio 'l(cP) — A + — + CT + DT 

10. Yaws (1999). 



11. Yaws (1999, 2003). 



Kinetics : 

The reaction rates at the conditions of the process are taken 
to be 

7 Zj = kjP 2 e _ ^/ /f / y C3 H 6 >’o 2 kmol /m 3 reactor 

where 


J 

Ej (kcal/kmol) 

kj (kmol/(m 3 reactor h kPa 2 )) 

1 

15.000 

1.59 x 10 5 

2 

25,000 

1.81 x 10 5 

3 

20.000 

8.83 x 10 5 










APPENDIX D 


SOME MATHEMATICAL RESULTS 


D.l DIVERGENCE THEOREM (GAUSS) 

Let D be closed and bounded region with a piecewise 
smooth boundary, S , that is oriented outward. Let F be a 
vector field that is continuous and has continuous first partial 
derivatives; then, 

J F • n dS = J VF-ndV 

s v 

Relationship of microscopic kinetic energy accumulation 
to the momentum balance and continuity equation: 


dpv • v dpv 
dt V dt 


dv 


dpv 1 dx • v 

dpv 1 dpv -v v ■ vdp 


dt 2 dt 


2 dt 


Derivation of microscopic kinetic energy balance from the 
equation of motion and the continuity equation: 


a [ 

dt 

d_ 

dt 


pv ■ v 


1 
2 
1 

2 PV ' V 


= v- -> 


[-V • (pvv + 77) - pg] - (~V • pv) 

= — v [v - Vpv + pv( V • v)] — v • V • n + pv ■ g 

+ (v)<— > 


d_ 

dt 


d_ 

dt 


d_ 

dt 

d 

dt 

d_ 

dt 


d_ 

dt 


d_ 

dt 


'1 


2 PW 

= — y 


^pVv 2 + v 2 Vp + pv(V • v) 


-v- V 


n + pv ■ g + (v • pv) 


-pvv 


-pvv 


pv ■ V 


1 

2 

1 

-pvv 


-pvv 


1 


-pv • V 


= — ^ pv • Vv 2 - v 2 v • Vp - pv 2 (V • v) 


-v • V • n + pv • g + ( — ) (V • pv) 


v 

v • p—v = -v • v ■ n + pv ■ g 


- V • p — v = -V • (n • v) + n : Vv + pv • g 


- v • p — v = -V • (0 8 + t) • v) 

+(p8 + t) : Vv+ pv • g 
V -PyV= -V -pv- V • (T- V) 

+^V • y + t : Vv + pv • g 
v • Py v = -v Vp - V • (t • v) 

+t : Vv + pv ■ g 
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FIGURE D.l Rectangular coordinates. 


D.2 COORDINATE SYSTEMS 

Most important to us are rectangular, cylindrical, and 
spherical. These are orthonormal systems where the coor- 
dinate planes are perpendicular and the coordinate vectors 
are of unit length, normal to the respective coordinate 
surfaces. 


D.2.1 Rectangular 

Replace (x, y, z) with (x t , x 2 , x 3 ), respectively. The coordi- 
nate surfaces are the planes x, = constant and the unit 
vectors, 8 ti are perpendicular to these surfaces (Figure D. 1). 


D.2.2 Cylindrical 

The coordinate surfaces are a cylinder, and two planes 
(Figure D.2): 

r = constant 0 < r < oo 
0 = constant 0 < 0 < tt 
z = constant — oo < z < oo 

D.2.3 Spherical 

The coordinate surfaces are a sphere, a cone, and a plane 
(Figure D.3): 

r = constant 0 < r < oo 
6 = constant 0 < 0 < tt 
(p = constant 0 < </; < 2 tt 

The representations in the cylindrical and spherical systems 
can be reset to the rectangular values as 


Cylindrical 

Spherical 

X\ = rcosO 

X\ = r sin 0 cos 0 

v'2 = rsinS 

X2 = rsin0sin(/> 

X3 = X3 

X3 = rcosO 


These relations can be inverted to give q t (x i,x 2 ,X 3 ) where 
the cylindrical or the spherical coordinates are represented 
by the q set. 



FIGURE D.2 Cylindrical coordinates. 
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FIGURE D.3 Spherical coordinates. 


D.3 UNIT VECTORS AND DISTANCE METRICS 

Follow a point on a coordinate curve — the other coordinates 
held constant: The change in the position vector is tangent to 
the coordinate curve and therefore points in the same 
direction as the unit vector 8„. Consequently, since the 
magnitude of the change in the position vector is the distance 
traveled (Figure D.4) 

dR dR I <9R 

|dR| ds a h a dq a 


For example, the metric for the angular direction in the 
cylindrical coordinate system is determined as follows: 


h a — y( 

-rsin0)° + (rcosO) 2 + (0) = r, 

d.yg = r d 6 

Rectangular 

Cylindrical 

Spherical 

h Xl = 1 

//,. = 1 

h r = 1 

h x 2 = 1 

he = r 

h e = r 

h x 3 = 1 

h x 3 = 1 

7;^, = r sin 9 


The h a is a metric that converts a change in the associated 
coordinate to a distance. Since the unit vectors in the basic 
rectangular configuration are constant, it is convenient to 
differentiate the position vector in that system. Conse- 
quently, 


li a 


N 



2 



FIGURE D.4 Coordinate curve. 


A unit volume in each system is the product the three 
dimensions: dV= h x dq l h 2 dq 2 h 3 dq 3 . The area normal to 
the i direction is given by dA i = hjdqjhi c dqi c . We can now 
express the unit vectors in terms of the rectangular unit 
vectors using the preceding results. For example, for the 
cylindrical system 


^ r= H t dq r = \dr ,rcos ^ & *‘ 

[SO cos 0) d(rsin0) 

s ' = L — a? — K + S^' K 

8, = cos 08,-, + sin <78, 


r sin 68 X2 + x 3 8 x 


The same procedure will produce the following results: 


Cylindrical 


Spherical 


8 r = cos 98 Xt + sin 98 Xl 
S H = —sin 68 Xl + cos98 X2 


8 r = sin 9 cos <p8 Xl + sin 9 sin </> 8, 2 
7-cos 98 X3 

8 s = cos 6 cos 4>8 X] + cos 9 sin (f>8 Xl 
-sin 98 X3 

8 0 = —sin 98 XI + cos <p8 X2 
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D.4 COMPONENTS OF RECTANGULAR UNIT 

are of 

course 

VECTORS 

system 


The cylindrical and spherical components of the rectangular 

58, 

<9cos 0 

coordinate vectors can be extracted from the preceding 

dr 

dr 

results using the scalar product. For example, the compo- 

58, 

5cos 6 

nents of 8„ in cylindrical coordinates are obtained as 

lee ~ 

de J 

follows: 




5sin0 

dr 

5sin0 

de 


S, 2 = 0 


8„ = —sin (98„ + cos <98,, = 8 0 


S„ • 8 r = 8 r • 8„ = cos 6 
8 V| -80 = 80- 8„ = -sin# 

8 V| • 8, 3 = 0 

=>■ 8,, = cos #8, — sin &8g 

Similar calculations give the remaining components. 


The remaining derivatives are evaluated in this manner: 


Cylindrical : 


58, 

dr 


= 0 


dx 3 


= 0 


58e 

dr 


= 0 


58, . 

5# =8fl 
58, 


58, 


dr 


= 0 


580 

W = ^ 8r 


58^ 

de 


= 0 


58« 

5.\'3 


= 0 


58,3 

5a'3 


= 0 


D.5 DERIVATIVES OF UNIT VECTORS 

The derivatives required in the balance equations and their 
applications need to account for the variation of the unit 
vectors in the spherical and cylindrical systems with 
position. For example, the angular unit vector in the 
cylindrical system points in exactly the opposite directions 
at the extreme ends of its path. The rectangular unit vectors 


Spherical : 



58e 

dr 


= 0 


58^ 

dr 


= 0 


5B r 580 
de 6 de 


— S r 


5S 0 

de 


= 0 


58, 

dcp 


8^ sin e 


580 

d(p 


cos 6 



—8, sin0 — 80 cos 
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MASS BALANCE IN CYLINDRICAL COORDINATES 
AND LAMINAR FLOW IN Z DIRECTION 


The mass balance in molar units is given by 

dc' 

+ V • (c,v - D im Vci) = 3t iv 

where the velocity is the mass average velocity. We are 
concerned here with the reduction of the divergence term for 
laminar flow in the z direction 


v = 


v(r)8 z = v n 


1 - 



8 Z 


The first term of the mass balance becomes 

d - 1 d - d\ sdcA 

V . , A v = (^8, - + S„ - - + S ; - j ■ v W 8 : = ,(r) — 

The second term of the mass balance reduces as follows. 

Note that the unit vector in the z direction is constant and 
orthogonal to the unit vectors in the radial and angular 
directions, only the third term of the del operator acts on 
the convective flux vector. 


V C=(5,.-- 


dc . 
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1 dc A 


8z 8z 


dc. 


8, — I- 8g — + 8_- 


dr 
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8z 


8 dc A 
dr dr 


1 8 


89 
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dr 


= ^^ + 8 e --^[8,^+8 e -^ + 8,^ 

r 89 


dc. 


8z 


8 dc A 8 dc A , 1 9 dc A 

+ 8~z Ih^drlk^ ^ '7 80lk 


R 1 dcA , 

O0-— Og 


8a 8 


r dr 
1 dc A \ 
r 8z ) 


s 1 dc A 

.rt 


r 

8 dc A 
8z 8z 


89 


8 fl 


~ 1 8 ldc A 
° r 89 r 89 


8 dc A 1 dc A 1 8 dc A 
dr dr r dr + r 2 89 89 


Substitution of mass units produce the equation quoted in 
Table 10.1. 
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NOMENCLATURE 


a. 

Avogadro’s number 

e 

charge on electron 

a 

equation of state parameter 

e 

total energy per unit mass 

a t 

value of a for pure i 

Py 

friction loss factor 

a ij 

i, j binary contribution to a 

E 

activation energy 

a v 

area per unit volume 

E 0 

overall (column) efficiency 

A 

area; absorption factor 

E v 

rate of dissipation of mechanical energy into 

A c 

cross-sectional area 


heat 


molecular formula for species i 

F 

'-'I'm 

rate of dissipation of mechanical energy per 

Ay 

parameter in activity coefficient model 


unit rate of mass throughput 

Aj 

affinity of /tli reaction 

£ 

effectiveness factor for porous catalyst 

i 

availability per unit mass 

£p 

effectiveness factor for catalyst pore 

b 

equation of state parameter; parameter in Toth 

£ r 

enhancement factor for chemical reaction 


adsorption isotherm 

f 

friction factor 

b u 

i, j binary contribution to b 

AO 

residence time frequency distribution 

B 

availability per mole 

i 

turnover frequency for enzymes 

B 

molar flow rate of bottom product from distil- 

T 

Faraday’s constant ff 


lation tower 

F 

arbitrary thermodynamic function 

B 

virial coefficient 

F{t) 

cumulative residence time frequency 

c 

molar concentration 


distribution 

4 

step change in concentration from c 0 to cj 

4 

packing factor 

c p 

specific heat per unit mass at constant pressure 

F s 

force in s direction 

Cp 

molar specific heat at constant pressure 

8 

gravitational acceleration; gf-fl) = function of 

d 

molecular diameter; gap distance 


vapor fraction 

dy 

number of atoms of i in molecule j 

G 

Gibbs free energy per mole 

D 

diameter and molar flow rate of distillate 

h 

enthalpy per unit mass 

D 0 

hole diameter for sieve trays 

h p 

height of packing 

Da,,, 

diffusivity of A in mixture; reference frame R 

6 

height above datum plane 
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420 NOMENCLATURE 


4, height of settling zone in extraction tower 

4, height of tower 

<St s tray spacing 

H enthalpy per mole; also height 

Hj enthalpy per mole of species /: also Henry’s law 

constant 

J e total flux of energy 

k forward reaction rate constant; adsorption 

equilibrium constant 

k. reverse reaction rate constant 

k 0 preexponential factor in Arrhenius rate constant 

ky binary interaction parameter 

k® A mass transfer coefficient of species A at low rate 

and with molar concentration in the driving 
force 

K vapor-liquid or liquid-liquid or chemical equili- 

brium constant; overall mass transfer coefficient 
/ index of limiting reactant 

L length or film thickness 

C phenomenological coefficient 

m Q mass of tracer injected over a short time 

M molecular weight 

n normal direction 

J\f molar flow rate also revolutions per minute 

N number of moles 

/V.,ds moles of adsorbate 

N c number of components 

N d number of daughter streams from splitter 

/V| number of feed streams 

/V Kn Knudsen number 

N/ number of elements 

Np number of layers 

N P number of product streams 

Np power number 

N t number of reactions 

N rpm revolutions per minute 

N s number of subsystems or stages 

Ntt number of phases 

p mixture parameter in cubic equation of state 

Pij i, j binary contribution to p 

P pressure 

P c critical pressure 

Pj parachore 

V power 

q conductive energy flux 

Q general flux in entropy production expression 

Q heat flow rate into system 


Gsoin molar heat of solution 

r v total mass rate of production per unit volume 

R gas constant 

R c radius of curvature 

R SJ - molar rate of reaction j ( j omitted for single 

reaction) per unit area 

R v total molar rate of production per unit volume 

IZj molar rate of reaction j ( j omitted for single 

reaction) 

7 , molar rate of reaction ( j omitted for single 

reaction) over; finite volume V 
s entropy per unit mass 

S entropy per mole or stripping factor 

S g surface area per unit mass 

Sj stream i 

S selectivity in liquid-liquid extraction 

t time 

t[f residence time for plug flow 

T time interval for averaging turbulent 

fluctuations 

T absolute temperature 

u internal energy per unit mass 

[u] upper triangular matrix; row equivalent to [d\ 

U internal energy per mole 

U unit step function 

v mass average velocity 

v (c) superficial velocity of continuous phase 

v (D) superficial velocity of dispersed phase 

v m f minimum fluidization velocity 

V molar volume of gas (V G ) or liquid (Vp) or fluid 
(V f ) or drum (V d ) 

V g pore volume per unit mass 

V volumetric flow rate 

Vl volume of liquid 

w mass adsorbate per unit mass adsorbent 

w* weighting factor in definition of velocity of 

reference frame R 
W width; mass 

Vk s work rate by system through containing 

surfaces 

W mass or mass flow rate 

Wads mass of solid adsorbent 

x, y, z Cartesian coordinates; mole fraction liquid, 
vapor, or mixture, respectively 
X mole ratio in liquid phase 

X general driving force 

V mole ratio in gas phase 
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Z compressibility factor 

Zi valence of species i 

GREEK SYMBOLS 

a AB relative volatility of ,4 to H 

a D Joule-Thompson coefficient 

a D thermal diffusivity 

a T coefficient of thermal expansion 

a function of acentric factor and reduced tempera- 

ture in cubic equations of state; parameter in 
Freundlich adsorption isotherm 
P parameter in Freundlich adsorption isotherm 

y ( - activity coefficient for species /; also specific heat 

ratio without subscript. 
i-.j fraction of stream j 

s porosity 

£ slipping coefficient 

rj viscosity 

k isothermal compressibility 

A (t) intensity function 

Ay parameters in Wilson’s model 

X mean free path for gas 

extent of reaction l?j; extent per unit volume 
IT osmotic pressure 

o g specific gravity 

0 vapor fraction; stoichiometric coefficient 

p mass density; apparent value if subscript p 

Peo initial free enzyme concentration 

a surface tension 

<t> degrees of freedom 

< P A effect of homogeneous reaction on absorption rate 

of species i 

tj> friction factor 

<P electric potential 

(p fugacity coefficient; fraction not absorbed; frac- 

tion not stripped 
Tr residence time 

cojj acentric factor for binary ij interaction coefficient 

in second virial coefficient 
cd acentric factor; mass fraction 

X conversion 

\P potential energy 


+ reference state 

oo infinite dilution 

phase 

* dimensionless 

az azeotrope 

Id ideal solution 

(j) stream, stage, phase j 

L liquid phase 

sat equilibrium conditions 

t turbulent 

V vapor phase 

SUBSCRIPTS 

b bulk value or bubble point 

c value at critical conditions 

d dew point 

eq equilibrium 

i, j, k species 

imp impellor 

Int interstitial 

L liquid phase 

LM log mean value 

m per unit mass 

na not absorbed 

ns Not stripped 

opt optimum value 

p particle 

r value relative to critical value 

ss steady state 

t tower 

v value per unit volume 

V vapor phase 

OYERSTRIKE 

_ partial specific 

~ partial molar 

A mixture value 

UNDERSCORE 

extensive variable 


SUPERSCRIPTS 


OTHER 


0 


departure function 
ideal gas or standard state 


A 

<> 


difference between two states 
average value 
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NOMENCLATURE 


[f] matrix or vector with ^ (/ as the element in the /th 

row and /th column 

VECTOR 

/b body force per unit mass 

/ mass diffusion flux 

J e total flux of energy 

7 S entropy diffusion flux 
N total molar flux 


q conductive flux of energy 
Ui /th column of [«] 

v mass average velocity 

W total mass flux 

TENSORS 

O total flux of momentum 

II flux of momentum relative to mass average 
velocity 
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Absorption and stripping 
multistage 

binary gas absorption, 184 
column efficiency, 196 
diameter, 197 
graphical methods, 186 
height, 197 
heuristics, 199 
liquidstripping, 191 
multicomponent, 194 
tray tower, 185 
singlestage, 126-129 
Acrylic acid process 
catalysis, 7 

downstream processing, 16 
feed section, 8 
process definition, 5 
reactor section, 12 
Activity, 117 
Adiabatic operation, 72 
Adsorbents, 152 
Adsorption, 
gas, 154 
liquid, 157 
singlestage, 151 
Alkylglucosides, 23 
Availability and lost work, 80 
for a distillation tower, 82 
for a shell and tube exchanger, 8 1 
Axial flow in pipes and tubes, 280 

Balance equations 

reduction to scalar equations, 270 


Batch reactor, isothermal 
gas phase, 172 
liquid phase, 169 
mass balance, 168 
Boundary conditions, 269 

Characterization of porous solids, 154 
Chemical processing systems 
active units, 29 
definition, 28 
driving force, 3 
rate processes, 4 
equilibrium, 4 
steady sate, 3 

system definition for heat duty and 
flowratecalculation, 64 
Chemical reaction equilibrium, 174 
equilibrium constant as a function 
of temperature, 174-176 
minimization of the Gibbs 
function, 174 

standard Gibbs free energy and 
enthalpy change for the 
reaction, 174—175 
Conduction in solids 
composite walls, 325 
Continuous stirred tank reactor 

(CSTR) 160. See also stirred tank 
design 

autothermal operation; stability 
of steady states, 166 
energy balance, 166 
heuristics, 168 
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molar flows in terms of reaction 
extents, 160 

reaction rate representation, 160 
reactor volume for an irreversible, first, 
second, and arbitrary order 
reaction in a dilute reactant, 

161 

temperature selection, 163 
volume flow and molar concentrations 
for constant density, 160 
Conversion factors, 406 
Coordinate systems, 414 
Corrections to mass transfer coefficients, 
chemical reaction, 360-365 
equimolar counter diffusion. 360 
stagnant film, 358 

Database for acrylic acid process, 409 
Database construction, 24 
Departure functions, 55. See also Vapor- 
liquid equilibrium 
DePriester charts, 126 
Diffusion and average velocities, 244 
Diffusion models for porous solids, 307 
effective diffusivity of porous 
catalysts, 307 
parallel pore model, 309 
tortuosity factor, 309 
Diffusivities, estimation, 261 
Dimensionless numbers and characteristic 
times, 272 

Distance metrics, 416. See also Unit 
vectors. 
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Distillation, 200 

efficiency and dimensions, 213 
energyrequirements, 212 
equipment, 201 
feed tray analysis, 203 
graphical construction, 205-20 
heuristics, 217 
high purity products, 210 
intersection of operating lines, 206 
summary of calculations, 214 
Divergence theorem of Gauss, 414 

Effectiveness factor 
closed pore, 311 
catalyst particle, 314 
irreversible reaction with heat 
effect, 328 
Energy balances 

neutralization of acids, 74 
without reaction, 64 
with single reaction in an ideal 
solution, 70 

Energy flux, conduction, 250 
Entropy change, 64 

for an isothermal liquid pump, 64 
calculation of minimum work required 
or maximum work produced, 64 
Enzymatic systems, 21 

examples of industrial processes, 23 
Equations of state 57. See also Vapor- 
liquid equilibrium 
Equilibrium, 133 
Extent of reaction, 40 

Falling film-short contact times heat 

transfer 330. See also Wetted wall 
tower 

Flash vaporization, 133 

common problem specifications, 134 
mass and energy balances, 133 
Flooding velocity in packed towers, 

381 

tower diameter and pressure drop, 

381 

Friction factor, 281 
Fugacity 

mixture, 114 
pure component, 112 

Gibbs-Duhem equation, 55 

Heat exchangers 
double pipe, 387 
shell and tube, 390 
Heat transfer coefficients 

analogy with mass transfer, 384 
Henry’s Law constants, 128 
Heterogeneous catalysis, 311 
thermal effects, 327 


Ideal gas mixture, 59 
Independent reactions, 47 
in the acrylic acid process, 29 
construction, 48 
selection, 48 
tests for, 47 

Kinetics 

heterogeneous catalytic, 256 

homogeneous, 255 

suspensions - enzyme kinetics, 257 

Liquid-liquid extraction in a sjngle 
stage, 145-151 

data collection and representation, 

146 

equilibrium in ternary systems, 145 
interpolation, 146 
solvent selection, 146 
Liquid-liquid multistage extraction, 221 
cross flow cascade, 221 
countercurrrent operation, 222 
equipment, 232 
heuristics, 234 
mixer-settler units, 214 
tower dimensions and efficiency, 233 

Mass transfer coefficients, 335. See also 
Membranes 

controlling resistance. 338 
correlation, 340 
film-penetration theory, 335 
film theory, 338 
fixed bed, 342 
measurement, 339 
penetration theories, 337 
pipes, 345 
Mechanical energy 

flow of liquids in piping systems, 89 
macroscopic balance, 88 
optimum pipe diameter, 89 
pump sizing-system and pump 
characteristic curves, 93 
Membranes, 296 
gas separation, 298 
material balance for generic 
membrane, 297 

overallmass transfer coefficient for 
porous and composite, 303 
MicroChannel, model of gas flow, 290 
momentum and mass balances, 290 
axial velocity distribution, 291 
pressure distribution, 292 
Microscopic Conservation of 

Energy 252. See also Boundary 
conditions 

Microscopic entropy balance and flux 
expressions, 254. See also 
Boundary conditions 


Microscopic Linear and angular 

momentum balance, 252. See also 
Boundary conditions 
Microscopic mass balance, 25 1-252 
reduction to laminar flow in cylindrical 
coordinates, 418 

Microscopic mechanical energy equation 
from contnuity and momentum 
equations, 414 
Mixing of nonideal liquids 
heat of solution, 60 
mixing two liquid streams at different 
temperatures and 
concentrations, 68 
partial molar quantities, 68 
Mixture rule, 148 
Mixtures, 59 
ideal solution, 60 
nonideal gas mixtures, 60 
Momentum flux: stress tensor, 249 
Momentum, macroscopic, balance, 86 
Moving boundary problem, 332 
Multistage chemical reactors, 235-241 
comparison of CSTR with batch and 
plug flow reactors, 235 
number of stages for given 
conversion, 236 

optimal temperature programs for 
single and multiple reactions 
CSTR stages, 239 

staged fixed bed converters (PFRs) for 
exothermic gas phase 
reactions, 238 

Nonturbulent isothermal momentum 
transfer, 276 

Packed towers 

gas absorption, 34 
mass balances, 35 1 
mass transfer correlations, 350 
Particles, drops, and bubbles in agitated 
systems, 346 
Periodic table, 405 
Pressure drop 

compressors, 372 
in conduits, 368 
in fixed beds, 375 
turbulent flow of gases in 
pipelines, 369 

Reactor 

constant wall temperature, 395 
laminar flow, 282 
multitubular, 395 
operational considerations, 398 
with catalytic walls, 320 
Reference state 

for reactive systems, 7 1 
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for unreactive systems, 66 
Residence time distributions, 95 
bypassing and dead space, 99 
definitions and properties, 96 
macro and micro mixing, 99 
maximum mixedness, 99 
step input to a completely mixed 
system, 99 

tracer output from arbitrary system, 95 
Reverse osmosis, 301 

Scalar processes, 255 
Slit flow: extrusion of 

plastics through narrow dies, 276 
Single stage separation operations 
absorption, 151 
adsorption, 152-157 
flash vaporization, 133 
liquid-liquid extraction, 145 
Standard heat of reaction, 7 1 
Stirred tank design, 99 
diameter and impellor 
specifications, 99 
Substantial derivative, 282 
Superficial velocities, 248 


Terminal velocities 

in Newtonian fluids, 377 
in solid suspensions, 377 
Thermal conductivities, estimation, 261 
Thermodynamic models, 78 
Turbulence, 265 
Turbulent flux expressions, 267 

Unit vectors, 416. See also Distance 
metrics 

derivatives, 417 

Vapor - liquid equilibrium, 111 
activity coefficient method, 115 
boiling points and azeotropes, 

111-112 

bounds on bubble and dew points, 135 
calculation of component and mixture 
fugacities, 113-115 
coefficients, 120 

definition of activity and reference 
state, 117 

Depriester charts, 125 
determination of model parameters 
from VLE data, 121-125 
equation of state method, 112 


estimation, 112 
evaluation of equilibrium or 

distribution coefficient, 115 
evaluation of reference state 
fugacity, 119 

excess Gibb’s free energy, 120 
graphical representation in binary 
systems, 135 

models of excess free energy in terms 
of activity, 119 

representative equations of state, 113 
summary of equilibrium 
expressions, 116 
summary of expressions, 125 
Vector processes: diffusion and 
conduction, 260 
Viscosity estimation, 265 
Viscous momentum flux, 261 
Volume flow, 255 

Wetted wall towers, 283 
chemical absorption in, 319 
physical absorption in, 318 
short contact time, 318 



